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 ABSTRACT 
 
Dispersed niobia catalysts were prepared via a non-aqueous synthesis route.  
The effects of the type of oxide support, the support thermal pre-treatment, the 
calcination temperature and the niobia loading on the activity and selectivity for 
mesityl oxide (MO) synthesis at 160°C were investigated in an autoclave 
reactor.  The morphological and chemical properties of the catalysts were 
characterized via EDXRF, XRD, BET and Raman spectros opy.  The strength 
and nature of the acid sites were elucidated via in situ DRIFT spectra of the 
adsorption of pyridine as well as the temperature programmed desorption of 
NH3 interacting with the surface oxide phase.  All four catalyst parameters had 
significant effects on the catalytic properties.  Significantly, the nature of the 
acidity was clearly linked to the catalyst activity and particularly the catalyst 
stability.  Catalysts exhibiting predominantly Lewis acidity invariably 
deactivated despite good initial activity, with the final acetone conversion 
dependent on the catalyst formulation.  In contrast, catalysts exhibiting Bronsted 
acidity showed no evidence of catalyst deactivation after 8 hours of reaction.  A 
plausible mechanism which explains these observations is proposed.    
 
Catalysts exhibiting Lewis acidity were more active when the supports were 
first activated at elevated temperature, likely due to a stronger support-surface 
oxide interaction as a consequence of increased surface coordinative 
unsaturation of the support.  SiO2 supported catalysts exhibiting Bronsted 
acidity were more active if the supports were initially activated at 100°C.  
Evidently, the hydroxyl groups on the oxide support c ntribute to the generation 
of Bronsted acidity.  Different oxide supports gave rise to distinct acidic and 
catalytic properties in the niobia overlayer.   The most striking example of this 
was the direct comparison of niobia dispersed onto two kinds of silica supports 
following the same preparative method.  Unique and very strong acid sites were 
observed in niobia dispersed onto a commercial SiO2 catalyst carrier that were 
not observed in niobia dispersed onto fumed SiO2.  For SiO2 catalysts, the 
activity increased linearly with niobia loading regardless of calcination  
iv 
temperature.  In contrast, Al2O3 catalysts exhibited an initial increase in activity 
for MO synthesis with niobia loading followed by a decrease in activity after 
reaching a maximum activity below 1/3 monolayer coverage.  The effect was 
more pronounced for catalysts exhibiting Bronsted aci ity.  It is proposed that 
adlineation sites are primarily responsible for catalytic activity in Nb2O5/γ-
Al 2O3 catalysts exhibiting Bronsted acidity.   
 
Niobia catalysts were developed using commercially vailable catalyst carriers 
as supports.  The macrokinetics of MO and MIBK syntheses were investigated 
in a benchtop fixed bed flow reactor.  The catalysts showed excellent activity 
for MO and MIBK syntheses at 160°C, typically 0.9 to 1.3 [g/hr*gcat].  
However, the MIBK selectivity was constrained from 82 to 85% due to the 
coproduction of 2-propanol and diisobutyl ketone.  The productivity for MO 
synthesis was found to be strongly dependent on the space velocity suggesting 
product inhibition.  The intrinsic kinetics of the one-step synthesis of MIBK 
over a 15.2 wt% Pd/Nb2O5/SiO2 catalyst was investigated in an autoclave 
reactor.    A kinetic model was developed and is repo ted.  
 
The one step synthesis of MIBK was investigated at the pilot plant scale via 
catalytic distillation (CD).  An important finding was that while operating at 
100% reflux, the accumulation of water in the reactive section resulted in the 
suppression of the DAA dehydration reaction.  The in situ removal of water 
from the reactive section via an overhead distillate stream operating at 83 to 
97% reflux directly resulted in an increase in MIBK productivity and hydrogen 
uptake efficiency by factors of about 20 yielding a moisture free reboiler 
product stream with as high as 53 wt% MIBK.  The process was found to be 
controlled by the external mass transfer of hydrogen.  Interestingly, the results 
suggest that the catalyst wetting efficiency affects the transport of hydrogen to 
the active sites as evidenced by the dependence of MO conversion on the reflux 
flow rate.  The condition of minimum reflux flow rate and maximum hydrogen 
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cps = counts per second  (dimensions of intensity of radiation) 
CCD = central composite design (of experiment) 
CD = catalytic distillation 
C4 = isobutylene 
DAA = Diacetone Alcohol 
DIBK = Di-isobutyl Ketone 
DIPE = Di-isopropyl ether  
DL  =  Detection Limit 
DoE = Design of Experiment (implies statistical exprimental design) 
DRIFT = Diffuse Reflectance Infrared Fourier Transform (Spectroscopy) 
EDXRF = Energy Dispersive X-Ray Fluorescence (Spectros opy) 
FBR = fixed bed reactor 
FID = Flame Ionization Detector 
FTIR= Fourier transform infrared (spectroscopy) 
GC = Gas chromatography 
HAc = acetic acid 
HEX = denotes heat exchanger 
HG = hexelene glycol 
HHI = half hydrogenated intermediate 
ICP = inductively coupled plasma (spectroscopy) 
IMO=  isomesityl oxide 
IPA = isopropyl alcohol (IPA) 
IPO =  Isophorone 
IR= infrared (spectroscopy) 
KFT = Karl Fischer Titration  
LEL = Lower Explosive Limit of a combustible gas  
MIBC = Methyl Isobutyl Carbinol 
MIBK=Methyl Isobutyl Ketone 
MO = mesityl oxide 
MS = Mass Spectroscopy 
ODE = ordinary differential equation 
PHO = phorone 
QL =  Quantitation Limit   
RDS = rate determining step 
RSD = Relative Standard Deviation; the standard deviation of a set of data or 





RSEE = relative standard error of estimate (of a predictive model)  
sccm = standard cubic centimetres per minute 
SMSI = strong metal support interaction 
SOSI = surface oxide support interaction 
STP = standard temperature and pressure 
xxxi 
TBR = trickle bed reactor 
TCD = thermal conductivity detector 
TMB = Trimethyl Benzene  (mesitylene) 
TMP = 2,2,6,6-tetramethyl-r-pyrone   
TOS = time on stream (hr) 
TPD  =  Temperature Programmed Desorption 
 
Variables and Parameters 
 
a(t) = hydrogenation catalyst activity (dimensionless); defined in equation 8-13 
a = activity (equations 2-10, 2-11); empirical model parameter in equation 5-1  
A = Arrhenius pre-exponential factor  
b=empirical model parameter in equation 5-1  
Ci = concentration (mol/L) of species “i”  (eg. CW denotes water concentration) 
pC  = mean heat capacity 
CV = valve flow coefficient 
C6
+ = denotes the collective sum of the concentrations f higher molecular 
weight species from MO synthesis (phorones, mesitylne etc.) including 
unidentified species.  “Other or Unknown C6
+” refers to the collective 
sum of the concentrations (wt%) of all unidentified organic species 
excluding the known species 
dp = particle diameter   
 
dt
dCA− = rate of acetone consumption   (eqn. 2-12) 
 
dt
Cd iˆ = specific rate of reaction to produce species “i” (i.e. productivity) 
[g/(hr*mLcat)] 
dt
dCI  = rate of MIBK production   (Eqn. 2-13) 
 
dt
d DAA   =  rate of DAA production   (Eqn. 2-10) 
 
DAB = molecular diffusivity of solute A in solvent B (liquid phase) 
Da = impeller diameter (m) 
DA,K = Knudsen diffusivity of solute A 
De = effective diffusivity 
EA = activation energy 
FA0 =  acetone molar flow rate at reactor inlet  
FA = acetone molar flow rate exiting the reactor 
g = acceleration due to gravity (9.81 m/s2) 
GaL = liquid phase Galileo number, defined in equation (8-6) 
Ha = Hatta number defined in Equation (6-21) 
xxxii 
ki = rate constant 
k’ s = pseudo first order rate constant for spent hydrogenation catalyst Eqn (8-
13) 
k’0 = pseudo first order rate constant for fresh hydrogenation catalyst Eqn (8-13) 
k’ L or KL = liquid mass transfer coefficient (m/s) 
kc = mass transfer coefficient 
Kc = equilibrium constant 
L = reflux flow rate [g/min] 
M i = molecular mass of species “i” 
im&  = molar flow rate of species “i” 
n = order of reaction 
ni = number of moles of species “i” 
N =  agitation rate (revolutions/second) 
Ni = number of moles of species “i” (equations 6-9, 6-10 and 6-11) 
NP = Power number (for agitated vessels, defined in Equation 6-20) 
P = system pressure (absolute) [psia], used in equation (8-7) 
P = power (watts) 
Q = external heater duty [W], used in equation (8-7) 
Q&  = condenser duty [W] 
QR= reboiler duty [W];  equation (8-7) 
r =  reaction rate (kmol/m3*s) 
rMO =  rate of mesityl oxide production  (eqn 2-11) 
r = pore diameter  
r’= specific reaction rate (kmol/s*gcat) or  
R= catalyst pellet radius  
Re = modified Reynolds number equation (8-6); impeller Reynolds number 
equation (6-19) 
S=standard deviation of analytical background respon e (Eqn. 3-1) 
S = selectivity (eg. Eqn 6-2) 
SH = hydrogenation selectivity (mol%) defined in Eqn. 6-1 
Sc = Schmidt number (defined in Eqn. 6-17) 
T = absolute temperature 
Tc = critical temperature 
Tm = temperature associated with the peak maximum of the TPD peak 
associated with the strongest acid sites (maximum mean desorption 
temperature)  
U = superficial velocity 
V = reactant volume 
VA = molar volume of solute “A” at its normal boiling point 
W = catalyst mass 
WHSV = weight hourly space velocity   =(mass flow rate / catalyst mass) 
XAc = acetone conversion 
X i = mass fraction (wt%) of organic species “i” in the sample mixture 






βi = parameter in a regression model   
∆G = Gibbs free energy  change 
∆H= enthalpy change (Eqn 2-3)or latent heat of vaporization (Eqn. 6-18) 
∆P = pressure drop across bed 
∆S = entropy change 
ε = bed porosity (void fraction) 
ηCE = external catalyst wetting efficiency, defined in equation (8-6) 
µ = dynamic viscosity [in cP or kg/ms] 
νi =stoichiometric coefficient 
ξB = association factor for solute “B” in Wilke-Chang equation (6-22) 
Φ = objective function in equation (6-12) 
ϕ = fractional monolayer coverage 
ρ = density 
ρb = catalyst bed density 
ρc = density of continuous (liquid) phase  
σ = standard deviation or constriction factor 
σ2 = variance 
τ= tortuosity 
 
Subscripts and other symbols 
 
A = acetone 
ads   =  denotes adsorbed species    (Scheme 1-1) 
dads =  denotes diadsorbed species  (Scheme 1-1) 
MO = MO 
I = inhibitor  (eg. KI);  (eg. MIBK in Eqn. 2-13) 
pho = phorone  
W = water 










1.1  MIBK, its Uses and Economic Outlook 
4-methyl-2-pentanone, also known as methyl isobutyl ketone (MIBK), is a 
valuable derivative of acetone; third in consumption behind bisphenol and 
methyl methacrylate.[1]    It is primarily used as a solvent in paints, inks, 
adhesives and other surface coatings as a consequence of its outstanding 
solvating properties for organic compounds and is also used as a precursor in 
the syntheses of pesticides, surfactants and other sp cialty chemicals such as 
methyl isobutyl carbinol (MIBC).[1]   Recently, there has been an increasing 
demand for MIBK for use as a precursor in the syntheses of anti-ozonants for 
rubber products.[1,2]     MIBK has particular utility in metallurgical and solvent 
extraction processes as is also used in the manufacture of antibiotics, 
pharmaceuticals and as a denaturant for rubbing alcoho .[1] 
 
The commercial production of MIBK has been ongoing for over sixty 
years.[1]   MIBK is a relatively inexpensive commodity (eg. $0.77 USD/lb in 
March 2004) that is produced on a large scale.[2]  Currently, the global demand 
for MIBK is estimated to be greater than  350 000 t/a and is increasing due to 
demand from emerging economies in developing nations such as China and 
India.[3] In China, MIBK production units are small scale operations that are 
relatively inefficient.[4,5]  Consequently, China continues to import most of its 
MIBK and its demand has more than doubled recently, from 17 000 tons in 
2001 to 36 900 tons in 2004.[4]  In 2005 the Jilin Chemical Group Fine 
Chemicals Co. Ltd. commissioned a 15 000 t/a MIBK plant in Jilin, which is 
now China’s largest MIBK production facility.[4]  Prior to this facility coming 
online in 2005, China’s MIBK capacity was only 2 500 t/a.[4]   In response to 
the increasing global demand for MIBK, Sasol Limited announced in December 
2005 that it will be doubling its capacity for MIBK production to 60 000 t/a by
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constructing a new MIBK plant in Sasolburg, South Africa, which is expected 
to come online in 2009.[3]   Shell Oil, the world’s largest producer of MIBK, has 
recently invested $50 M (US) to increase capacity in its oxygenated solvents 
plants  by 55 million pounds per year, including its Deer Park Texas facility 
where MIBK is produced.[2,6]    
 
Although global demand for MIBK is increasing, in developed countries 
the demand for MIBK remains unchanged as an increasing demand for MIBK 
for use in rubber applications is offset by a reduced demand for MIBK for use 
in solvent applications.[1,2]     MIBK is non-toxic, however, it is known to 
contribute to the formation of ground level ozone and smog.  Consequently, 
MIBK was designated a hazardous air pollutant in the US Clean Air Act 
Amendment (1990).  As a result of this legislation, there has been a concerted 
effort by industry to reduce the amount of volatile organic compounds (VOC) 
including MIBK, in their products and processes.  Regardless, US demand for 
MIBK increased steadily over the 1990’s as chlorinated solvents were phased 
out in favour of oxygenated solvents and as industry best practices switched to 
an increased usage of “high solids coatings” where solvents with superior 
solvating properties, such as MIBK, are used but in lesser amounts.[2,7]   The 
economic outlook for MIBK has recently been described as being flat with 0% 
market growth in developed countries over the short term, however its long 
term demand in developed nations will likely decline due to increasingly 
stringent environmental regulation and the drive to reduce the usage of VOCs.[2]  
In short, MIBK is a mature product and will remain in strong demand for the 
foreseeable future. 
 
1.2  MIBK Synthesis 
The synthesis of MIBK involves three major reaction steps.  In the first step, 
acetone is dimerized to produce diacetone alcohol (DAA) via an aldol 
condensation reaction.  This step is known to be extremely equilibrium limited 
with an equilibrium conversion of only 4.3 wt% at the normal boiling point of 
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acetone.[8,9]  In the second step, which is also equilibrium limited,[10,11]  DAA 
undergoes a dehydration reaction to produce mesityl oxide (MO) (an α,β-
unsaturated ketone) and water.  MO is accompanied by its isomer isomesityl 
oxide (IMO) with the material equilibrium strongly favouring the formation of 
MO.  Lastly, the olefin bond of MO is selectively hydrogenated to produce 
MIBK.  The acetone dimerization is slightly exothermic (-23 kJ/mol) , the DAA 
dehydration step is endothermic (+21 kJ/mol) and the hydrogenation step is 
strongly exothermic (-126 kJ/mol).[1]  The heat effects from the first two 
reaction steps essentially negate each other; however, the overall MIBK 
synthesis is exothermic, primarily due to the  strongly exothermic 
hydrogenation step.   
 
MIBK production involves a relatively complex organic synthesis with 
numerous potential undesirable reactions as illustrated in Figure 1-1.  MO, the 
immediate precursor to MIBK, may react with acetone to produce phorone and 
water via an aldol condensation reaction.  The reaction of MO with acetone may 
also yield other isomers of phorone including 4,4-dimethyl-hepta-2,6-dione and 
2,4-dimethyl-2,4-hetpadiene-6-one.[12]  Phorone and its isomers may in turn 
react to form the cyclic isomers α-isophorone and β-isophorone and the cyclic 
compound mesitylene, also known as trimethyl benzene (TMB), via aldol 
condensation and Michael Addition reactions.[12-14]  These cyclic compounds 
along with phorone and its isomers,  may continue to react further to form 
numerous higher molecular weight species as well as thermal decomposition 
products including acetic acid and unsaturated hydrocarbons such as 
isobutylene.14  Since phorone is an unsaturated molecule with two olefin groups 
and a ketone group, additional products may be obtained from its 
hydrogenation.  The hydrogenation of one olefin group produces 2,6-dimethyl-
2-heptene-4-one and the hydrogenation of both olefin groups produces 
diisobutyl ketone (DIBK), i.e. 2,6-dimethylheptan-4-one.[12]  Isophorone may be 
hydrogenated to give 3,3,5-trimethyl-cyclohexanone.  Similarly, the 
hydrogenation of mesitylene would yield 1,3,5-trimethyl cyclohexane.
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The reaction of MO with acetone without the loss of water will produce 
“semi-phorone”  (6-hydroxy-2,6-dimethyl-2-heptene-4-one) and its isomers 
(4,4-dimethyl-2,6-heptadione) and 2,2,6,6-tetramethyl-r-pyrone (TMP).[1]  The 
dehydration of semi-phorone leads to the creation of pyran compounds.[1]  DAA 
may also combine with acetone to form triacetone alcohol (TAA) or its isomer 
(4,6-dihydroxy-4,6-dimethyl,hept-2-one).  The dehydration of TAA via the loss 
of one molecule of water leads to the production of semi-phorone and the loss 
of two water molecules results in phorone.[1]  DAA may undergo a thermal 
decomposition reaction to produce acetic acid (HAc) and isobutylene (C4) or 
may be hydrogenated to produce ethylene glycol (2-methyl-2,4-pentanediol). 
 
Once the desired product has been obtained, MIBK may combine with 
acetone to form diisobutyl ketone (DIBK) or 2,6-dimethly-4-hydroxy-2-heptene 
(DMHA).  These compounds may continue to react to form other oligomers.  
The direct hydrogenation of acetone producing 2-propan l, also known as 
isopropanol (IPA), is a significant undesirable parallel reaction commonly 
observed in processes for MIBK production.  The secondary hydrogenation 
product, IPA, may dehydrate to form propene and water.   Propene can be 
hydrogenated to produce propane.  Alternatively, IPA molecules may react 
together to produce diisopropyl ether (DIPE) and water.   
 
The ketone group of the desired product MIBK may be hydrogenated to 
form the saturated alcohol MIBC.  Although it is possible that the ketone group 
of MO may be selectively hydrogenated without the hydrogenation of the olefin 
group to give the unsaturated alcohol 2-methyl-2-pentene-4-ol,  this reaction 
pathway is very unlikely in the absence of promoters since the reactivity for 
hydrogenation of the olefin bond is known to be far greater than the reactivity of 
the ketone group in conjugated systems as a consequence of their relative 
adsorption strengths.[15]  Thermodynamic considerations demonstrate that the 
C=C group in isolation is most easily hydrogenated followed by the C=C in a 
conjugated system, followed by the C=O group, which is most difficult to 
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hydrogenate.[16] Consequently, the unsaturated alcohol is rarely obtained using 
state-of-the-art hydrogenation catalysts designed to give high selectivity to the 

















 Figure 1-1  Major Reaction Pathways for MIBK Synthesis[1,14]   
 
The most successful hydrogenation catalysts for the selective 
hydrogenation of MO to MIBK are the group VIII B transition metals Pd, Pt 
and Ni.  Pd is most commonly used since it typically gives the highest 
selectivity to MIBK.  Other transition metals investigated for use in MIBK 
synthesis include the group VIII Belements Ru, Co and Rh.  The group IIB 
metal Cu has also proven to be successful for MIBK synthesis.  The observed 
trend of catalytic behaviour of these transition metals for MIBK synthesis can 
be explained by extension of the theory put forward by Delbecq and Sautet[15] 
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Upon adsorption, the conjugated C=C and C=O groups f α,β-unsaturated 
aldehydes and ketones compete for active sites.   The prevalent adsorption mode 
will govern the activation of the substrate and hence its reactivity.  In addition, 
the prevalent adsorption mode will constrain the possible reaction pathways and 
hence govern the reaction selectivity as well.  Several adsorption modes are 
possible, as illustrated in Figure 1-2, as a consequence of the multiplicity of 
functional groups of the organic substrate.[15]  Each  of these adsorbed species 
exhibit unique adsorption strengths, which are also affected by the catalyst 
surface concentration of the substrates due to the effect of crowding.  The 
prevalent adsorption mode is strongly dependent on the nature of the metal and 
the type of exposed crystal facet.[15]   Moreover, the preferred adsorption mode 
may also be affected by the geometrical nature of the catalyst (i.e. structure 
sensitivity).  It is generally believed that the most weakly bound species 












Figure 1-2  Common adsorption modes of α,β-unsaturated aldehydes[15] 
* denotes adsorption site 
  
Delbecq and Sautet[15] have postulated that the most thermodynamically 
favourable adsorption mode is governed by a competition between two-electron 
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 which destabilize the adsorbed substrate.  The two-electron interactions 
involve σ-donation and π-backbonding (Figure 1-3) resulting in a reduction n 
the total system energy as electrons from the d orbitals of the metal overlap with 
un-occupied π* anti-bonding orbitals of the substrate resulting  a decrease in 
electron density on the metal.  The sigma donation results in the overlap of 
occupied s orbitals in the organic substrate with vacant d orbitals from the metal 
also reducing the total system energy while increasing the electron density on 
the metal.   The four-electron interactions are repulsive interactions between 
occupied d orbitals on the transition metal and the occupied molecular orbitals 
of the organic substrate that have the correct energy and symmetry to overlap 
with the orbitals of the transition metal.   
 
According to Delbecq and Sautet[15], a large d-band width implies a larger 
radial expansion of the filled d-orbitals of the metal resulting in greater spatial 
overlap with the orbitals of the organic substrate.  Since the magnitude of the 
repulsive interaction between two filled orbitals is given by the square of their 
orbital overlap, a larger d-band width would result in greater 4-electron 
interaction and the suppression of the C=C hydrogenatio  by inhibiting its co-
ordination while simultaneously promoting the co-ordination of the ketone 
group and its hydrogenation.[15]  Thus, this theory allows the apriori prediction 
of catalytic behaviour for the selective hydrogenation of α,β-unsaturated 
aldehydes and ketones based on the d character of the transition metal.  In the 
periodic table of the elements, the d-band width increases moving from right to 
left and moving from top to bottom.  As predicted by this theory, the Group 
VIII elements Ni, Pd and Rh have been shown to give th  highest initial 
selectivity for C=C bond hydrogenation, whereas Os ha  been shown to give the 
highest selectivity towards C=O hydrogenation.[16] Not surprisingly, Ni 
{[Ar]3d 84s2}   and Pd {[Kr]4d10}, which are located in the periodic table of the 
elements at the top right corner of the group VIII metals,  are commonly 
employed for the hydrogenation of MO.  The IIB metal Cu {[Ar]3d104s1}, 
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which is located immediately to the right of Ni on the periodic table, may also 









Figure 1-3  Sigma donation and pi backbonding (based on drawing in 
Hegedus[17]) (left) longitudinal orientation involving carbon monoxide 
substrate;  (right) perpendicular orientation involving an olefin substrate  
 
MIBK is produced from the selective hydrogenation of the olefin group of 
MO.  The author and co-workers[18] have recently proposed a novel reaction 
mechanism (Scheme 1-1) and mechanistic kinetic model (Eqn 1-1) for the 
liquid phase selective hydrogenation of MO over a Pd/Al2O3 catalyst.   Since 
MO is an α,β-unsaturated ketone with conjugated C=C and C=O groups, the 
molecule may take several possible adsorption modes wh n coordinating with a 
heterogeneous catalyst. Quantum chemical calculations suggest that the most 
favourable adsorption mode of α,β-unsaturated aldehydes on a Pd (111) surface 
would be an η4 diadsorbed species.[15]    
 
Our proposed mechanism stipulates that a diadsorbed sp cies arises due to 
the strong affinity of the ketone group for coordinat on with acidic sites and the  
necessary chemisorption of the olefin group to enable its hydrogenation.[18]  If 
only a single site is available for adsorption, it is proposed that MO will 
coordinate preferentially via the ketone group and consequently, will act as an 
adsorbed inert.   It is postulated that when adjacent sites are available, an η4 
diadsorbed species will result, with the olefin group forming an η2(C,C) pi-
complex at one site and the ketone group coordinating to the catalyst at an 
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adjacent active site forming an η2(C,O) pi-complex.  Alternatively, a similar 
diadsorbed species may be obtained by coordination of the carbonyl group to 
the catalyst via top donation η1(C,O).   MIBK is formed by the stepwise 
addition of dissociatively adsorbed atomic hydrogen to the diadsorbed organic 
substrate, first forming a half-hydrogenated intermdiate (HHI), then the 
addition of atomic hydrogen to the HHI produces MIBK coordinated to the 
catalyst via the ketone group.    The desorption of MIBK from the catalyst 
completes the reaction mechanism.   
 
H2 + 2*           2 Hads 
MO + 2*      MOdads 
MOads + Hads      HHIdads  + * 
HHIads + Hads     MIBKads + 2*    (RDS) 
MIBK ads     MIBK + * 
 




The mechanistic kinetic model of equation 1-1 was derived from the 
proposed mechanism in Scheme 1-1 via the Langmuir-Hinshelwood approach, 
assuming the second addition of hydrogen is the rat determining step.   
Incidentally, our proposed theory on the catalytic hydrogenation of MO, 
specifically the notion of the diadsorption of the organic substrate and the 
general form of the kinetic model (Eqn. 1-1) whereby the term expressing the 
fraction of available catalyst sites is raised to the fourth power, has been 
accepted as correct and has been subsequently used in the kinetic analysis of 
other researchers investigating MIBK synthesis.  (eg. Talwalkar and 
Mahajani[19]).   The requirement of the diadsorption of the substrate for 
hydrogenation implies that the reaction may be structure sensitive.  
 







=−       (1-1)
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MO exists with its isomer, isomesityl (IMO).   The author and coworkers[18] 
have shown that IMO is equally valuable as a precursor to MIBK exhibiting the 
same kinetics as MO.  It is likely that IMO rearranges upon adsorption to the 
catalyst to form the same diadsorbed species that is created upon the adsorption 
of MO. As a consequence, IMO exhibits identical kinet c behaviour as MO.[18]  
Alternatively, it is possible that IMO is rapidly converted to MO in accordance 
with Le Chatelier’s Principle as MO is hydrogenated o MIBK. 
 
1.3  Conventional Processes for MIBK Production 
Historically, MIBK has been produced in the multi-stage Hibernia-Schloven 
Process in which each of the three major reaction steps are carried out in 
separate reactors.[1]   Since the first two reaction steps are equilibrium limited, a 
significant amount of unreacted material is present in he product streams.  
Consequently, distillation units are present downstream from the reactors in 
order to purify the product streams and to recover and recycle unreacted 
material.  For example, the aldol condensation of acetone to produce DAA is 
typically carried out at as low a temperature as economically feasible (10 to 
20°C) in order to maximize the chemical conversion.[1]  However, only 8 to 
15% acetone conversion is typically achieved at this emperature range with 20 
to 60 minute residence times in a semi-batch reactor using a basic homogeneous 
catalyst such as sodium hydroxide.[1]   The DAA dehydration step is carried out 
in a reactive distillation (RD) column at atmospheric pressure at 100 to 140°C  
using phosphoric acid as a homogenous catalyst.[1]  In the third reaction stage, a 
solid catalyst is immobilized in the reactive section of a catalytic distillation 
(CD) reactor to facilitate the hydrogenation of MO at atmospheric pressure and 
110°C.[1,20]  Phase separators are required to remove water from the MO product 
stream prior to hydrogenation as well as to recover unreacted hydrogen from the 
MIBK product stream.  
 
An advantage of the Hibernia-Schloven Process is that it offers the 
flexibility to allow the intermediate species DAA and MO to be extracted from 
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the process and sold as separate products if desire.  DAA has a relatively high 
boiling point compared to MIBK, which may make it more desirable as a 
solvent from an environmental standpoint.  In fact, DAA is currently used as an 
industrial solvent for resins and coating applications.  Specifically, it is used for 
dissolving hot lacquers which have high molecular weight constituents, as a 
solvent for cellulose acetate, nitrocellulose and epoxy resins and is used as a 
precursor in the synthesis of hexelene glycol, which is a component in hydraulic 
brake fluid.[21]  Since DAA is completely miscible with water, it is particularly 
useful for solvent applications requiring moisture tolerance.[1,21] MO is known 
to be relatively toxic.  Consequently, its sale as a product for end use was 
terminated in the US in 1986.[21]   However, MO is still valuable as a precursor 
for other value-added industrial chemicals such as isophorone and its 
derivatives and is used “captively”, that is, being synthesized and chemically 
converted to another desired product or products at the same facility.[1,21]   
 
The Hibernia-Schloven Process has clear disadvantages.  In particular, the 
process is inherently inefficient and extremely energy intensive. The process 
requires significant capital investment and incurs substantial operating 
expenditures.  The products from the first two reaction steps are produced in 
relatively low yield due to equilibrium limitations thus necessitating the further 
purification of the product streams by distillation a d leads to a significant 
amount of material recycle.  Since distillation is an extremely energy intensive 
process having a thermodynamic efficiency of less than 10%, additional 
distillation steps significantly add to the operating costs.  The use of 
homogeneous catalysts is undesirable since these catalysts must be recovered 
from the product streams and recycled.  Moreover, the DAA product stream 
from the first reaction step must be neutralized prior to the dehydration stage.  
In addition, these homogeneous catalysts create corrosi n problems and 
inevitably lead to the generation of acidic and caustic waste streams.    
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Rising energy costs, increasingly strict environmental regulation as well 
as the continuous drive to reduce costs and improve the profitably of chemical 
processes has stimulated a gradual shift within the chemical industries towards 
sustainable development.[22] This trend is evident in the emergence of more 
efficient chemical processes with reduced emissions and reduced waste streams 
enabled by the development of novel catalyst and reactor technologies.[22]  
Process Intensification,  is a principle of green engineering whereby two or 
more unit operations are combined into a single unit operation with the 
beneficial result of increased efficiency, reduced operating and capital costs and 
a reduction of waste and recycle streams.  It is evident that the Hibernia-
Schloven process for MIBK manufacture would benefit significantly from 
process intensification.  Indeed, the Hibernia-Schloven process was the 
conventional technology for MIBK synthesis until the early 1970’s at which 
point, “one-step” processes for MIBK synthesis emerged, for which the three 
major reaction steps producing MIBK from acetone are carried out 
simultaneously in a single reactor.[1]   In this work, “one-step” synthesis is 
defined as a process where the production of MIBK from acetone and hydrogen 
is carried out in a single unit operation.   
 
A one-step process for MIBK synthesis is made possible by a 
multifunctional catalyst that simultaneously facilitates the three major chemical 
transformations in a single reactor.  The irreversible hydrogenation of MO 
breaks the equilibrium limitations of the previous reaction steps, thus shifting 
the reaction in favour of MIBK formation allowing acetone conversions much 
higher than the theoretical equilibrium conversion associated with the aldol 
condensation of acetone.  The multifunctional catalys  typically consists of a 
transition metal such as Pd, Ni, Cu or Pt, which is responsible for the selective 
hydrogenation of MO, dispersed onto a support that con ains acidic and or basic 
active sites that facilitates both the aldol condensation of acetone and the 
dehydration of DAA.  Numerous catalysts have been investigated for this 
purpose including MgO and Mg-Al mixed oxides,[23-30] CsOH/SiO2,
[12,13] cation
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 exchange resins,[19,31-33] hydrotalcites and layered double hydroxides,[34-41] 
niobic acid (Nb2O5⋅nH2O) and niobia (Nb2O5),[42-44] alumina and titania,[45,46]  
zirconium phosphate[47] and various zeolites.[48-54]   
 
Due to its industrial importance, MIBK synthesis has been studied at 
length in both the liquid phase and the gas phase.  The gas phase process is 
conducted in a fixed bed flow reactor at atmospheric p essure and temperatures 
typically less than 200°C but possibly as high as 290°C.[48] The low pressure 
operation is attractive from an economical perspectiv .  However, gas phase 
processes give very low selectivity to MIBK, typically 60 to 80% and more 
importantly, gas phase processes for MIBK synthesis are severely limited by 
catalyst stability issues despite being investigated extensively.[43,49]   State-of-
the-art one-step processes for MIBK manufacture involve the liquid phase 
synthesis of MIBK in trickle bed reactors or multitubular fixed bed reactors at 
temperatures ranging from 100 to 160°C and pressure ranging from 1 to 10 
MPa.[23-25]  The liquid phase processes are robust with selectivities typically in 
excess of 90%.[23,24,42,48]  However, the high pressure operation is economically 
detrimental.[23-25] In addition, the mass fraction of MIBK in the reactor product 
stream is typically less than 30 wt%, which necessitates further refining of the 
product stream and the recycle of unreacted material.[23,24]  Consequently, there 
remains great incentive for the further development of novel catalysts and 
catalytic reactor technologies for the one-step synthesis of MIBK. 
 
1.4  MIBK Synthesis via Catalytic Distillation  
The goal of a highly efficient one-step process for MIBK synthesis remains an 
elusive but industrially important objective.  This need is of heightened 
importance today in the current era of rising energy costs and increasingly 
stringent environmental regulation, presenting an excellent opportunity for the 
application of catalytic distillation (CD) technology.  CD is a hybrid reactor 
technology which combines chemical reaction and product refinement in a 
single unit operation.   The CD reactor consists of a distillation column, 
typically a packed column although tray column is also possible, within which
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 solid catalyst is immobilized inside one or more reaction zones (also known as 
reactive sections) within the column.  It should be noted that the term “catalytic 
distillation” is reserved for those processes involving a heterogeneous catalyst 
while “reactive distillation” (RD) is usually reserved for those processes 
involving a homogeneous catalyst.  However, some us the term “reactive 
distillation” as a general term encompassing both processes.  Additionally, a 
third type of CD reactor has been disclosed whereby a solid powder catalyst is 
slurried in the feed stream and allowed to pass through the distillation column 
by convection within in the liquid phase.[55]   
 
In the CD process, a continuous gas phase flows in a counter current 
mode with a discontinuous liquid phase.  Rivulets and droplets of boiling liquid 
move down the column under the influence of gravity in the low interaction 
regime of trickle flow while wetting and spreading into thin films over the 
distillation packing and catalyst.  Low interaction regime implies a weak 
interaction between gas and liquid phases.  Consequently, the contribution of 
the gas-liquid interfacial drag forces and shear stres es to the wetting and 
spreading of liquid over the solid substrate are considered negligible.  At the 
bottom of the column, a reboiler imparts energy to the system causing a 
reservoir of liquid to boil and a vapour stream to rise upwards through the 
packing contacting the liquid phase in a counter cur ent fashion.  The vapours 
are condensed in a condenser at the top of the column and some or all of the 
condensed liquid is refluxed to the column.  Since a heterogeneous catalyst is 
used to facilitate the desired chemical transformations, the chemical reactions 
occur at or near liquid-solid, gas-solid and gas-liquid-solid interfaces within the 
mesoporous structure of the solid catalyst contained i  the reactive sections.  
Chemical reaction does not occur in the non-reactive sections, which hold only 
inert distillation packing.    
 
Since counter current flow is required, the heterogneous catalyst must be 
supported on or contained within engineered structues in order to prevent an 
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excessive pressure drop and the subsequent flooding of the column.  A 
minimum void fraction of 0.5 is required in order to ensure the feasibility of 
counter current operation in a fixed bed.[56]  Random and structured distillation 
packing typically yield void fractions from about 0.7 to as high as 0.97.[56]  
Since catalyst particles larger than about 3 mm generally lead to intraparticle 
mass transfer limitations, smaller catalyst particles ranging between 1 to 3 mm 
are typically used in catalytic reactors.[57]  Unfortunately, the direct loading of 
these small catalyst particles into a distillation column would result in an 
insufficient void volume (ca. 0.3 to 0.4) to prevent flooding.  However, a 
plethora of design concepts have been applied for immobilizing heterogeneous 
catalyst within engineered structures in the reaction zones of CD columns in a 
manner which enhances the void fraction.   
 
The catalysts may be supported within “envelopes” including porous 
cylinders or spheres containing catalyst, wire mesh bundles of various shapes 
including tubes and gutters, fibreglass bales (Chemical Research and Licensing 
Ltd.) or within monolithic structured packing such as KATAPAK® (Sulzer 
Chemtech Ltd.).[57]  Alternatively, catalytically active distillation packing either 
monolithic or in the shapes of typical random packing media such as Raschig 
Rings or Berl Saddles can be produced either by coating the distillation packing 
with a thin film of catalytically active material, or by impregnation or even by 
the fabrication of the distillation packing directly from the catalyst material 
itself.[57]   
 
Distillation is inherently a non-equilibrium process whereby the chemical 
potential of any given compound in the liquid phase is generally unequal to its 
chemical potential in the vapour phase.  As a result, mass transfer occurs 
between the phases resulting in the less volatile species becoming increasingly 
concentrated towards the bottom of the column and the more volatile species 
becoming increasingly concentrated towards the top of the column.  Therefore, 
if the desired products have much higher boiling points than the reactants, a 
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product stream can be withdrawn from the reboiler.  Similarly, if the desired 
products are more volatile than the reactants, they will become highly 
concentrated in the overhead distillate.  As in anydistillation process, it is also 
possible to extract a product of intermediate composition as a side stream at 
some location on the column.  However, a product side stream would likely 
require further refinement.  The reactants are fed at one or more locations on the 
column.  Since the locations of the feed streams affect the axial concentration 
and temperature gradients, they are specified in a manner to optimize the 
process performance.  However, non-condensable gaseous r actants must be fed 
below the reactive section.  Similarly, the size and location of reactive sections 
are selected to optimize reactor performance. 
 
The distinguishing feature of CD is its ability to simultaneously conduct 
chemical reaction and product purification in a single unit operation.    The 
process intensification provided by CD is a clear advantage compared to 
conventional reactor technology.   In addition, the continuous removal of 
product from the reactive section due to the distillation action shifts the 
equilibrium in favour of product formation in accordance with Le Chatêlier’s 
Principle, thus breaking any equilibrium limitations resulting in chemical 
conversions much higher than the theoretical equilibrium conversion and less 
catalyst being required to achieve a similar conversion in a conventional 
chemical reactor.[57,58]  Conversions as high as 100% may be achieved for what
would be otherwise equilibrium limited reactions.[57]     
 
Higher selectivity may be achieved when undesirable consecutive 
reactions are possible as a consequence of the rapid removal of species from the 
reaction zone.    The distillation action may possibly lead to significantly 
improved catalyst lifecycle if poisons are present in the feed stream.  For 
example, if a liquid feed stream contains a known poison with a relatively high 
boiling point, the reactant mixture may be purified n situ by distillation and the
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 poison may be averted if the feed stream is located w ll below the reactive 
section.   
 
Multicomponent mixtures exhibiting azeotropes may benefit from the in 
situ reaction facilitated by CD since the chemical reaction may shift the process 
away from the azeotropic condition.[57,58] This feature may lead to further 
process intensification since multicomponent mixtures whose purification by 
distillation is limited by an azeotrope would typically require an additional stage 
of purification by an alternative  technology such as extractive distillation 
whereby an additional solvent is added to break the azeotrope or by some other 
technology such as membrane separation or adsorption. 
 
Since the reaction occurs in a boiling medium, excellent temperature 
control may be achieved, which is often critical inorganic synthesis.  
Conducting an exothermic chemical reaction in a boiling medium provides 
inherent safe design since the boiling solvent acts as a moderator which 
mitigates potential runaway reactions.  Moreover, all of the energy liberated by 
the chemical reaction is efficiently converted in situ to drive the distillation 
process and may also prevent the formation of “hot sp s” on the catalyst, which 
could possibly have an adverse affect on catalyst performance and lifecycle.   
Significant energy savings may be realized as a consequence of this enhanced 
energy integration as well as the inherent process efficiency.   In addition, the 
reduced energy consumption indirectly may result in a reduction of greenhouse 
gas emissions due to reduced power requirements.  Indeed CD is a salient 
example of green engineering.[58]   
 
CD offers many potential advantages over conventional reactor 
technology in some instances.  However, there are constraints and possible 
disadvantages associated with CD that limit its applicability.  First, the reactants 
and products must have significantly different boiling points in order for 
distillation to be a practical separation method.  Moreover, the relative 
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volatilities between reactants and products should be sufficient to ensure a high 
concentration of reactants and low concentration of pr ducts in the reaction 
zone.  Second, there are an insufficient number of degrees of freedom to 
independently specify the reaction temperature and pressure.  Consequently, CD 
processes will be constrained to those processes which can be carried out at the 
bubble point of the reactant mixture at relatively low to moderate pressures 
resulting in operating conditions that may not be optimal.  Third, it must be 
practical and desirable to carry out the reaction in the low interaction regime of 
trickle flow.   Finally, since distillation is energy intensive and expensive, CD is 
not suitable for reactions with long residence time requirements, in which case a 
reactor-separator arrangement would be more economical.[57]  Possible 
applications of CD include alkylation, amination, carbonylation, chlorination 
dehydration and hydration, dimerization, esterification and transesterification,  
etherification,  hydrogenation and dehydrogenation, hydrolysis, metathesis and 
disproportionation, polymerization and the synthesis of carbonates.  Specific 
examples are outlined in recent reviews by Ng and Rempel[58] and by Hiwale et 
al.[59] 
  
Recently, it has been suggested that CD is a promising reactor technology 
for the commercial production of MIBK.[32,60,61]  The synthesis of MIBK meets 
many of the design criteria for CD.  First, the overall reaction is strongly 
exothermic.  Although this is not a requirement for CD, it is advantageous since 
it may lead to enhanced energy integration.  It is of interest to ascertain whether 
the control of the reaction temperature due to the pr sence of the boiling 
medium and its moderating effect will enhance the reaction selectivity and 
catalyst performance for this complex organic synthesis.  Second, MIBK has a 
much higher boiling point (Tnb=116°C) than the reactant acetone (Tnb=56°C) 
making distillation an appropriate technology for product purification.  The 
large relative volatility (αAB=12) also ensures that it is possible to achieve a 
very high concentration of acetone in the reaction z e relative to the product 
MIBK.  Third, MIBK synthesis in the liquid phase is typically carried out from
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120 to 160°C.[23-25]     Neglecting hydrogen, this would imply partial pressures of 
acetone ranging from about 0.59 to 1.34 MPa assuming the reaction temperature 
is at or near the boiling point of acetone and the reactant mixture is essentially 
pure acetone (a conservative first approximation).  This suggests the operating 
pressure for a CD process will be relatively low compared to conventional 
processes for MIBK synthesis, which typically operat  from 1 to 10 MPa.[23,33]  
However, these estimates suggest a reasonable range of op rating pressure for a 
CD process within which the synthesis of MIBK is technically feasible.  Lastly, 
MIBK is known to form azeotropes with water and other species, which may be 
present in the MIBK product.[62]   Therefore, MIBK synthesis may benefit 
significantly from the application of CD technology.   
 
It is known that the first two reaction steps are strongly equilibrium 
limited.  Conventional reactors require the use of a multifunctional catalyst to 
effectively break these equilibrium limitations through the irreversible 
hydrogenation of MO, which shifts the equilibria infavour of product 
formation.  The author and coworkers[63-65] have demonstrated that CD provides 
the flexibility to either produce MIBK in a single stage (Figure 1-4) by using a 
multifunctional catalyst in a single reaction zone or to produce MIBK using two 
distinct catalysts located in two discrete reaction z es; one for the production 
of MO from acetone and the other for the selective hydrogenation of MO.   
 
There are potential advantages and disadvantages to both approaches.  A 
possible advantage of using a multifunctional catalys  is that the rapid 
hydrogenation of MO upon its creation to MIBK may minimize the formation 
of undesirable by-products from which MO is a precusor including phorone 
and its isomers, mesitylene and other higher molecular weight species.  
Additionally, since the dehydration of DAA to produce MO is a relatively slow 
reaction for which the reverse reaction may be significant, the rapid 
hydrogenation of MO may possibly provide a synergistic effect leading to an 
enhanced catalyst activity.  However for this reactor configuration to be 
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successful, the rate of hydrogen transport to the active sites must not be the 











Figure 1-4  Possible CD reactor configurations for MIBK synthesis, reprinted 
from O’Keefe et al.[65]♣  (left) single reaction zone utilizing a multifunctional 
catalyst  (right)  Two optimized zones using two distinct catalysts   
 
For example, Lawson and Nkosi[32] reported selectivities to MIBK 
ranging from 15 to 67 (wt%) for various conditions of a batch CD process for 
the one-step production of MIBK.  The highest selectivity was achieved only 
after 48 hours of batch distillation with the hydrogen volumetric flow rate 
maximized.  Additionally, the high concentration of acetone in the reaction zone 
may lead to a greater rate of IPA production from the hydrogenation of acetone.  
The author and co-workers[18,63-65] have demonstrated previously that the direct 
hydrogenation of acetone is a significant competing reaction and that the 
relative rates of MO and acetone hydrogenation and hence the selectivity of the 
hydrogenation, is strongly dependent on the MO concentration (Figure 1-5).   
 
The data in Figure 1-5 suggests that IPA and MO compete for the same 
active sites and that MO is hydrogenated preferentially. This implies that IPA 
production may be suppressed by first concentrating MO prior to its 
                                                
♣   2005 Taylor and Francis Group, CRC Press.  Copied under license from Access Copyright. 
Further reproduction prohibited. 
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hydrogenation or by increasing the competition for active sites by minimizing 
the palladium loading.  Therefore, the two zone approach may be desirable 
since the hydrogenation zone may be located in the stripping section where MO 
would be more concentrated.  However, the temperature at which the 
hydrogenation reaction will be carried out will also be higher.  In contrast, the 
one zone approach requires all reaction steps to becarried out at essentially the 














































































Figure 1-5  Effect of the initial MO concentration on the initial specific rates of 
MO and acetone hydrogenation [T=100°C, PT=4.23 MPa, ω=700 RPM, W=1 g 0.52 wt% 




Another advantage of the two zone approach is that it offers the simplicity 
and flexibility to independently optimize the catalysts for each reaction step, 
which may lead to a more efficient and robust process.  Moreover, the 
hydrogenation catalyst may be designed in such a manner as to protect the 
active sites from known or potential poisons created in the previous reaction 
                                                
♣ Figure 1-5 reprinted from W.K. O’Keefe, M. Jiang, F.T.T. Ng and G.L. Rempel, “Liquid 
Phase Kinetics of the Selective Hydrogenation of MO to Methyl Isobutyl Ketone in Acetone 
over a Pd/Al2O3 catalyst”, Chemical Engineering Science, 60, (2005), pp. 4131-4140. Used by 
permission of Elsevier Science. 2005 Elsevier Science.    
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steps.  In contrast, the use of a multifunctional catalyst introduces complexity.  
It has been frequently reported and is generally accepted that a careful balance 
of the strengths and densities between condensation nd hydrogenation sites is 
needed to ensure an active, stable and selective catalyst for MIBK 
synthesis.[23,26,48,50]   
 
Yang and Wu[49] have further suggested that not only is a careful balance 
between condensation and hydrogenation sites important but also that a close 
spatial proximity between the multi-functional site is also needed.   This 
implies that the condensation and hydrogenation sites act collectively as an 
ensemble to facilitate the desired chemical transformation.  The fouling of a 
catalyst site within an ensemble may cause a desired reaction pathway to close 
while opening an undesirable pathway or may render th  entire ensemble 
inactive.  In the case of MIBK synthesis, the fouling of hydrogenation sites or 
large distances between an acid site and the nearest hydrogenation sites 
increases the probability that MO will combine with acetone at an acid site to 
produce phorone rather than react with hydrogen to produce the desired product.   
Yang and Wu[49] have asserted that increased distances between condensation 
and hydrogenation sites will lead to an increase in the production of IPA from 
the hydrogenation of acetone and lower catalyst selectivity. 
 
1.5  Problem Definition 
 
1.5.1  The CD Process and Catalyst Limitations for MIBK Synthesis 
The data disclosed by Lawson and Nkosi[32] has demonstrated that the one-step 
synthesis of MIBK via CD is technically feasible ina semi-batch mode of 
operation at 0.5 MPa and a reaction zone temperatur of 127°C with hydrogen 
fed to the CD column at flow rates ranging from 7 to 55 L/hr (STP) using a 
catalyst consisting of 0.05 wt% Pd dispersed onto Amberlyst-15, a strongly 
acidic macroreticular cation exchange resin.  However, the MIBK productivity 
and the selectivity to MIBK were poor as illustrated in Table 1-1.  The average
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MIBK productivity ranged from 0.09 to 0.12 (g/hr*mLcat).  The selectivity to 
MIBK (wt%) ranged from 33 to 68 (wt%) for acetone conversions ranging from 
78 to 92 (wt%).  
 
Table 1-1  MIBK Productivity and Product Distribution for Batch CD 























7 24 78.22 47.69 33.02 16.83 0.0850 
12 24 62.80 31.60 45.00 22.20 0.0930 
12 28 96.01 30.77 45.50 22.20 0.1233 
55 24 48.69 29.2 64.9 5.6 0.1040 
55 48 92.82 26.7 67.6 5.4 0.1033 
 
The author and co-workers[63,64] conducted a preliminary pilot scale 
investigation into the synthesis of MO and MIBK in a single CD column 
operating in continuous flow mode utilizing two distinct catalysts in two 
separate reactive sections.  These CD experiments are described and discussed 
in detail in Chapter Seven.  Commercially available catalysts were used to 
obtain process benchmarks and to gain a cursory assessment of the effects of the 
main process variables on the productivity and product istribution.  Amberlyst 
15 was used to produce MO from acetone and a 0.5 wt% Pd/Al2O3 catalyst was 
used to facilitate the selective hydrogenation of MO.  MIBK was produced in 
relatively low yield with a productivity ranging from 0.02 to 0.10 [g/hr*gcat], 
which is comparable to the results reported by Lawson and Nkosi[32].  The low 
MIBK yield was attributed to the relatively low system pressures which ranged 
from 0.42 to 0.60 MPa.  Since the reaction must occur at the bubble point of the 
mixture, the operating pressure was constrained by the thermal stability of the 
                                                
♣   Productivity calculated from published data [32] by normalizing the amount of product 
obtained by the amount of catalyst used  and  the batch residence time 
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Amberlyst 15 cation exchange resin, which has a maxi um recommended 
operating temperature of 120°C.  The hydrogenation step was found to be 
limiting the overall CD process as evidenced by a rel tively low conversion of 
MO, which ranged from 4.0 to 15.1 mol % and a very low hydrogen uptake 
efficiency less than 2 mol%.63   The hydrogenation selectivity ranged from 
84.4% (mol%) to 94.9%. Additionally, there was evidence of significant 
hydrogenation catalyst deactivation.  DRIFT spectroscopic data indicates that 
MIBK interacts strongly with the Lewis acid sites of the γ-Al 2O3 support.[64]   
The catalyst deactivation observed in the CD experim nt  may have occurred as 
a result of  product inhibition and possibly coke formation due to the strong 
interaction of MIBK with the catalyst.   
 
Cation exchange resins such as Amberlyst CH28, repres nt the state-of-
the-art for catalysts for MIBK synthesis.   However, there are several significant 
drawbacks of ion exchange resins for this application hat justify further catalyst 
development.  First, cation exchange resins exhibit poor lifecycle characteristics 
for MIBK synthesis requiring regeneration every 3 months and replacement 
every six months.[60]  Second, since at least one mole of water is produced per 
mole of MIBK, the acid catalyst must exhibit excellent moisture tolerance.  
Unfortunately, acidic cationic exchange resins are known to deactivate in the 
presence of water.[19,33,66]  Third, cation exchange resins have a very small 
characteristic particle size and must either be loaded within fibreglass or wire-
mesh bags, or must be sandwiched between the corrugated metal sheets of a 
KATAPAK type packing, which significantly limits the amount of catalyst that 
can be charged to the reactor.  Fibreglass and wire mesh bags lead to poor 
wetting characteristics and mass transfer limitations.   Fourth, MIBK synthesis 
is a complex reaction involving many possible undesirable competing reactions.  
Therefore, the key to a successful one-step CD process is high selectivity to the 
desired product in order to avoid costly downstream refining.  Preliminary CD 
experiments have shown that cationic exchange resins are not highly selective 
for the precursor MO.  The selectivity was found to be constrained to a narrow
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 range of 83 to 90 wt%.[63]  Consequently an acidic catalyst with improved 
selectivity to the precursor MO is needed.  Lastly, and most importantly, an 
acidic catalyst with improved thermal stability compared to that of cation 
exchange resins is needed to allow higher operating pressures for the 
hydrogenation of MO, which currently limits the CD process.   Clearly, a more 
robust hydrogenation catalyst is also needed.   
 
1.5.2  Application of Niobia Compounds Towards MIBK Synthesis 
Niobic acid (Nb2O5⋅nH2O) has gained much attention in recent years due to its
striking and curious properties as a solid acid catalys  as well as consequence of 
unmistakable effects as a catalyst promoter for various reactions.[67]  Niobic acid 
is a strongly acidic material  with a Hammet index of H0 = -5.6 which 
corresponds to approximately 70% of the strength of sulphuric acid.[67]   
However, unlike most solid acid catalysts that exhibit a diminution of acid 
strength in the presence of water, niobic acid maintains excellent activity for 
various reactions for which water is either liberatd or consumed.[67]  
Consequently, niobic acid and supported niobia compounds are highly suited as 
catalysts for dehydration reactions, such as the case for MO synthesis.  
Moreover, since niobia is a metal oxide, this compound will provide the thermal 
stability needed for an improved CD process for MIBK synthesis.   
 
Indeed, Pd/Nb2O5 and Pd/Nb2O5/SiO2 have been identified as a promising 
catalysts for MIBK synthesis.[42-44]  However, the fundamental relationships 
between the catalyst properties and the catalytic performance are not well 
understood.  The effects of the most important catalyst parameters including the 
type of oxide support, the calcination temperature and the niobia loading on the 
catalyst performance remain largely unexplored for this reaction despite 
intriguing preliminary results reported in the literature.    In fact, to the best of 
this author’s knowledge, scientific investigation of supported niobia compounds 
for MIBK synthesis is constrained to a single study by Chen et al.[42]   Paulis et 
al.[14]  have studied niobic acid for the acid catalyzed aldol condensation of
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acetone while Higashio and Nakayama[43] have studied the use of niobic acid for 
MIBK synthesis. 
 
The interaction of the surface-phase niobium oxide with the metal oxide 
support may yield numerous niobium oxide species each with distinct 
geometrical structures and electronic properties.  Fortunately, these niobia 
structures may be readily identified by spectroscopic methods and a well 
established science exists enabling the molecular control of their structure 
through the careful control of the synthesis method an  catalyst parameters.[68-
70]  However, the active form or forms of niobia for MO synthesis is currently 
not known and more generally, the importance of the nature of the acidity ( i.e. 
Bronsted or Lewis) is not well understood for this reaction.  Although numerous 
kinetic studies have been reported for the one stepynthesis of MIBK, no 
kinetic models have been reported for this reaction when catalyzed by a 
niobium based catalyst. 
 
1.6  Objectives and Scope of Study 
It is evident from the results of the preliminary exp riments as well as the data 
reported by Lawson and Nkosi[32] that a catalyst with improved thermal 
stability, moisture tolerance and improved selectivity is needed to improve the 
process.  To this end, the objective of this research was the development and 
characterization of a superior catalyst for application towards the one step 
synthesis of MIBK via CD as well as the process analysis and reaction 
engineering that enabled the successful integration of this catalyst into a 
practical CD reactor.  More generally, an objective of this research was to gain 
insight into the advantages and limitations of CD technology through its 
application towards a complex organic synthesis.  An improved understanding 
of MIBK synthesis was ascertained through an integrated approach to catalyst 
design and reaction engineering realized the three project phases outlined 
below.   An integrated approach implies that the three phases of study 
proceeded concurrently rather than in a sequential m nner.[71]  Thus, the 
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resultant catalyst design gave consideration to its performance at the reactor 
scale as well as the molecular scale. 
 
Phase I -  Elucidation of structure activity relationships 
The first phase of research, a comprehensive investigation of the effects of the 
main catalyst parameters on the resultant catalyst performance for MO synthesis 
was conducted with a concerted effort directed towards the elucidation of the 
fundamental structure-activity relationships through a combination of catalyst 
activity/selectivity testing on the liquid phase synthesis of MO from acetone 
over powdered niobia catalysts in an autoclave reactor and detailed catalyst 
characterization.  Specifically, the objectives of the first phase of research were 
to identify the active form or forms of niobia for MO synthesis and to determine 
the influences of the nature and strength of the acidity and other 
physicochemical properties on the resultant activity and product distribution.  
The first phase of research included catalyst screening on potential catalyst 
supports followed by more detailed investigation of catalyst formulation and 
synthesis on the most promising supports. 
 
Phase II – Reaction  Kinetics and Catalyst scale-up 
In the second phase of research, promising catalytic materials and formulations 
identified in the first phase of research were furthe  developed into 
multifunctional catalysts for MIBK synthesis by integration of Pd to their 
architecture in order to enable the hydrogenation function.  The liquid phase 
kinetics of the overall MIBK synthesis was investiga ed in an autoclave reactor 
and predictive kinetic models were developed for future process analysis.  
Promising multifunctional catalysts were scaled up to the pellet scale using 
commercially available catalyst carriers and studied in continuous flow reactors 
in order to assess their long term stability, the eff ct of space velocity on the 
catalyst utilization and product distribution and to further improve the catalyst 
performance prior to pilot scale experimentation. 
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Phase III -  Pilot Scale Catalytic Distillation Experiments  
In the third phase of research, the catalyst performance was assessed at the pilot 
scale in a CD reactor under conditions of realistic pace time and for substantial 
time on stream (TOS).  Since MIBK production is a relatively complex organic 
synthesis, these experiments provided an excellent opportunity to test the 
potential advantages and limitations of CD technology.  The secondary 
objectives of the pilot plant experiments were to assess the potential advantages 
and disadvantages of the possible reactor configurations (i.e. the two zone 
approach versus the single zone approach utilizing a multifunctional catalyst) 
and to assess the effects of process parameters on the catalyst utilization and 
































2.0  Synopsis 
 
The principal focus of this research is the development and characterization of a 
Pd/Nb2O5/X catalyst, where X denotes a metal oxide, to be applied towards the 
one-step synthesis of MIBK via catalytic distillation and in particular to 
elucidate the fundamental relationships between the nature of the niobia surface 
oxide phase and its resultant catalytic properties and kinetic behaviour.  A 
comprehensive review of the scientific literature is presented in this chapter 
regarding the catalytic application of niobia compounds with particular 
emphasis on its use for MIBK synthesis.  Relevant ki etic studies and the state-
of-the-art of reactor technologies applied to MIBK synthesis are reviewed.   
 
2.1  Niobium Compounds as Catalysts 
 
2.1.1  Thermodynamic Stability of Niobia 
 
The one-step synthesis of MIBK involves the selectiv  hydrogenation of MO 
and is carried out industrially at hydrogenation pressures ranging from 1 to 10 
MPa.[23,24]  Since the niobia catalyst will be utilized in a reducing environment, 
and since it may also be subjected to a reduction pr cess as a preparative step, 
its thermodynamic stability under these conditions is an important catalyst 
design criterion.  Generally, metal oxides may decomp se to produce a new 
metal oxide species for which the oxidation state of the metal is reduced.  In the 
presence of hydrogen, niobium (V) oxide may be reduc  following the 
reactions outlined in equation (2-1 and 2-2).  The reduction of the metal will 
proceed spontaneously for conditions for which the Gibbs free energy change 
(∆G) is negative for the reduction reaction.    ∆G is defined by equation (2-3).  
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Figure 2-1 from T.B. Reed[72] is a plot of the Gibbs free energy of 
formation (∆Gf) of various binary oxides including various niobium oxides, as a 
function of temperature.  The relative stabilities of the compounds may be 
inferred from the figure.  The most stable compounds correspond to those 
plotted lowest in the figure having the most negative Gibbs free energy of 
formation whereas the least stable compounds correspond to those plotted 
towards the top of the figure.    
 
From this data in Figure 2-1, Ichikuni et al.[69] argued that niobium (V) 
oxide can not be reduced by hydrogen at any temperatur .  Indeed, Nb2O5 is 
very stable and is known to be much more difficult to reduce than Vanadium 
(V) oxide for example.[73]  However, niobium (V) oxide may in fact be reduced, 
albeit at very high temperatures.  Note that the Gibbs free energy of formations 
of NbO and NbO2 indicated in Figure 2-1 are more negative than for Nb2O5.   
The reduction of Nb2O5 to produced NbO2 (Eqn 2-1) can be carried out at 1073 
to 1573 K while the further reduction of NbO2 to produce NbO (Eqn 2-2) can 
occur at temperatures ranging from 1573 to 1973 K.[73]    However, the 
reduction of Nb2O5 to NbO2 is  reversible.
[73]   It is evident  that the reduction of  
niobium (V) oxide at low to moderate temperatures is not favourable and is 
therefore not likely to occur for the experimental conditions within a chemical 
reactor or during a reduction process in a calcinator  the mild temperatures 
used in this study.         
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Figure 2-1  The Gibbs Free Energy of Formation of Various Binary Oxides 
Reproduced from Reed[72]♠ 
                                                
♠ Reprinted from  Thomas  B. Reed, “Free Energy of Formation of Binary Compounds:  An Atlas of Charts for 
High-Temperature Chemical Calculations”, with  permission from the MIT Press,  The MIT Press, Cambridge (1971).  
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2.1.2 Polymorphism 
 
Niobia may adopt various, distinct geometrical crystalline structures, i.e. 
polymorphs, depending on the thermodynamic state of he system as well as the 
starting materials.  The polymorphs of niobia are described in detail by Nowak 
and Ziolek[73] and are summarized here.  At low temperature, Nb (V) oxide is 
amorphous.   When heated to temperatures above around 500°C, niobia will 
crystallize and likely assume one of three principal crystal forms:  the low 
temperature form T (or γ phase), the moderate temperature M form (or β phase) 
or the high temperature H form (α phase).[73,74] Tanabe[75] found via combined 
differential thermal analysis (DTA) and thermogravimetric (TG) analysis of 
niobic acid that the crystallization from the amorphous phase to the T form 
occurred around 550 to 570°C.  The “M” form appears around 800°C and the 
high temperature “H” form appears around 1000°C.74 These transitions between 
phases upon heating are irreversible and do not occur at well defined transition 
temperatures.  The crystallization behaviour of niobia is dependent o  the 
starting materials, impurities and the interaction of niobia with other materials, 
such as another oxide support.[74] 
 
Within the low temperature γ phase, there is a further distinction between 
two low temperature forms; the “TT” and “T” forms.  The TT form may appear 
around 500°C, while the T form appears near 600°C.[74]  The T and TT forms 
are quite similar and have been considered by some t  be the same form.[73]  
The TT form is a “less crystalline” form that is stabilized by impurities and does 
not always appear depending on the starting materials.[73]  Aside from the three 
major crystal forms (T, M and H), other polymorphs may be synthesized and 
have been classified according to their distinct crystal habits.  The B form (ζ 
phase) is assigned to those exhibiting a leaflet lik  habit, the N form is assigned 
to those exhibiting acicular habit (needles) and the P form (η phase) exhibit a 
prismatic habit.[73]   
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The amorphous form of hydrated niobium (V) oxide (i.e. niobic acid 
Nb2O5·nH2O) is of particular interest in heterogeneous catalysis since this 
material exhibits very strong surface acidity  (H0 ≤ -5.6; 70% the strength of 
sulphuric acid when calcined at moderate temperatures from 100 to 300°C) and 
significant catalytic activity for many reactions.[67,75-80]  Crystallization of the 
amorphous structure upon heating at temperatures above 500°C is known to be 
accompanied by a significant loss of acidity and catalytic performance.[73,75,78]   
 
2.1.3 Catalytic Applications of Niobium Compounds 
 
Niobic acid and niobium compounds have gained much attention in recent years 
due to their unusual and striking properties as both catalysts and supports.[67,75-
77]   In fact, several entire volumes of the journal C talysis Today ♠ as well as 
several international conferences have been dedicat solely to research into 
niobium chemistry and catalysis.[67,73]  According to Tanabe and Okazaki[76], 
niobium compounds can be classified into one of five categories based on their 
catalytic properties:  1) promoter effect, 2) support effect, 3) acidity, 4) Redox 
and photocatalytic properties and 5) layered structu e.   
 
The addition of small amounts of niobium oxides to existing catalysts is 
known to increase the activity and selectivity of certain catalysts, significantly 
extend the lifecycle of some catalysts and in some cases improve their 
mechanical strength.[77]  Most notable are the promoter and support effects of 
niobia for certain oxidation reactions, which has been described by Tanabe[76] as 
“remarkable”.  Examples of other reactions which may benefit or are known to 
benefit from the promoter effect of niobium oxide compounds include the 
oxidative dehydrogenation of alkanes and in particular the oxidative 
dehydration of ethane, which is of considerable industrial importance, as well as 
the oxidative coupling of methane, selective catalytic reduction (SCR) for NOx 
removal and ammoxidation.[67,73,77]     
 
                                                
♠ The reader is referred to Catalysis Today volumes  8(1) , 16(3-4), 28(1-2), 57(3-4)  
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The dispersion of a metal or metal oxide catalyst onto a niobium oxide 
support often gives rise to a strong metal support interaction (SMSI) resulting in 
an enhancement of catalytic activity or selectivity.  For example, a strong SMSI 
is known to affect the selectivity of Co/Nb2O5 catalysts for the Fischer-Tropsch 
synthesis giving high selectivity in the diesel range.[81]  Other reactions which 
are known to benefit from the support effect of niobium compounds are 
described in recent reviews[67,73,76,77] and include hydrogenation, metathesis, 
hydrotreating including hydrocracking, hydrodesulphrisation (HDS) and 
hydrodenitrogenation (HDN), hydrogenolysis and the production of 
hydrocarbons and olefins from carbon monoxide and hydrogen.   
 
Hydrated niobium pentoxide (niobic acid) is known to have a very strong 
surface acidity and consequently, can be utilized as a solid acid catalyst.  
Tanabe[75] has described niobic acid as an “unusual” solid accatalyst noting 
that unlike most solid acid catalysts, which lose th ir acidity when exposed to 
water, niobic acid exhibits excellent moisture tolerance, not only retaining its 
acidity but often increasing in its acidity when exposed to moisture.   Its strong 
acidity and synergistic affinity for water makes niobic acid and niobium oxide 
compounds ideal catalysts for reactions for which water molecules are either 
liberated or consumed including dehydration, hydration, hydrolysis, 
esterification and the Prins reaction.[67,73-79]  From an industrial perspective, 
niobium compounds are promising as solid acid catalysts since they represent 
cost effective and environmentally sensitive  alternatives to traditional 
homogeneous mineral catalysts used in petrochemical processes for the 
synthesis of fine chemicals.[67]  Quite recently, Carniti et al.[82] demonstrated that 
niobic acid and niobium phosphate should be considered viable alternatives to 
homogenous acid catalysts for reactions in aqueous medium and in particular, 
fructose dehydration.   Other reactions for which niobia compounds may serve 
as a solid acid catalyst include condensation, alkyl tion, isomerisation, ring- 
opening reactions and hydrogenolysis reactions.[67,73-77, 83]   
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If a very strong acidity is the principal catalyst design criterion, the reader 
is advised that niobium phosphate (NbOPO4) calcined at moderate temperatures 
exhibits a much stronger surface acidity (H0=-8.2; 90% the strength of H2SO4) 
than niobic acid.[84]  In addition, niobium phosphate exhibits a similar water 
tolerance as niobic acid but has the advantage that it retains its acidic properties 
to higher catalyst pre-treatment temperatures.[84,85]  NbOPO4 is known to be 
active for several reactions including MTBE synthesis, esterification, alkylation 
and the isomerisation of 3,3-dimethly-1-butene.[84,85]  Alternatively, Okazaki et 
al.[86] have demonstrated that the acidic properties of nibic acid could be 
enhanced and retained even upon exposure to temperatures s high as 600°C by 
pre-treatment with phosphoric acid, which delays the onset of crystallization to 
higher temperatures.  
 
When niobia is present as a 2-dimensional surface oxide phase ( i.e. an 
“overlayer”) dispersed onto another metal oxide, depending on the nature of the 
oxide support, certain niobia species might be present which exhibit sites that 
may facilitate oxidation and reduction reactions.[87]  Oxidation reactions in 
particular may benefit from the redox properties of niobium compounds 
including the partial oxidation of methane and methanol oxidation.[67,68,73] The 
redox properties of niobia arise by virtue of an Nbatom’s capacity to become 
reduced to a lower oxidation state and for the ability of niobium oxide species to 
lose and regain an oxygen atom throughout the course of a catalytic cycle.  The 
+5 state is the most stable oxidation state for niobium however it may also take 
formal oxidation states from +5 to -1.[73]   
 
According to Jehng and Wachs[68,87] the redox properties of the niobia are 
determined by the unique molecular structure of the niobium oxide species, 
which is in turn governed predominantly by the physicochemical interaction 
between the surface-phase niobium oxide and the metal oxide support.   
Therefore, the redox properties if any, of niobia dispersed onto a metal oxide are
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governed by the nature of the metal oxide support.  At low temperatures, only 
silica supported niobia exhibit redox sites whereas other metal oxide supports 
yield acid sites.[73]   It is also known that the redox potential of a niobium oxide 
support may affect the redox properties of certain metals and metal oxides 
dispersed onto it.[73]  In addition, some mixed metal oxides containing niobia are 
also known to exhibit redox properties.[76]   
 
Certain niobium compounds such as potassium niobate (K4Nb6O17), 
rubidium niobate (Rb4Nb6O17) and others (eg. HCa2Nb3O10, 
K0.5La0.5Ca1.5Nb3O10) exhibit a layered structure, which gives rise to 
photocatalytic properties when doped with metals such as Ni, Pt, Ru and Cs that 
occupy the interlayer spaces.[67,76]  Applications of niobium photocatalysts 
include hydrogen production via photocatalytic water splitting and the 
decomposition of  organic waste compounds.[67]        
 
2.1.4  Niobium Oxide Catalysts for MIBK Synthesis 
 
The fact the niobic acid and niobium compounds retain their strong acidity in 
the presence of water is an unexpected property for a solid acid catalyst, which 
makes niobium compounds excellent candidates as catalysts for reactions in 
which water is either liberated or consumed.  It is not surprising therefore that 
niobia catalysts have been successfully utilized for MIBK synthesis.[43,44]  In the 
case of MIBK synthesis, the most important catalytic properties of the niobia  
catalysts are their strong surface acidity as well as the support effect, which is 
purported to result in an enhanced hydrogenation activity and selectivity due to 
a strong metal support interaction.67   
 
Higashio and Nakayama[43] conducted a series of experiments in a batch 
autoclave where the starting reactant was either actone, DAA or MO and the 
experiment was carried out either with or without hydrogen.  A multifunctional 
Pd/Nb2O5•nH2O catalyst for MIBK synthesis was created by calcining niobic 
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acid at 300°C and impregnating the niobic acid with palladium chloride to give 
0.1 wt% Pd.   The Pd was subsequently reduced with hydrazine.[43]  The 
performance of this catalyst was compared to other catalysts consisting of Pd 
dispersed onto HY zeolite, γ-Al 203 and SiO2-Al 2O3.  They found that niobic acid 
calcined at 300°C had the highest activity for DAA dehydration and of the 
catalysts investigated.    They also found that a significant reverse aldol 
condensation reaction occurred resulting in the production of acetone from 
DAA.   The reverse aldol condensation reaction was more pronounced on the 
alumina and zirconium catalysts and was attributed to the presence of basic sites 
on these supports.[43]  
 
When a batch reactor was charged with 2 g of Pd/Nb2O5•nH2O catalyst 
and 50 mL of acetone, pressurized with hydrogen to 20 kg/cm2 and heated to 
160°C for 2 hours, MIBK was produced in very high yield with 0.1 wt% MO 
and no DAA detected in the product.[43,44]  This observation lead Higashio and 
Nakayama to the dubious conclusion that MIBK was synthesized directly from 
acetone without the formation of DAA as an intermediate.[43]  This is not 
consistent with the reaction mechanisms proposed in the literature for MIBK 
synthesis over various catalysts.[19,23,50,53]  However, DAA may be viewed as 
short lived intermediate under these reaction conditions. Their observation that 
DAA was not detected in the reaction mixture at 160°C and 20 kg/cm2 pressure 
is not unusual nor is it a result unique to niobium oxide catalysts.  Higashio and 
Nakayama[43] tested the long term stability of 100 mL of this catalyst for MIBK 
synthesis at 160°C and 20 kg/cm2 in a fixed bed flow reactor with a 28 mL 
diameter with an acetone feed rate of 158 g/hr (i.e. LHSV=2 hr-1) and hydrogen 
feed rate of 265 mL/min (STP).  MIBK was produced with over 90% selectivity 
at an acetone conversion of about 33% for over 1500 hours time on stream 
without any apparent catalyst deactivation.[43]   
 
Higashio and Nakayama[43] found that the Pd/Al2O3 catalyst with 0.1 wt% 
Pd resulted in a significant amount of 2-propanol (IPA) produced from the 
  38 
direct hydrogenation of acetone whereas IPA was rarely detected in the case of 
the niobic acid catalyst with the same Pd loading. They concluded that a 
significant support effect between the niobic acid an  the Pd crystallites resulted 
in an inhibition of the hydrogenation of the carbonyl group and a higher 
selectivity to the desired product.  They surmised that the high selectivity of the 
bifunctional catalyst may have been influenced by the metal dispersion as well 
as the strong surface acidity of the support.  Although Tanabe[67] has advised 
that a strong metal support interaction (SMSI) plays n important role in the 
synthesis of MIBK using a Pd/Nb2O5•nH2O catalyst, Higashio and 
Nakayama[43,44] apparently did not provide any direct evidence of such a SMSI 
nor did they characterize the Pd dispersion and morphological properties of the 
catalysts.    
 
Paulis et al.[14] conducted a thorough investigation of the effects of the 
preparative variables in the synthesis of niobic acid via the hydrolysis of 
niobium ethoxide on the structural properties of niobic acid and its catalytic 
activity for the aldol condensation of acetone.  They synthesized niobic acid 
from PdCl5 and ethanol precursors with the hydrolysis pH and molar ratio of 
water to niobium as experimental variables.  The catalysts were subsequently 
calcined at 400, 500, 700 and 900°C.  The catalysts were characterized by BET, 
DRIFTS, XRD and ammonia TPD and then their activities tested for the gas 
phase aldol condensation of acetone in a fixed bed flow reactor at 250°C and 
0.6 MPa pressure. 
 
It is curious that they chose to explore such high calcination temperatures 
since it was well known at that time that the acidic and catalytic properties of 
niobia diminish significantly upon crystallization above 500°C.  Indeed, their 
results confirmed this.  Their XRD results revealed that the catalyst calcined at 
400°C was amorphous whereas the catalysts calcined at 500°C had crystallized 
adopting a hexagonal structure.[14]  The catalysts calcined at 700°C adopted an 
orthorhombic structure and the catalysts calcined at 900°C had a monoclinic 
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structure.[14]  BET measurements showed that the surface area diminished 
significantly upon crystallization and continued to decrease with increasing 
calcination temperature.  The surface area of the catalysts calcined at 400, 500, 
700 and 900°C were 144, 79, 16 and 4 m2/g respectively.[14]  The ammonia TPD 
data presented by Paulis et al.[14] shows very clearly that the catalyst calcined at 
400°C exhibited a significant acidity, which diminished markedly upon 
crystallization of the niobic acid at 500°C and continued to diminish with 
increasing calcination temperature.   
 
Not surprisingly, the amorphous catalyst calcined at 400°C had the 
highest activity for the aldol condensation of aceton  being roughly 2.5 times 
more active than the catalyst calcined at 500°C and 14.6 times more active than 
the catalyst calcined at 900°C on a per gram of catalyst basis.[14]  Paulis et al.[14] 
argued that if the reaction rates were normalized by the catalyst surface area 
rather than the catalyst mass, the results would suggest, with the exception of 
the catalyst calcined at 900°C, that the specific reaction rate increases slightly 
with increasing calcination temperature.    However it seems the low nominal 
activities of the crystallized niobic acid would preclude them as potential 
commercial catalysts.  It is interesting to note that the catalysts calcined at 
different temperatures each had distinct crystal structures which resulted in 
distinct product distributions in the reactor effluent.[14]  The notion that the 
morphological properties of the niobia markedly affect the product distribution 
for this complex organic synthesis is intriguing.   
 
Paulis et al.[14] studied the FTIR spectra of ammonia (rather than pyridine) 
adsorption on the niobic acid catalysts.  The catalys s were activated by helium 
purge through the IR cell at room temperature.  The catalysts were then 
saturated with ammonia also at room temperature.  DRIFT spectra were 
obtained at temperatures from room temperature to 350°C.   They assigned the 
band at 1663 cm-1 to the N-H stretching vibration of NH4
+, which are associated 
with Bronsted acid sites and the vibration at 1608 cm-1 to the N-H stretching
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vibration of NH3, which are associated with Lewis acidity.  Remarkably, Paulis 
et al.[14] reported the presence of some Bronsted acidity in all catalysts with the 
Bronsted acidity decreasing with increasing calcinatio  temperature.  Although 
the general trend of Bronsted acidity decreasing with increasing temperature is 
consistent with the findings of others, the presence of Bronsted acidity in a 
niobium oxide catalyst at such high calcination temp ratures (400 to 900°C) is 
quite unexpected and perhaps questionable.  It is generally accepted that for 
niobic acid, Bronsted acidity is maximized at low calcination temperature (ca. 
100°C) and is essentially non-existent for calcination temperatures above 
around 400°C.[73,88]  Niobic acid generally loses its strong acidic properties after 
crystallization from heating above 800 K (527 °C) and is essentially  neutral in 
terms of total acidity when calcined above 500°C.[67,73,75,76,88]          
 
Perhaps the most important finding of their investigation was their 
observation that the molar ratio of water to niobium in the hydrolysis of 
niobium ethoxide had a significant effect on the resultant surface area of the 
niobic acid.  They found that the optimal molar ratio of water to niobium was 
around 80 and that relatively high surface area niobic acid could be synthesized 
without the need for a more complicated supercritical CO2 extraction 
technique.[14]  They also found that the pH of the hydrolysis soluti n did not 
affect the structural properties of the niobic acid.[14] 
 
Although Pd supported on niobic acid has been demonstrated to be a good 
bifunctional catalyst for MIBK synthesis, it is of interest to explore niobia 
dispersed onto other supports in order to investigate the unique catalytic 
properties of highly dispersed nanostructured niobia towards MO and MIBK 
syntheses.  To the best of this author’s knowledge, scientific investigation of 
supported niobia compounds for application towards either MO synthesis or the 
one step synthesis of MIBK is limited to a single scientific study by Chen et 
al.[42]   
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Chen et al.[42] synthesized and characterized Pd/Nb2O5/SiO2 catalysts 
whereby niobia was dispersed as a surface-phase oxid nto a high surface area 
silica support, based on non-aqueous synthesis techniques involving niobium 
(V) ethoxide precursor, disclosed previously by Ko et al.[89,90]  After 
impregnation, the catalysts were dried in vacuum for 24 hours to remove the 
residual solvent.  The organometallic precursor wasdecomposed in nitrogen at 
400°C for 2 hours then the catalyst was calcined in air at 500°C for 2 hours.  
Catalysts were prepared with the surface-phase niobium oxide concentrations of 
0.5, 1, 2 and 3 monolayer coverage.  The effect of Pd loading was also 
investigated and varied from 0.03 to 0.3 wt%.  PdCl2 was used as a precursor 
and was deposited via aqueous impregnation for which t e water was acidified.  
The catalyst was subsequently dried at 100°C for 24 hours then calcined in air 
at 400°C for 4 hours.  The catalysts were characterized by BET, XRD and TPD 
using n-butylamine as a basic probe molecule.  The catalysts were tested for 
activity for the one step synthesis of MIBK in the liquid phase at 160°C and 2.0 
MPa in a batch autoclave.  The long term stabilities of the catalysts were 
assessed in a fixed bed flow reactor (FBR) at 160°C and 2.0 MPa.   
 
The results of the BET analysis showed that the specific surface area 
(m2/gcat) decreased with increasing niobia loading.  However, when expressed 
on a per gram of silica basis, the results revealed that the surface area (m2/gSiO2) 
in fact increased with increasing loading up to  a niobia loading equivalent to 2 
monolayers coverage.  From this observation it was concluded that the pores of 
the silica were not significantly blocked from the d position of the surface 
niobium oxide phase.[42]  The BET results revealed a relatively consistent mean 
pore size up to 2 monolayers coverage, which ranged between 16.8 and 17.5 
nm, decreasing slightly with increasing loading.[42]  XRD analysis of the 
catalysts showed that the onset of crystallinity did not occur until the catalysts 
were exposed to calcination temperatures in excess of 600°C.  Moreover, 
crystallinity was only observed for the catalysts with niobia loading in excess of 
monolayer coverage.[42]   
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Crystallinity was observed at 700°C for a catalyst with a niobia loading 
equivalent to 3 monolayers coverage of niobia and was observed at 800°C for 
catalysts with 2 and 3 monolayers niobia coverage.[42]  The catalyst with a 
single monolayer coverage exhibited the best thermal stability and did not show 
significant XRD peaks even after calcination at 800°C.[42]  Their experimental 
observation that the onset of crystallinity was delay d to higher temperatures 
compared phase transitions observed for bulk niobic acid is consistent with the 
findings of Ko and Weissman[74] who found that Nb-O-Si linkages significantly 
stabilized the surface-phase niobium oxide of a Nb2O5/SiO2 catalyst.   
 
Ko and Weissman[74] observed that a catalyst consisting of a monolayer of 
niobia dispersed onto SiO2 remained amorphous when calcined at 500°C and 
showed only very weak XRD peaks corresponding to the TT phase after 
calcination for 48 hours at 1000°C.      They concluded that a strong interaction 
between the surface-phase niobia and the oxide support stabilized the 
amorphous niobia preventing crystallization and advised that in general, the 
strength of the interaction between the surface oxide phase and the oxide 
support governs the mobility of the niobia and hence its resultant structure and 
stability.[74]  It is therefore perhaps expected that the degree of stabilization  of 
the niobia afforded by the SiO2 support for Chen et al.’s catalysts was less 
pronounced due to the higher niobia loading of 2 and 3 monolayers with the 
thermal stability of the amorphous niobia diminishing with higher niobia 
loading.  Chen et al.’s[42] catalyst with a single monolayer coverage of niobia 
showed negligible crystallinity, which is consistent with the findings of Ko and 
Weissman.[74] 
 
The TPD results indicated that the total acidity, both in terms of µmol/gcat 
and particularly in terms of µmol/m2cat, increased with increasing niobia loading 
beyond monolayer coverage with the catalyst having 3 monolayers of niobia 
coverage exhibiting the greatest total acidity.[42]  Datka et al.[91] found that since 
silica does not exhibit acidic properties, the Lewis acidity of a Nb2O5/SiO2 
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catalyst increased linearly with niobia loading forl w niobia loading.  However 
in contrast, they found that beyond monolayer coverag , the acidic properties 
diminished as the surface-phase niobia structure was replaced by Nb2O5 
crystallites with inferior acidic properties causing the niobia structure to 
approach that of bulk niobium (V) oxide.  In addition, they found that Bronsted 
acidity did not appear until a critical niobia coverage of around one half 
monolayer.[91]  Although Bronsted acidity was detected by Datka et l.[91], only 
5.5% of the acid sites were Bronsted sites for the catalyst with maximum 
Bronsted acidity.  Asakura and Iwasawa[70] also carried out a thorough 
investigation of the acidic and catalytic properties of one monolayer niobia on 
silica and found no evidence of Bronsted acidity when the catalyst was calcined 
at 500°C.  They concluded that the Bronsted acid sites were either unstable and 
or negligible at 500°C.[70] Other researchers have questioned whether Datka et 
al’s spectroscopic data actually provides clear evid nce of Bronsted acidity.[92]    
 
Datka et al.[91] reported that both Bronsted and Lewis acidity were 
maximized at niobia concentration of 8 wt% for Nb2O5/SiO2 catalysts, which 
was below monolayer coverage.  Although both Datka et al.[91] and Chen et 
al.[42] calcined their Nb2O5/SiO2 catalysts at 500°C, there is a significant 
distinction in their preparative method.  Chen et al.[42] followed a non-aqueous 
synthesis technique disclosed by Ko et al.[89,90] using niobium ethoxide as a 
precursor whereas  Datka et al.[91] used an aqueous incipient wetness 
impregnation technique using niobium oxalate as a precursor. 
 
Although Chen et al.[42] reported the total acidity of their catalysts, they 
did not explain the nature of the acidity, whether Bronsted or Lewis, nor did 
they disclose any IR spectra.  However, they assumed that their Pd/Nb2O5/SiO2 
catalysts exhibited both Bronsted and Lewis acidity, arguing that Shirai et al.[93] 
had demonstrated that niobia deposited on silica exhibited both Bronsted and 
Lewis acid sites, depending on the niobia loading.  In doing so, they neglected 
the effect of calcination temperature on the nature of the catalyst acidity.  Had 
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they scrutinized Shirai et al.’s work more carefully, they would have noted that 
their catalyst denoted “H”, which exhibited both Bronsted and Lewis acid sites, 
was prepared by carrying out both the decomposition and attaching reactions at 
200°C.[93]    Moreover, Shirai et al.[93] presented a diagram outlining the effect 
of calcination temperature on the IR peak intensitie  assigned to Lewis and 
Bronsted acidity, which clearly demonstrated that the Bronsted acidity 
diminished linearly with pre-treatment temperature and was essentially non 
existent after treatment at 400°C.  It is doubtful that the niobia catalysts 
prepared by Chen et al.[42] exhibited significant Bronsted acidity due to the high 
calcination temperature of 500°C.  As mentioned previously, it is well known 
that Bronsted acidity is maximized at low calcination temperatures (ca. 100°C) 
and is essentially non existent after calcination above 400°C since protonic sites 
are lost as Lewis acid sites are created during dehydroxylation.   
 
Chen et al.[42] compared the performances of their Pd/Nb2O5/SiO2 
catalysts to other catalysts consisting of Pd dispersed onto various supports with 
distinct acidic or basic character for both MIBK synthesis at 160°C and 2.0 
MPa. The supports for these catalysts were tested for their activity for acetone 
condensation and separately for the dehydration of DAA at 160°C.  Although 
they did not quantify or characterize the acidity/basicity of these catalysts, Chen 
et al.[42] argued that a Pd/SiO2-Al 2O3 catalyst exhibited Bronsted acidity, a 
Pd/CHT (calcined Mg/Al hydrotalcite) exhibited basicity, Pd/Al2O3 exhibited 
Lewis acidity and basic sites, a Pd/CaO-Al2O3 catalyst exhibited basic sites and 
the Pd/Nb2O5/SiO2 catalysts exhibited both Bronsted and Lewis acid sites.  
They noted that a Pd/Nb2O5/SiO2 catalyst with a niobia loading corresponding 
to a single monolayer showed the greatest activity and selectivity for MIBK 
synthesis.  Also, they observed that the Pd/Al2O3-SiO2 catalyst which 
apparently only exhibited Bronsted acidity had the lowest activity for MIBK 
synthesis while those catalysts with basic sites showed good activity for MIBK 
synthesis.  
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From these qualitative observations, Chen et al.[42] concluded that 
Bronsted acid sites alone are insufficient for MIBK synthesis and that Lewis 
acid sites were needed for formation of the enol form f acetone in the aldol 
condensation, which they assert is the controlling step in the one step synthesis 
of MIBK.  Since the niobia catalyst exhibited the bst result, they suggested that 
a catalyst with a combination of Lewis and Bronsted acid sites might be 
advantageous for MIBK synthesis since the Lewis acid sites catalyze the aldol 
condensation while the Bronsted acid sites catalyze the DAA dehydration.[42]   
Chen et al.[42] also found that the niobia catalysts showed the greatest activity 
for acetone condensation and DAA dehydration.  All catalysts showed 
significant reverse reaction when DAA was the starting material with the basic 
catalysts producing the most acetone.  However, the niobia catalysts were able 
to convert DAA to MO achieving mass fractions around 20 wt% MO after 2 
hours.  The SiO2-Al 2O3 support achieved around 10 wt% MO.   The alumina 
support achieved a slight DAA conversion to MO while the CHT support 
achieved negligible DAA dehydration. 
 
Aside from demonstrating that the niobia catalysts were more active and 
selective for MIBK synthesis as well as acetone condensation and DAA 
dehydration than the other catalysts prepared for this particular study, in this 
author’s opinion, any inference on the role of the nature of the acidity or 
basicity from these experiments are inconclusive du to the qualitative nature of 
the study and particularly due to the dubious underlying assumption that the 
niobia catalyst investigated exhibited both Bronsted and Lewis acidity.  In fact, 
from what is known about the effects of calcination temperature on the acidity 
of niobia compounds, their catalyst likely exhibited Lewis acidity only.  
Moreover, their conclusion that Bronsted acid sites alone are insufficient for 
MIBK synthesis is incongruous with other empirical evidence in the literature.  
For example, strongly acidic cation exchange resins, which exhibit only 
Bronsted acidity, currently represent the state-of-the-art of catalyst technology 
for MIBK synthesis.  However, their assertion that a combination of both Lewis
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and Bronsted acid sites might be advantageous for MIBK synthesis is both 
plausible and intriguing and warrants further investigation. 
 
Chen et al.[42] studied the effect of Pd loading and reduction temp rature 
on the performance of Pd/Nb2O5/SiO2 catalysts for MIBK synthesis and found 
that the optimal loading was between 0.05 and 0.1 wt%.  Below 0.05 wt% Pd, a 
significant amount of unreacted MO and other undesirable by-products were 
observed and at Pd loadings in excess of 0.1 wt%, a significant amount of IPA 
was observed.[42]  The latter finding is consistent with that of O’Keefe et al.[18] 
who found that acetone and MO compete for Pd active s tes with MO being 
hydrogenated preferentially.  As the Pd loading increases, the competition for 
active sites decreases thus resulting in a greater IPA production rate.  An 
increase in IPA production with increased Pd loading was also observed by 
Yang and Wu.[49]  The effect of varying the reduction temperature (300, 400 and 
500°C) for the Pd/Nb2O5/SiO2 catalysts was investigated for the MIBK 
synthesis at 160°C and 2.0 MPa and was found to have a negligible effect on 
the acetone conversion, which ranged from 16.9 to 17.0%, and had a marginal 
effect on the MIBK selectivity, which ranged from 90.3 to 91.8% and was a 
maximum for the reduction temperature of 400°C.[42] 
 
Chen et al.[42] carried out experiments whereby water was deliberately 
added to the reaction mixture and found that the acetone conversion achieved 
after an unspecified duration decreased linearly with the water concentration.   
In contrast, when the reaction was carried out in a fixed bed reactor, the 
conversion declined only slightly from 28 to 25 % after 177 hours time on 
stream.  Thus, they concluded that the accumulation of water in the batch 
system resulted in the deactivation of the catalyst.  They also found that the 
catalyst could be reactivated by flushing a stream of hydrogen at the reaction 
temperature of 160°C.[42]  
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Niobium oxide catalysts have been disclosed in the pat nt literature for 
the commercial production of MIBK from acetone. Higashio and Nakayama[44] 
disclosed a process for MIBK synthesis involving a Pd/Nb2O5 catalyst as well 
as some general details regarding the catalyst but did not disclose any catalyst 
preparative methods.  The process patent is very broad in scope and 
encompasses a variety of possibilities regarding the catalyst formulation.  For 
example, the patent suggests Pd being either dispersed directly onto the niobic 
acid or provided in a mixture with Pd being dispersed onto another distinct 
oxide support, with a loading which may range from 0.02 to 5 wt%.  
Additionally, it is suggested that the Pd may be deposited on a “mixed carrier” 
consisting of niobia combined with a second metal oxide support such as Al2O3 
or SiO2.   However, the inventors do not explicitly state whether this “mixed 
carrier” is in fact a mixed oxide or is comprised of niobia dispersed onto the 
other oxide support.  The process patent is sufficiently broad in scope to include 
most of the conceivable embodiments of the process at that time including 
carrying out the reaction in a slurry reactor in eith r batch or continuous mode 
or in a fixed bed flow reactor in either the gas or liquid phase, or in a trickle bed 
reactor.[44]   
 
However, the inventors did disclose that in the fixed bed reactor 
embodiment, the catalyst preferentially consists of Pd dispersed onto niobic acid 
while in the slurry reactor embodiment, a mixture of ni bic acid and a separate 
Pd catalyst is preferred.[44]    In the comparative examples provided in the 
patent, the reactions were all carried out in the liquid phase between 140 and 
160°C and pressures ranging from 2 to 4 MPa.[44]  Only two catalysts were 
reported in the comparative examples; one consisting of 0.1 wt% Pd/Nb2O5 and 
the other a physical mixture of niobic acid with a 5 wt% Pd/C catalyst in a mass 
ratio of 2:1 niobic acid to hydrogenation catalyst.[44]   When these catalysts were 
used for MIBK synthesis at 160°C and 2 MPa, the multifunctional catalyst gave 
the greatest acetone conversion and selectivity to MIBK. [44]  
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Maki et al.[94-96] disclosed several patents in the Japanese patent litera ure 
describing niobium oxide and other catalysts for the catalytic conversion of 
acetone to MIBK.  The abstracts of these patents translated to English reveal in 
that in one patent, a Pd/Nb2O5 catalyst is reported whereby the Pd loading 
ranges (preferably) from 0.01 to 5 wt% and the niobium (V) oxide is calcined at 
400 to 550°C.[94]   In a second embodiment disclosed in a separate patent, the 
(hydrated) niobium (V) oxide catalyst is first treat d with and acid such as 
oxalic acid, and then impregnated with a noble metal such as Pt or preferably Pd 
from 0.01 to 10 wt% or more preferably from 0.01 to 5 wt%.[95]  In a third 
patent, an oxide support other than niobia is report d whereby the support 
consists of an oxide or hydroxide containing at least one of the following 
elements:  Ce, Hf, or Ta and Pd is recommended as the hydrogenation metal but 
is supported on a separate catalyst, preferably as Pd/C.[96]          
 
2.2  Synthesis, Characterization  and Catalytic Properties of Surface-phase 
Niobium Oxide Species 
 
 
2.2.1 Nanostructures of  Surface-phase Niobium Oxide Species  
 
Bulk niobium (V) oxide is a stable, insoluble white polymeric solid comprised 
of NbO6 octahedral monomers shared at the corners and edges as illustrated in 
Figure 2-2.  The octahedral structure consists of aNb+5 cation surrounded by 
oxygen O-2 anions.  The Nb+5 cation is too small to form a regular octahedral 
structure resulting the generation of distorted Nb06, NbO7 and NbO8 species 
(Figure 2-3) via the edge sharing and corner sharing of octahedra.[97]  In the case 
of hydrated niobium (V) oxide, which contains an indeterminate amount of 
water, highly distorted NbO6 species that are characterized by a terminal mono-
oxo Nb=O bond, are the predominant structure.      The Nb=O group found in 
the highly distorted NbO6 octahedra accounts for the Lewis acid sites while t e 
slightly distorted polyhedra (NbO6, NbO7 and NbO8) have Nb-O-Nb bonds that 
are associated with Bronsted acid sites.[87,90]  Bronsted acidity arises from the 
acidic protons of bridging hydroxyl groups.  For a catalyst with niobia dispersed 
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onto an oxide support, the proton of a bridged hydroxyl group is particularly 
acidic if the terminal oxygen is linked to the support oxide (eg. Nb-OH-Si) thus 
allowing charge delocalization over the support.[90]  Lewis acidity may also 
arise from the strong interaction between the surface-phase oxide and the 
support resulting in coordinative unsaturation about the Nb cation.[69,91] 
 
 
Figure 2-2  Corner sharing (left) and edge sharing (right) of ni bia octahedral 









Figure 2-3  (left) highly distorted NbO6 octahedral structure with mono-oxo 
terminal Nb=O bond  (right)  slightly distorted NbO6 octahedral structure  (blue 
spheres denote O-2 anions). 
 
The supported niobia catalysts consist of a surface-phase niobium oxide, 
with a molecular structure distinct from bulk niobia, dispersed onto the outer 
most layer of another metal oxide which acts as a support.  This configuration is 
distinct from mixed metal oxides, that may be prepad by co-precipitation and 
are comprised of a heterogeneous solid having two distinct solid oxide phases.  
It is well known and generally accepted that up to m nolayer coverage, the 
surface-phase niobium oxide exists as a two dimensional “overlayer” rather than 
forming agglomerated 3 dimensional crystallites, as a consequence of the 
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preferential titration of the surface hydroxyls of the support oxide.[68,98]  More 
generally, acidic metal oxides, such as Nb2O5, coordinate with the support via 
the preferential titration of the surface hydroxyls of the metal oxide support, 
whereas basic metal oxides such as the oxides of Fe, Ni and Co, coordinate with 
the support oxide via surface Lewis acid sites.[98]    Direct empirical evidence of 
the preferential titration of the support oxide hydroxyls by niobia has been 
obtained via in situ FTIR spectroscopy.[99]  Nb2O5 crystallites are observed 
above monolayer coverage and at elevated temperaturs.[100]  TiO2, ZrO2 and 
Al 2O3 exhibit high surface concentrations of hydroxyl groups resulting in a 
close packed monolayer while SiO2 has a lower concentration of surface 
hydroxyls and does not form a close packed monolayer.[68]  The surface 
concentration of hydroxyls can be influenced by thermal pretreatment of the 
support.    
 
When niobia is dispersed onto a metal oxide support, the physico-
chemical interaction between the surface-phase oxide and the support gives rise 
to a diversity of niobium oxide species.  Fortunately, the surface science of 
niobium compounds has been an area of intensive scientific investigation over 
the past two decades.  A well established science now exists which allows the 
molecular engineering of the catalytic sites of the surface-phase niobium oxide 
from the careful control of the synthesis parameters and the judicious selection 
of catalytic materials.[68-70,73,74] The nanostructures of these unique niobium 
oxide species may be readily identified by Raman spectroscopy, Extended X-
Ray Absorption Fine Structure spectroscopy (EXAFS) and X-Ray Adsorption 
Near Edge Spectroscopy (XANES). 
 
The resultant structure of the surface-phase niobium oxide species is strongly 
dependent on the nature of the support material and is also influenced by the 
degree of hydration from adsorbed water.[87,100]  Jehng and Wachs 
[68,87,97,100] elucidated the molecular structure of ni bium oxide species 
dispersed onto various oxide supports.  They found that basic supports lead to 
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the formation of highly distorted NbO6 species while acidic supports resulted in 
the formation of slightly distorted polyhedra (NbO6, NbO7 and NbO8).   Lewis 
acid sites are present in all supported niobium oxide catalysts but Bronsted sites 
appear to be limited to the Nb2O5/Al 2O3 and Nb2O5/SiO2 systems.
[73,87,91]    
   
Bronsted acidity appears only at higher niobia loadings; above around 1/3 
monolayer coverage, and increase with increasing niobia concentration.[87,91]    
Turek et al.[99] proposed the Bronsted acidity was related to the increase in 
surface concentration of the dispersed niobia species and in particular that a 
crowding effect is needed for the creation of Bronsted acidity.  They proposed 
that the Bronsted acid sites consist of a proton bei g shared between oxygen 
atoms of adjacent (Nb-O-Al) linkages.[99]  (However, the model could be 
applied generally to supports other than alumina.) Thus, the Bronsted acidity 
increases with niobia loading and a critical surface niobia concentration is 
required for the creation of Bronsted acidity.  Since the proposed theory implies 
that Bronsted acidity exists primarily at adlineation sites, it also explains the 
observation by Datka et al.[91], who found the Bronsted acidity diminished for 
niobia loading exceeding monolayer coverage.   
 
The surface niobium oxide nanostructure is also dependent on the niobia 
loading.  For example, Jehng and Wachs[100] found that all niobia catalysts 
investigated having a niobia loading less than one half monolayer coverage, 
exhibited highly distorted NbO6 octahedra with a terminal Nb=O bond length of 
0.171 nm, regardless of the oxide support.  Below a half monolayer coverage an 
Nb2O5/Al2O3 catalyst exhibited two NbO6 species described as highly distorted 
and moderately distorted with Nb=O bond lengths of 0.171 and 0.176 nm 
respectively.[100]  However, as the niobia loading increased approaching 
monolayer coverage, polymeric octahedral structures emerged resulting in a 
combination of highly distorted NbO6 octahedra with a Nb=O bond length of 
0.173 nm as well as slightly distorted NbO6 species with Nb-O-Nb linkages 
having a Nb-O bond length of 0.192 nm.[100]   
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Although Wachs et al. originally reported that only highly distorted NbO6 
species were observed for Nb2O5/SiO2 catalysts, many subsequent studies have 
demonstrated that in the case of niobia overlayers dispersed on silica, the 
predominant surface-phase niobium oxide species consist of NbO4 
tetrahedra.[69,90,93,101-103]  Other structures for the surface-phase niobium oxide 
near monolayer coverage on silica have been proposed.[70]  The NbO4 tetrahedra 
often combine to form dimers and other polymeric structures (Figure 2-4).   
Incidentally, monomeric tetrahedral NbO4 structures have recently been 




Figure 2-4  Niobium Oxide Tetrahedral Monomers and Dimers on SiO2   
Grey denotes Nb+5, blue denotes O-2 cations, red denotes H+.   Monomers and dimers bound to 
SiO2 via Nb-O-Si linkages.  (a) monomer
[90] (b) monomer with OH groups90 (c) dimer with OH 
groups90, (d) monomer with di-oxo moities[69,93,101]   e) dimer with mono-oxo moities [69,93,101] 
 
The Nb=O bonds of the NbO4 tetrahedral species have shorter bond 
lengths than the terminal oxo group of highly distorted NbO6 species.  
Consequently, the tetrahedral niobium species generally exhibit greater Lewis 
acidity than the highly distorted octahedral species, which have only moderate 
Lewis acidity.[69,90]  In addition, niobia tetrahedra may exhibit Bronsted acidity 
due to Nb-O-Si bridging linkages.  For example, the monomeric and polymeric 
tetrahedral structures proposed by Burke and Ko[90] and outlined in Figure 2-4 
(b) and (c) have hydroxyl groups which serve as Bronsted acid sites.   Ichikuni 
et al.[68,101] reported a unique monomeric NbO4 species having di-oxo Nb=O 
bonds (Figure 2-4 (d)).  They suggested that this un que nanostructure may be 
obtained through careful control of the synthesis route (which is outlined in 
section 2.2.2) and selection of catalytic materials.   
 
(a) (b) (c) (d) (e) 
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It is important to note that the surface-phase niobium oxide nanostructures 
outlined thus far have been ascertained via Raman and EXAFS spectroscopy 
under conditions for which the catalyst has been activ ted at elevated 
temperature and therefore under dehydrated conditios.  Under ambient 
conditions, the catalysts are hydrated by the adsorption of around 20 to 40 
monolayers of water resulting in a significant solvation, and possibly the 
dissolution of the oxide species at the interfacial region.[104]  Generally, the 
niobium oxide overlayer is very stable due to the strong interaction between the 
niobium oxide and the support (SOSI).[73]  However, the presence of water is 
known to modify the structure of the surface oxide phase.  
 
When hydrated, the structure of the surface-phase niobium oxide species 
is governed by the surface pH and its aqueous solution chemistry.[100] More 
specifically, it has been established that the molecular structures of a surface-
phase oxide is governed by the net pH at the point of zero charge.[104,105]  The 
point of zero charge corresponds to the condition where the solid is in  
equilibrium with the aqueous thin film at which point there is no net charge on 
the solid.  According to Jehng and Wachs[100] the net surface pH is determined 
by contributions from both the niobium oxide (eg. Nb2O5 ~ pH 0.5) and the 
oxide support whereby the decrease in pH relative to the oxide support is 
proportional to the fractional surface coverage of ni bia.  Acidic supports such 
as TiO2 and ZrO2 may yield structures similar to niobic acid with slightly 
distorted NbO6, NbO7 and NbO8 species while basic supports such as Al2O3 
may yield dissolved hexanobiate species.[100]    The various niobiate species that 
may be produced from the dissolution of niobic acid depend on the pH and are 
summarized in the literature.[73,87] 
 
Jehng and Wachs[100] have elucidated the structure of several dispersed niobium 
compounds under hydrated conditions and found that t e removal of 
chemisorbed water resulted in an increased distortion of NbO6 species, and thus 
a further increase in its Lewis acidity, but does not appreciably affect the 
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slightly distorted NbO6, NbO7 and NbO8 species.   The length of the Nb=O 
bond is affected by the presence of adsorbed water due to hydrogen 
bonding.[105] As mentioned previously, niobia compounds exhibit excellent 
moisture tolerance and even an increase in activity when exposed to water.  
When calcined at moderate temperatures (100 to 300°C), resulting in a 
significant amount of chemisorbed water, niobic acid has a very strong Bronsted 
acidity. In fact, Iizuka et al.[88] have suggested that niobic acid exhibits the 
strongest Bronsted acidity of all metal oxides calcined at 100°C.   The 
dispersion of niobia onto a metal oxide support will modify its catalytic 
properties compared to bulk niobia as well as improve its thermal stability.   It is 
known that the Bronsted acidity of the surface-phase niobium oxide is 
maximized at 100°C and diminishes with increasing calcination temperature as 
protonic sites are replaced with Lewis acid sites while the Lewis acidity 
increases with calcination temperature until the onset of crystallization.[73] 
 
2.2.2 Synthesis Methods   
 
A two dimensional surface-phase niobium oxide overlayer is usually achieved 
with 100% dispersion, when dispersed on another metal oxide below monolayer 
coverage via the reaction of a niobium precursor with the surface hydroxyls of 
the support.[98,104] In the case of SiO2 supports, less than 100% dispersion is 
often realized due to the relatively acidic character and low reactivity of the 
hydroxyl groups.[98] The most common precursors used is niobium (V) 
ethoxide, which is diluted in an organic solvent such as hexane.   The procedure 
involves four general steps.  First the catalyst support is activated by thermal 
treatment, which also controls the surface hydroxyl concentration via 
dehydroxylation.  Second, the catalyst is contacted with the precursor solution 
whereby the niobium ethoxide coordinates with the surface hydroxyls of the 
support in an attaching reaction.  Third, after the supernatant liquid is separated 
from the solvent the catalyst is heated in inert enviro ment to thermally 
decompose the organic ligands of the precursor.  Finally, the catalyst is calcined 
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in air to complete the attaching reaction and generate the niobium oxide 
overlayer. 
 
The approach by which the surface attaching reaction is carried out is the 
major distinction between the various synthesis methods.  Ko et al.[89,90] carried 
out the surface attaching reaction at room temperature followed by thermal 
decomposition in nitrogen at 400°C then calcination in air at 500°C.  Asakura 
and Iwasawa[70] activated the SiO2 support at 200°C and carried out the 
attaching reaction under reflux conditions.  The thrmal decomposition was 
carried out in vacuum at 200°C and the calcination was carried out in oxygen at 
500°C.   This procedure was repeated twice.  Ichikuni et al.[69,93,101] disclosed 
several synthesis methods for producing unique niobia tetrahedral monomers 
and dimers on silica.  They developed a series of Nb2O5/SiO2 catalysts for 
which the support was activated at 400°C and the attaching reaction was carried 
out under various conditions (room temperature, reflux conditions, in vacuum at 
400°C and subzero temperatures of -40°C) using  multiple niobium precursors 
with different Nb oxidation states and various ligands.  The synthesis was 
completed by exposure to hydrogen at 600°C or 400°C followed by calcination 
in oxygen at 400 or 500°C.  As an example, their technique to synthesize the 
tetrahedral niobia monomer with di-oxo Nb=O structure [Fig 2-4 (d) ] is 
illustrated schematically in Figure 2- 5. 
 
An aqueous incipient wetness impregnation technique may also be used to 
produce dispersed niobium oxide catalysts.  Niobium oxalate which can 
generate niobiate ions when dissolved in aqueous sol tion and can be used as 
the precursor.   The resultant niobium oxide structure is believed to be 
dependent on the nature of the niobiate species in olution.106  Niobium 
pentachloride may also be used as a precursor in aqueous medium.  However, it 
is not recommended since the dissolution of niobium pentachloride liberates 
chloride ions, which are Lewis bases and may diminish the acidity of the 
catalyst.106  Other synthesis techniques have been reported.  For example, a 
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procedure has been disclosed for the synthesis of niobium oxide aerogels via sol 
gel technique, which could be utilized in thin films and wash coatings for 
catalytic reactors.[107]  More recently, niobium oxide nanocrystals with 
diameters ranging from 2 to 4.5 nm have been synthesized from peroxo niobic 
acid sol.[107]  
 
Figure 2-5  Synthesis of tetrahedral NbO4 monomers with di-oxo moiety on 
silica from N. Ichikuni et al.[69]♣  
 
Evidently, there is currently a lack of consensus in the catalysis 
community regarding the importance of the synthesis method on the resultant 
molecular structure of the surface-phase niobium oxide.  For example, Ichikuni 
et al.[69] have suggested that for Nb2O5/SiO2 catalysts, the choice of precursor as 
well as synthesis conditions are critical and have dvised that various designed 
                                                
♣ Figure 2-5  was reprinted with permission from Elsevier Science from N. Ichikuni, M. Shirai 
and Y. Iwasawa, “Surface Structures and Catalytic Properties of Supported Niobium Oxides”, 
Catalysis Today, 28, (1996), pp. 49-58.   (1996) Elsevier Science 
  57 
surface structures including monomers, dimers, layered structure and 
agglomerated clusters may be obtained by careful control of the synthesis 
technique and selection of precursors.  In addition, they observed that these 
distinct surface species exhibit unique catalytic properties and markedly 
different activities and selectivities for ethanol dehydrogenation.[69,93,101]  Jehng 
and Wachs[68] investigated the effect of niobium precursor  and preparation 
technique on the catalytic performances of niobium oxide dispersed on SiO2, 
Al 2O3, MgO, ZrO2 and TiO2.  The catalysts were prepared by nonaqueous 
impregnation using niobium (V) ethoxide, by aqueous impregnation using 
niobium oxalate and by surface reaction with Nb(η3-C3H5)4.  They concluded 
that the choice of precursor and synthesis parameter did not affect the resultant 
niobium oxide structure or the reactivity.  Wachs et al.[103] attributed this 
apparent discrepancy to the complicated curve fitting analysis required by 
EXAFS techniques.  However, the nature of the oxide support, the calcination 
temperature and the niobia loading are undoubtedly important catalyst 
parameters affecting both structure and reactivity.[68] 
 
Wachs[98] has explained that the niobium oxide nanostructure is self 
assembling and that the most thermodynamically stable structure is always 
attained regardless of the choice of precursor or synthesis technique.  However, 
this argument seems over simplified and neglects the potential for metastable 
states for which the Gibbs free energy is a local mini um.   Metastability is 
ubiquitous in nature, particularly in solid state chemistry.  It is quite plausible 
and reasonable that locally stable surface structures may be obtained depending 
on the approach to the final state of the system.  The empirical fact that the 
tetrahedral NbO4 monomers and dimers prepared by Ichikuni et al.
[69,93,101] 
exhibited distinct catalytic behaviour for ethanol dehydrogenation is indirect 
evidence that the molecular structures of the catalyst active sites were in fact 
modified through the synthesis technique.  In addition, Jehng and Wachs[68] did 
not follow a synthesis technique disclosed by Ichikun  et al.[69,93,101]  but rather 
used an incipient wetness impregnation.  The agglomerated structures reported 
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by Jehng and Wachs[68] are, in fact, expected from an incipient impregnation 
technique.[69]  It seems reasonable to conclude that the synthesis method does 
affect the molecular structure of the surface-phase niobium oxide, at least in the 
case of Nb2O5/SiO2 catalysts.   
 
2.3  Kinetic Studies on MIBK Synthesis 
 
2.3.1  Fundamental Reaction Mechanism 
 
The synthesis of MIBK from acetone has been of industrial significance since 
the early to mid 20th century.  Consequently this organic synthesis has been 
studied extensively in both the liquid and gas phases over both acidic and basic 
catalysts as well as catalysts exhibiting both acidic and basic sites.  This review 
will focus on the mechanism of acid catalyzed MIBK synthesis.   
 
The selective hydrogenation of MO to MIBK has been studied 
previously.[109-115]  Quite recently, the author and co-workers[18] have proposed a 
novel theory for the selective, catalytic hydrogenation of MO for which MO 
diadsorbed as an η4 species is postulated.  The proposed mechanism and 
fundamental kinetic model have been outlined previously in section 1.2.  The 
kinetics of the acid catalyzed aldol condensation of acetone as well as DAA 
dehydration have also been studied rather thoroughly using cation exchange 
resin catalysts and other polymeric catalytic materi ls[10,116-118], zirconium 
phosphate,115 dimethyl sulfoxide119 and various acidic aqueous media.[11,120-122]    
The fundamental reaction mechanism is considered to be well known.[50]   The 
kinetics of the acid catalyzed aldol condensation of acetone and DAA 
dehydration are described by Melo et al.[50] and summarized here in equations 
2-4 through 2-9. 
  
First, an acetone molecule is activated either by coordination with a Lewis 
acid site via the carbonyl group or by protonation f the carbonyl group 
involving a Bronsted acid site, thus withdrawing electron density from the 
secondary carbon atom.  Second, the enol tautomer of acetone with electron
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density about the C=C bond undergoes nucleophillic attack of the secondary 
carbon of the activated acetone molecule to form a reactive intermediate.  This 
step is known to be the rate determining step.[50,121]  Third, proton abstraction 
from the reactive intermediate or desorption of the int rmediate from the Lewis 













Melo et al.[50] has suggested that the acid catalyzed dehydration of DAA to 
produce MO also involves three steps.  First, DAA is protonated at the hydroxyl group 
to form a reactive intermediate.  Second, this intermediate liberates a molecule of water 
to form a carbenium ion.  Finally, the carbenium ion s deprotonated to give MO.  The 
protonation-deprotonation steps are known to be relativ ly rapid while the formation of 
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Although it is generally accepted that the dehydration of DAA follows 
three general stages, which include a protonation step, a second stage involving 
the creation of a carbenium ion and the liberation of water followed by a 
deprotonation step, the consensus in the literature is that it is in fact the carbonyl 
group that is protonated rather than the hydroxyl group.[11,121-123] Jensen and 
Carre[121] studied the kinetics of the hydration of various α,β-unsaturated 
ketones in acidic aqueous media utilizing radioactive isotopic labeling.   They 
confirmed the acid catalyzed mechanism of the aldol condensation of acetone 
outlined in equations (2-4) through (2-6) and proposed a general mechanism for 














Scheme 2-1  Mechanism of the Hydration-Dehydration of α,β-unsaturated 
ketones proposed by Jensen and Carre[122] 
 
 
2.3.2 Kinetic Modelling of the Overall MIBK Synthesis 
 
The well established mechanisms of acetone condensatio  and DAA 
dehydration presented in the previous section lead to the universally accepted 
conclusion that aldol condensation of acetone is a bimolecular reaction and is 
therefore second order with respect to acetone and is first order with respect to 
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hydration reaction is first order with respect to the substrates in both directions.  
In the case of heterogeneously catalyzed reactions, a term expressing the 
fraction of available sites is usually included forwhich adsorption terms are 
present in the denominator of the rate expression, c llectively raised to the 
second power as a consequence of the bimolecular nature of the reaction.   
 
Of the three major reaction steps to produce MIBK from acetone, the 
aldol condensation of acetone to produce DAA is frequently reported and 
perhaps generally accepted to be the rate determining step.[23,42,47,50,116]  In the 
case of gas phase MIBK synthesis, DAA is rapidly converted to MO such that  
DAA is never observed in the product mixture for the gas phase reaction 
conditions.[23]  DAA is often not observed in the product mixture for the 
conditions in liquid phase reactions as well.[19,47,115] Consequently, DAA is 
frequently neglected from the kinetic analysis.   In addition, since the aldol 
condensation steps are frequently controlling, pseudo zero order kinetics with 
respect to hydrogen partial pressure may be observed, particularly for gas phase 
reaction conditions.[19,115]  For the case of the overall MIBK synthesis, the 
irreversible hydrogenation shifts the reaction in favour of product formation and 
thus the reverse reactions are often neglected.  Therefore, the distinguishing 
features between the various kinetic rate expression  f r MIBK synthesis 
available in the literature tends to be whether or n t DAA is included in the 
model, whether or not reverse reactions are included and which adsorbed 
species are considered to be kinetically relevant and included in the rate law. 
 
For example, Thotla et al.[124] quite recently proposed that the 
coproduction of MO and diacetone alcohol over Amberlyst 15 cation exchange 
resin via reactive distillation could be adequately modelled using the two kinetic 
rate expressions in equations (2-10) and (2-11) which assumes that the reverse 
reaction of MO and water to produce DAA is negligible and that water is the 
only kinetically relevant adsorbed species.  In this model, activities rather than 
concentrations of species are used in the model.   
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Similarly Watanabe et al.[115] proposed a model consisting of 2 rate 
equations to describe the overall MIBK synthesis over a zirconium phosphate 
catalyst.  One equation (2-12) predicts the rate of pr duction of MO and water 
from acetone while the other (2-13) predicts the rat of MIBK production.  In 
this model, the adsorption of acetone (A), MO (MO) and MIBK (I) are 
considered kinetically relevant.  DAA is neglected ntirely; as are the reverse 
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As a final example, a novel kinetic model for the overall MIBK synthesis 
was recently proposed by Mahajani et al.[19] who, citing this author and co-
workers’ theory on the catalytic hydrogenation of MO[18], proposed that the 
inhibition term for the overall MIBK synthesis should be raised to the fourth 
power, suggesting that DAA might also be diadsorbed.  The rate expression for 
the overall MIBK synthesis is given in equation (2-14).  The reaction is pseudo 
zero order with respect to hydrogen and the adsorption of acetone and water are 
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2.3.3  Water and the Pseudo-Equilibrium Phenomenon 
 
In section 2.1.4 it was reported that Chen et al.[42] had found that the 
accumulation of water in a batch autoclave significantly inhibited the synthesis 
of MIBK and that the acetone conversion after a pre-determined time at 160°C 
decreased linearly with the amount of water added initially to the reactant 
mixture.  The inhibiting effect of water when heterogeneous catalysts are used 
has been known for decades.  However, this inhibition is not well understood.  
It is largely due to interfacial phenomena due to the presence of a solid phase 
and is not a consequence of material equilibrium.  
 
When acetone is heated in the presence of an acidic catalyst in the absence 
of hydrogen, a mixture of acetone, DAA and MO results since the aldol 
condensation of acetone and DAA dehydration are equilibri m limited.  The 
material equilibrium of the acetone-DAA-MO system have been thoroughly 
investigated in homogenous liquid phase.[10,11,120,121,125,126]  At elevated 
temperature, the amount of DAA in the system is negligible and acetone is 
transformed to MO.   Equation (2-15) is an expression for the equilibrium 
constant as a function of temperature based on experiments carried out in 
homogeneous systems.10 However, when the synthesis of MO is carried out 
using a solid acid catalyst, the equilibrium conversion obtained is typically 
lower than the theoretical equilibrium conversion.  du Toit et al.[127] have coined 
























    (2-15) 
 
du Toit et al.[127] calculated the equilibrium constant from the Gibbs Free 
Energies of formation of the reactants and products and found that the 
theoretical value was in very good agreement with that predicted by equation 
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(2-15) proposed by Klein and Banchero[10] over the temperature range of 
interest (20 to 160°C).  However, the experimentally measured equilibrium MO 
concentration differed significantly from the predicted value.  For example, at 
100°C the theoretical equilibrium concentration of MO is around 1.19 M but the 
actual value obtained using Amberlyst 16 cation exchange resin catalyst was 
around 0.7 M.[127]    
 
du Toit et al.[127] confirmed that the experimentally observed equilibrium 
was in fact a pseudo equilibrium due to deactivation rather than material 
equilibrium by carrying out an experiment whereby water was added to an FBR 
reactor feed stream for conditions of maximum (equilibrium) conversion.  If the 
experimentally observed equilibrium was the true materi l equilibrium, then the 
introduction of water would shift the equilibrium in favour of DAA formation 
(i.e MO hydration) and the equilibrium MO concentration should decrease.  In 
fact, the MO concentration was observed to increase slightly.[127]  Although this 
increase was slight, the fact that the MO concentration did not decrease 
confirms that the “equilibrium” conversion was a pseudo equilibrium and not a 
true material equilibrium.[127]  A similar experiment was conducted by Klein 
and Banchero[10] over 50 years ago.  They found that the addition of MO to a 
PFR feed stream had a slight inhibiting effect on the synthesis of MO using a 
cation exchange resin, but the addition of water had a far more profound 
inhibiting effect than MO.  Thus, the inhibiting eff ct of water is due to 
interfacial phenomenon and not material equilibrium. 
 
du Toit et al.[127] also ruled out the notion that activities must be us d 
instead of actual concentrations to accurately predict the equilibrium and 
concluded that the pseudo equilibrium phenomenon must be due to a form of 
reversible catalyst deactivation.[127]  du Toit et al.[127] could explain the 
reversible deactivation for conditions of low conversion in a batch autoclave as 
due to the adsorption of water.  They could successfully model the autoclave 
data using a Freundlich adsorption isotherm however, the model apparently 
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breaks down for higher conversion and cannot account for the above 
observation for which the MO conversion increased when water was added to 
the FBR feed stream.   It is well known that cation exchange resins are 
deactivated by water due to its strong affinity for acid sites.[19,33,66,116] 
Consequently, water is usually attributed to the pseudo equilibrium.[19,33]  
However, this phenomenon is not fully understood. 
 
The material equilibrium for the acetone-DAA-MO system is known to be 
affected by acidity.  Studies in homogenous systems found that the equilibrium 
constant remains invariant over a broad range of dilute acid concentrations, 
however at higher concentrations, the equilibrium constant increases markedly 
in favour of DAA dehydration to produce MO, possibly due to complex 
formation.[11,121]  The rate of dehydration of DAA increases with increasing 
acidity and the equilibrium shifts markedly for  [H3O]
+  beyond around 6M, 
while no hydration of MO to produce DAA occurs for 8M [H3O]
+.[121]   
 
2.3.4  The Role of Bronsted and Lewis Acidity 
 
Chen et al.[42] suggested that a combination of both Bronsted and Lewis acid 
sites might be beneficial for MIBK synthesis utilizing niobia catalysts, since 
they assert that Lewis sites are needed for the activation of acetone to produce 
the enol tautomer.   However, the roles and relative importance of Bronsted and 
Lewis acidity for MIBK synthesis over niobium compounds is currently not 
clear.  The niobia catalysts reported previously in the scientific literature for 
MO and MIBK syntheses were calcined at 400°C or higher, except that of 
Higashio and Nakayama[43], and likely did not exhibit significant Bronsted 
acidity.  (Perhaps the intention in some cases was to maximize Lewis acidity.)   
However, fundamental studies on acetone condensatio over other acidic 
materials have been carried out and may provide some insight.[127,128]   
 
Pavnov and Fripiat[128] carried out an in situ FTIR investigation of the 
acetone aldol condensation reaction over alumina and acidic zeolites (HZSM-5
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and USY).  Their results support the notion that Lewis acid sites are responsible 
for the activation of acetone over both zeolites and lumina.  They concluded 
that although acetone is less strongly bound to Lewis sites compared to the 
Bronsted sites of the materials investigated, that t e Lewis acid sites are 
responsible for activation of the acetone molecule.[128]  In addition, they found 
that in the case of alumina catalyst, the reaction occurs between adjacent 
acetone molecules adsorbed on Lewis acid sites whereas in the case of the 
zeolites, the reaction occurs between a molecule of acetone adsorbed on a 
Bronsted acid site and a molecule of acetone in the gas phase.[128]  Evidently, 
the reaction mechanism and role of the acid sites is dependent on the catalytic 
material.  Incidentally, the alumina catalyst was more active than the zeolites 
investigated.[128] 
 
Flego and Perego[129] studied the aldol condensation of acetone over 
various molecular sieves with varying pore size distributions.  They found that 
the catalyst activity for the aldol condensation of acetone increased linearly with 
increasing density of Bronsted acid sites.[129]  The catalysts investigated 
exhibited both Bronsted and Lewis acidity.  The fact that the activity increases 
linearly with acid site density is not surprising, but the importance of Bronsted 
acid sites seems to contradict the results of Pavnov and Fripiat[128] who 
concluded that Lewis sites are responsible for the activation of acetone.  
Perhaps more importantly, their investigation found that the product 
distribution, including the production of isophorone and other higher molecular 
weight species is strongly dependent on the pore siz distribution of the 
catalysts.[129]   
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2.4  MIBK Production Technology 
 
As introduced in chapter one, MIBK has been produce historically in a 3-stage 
process whereby the aldol condensation of acetone, DAA dehydration and the 
selective hydrogenation of MO are carried out in separate reactors. The product 
from the reactor effluents are further refined with distillation units and 
unreacted material is recycled to previous stages.  Homogeneous catalysts are 
used for the acetone aldol condensation and DAA dehydration steps.  In the 
final stage, a feed consisting of 98 to 99% MO is hydrogenated via catalytic 
distillation at 110°C and atmospheric pressure resulting in MIBK yields in 
excess of 96%.[1,20]  This process has the advantage that DAA, which is a
valuable high boiling solvent with excellent moisture tolerance, may be 
recovered as a by-product.  Consequently, this 3-stage process is apparently still 
in use at Shell’s Deer Park facility in Texas.[1]  However, the process is very 
energy intensive and inherently inefficient.  Consequently, one-step processes 
for MIBK production have been used commercially since the late 1960’s.[1]  
However, little information is publicly available rgarding the current state-of-
the-art of this reactor technology.  Here, that information which has been 
publicly disclosed, particularly in the patent literature, is reviewed. 
 
2.4.1  Trickle Bed and Multi-Tubular Reactors 
The reader should note that “one-step” MIBK processes refer to processes 
whereby all three major reaction steps are facilitated in a single chemical 
reactor.  In fact, currently the MIBK concentration in the reactor effluent for 
state-of-the-art commercial one step processes is typ cally less than 30 wt% 
resulting in the need for additional unit operations for downstream refining.[24] 
One step MIBK synthesis is carried out in the liquid phase in trickle bed (TBR) 
or multi-tubular reactors at temperatures from 120 to 160°C and pressures 
ranging from 1 to 10 MPa with an MIBK selectivity of around 90%.[23,24]  Aside 
from the low efficiency of the current one-step process technology, relatively 
high operating pressures are needed, which increase operating costs.[23-25] MIBK 
synthesis may be carried out in the gas phase at atmospheric pressure.  However
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to date, no atmospheric gas phase process for MIBK synthesis has yet been 
successfully commercialized due to relatively low selectivity and particularly 
due to very poor catalyst stability despite extensive research in this area.[24,42]  In 
fact, the development of an improved catalyst for the one-step synthesis of 
MIBK in either the liquid or gas phase has been described recently as “a priority 
concern”.[42]  Catalyst systems previously investigated for one-step MIBK 
synthesis have been summarized in section 1.3. 
 
One of the first patents for a one-step process for MIBK synthesis was 
filed in 1948 by E.F. Smith.[130]  This process involved a mixture of aqueous 
NaOH catalyst and a Pd/C hydrogenation catalyst used in either an autoclave, 
FBR or slurry column.  Aside from being of historical significance, the inventor 
reported some insightful observations.  First, the inv ntor noted that the addition 
of water to the reactant mixture was unexpectedly avantageous and explained 
that the presence of water prevented over condensatio  nd aided in the mixing 
of the homogenous catalyst.    Second, the inventor noted that inert gases such 
as nitrogen should be minimized or avoided all togeher since it resulted in the 
need to increase the total system pressure in order to maintain the required 
partial pressure of hydrogen to sustain the hydrogenation.  Lastly, this patent is 
perhaps the first to report that carrying out the hydrogenation in the same unit 
operation as the condensation steps resulted in an e hanced yield.   
 
Several patents followed throughout the 1960’s as catalysis and reactor 
technology for one step MIBK synthesis progressed.[131-138]  Robbins et al.[131] 
advocated the use of an adiabatic reactor rather than a multitubular FBR reactor 
and recommended the use of excess hydrogen since it resulted in enhanced 
catalyst life and enhanced conversion for the condensation step to produce MO.  
A similar observation was reported by Wollner et al.[132] who found that when 
using cation exchange resins as catalysts in the abs nce of hydrogen, the 
undesirable byproducts referred to as “acetone oil”from the consecutive 
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condensation reactions could be significantly mitigated in a single stage process 
with hydrogen.     
 
Perhaps the most notable and insightful patent of this era was by Wollner 
et al.[133] who reported a novel one-step process for MIBK synthesis involving a 
trickle bed reactor at 120 to 140 °C and 2.5 to 3.5 MPa utilizing a novel 
multifunctional catalyst consisting of a noble metal dispersed on a strongly 
acidic resin.  They outlined the deficiencies of the existing technology at that 
time, which included the deactivation of ion exchange resins from heavy metals 
dissolved from steel reactor components as well as the fragmentation of 
catalysts and wearing of agitators and other reactor in ernals in fluidized beds 
and other slurry reactors.  Aside from enhanced selectivity, another advantage 
of a multifunctional catalyst over mixtures of acidi  resins and a separate 
hydrogenation catalyst is the aversion of the fusing of the catalyst particles from 
the formation of undesirable byproducts from the production of phorones and 
other high molecular weight species, which often necessitates reactor shut down 
to remedy.[133]  The most important advantage of the TBR process is that the 
TBR gives much higher conversion than fluidized bed and other backmix 
reactors since the accumulation of MIBK, water and other products reduce the 
acetone concentration and lower the reaction rate.[133] In the comparative 
examples, Wollner et al.[133] reported MIBK productivities ranging from 0.44 to 
0.59 [gMIBK /hr*mLcat] with MIBK mass fractions in the effluent ranging from 
34.5 to 44.5 wt%.   
 
The one-step processes for MIBK production first commercialized in the 
late 1960’s and early 1970’s by Veba Chemie and Deutsche Texaco apparently 
remain the state-of-the-art for MIBK technology.[1]  The Veba Chemie 
process[1,134] involves a strongly acidic cation exchange resin co taining 0.05 to 
0.08 wt% Pd and immobilized in a fixed bed within a trickle bed reactor with 
hydrogen flowing in a co-current fashion.  Subsequent to the reactor is a phase 
splitter to recover unreacted hydrogen and 4 distillation units for product
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refinement.  The reactor is operated at 135°C and 6 MPa giving an acetone 
conversion of 35% with 96% selectivity to MIBK.[1]  The Deutsche Texaco 
process flowsheet described in Muthusamy and Fischer[1], is essentially 
identical and also has a single reactor using a Pd/cation exchange resin catalyst, 
followed by phase separators and 4 distillation units.  The reactor is operated at 
a similar temperature (130 to 140°C) but lower pressure 3 MPa and gives a 
comparable performance.  Other processes have been patented and are 
summarized in Muthusamy and Fischer[1].  However, the Veba Chemie process 
appears to represent the performance benchmark. 
 
More recently published patents[139-148] provide some insight into the 
advancement of MIBK production technology.  Nissen et al.[139] reported a 
relatively inexpensive ZnO catalyst utilizing either Ni or Co as hydrogenation 
catalysts.  Gefri et al.[140] of Allied Corporation addressed the high cost of the
conventional Pd/cation exchange resin catalyst by proposing a novel mixed 
ketones process for which a relatively inexpensive Cu oxide catalyst converts 
the reactants, at least one of which is a ketone and the others are either ketones, 
alcohols or aldehydes to produce MIBK.  Evidently, mixed ketone processes are 
still used for the commercial production of MIBK by some manufacturers 
including BASF, Union Carbide and Shell.[1]  Di Cosimo et al.[24] have recently 
disclosed a one step process whereby IPA is dehydrogenated to produce acetone 
over a Cu-Mg-Al mixed oxide catalyst and the hydrogen generated in situ is 
used to convert MO to MIBK with 27% yield.   One-step MIBK processes 
involving the dehydrogenation of IPA to generate in situ hydrogen for the 
hydrogenation of MO utilizing a mixed oxide catalyst containing oxides of 
copper and magnesium have been studied previously; however their MIBK 
yields have been unsatisfactory.[134]   
 
The conventional Pd/cation exchange resin catalyst exhibits poor thermal 
stability, which is a detriment to DAA dehydration and deactivates in the 
presence of water.  Many recent patents have proposed novel alternatives and 
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solutions.  Huang and Haag[141] of Mobil Oil disclosed a process utilizing a 0.5 
wt% Pd/ZSM-5 catalyst which enabled a higher reaction emperature of 180°C.  
When the reactor was pressurized to 600 psig and acetone was fed with a 
WHSV of 3.8 hr-1 and hydrogen in 20% stoichiometric excess, MIBK was 
produced with 98% selectivity and the effluent had 28.5 wt% MIBK.[141]  
However, Olsen[142] of Union Carbide has argued that this result is not
repeatable and these catalytic materials would yield a larger amount DIBK for 
the process conditions reported by Huang and Haag[141].   However, Olsen has 
pointed out that DIBK is also a useful product and that the product distribution 
can be tailored by exploiting the shape selectivity of molecular sieves as well as 
the starting reactants in a mixed ketones process.[142]  Isogai et al.[143] patented a 
one step process whereby MIBK is produced from acetone in a carbon 
monoxide environment over a catalyst consisting of a group VIII metal, a 
halogen and phosphorous compound.   
 
Chen et al.[54,144] have also disclosed single step MIBK processes 
involving zeolite catalysts carried out in either the vapour or liquid phase in an 
FBR.  The results disclosed in their first patent[144] were poor.  Although 
acetone conversions as high as 40% could be achieved, th  MIBK selectivity 
was typically 30 to at most 60%.[144] However, in a more recent disclosure, it is 
claimed that MIBK can be produced with an acetone conversion of 72% and a 
selectivity of 94% using a 0.5 wt% Pd/HZSM-5 catalyst in a PFR at 160°C with 
acetone fed at WHSV =0.6 hr-1.[54]   This outstanding result seems singular in the 
literature.   
 
Rohm and Haas quite recently sought patent protectin for a new 
polysulfonated styrene/DVB cation exchange resin catalyst for MIBK 
synthesis.[145] The new cation exchange resin is purported to improve MIBK 
yield and productivity by about 20% compared to thestate-of-the-art cation 
exchange resin as well as apparently improved thermal stability allowing 
temperatures as high as 150°C.[145]  Previously, Brandes et al.[146] (Deutsche 
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Texaco) reported MIBK productivities as high as 0.654 g/hr*mL and MIBK 
selectivity as high as 93% when MIBK was produced in a 3 m tall, 26 mm 
diameter TBR at 125°C and 3 MPa using a 1.9 wt% Pd on strongly acidic 
sulfonated styrene DVB copolymer resin and an acetone feed of 3.2 L/hr. 
 
Some of the most recent patents give insight into the state-of-the-art.  In 
2004, Johnson Matthey patented a catalyst consisting of a basic alkali metal 
dispersed onto an inert support such as silica for gas phase synthesis at 175°C of 
saturated ketones including MIBK as well as other products of aldol 
condensation processes.[147]    In 2005, Eastman Chemical Co., one of the 
largest MIBK producers, received a patent for a mixed ketones process utilizing 
both homogeneous and heterogeneous catalysts.  Higher molecular weight 
ketones such as MIBK and methyl amyl ketone are produced from the 
combination of aldehyde and ketone reactants fed along with hydrogen to one or 
more fixed bed reactors containing hydrogenation catalyst while a 
homogeneous catalyst for aldol condensation is also fed to the reactor.[148]  The 
inventors claim that conventional mixed ketone processes are impractical and 
that since enolate formation is the controlling step hat homogenous catalyst 
will achieve higher yields.  In addition, it is suggested that higher selectivities 
and suppression of undesirable consecutive condensatio  reactions may be 
achieved.[148] 
 
In 1996, Shell Oil, the world’s largest producer of MIBK, patented a 
process for the co production of MIBK and methyl n-amyl ketone (MNAK) 
which is based on the modification of existing three stage MIBK production 
process.[144]  MNAK is an environmentally friendly alternative to MIBK and 
MNAK demand is expected to increase.  The inventors p int out that processes 
involving the coproduction of high value ketones from existing process 
equipment, is of interest to manufacturers since it would increase their 
flexibility and responsiveness to market demand in a cyclical industry and also 
maximizes the utility of existing infrastructure.  Thus, this invention is in direct 
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response to a growing industry need.  The inventors also point out that the 
MIBK/MNAK separation is more facile than some of the more complex 
refining required of one step MIBK production process s.[144] 
 
2.4.2  MIBK Production via Catalytic Distillation 
 
To the best of this author’s knowledge, no scientific studies regarding MIBK 
synthesis via catalytic distillation have been published aside from those 
stemming from this research project.[63-65]  However, at the time this manuscript 
was being prepared, Thotla et al.[124,149] published the results of an experimental 
study and theoretical modelling of the co-production f MO and diacetone 
alcohol via reactive distillation.   In addition, CD technology has been applied 
commercially for MIBK synthesis and has appeared in the patent literature. 
 
Catalytic distillation technology has been utilized in the three-stage 
Hibernia Schloven process for the commercial production of MIBK.[1,13]  The 
CD reactor is used to carry out the selective hydrogenation of a feed stream of 
98 to 99% MO to MIBK at atmospheric pressure and 110°C over a Pd/Al2O3 
catalyst.   Typically greater than 96% yield is obtained.  The original patent by 
Schmitt[13] described a CD column 8 meters in height and 10 cm in diameter 
with two reaction zones located 1 m and 2.5 m above the reboiler sump with 
both reaction zones containing catalyst consisting of 0.2 wt% Pd dispersed on 6 
mm alumina rings.  The upper zone contained 3 litres of catalyst while the 
lower zone contained 5 litres of catalyst.  Hydrogen was fed to the bottom of the 
column at 4000 L/hr.  MO was fed to a location between the reaction zones at 2 
kg/hr.  The reaction zone temperature was 91°C.  The column was operated at 
75% reflux with 99.6 wt% MIBK in the overhead distillate.  No reboiler product 
(bottoms) stream was drawn from the reactor.  Assuming steady state operation, 
this data suggests an MIBK productivity of around 0.18 [gMIBK /hr*mL] and a 
hydrogen uptake efficiency of 13%.   
 
  74 
More recently, a one-step process for the production of MIBK utilizing a CD 
column operating in batch mode utilizing a commercial atalyst consisting of Pd 
on strongly acidic cation exchange resin was reportd.[32]  This process is 
discussed in sections 1.4 and 1.5.1.   The column was operated in batch mode 
with 1 litre of acetone charged to the reboiler initially and hydrogen fed to the 
column at 7 to 55 L/ hr.  The reactor was operated with 100% reflux and the 
product was recovered in the reboiler after pre-detrmined batch times.  
However, the selectivity was poor, 33 to 68 wt% MIBK in the product, and 
gave a MIBK productivity (based on the time of the batch) of around 0.08 to 
0.12 [gMIBK /hr*mL] .  The hydrogen uptake efficiency ranged from 4.5 to 
34.8%.   
 
Other multi stage process patents for MIBK synthesis involving CD have 
recently appeared.[60,61]  These patents describe the same 3 embodiments of a 
“two stage” approach whereby a CD reactor is used to synthesize MO at around 
120°C (0.2 to 0.7 MPa) using a cation exchange resin catalyst, followed by 
refinement of the MO stream prior to being fed to a second reactor where MO is 
converted to MIBK, followed by additional product refinement.  The second 
reactor may be a CD reactor or a conventional FBR.  The preferred embodiment 
(the third embodiment) suggests a conventional FBR should be used with a 0.5 
wt% Pd/Al2O3 catalyst operating at 1.5 MPa and 150°C.
[60,61]   It is also 
suggested that additional polishing reactors may be needed. The inventors claim 
this process improves catalyst lifetime, increased yi ld and has fewer process 
units (a CD column, hydrogenation reactor and 3 distillation columns and 3 
phase separators) than the state-of-the-art and represents a better return on 
investment.[60,61]  However, it appears the CD processes disclosed in the 
preferred embodiment of these patents are more simplified than the Hibernia-
Schloven 3 stage process but in fact have the same nu ber of process units as 
the Veba Chemie and Deutsche Texaco processes.  The other embodiments are 
even more convoluted. 
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Although no empirical data is presented in these most recent CD patents, 
expected conditions are outlined.  Also, the patents provide some insight into 
the particular challenges of MIBK production.  Specifically, MIBK losses are 
often due to the separation of MIBC from MIBK, whic is extremely difficult.  
In addition, the build up of IPA in recycle streams is problematic.  IPA can not 
be easily separated and is typically incinerated.   Evidently, the largest problem 
is that MO can not be produced selectively resulting in numerous undesirable 
byproducts such as DAA, phorone, isophorone, mesityl ne and other higher 
molecular weight species as well as water that must be removed from the 
product.  The inability to produce MIBK selectively is also a major challenge 
for one-stage processes for MIBK production.[1]  
 
2.5  Conclusions 
 
Although Pd/Nb2O5 and Pd/Nb2O5/SiO2 have been demonstrated to be 
promising catalysts for MIBK synthesis, little is known about the relationships 
between their structural properties and catalytic performance. To the best of this 
author’s knowledge, scientific investigation of the application of dispersed 
niobia compounds on metal oxide supports towards MIBK synthesis is 
constrained to a single study by Chen et al.[42]  The most important catalyst 
parameters that govern the molecular structure of the surface-phase niobium 
oxide species, including the nature of the oxide support, niobia loading and 
calcination temperature, remain largely unexplored for this organic synthesis.  
Further scientific investigation is needed, particularly for niobia loading below 
monolayer coverage, which gives rise to the unique structural and catalytic 
properties of highly dispersed niobia.  Moreover, an investigation of the catalyst 
performance for this organic synthesis, prepared from low to moderate 
calcination temperatures, which creates Bronsted aci ity is also lacking in the 
literature. The relative importance of Bronsted and Lewis acidity for MIBK  
synthesis using niobium compounds as catalyst is currently not known since all 
of the niobia catalysts for MIBK synthesis reported in the literature were
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 calcined at 400°C or greater and likely did not exhibit significant Bronsted 
acidity.   
 
Although the kinetics of the acid catalyzed aldol cndensation of acetone 
and MIBK synthesis have been extensively studied anre relatively well 
understood, to the best of this author’s knowledge, a kinetic model for MIBK 
synthesis over a niobia catalyst has not been report d previously.   Similarly, no 
scientific studies on the synthesis of MIBK via cataly ic distillation, except 
those studies stemming from this research project[63-65] have been published.  
The state-of-the-art one step processes for MIBK synthesis currently produce 
MIBK in low yield with MIBK mass fractions less than 30 wt% in the product, 
necessitating further costly downstream refining.  Consequently, there remains 
great incentive for the development of novel catalysts and catalytic reactor 
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Chapter Three 
 
Experimental Methods and Apparatus 
 
3.0  Synopsis 
 
In this chapter, the development and validation of analytical methods routinely 
employed in this work are outlined including the quantitative chemical analysis 
of liquid samples by gas chromatography (GC) and the quantification of the 
niobia loading (wt%) of catalysts by Energy Dispersive  X-Ray Fluorescence 
(EDXRF) Spectroscopy.  The bench scale reactor autoclave apparatus and the 
validation of the liquid sampling technique from the reactor are outlined. The 
catalyst preparation method and apparatus are explained.  The fixed bed flow 
reactor as well as the pilot scale CD reactor methods and apparatus are 
described separately in Chapters Six through Eight.  Detailed catalyst 
characterization utilized for the elucidation of the nature of the active sites, 
including Raman and FTIR Spectroscopy as well as Temperature Program 
Desorption (TPD) analysis are discussed separately in Chapter Five.   The 
thermogravimetric analysis (TGA), BET surface area and other non-routine 
analyses of catalysts and supports are discussed with their respective results 
reported in subsequent chapters. 
 
3.1 Moisture Analysis of Oxygenated Solvents via Gas Chromatography  
 
3.1.1  GC/TCD Method for the Analysis of Water Concentration 
 
Water is co-produced with MO in an equimolar amount a d consequently, at 
least one mole of water is produced per mole of MIBK synthesized from 
acetone.  In addition, water is usually present in the acetone feedstock and is 
also produced from many other possible condensation reactions including the 
consecutive reactions which produce phorone, mesityl ne, DIBK, DMHA, 
propene and DIPE to name a few.  It is well known that the presence of water 
can have a significant effect on the reaction kinetics since water is known to 
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inhibit MO formation and may lead to catalyst deactivation.  Although many 
researchers investigating MIBK synthesis proceed under the assumption that the 
water concentration in the bulk may be accurately inferred from the material 
balance, a direct measurement is preferred over this inferential method.  The 
inferential approach does not account for the amount f water inherent in the 
solvent and reactor system.  Moreover, water produce  by the competing 
condensation reactions may collectively lead to a significant contribution to the 
total water content.  To complete the mass balance, the reactants involved in 
these condensation reactions must all be identified an  accurately measured.  
Uncertainty in their quantification will introduce uncertainty in the estimate of 
the water concentration.   
 
The author and co-workers[150] have developed and rigorously validated a 
gas chromatographic (GC) method to directly quantify the moisture content of 
oxygenated solvents.  The GC method utilizes the ext rnal standard technique 
and is based on the method disclosed previously by Podrebarac[55] with some 
modifications.  An Agilent Technologies 6890N gas chromatograph equipped 
with a HAYSEP-P packed column (8ft x 1/8” O.D.) connected to an EPC 
purge-packed inlet on one end and a thermal conductivity detector (TCD) on the 
other end was used.  The GC was also equipped with an Agilent 7863 Series 
autosampler.  It was determined that a 10 µL Agilent syringe (P/N 5181-3361) 
with a non-standard Teflon tip plunger gave excellent performance and is 
recommended for the GC/TCD and GC/FID methods described herein.  The 
Agilent Technologies “Chemstation” software (Rev. A.09.03 [1417]) was used 
to control the operation of the GC as well as for data acquisition and analysis of 
the chromatograms for both the GC/TCD and GC/FID methods. The oven 
profile and GC parameters for the GC/TCD method are outlined in Table A1-1 
(Appendix A) and a typical chromatogram is illustrated in Figure 3-1. 
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Figure 3-1  A typical chromatogram for water analysis via GC/T D [Experiment 
210 sample 6b; 04.10.2006]  [Air: 0.474 min, H2O: 1.280 min, Acetone: 4.545 min; MIBK 
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std err = 0.0548 wt%
RSD= 0.79 %
 
Figure 3-2  A typical calibration curve for water analysis via GC/TCD 
[Experiment  205;  21.09. 2006] 
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The chromatogram in Figure 3-1 demonstrates excellent specificity with 
water eluting early in the analysis corresponding to the sharp peak observed 
around 1.28 minutes, followed by the organic species which elute in broad 
convoluted peaks several minutes later.  The first minor peak, which elutes at 
around 0.47 min corresponds to air.  Since the organic peaks are broad, 
convoluted and lack symmetry, this technique is not recommended to quantify 
the organic species.  However, the mass fraction of water may be calculated 
from the water peak area with excellent accuracy using a correlation (Figure 3-
2) obtained from the analysis of external GC standards of known moisture 
content in HPLC grade acetone, even though the water peak does not exhibit 
excellent symmetry.   
 
The calibration standards were prepared by combining pre-determined 
amounts of acetone and water and accurately quantifying their amounts using a 
balance.   4 litres of HPLC grade acetone (Aldrich 179124-4L, Batch 00351LB, 
99.98%) was dried using 32.6 g of 5A molecular sieves (Aldrich 208620-1KG) 
activated at 350°C in air for about 3 hours then cooled to ambient temperature 
under vacuum and transferred directly to the acetone solvent bottle and retained 
there during storage and use.   250 mL amber glass bottles were pre-dried in an 
oven at about 80°C overnight then sealed with screw caps and allowed to cool 
to ambient temperature before use.  The dried acetone was refrigerated in an 
explosion proof freezer at temperature less than -20°C.  Predetermined amounts 
of acetone ranging from 140 to 165 g were added to the five empty glass bottles.  
The mass of the bottle empty and with acetone were measured precisely to  ± 
0.005 g. Pre-determined amounts of purified water (Millipore) was 
subsequently added drop wise using Pasteur pipettes to the amber bottles 
containing the acetone and the masses before and after addition of water were 
recorded.   The pipettes were dried in an oven at 80°C prior to their use.  The 
mass fraction of water in the calibration standards were calculated from the 
recorded masses of the bottles empty, after the addition of acetone and after the
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 addition of water.   The glass bottles were sealed n  stored in an explosion 
proof freezer at temperatures less than -20°C untilneeded.   
 
The GC was typically calibrated on a daily basis for experiments requiring 
water analysis and the samples were analyzed in duplicate with the average 
value being reported.  A drawback of the external standard technique is that the 
result is strongly influenced by the injection volume.  Although the use of an 
automated GC autosampler minimizes this due to its high degree of precision 
and repeatability, occasionally outliers are obtained due to gas bubbles in the 
syringe and other anomalies.  Duplicate analysis not o ly allows an improved 
estimate of the water concentration but also provides opportunity to identify and 
reject outliers.  Sample data for the moisture analysis for samples obtained in an 
autoclave experiment are illustrated in Figure 3-3.   The duplicate analysis is 
included in the figure but is difficult to discern due to the high repeatability of 
the measurements.  The standard error of estimate predicted by the regression 

























std err = 0.0568 wt%
 
Figure 3-3  Sample data illustrating a typical water analysis for an autoclave 
experiment [Experiment 208; 28.09.2006] 
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3.1.2  GC/TCD Method Validation 
 
Since this method of water analysis is not commonly used and has not been 
validated previously, the author has rigorously validated this technique 
following accepted scientific protocols and guidelin s published by the US 
Food and Drug Administration (US FDA) for the validtion of analytical 
methods used primarily in pharmaceutical research.[151-155]    The characteristics 
of an analytical method or procedure which must be ested to demonstrate the 
validity of the technique include: 
 
1. Accuracy 





7. Detection Limit 
8. Quantitation Limit 
 
Specificity and Linearity 
Some of these characteristics have already been demonstrated in the previous 
figures.  Specificity refers to resolution of the chromatogram.  In particular, the 
peak corresponding to the analyte of interest must be “baseline resolved”, 
meaning the peak of interest must be completely separated from other peaks and 
the signal return completely to the baseline before and after the peak.  In 
contrast, convolution due to interference from other p aks would lead to a 
“valley” in the chromatogram.   Specificity is clearly demonstrated in the 
chromatogram of Figure 3-1 where the water peak at 1.28 min clearly returns to 
the baseline and several minutes pass before the organic analytes are eluted 
from the column.  Moreover, the Agilent “Chemstation” GC software confirms 
specificity by reporting the water peak classification as “BB” in the 
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Chemstation GC report, meaning “baseline to baseline”.  Excellent linearity 
(R2=0.9999) is clearly demonstrated in the calibration curve of Figure 3-2 over 
a broad range of water concentrations from 0.04 to 15.2 wt%.  This exceeds the 
US FDA requirement which stipulates that the coefficient of correlation should 
be greater than or equal to 0.999 over a minimum of 5 observations.[151-153]   
 
Detection Limit 
The Detection Limit (DL) is defined as the lowest con entration of an analyte 
that can be identified with 99% confidence by an analytic technique without 
necessarily quantifying the amount of analyte present.[151]  In this study, the 
peak area rejection limit of the GC was set to 100 [x 25 µV*s] which 
corresponds to a water concentration of 0.021 wt%.  Consequently all samples 
with water peak areas below the peak area rejection limit were ignored in the 
chromatographic analysis.  However, the DL can be estimated from the 
statistical analysis of the background noise and the calibration curve (Figure 3-




σ3.3=          (3-1) 
 
S in equation 3-1 denotes the slope of the calibration curve with mass 
fraction on the abscissa and peak area on the ordinate.  σ in equation (3-1) 
represents the “standard deviation of the analytical background response”.    An 
estimate of σ  is obtained by taking the standard deviation of multiple 
measurements of the magnitude of the instrument background noise.[152,153]  The 
magnitude of the background noise was measured  for the retention time 
interval from 0.7 to 1.2 min, (i.e. between the elution of the air and water 
peaks), for the five calibration standards used in Figure 3-2,   using the Agilent 
Technologies Chemstation “Noise Determination” feature and was found to be 
0.0094449 [x 25 µV*s].  The magnitude of the background noise represents six 
times the standard error associated with a regression line through the GC data 
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over the specified interval.  The detailed results of the assessment of the 
background noise in the chromatograms are available in Table A2-1, (Appendix 
A).   
 
If the data in Figure 3-2 were plotted with the mass fraction (wt%) on the 
abscissa and peak area on the ordinate, a slope of S=2368.89 [x 25 µV*s/wt%] 
is obtained.  Substituting this value for S, along with the estimate of the 
standard deviation of the background noise, σ=0.0094449 [x 25 µV*s],  as an 
estimate of the standard deviation of the analytical background response  into 






009445.0*3.33.3 5 ==== −σ  
 
Quantitation Limit 
The Quantitation Limit (QL) is defined as the lowest concentration of an analyte 
in a sample that can be can be estimated with acceptabl  accuracy and precision 
under the specified experimental conditions.[151]  The quantitation limit meeting 
US FDA standards can be calculated from the slope (S) of the calibration curve 
and the standard deviation of responses (σ) as outlined in equation (3-3).[152,153]   
The standard deviation of responses is simply the sandard deviation of the y-
intercepts obtained from a series of calibration curves.[152,153]   From the results 
of the linear regression for the calibration curve of Figure 3-2, and using 
σ=0.034152 wt% calculated from the y intercepts of 10 arbitrarily selected 
calibration curves between 10 September, 2006 throug  5 October, 2006 (Table 
A2-2, Appendix A),  the Quantitation Limit is 0.346 wt%. 






















  Quantitation 
Limit 
 
             (3-3) 
Detection limit 
 
           (3-2) 
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Accuracy 
The US FDA protocols suggest three acceptable means of confirming the 
accuracy of an analytical technique.  First, by the application of the analytical 
procedure to an analyte of known purity.[149-152]  Second, by the direct 
comparison of the results of the analytical method to a second method of known 
accuracy.[151,152]  Third, accuracy may be inferred once linearity, range and 
specificity have been established.[151,152]  Accuracy should be determined over a 
minimum of three levels and 9 observations.[149-151]   In this case, the GC/TCD 
technique for water analysis was validated against a Coulometric Karl Fischer 
Titration (KFT) method using 26 observations over 9 levels.  (A 27th 
observation was rejected as an outlier of the KFT analysis).  The KFT method is 
known to be highly accurate, it does not require calibr tion and is considered to 
give the accepted true value of water concentration. 
 
9 stock solutions of water in HPLC grade acetone solvent were prepared 
in the same manner as the calibration standards by adding predetermined 
amounts of purified water (Millipore) to HPLC grade acetone that had been 
dried previously with 5A molecular sieves that had been activated at 350°C for 
3 hours.  However, smaller vials (ca. 20 mL) were us d instead of bottles.   All 
glassware including pipettes and GC vials had been pre-dried in an oven 
overnight at about 80°C.  3 samples were extracted from each of the stock 
solutions and transferred to pre-dried GC vials.  The moisture content of the 27 
control samples were ascertained by the KFT method using a Mitsubishi CA-06 
Moisture Meter with 50 µL and 100 µL injections depending on the nominal 
water concentration.  The control samples were then analyzed using the 
GC/TCD method for comparison.   An obvious outlier n a single KFT 
measurement was observed and was rejected from the analysis.    The analysis 
of the remaining 26 control samples are illustrated in Figure 3-4.  The figure 
shows excellent agreement between these two techniques.  The average relative 
error for samples above the quantitation limit was only 3.49% .  There was 
some disagreement between these techniques as the wa er concentration became 
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very low.  GC/TCD analysis of the control sample No. 1 prepared at the lowest 
concentration (ca. 0.26 wt%) had an average relativ error of 10.96%.  
However, excellent agreement is observed over the range of 3 to 15 wt% with a 
relative error of the 2.12% of the GC/TCD method with respect to the KFT 
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std error =0.1238 wt%
RSD=2.74% 
 
Figure 3-4  Validation of the GC/TCD method of water analysis against the 
Karl Fischer Titration (KFT)  Method (26 control samples) 
 
Precision (Repeatability) 
The precision of the instrument analysis was determined by repeated sample 
injections at concentrations spanning three locations ver the established range 
of the moisture analysis including the highest and lowest concentrations of the 
calibration standards and a stock solution of intermediate concentration.  The 
results illustrated in Table 3-1 show that the analysis is highly repeatable and 
exhibits excellent precision.  The relative standard deviation (RSD) is typically 
less than 1%.  In the worst case scenario, the calibration standard of the lowest 
water concentration on the calibration curve (ca. 0.04 wt% H2O) shows good 
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precision with an RSD of 1.1% and a 95% confidence bounds, expressed as a 
relative error, of ±  0.69% .   
 
Table 3-1   Repeatability:  Precision of the GC/TCD method of water analysis 
Peak Area [x25 uV*s]
Inj No. Control 3  Std. 1 Std. 5
1 18497 219 37306
2 18582 218 37450
3 18524 224 37418
4 18506 222 37591
5 18402 224 37524
6 18295 223 37313
7 18232 219 37017
8 18318 217 37184
9 18181 220 37848
10 18202 221 37371
average 18374 221 37402
stdev 147.35 2.45 227.71
RSD (%) 0.80 1.11 0.61
95% Confidence Bounds on average
 +/- 91.3 1.5 141.1
+/- (%) 0.50 0.69 0.38  
 
Intermediate Precision (Reproducibility) 
The reproducibility of the GC/TCD analysis on a separate instrument (i.e. 
intermediate precision) was demonstrated by analyzing the moisture content of 
15 control samples via GC/TCD using a separate GC located in the UW 
Department of Chemical Engineering Analytical Laborat y using the same 
Hayesep P column.  Intermediate precision is demonstrated in Figure 3-5, which 
illustrates excellent agreement between the measurements obtained on the two 
separate GCs.  The standard error was 0.083 wt% and the average relative error 
of the department GC relative to the principal GC used in this research, denoted 
“GC-1” in Figure 3-5, was 0.85 % for samples with water concentrations above 
the quantitation limit.  However as expected, there was some disagreement for 
the three samples obtained from the stock solution having a water concentration 
below the quantitation limit (ca. 0.3 wt%)  as evidenced by a relative error of 
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15.1% .  It can be concluded that the GC/TCD technique is highly reproducible 
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y = 1.0117x - 0.0497
R2 = 0.9998
std. error = 0.083 wt%
 
Figure 3-5  Reliability and Reproducibility:  (Intermediate Precision) Comparison 
of the results obtained from the GC/TCD moisture analysis of 15 sample analyses obtained from 
two separate gas chromatographs  
 
Robustness 
Robustness refers to an analytical method’s ability to provide accurate results 
when finite errors are deliberately introduced to GC parameters of the analytical 
method.[151-153]   Demonstration of robustness is not usually requir d by 
regulatory agencies but is recommended at the method development phase.[151-
153]  A pre-cautionary disclaimer should accompany the standard operating 
procedure if the method is found to be susceptible o uncertainty introduced by 
a specific GC parameter.[152,153]  Here, the effect of carrier gas flow rate and GC 
oven temperature profile were assessed.  In addition, samples were re-analyzed 
after 3 days in order to study the effect of sample ret ntion prior to analysis on 
the resulting moisture content. 
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Table 3-2 shows that reducing the initial temperature of the oven profile 
by 5°C did not have a significant effect on the result of the analysis.  However, 
reducing the carrier gas flow rate by 10% did have  significant effect.  This 
tests the solution stability and is also an assessmnt of the robustness of the 
analytical technique.  The results of this experiment (Table 3-3) for water 
concentrations above the quantitation limit, confirm that the delay in analysis 
does not significantly affect the result as evidenced by an RSD of 1.1%, which 
is within the level of accuracy of the instrument over this range of water 
concentration.     
 
Table 3-2  Test for Robustness of GC/TCD method of water analysis.   








Benchmark, control sample 












Initial isothermal plateau 











+  0.034  
Carrier gas flow rate 











+  9.31 












3.36 3.42 1.76 std err 0.110707
8.07 8.15 1.07 avg 9.71






avg 1.22  
 
Table 3-3  Reproducibility of the GC/TCD water analysis after 3 days 
for control samples with water concentrations above the Quantitation 
Limit 
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Range 
The range of the analytical method is bounded on the low end of concentration 
by the Quantitation Limit, which by definition is the lowest concentration that 
can be measured with acceptable accuracy, and bounded on the high end of 
concentration by the concentration of the calibration standard having the highest 
water concentration, since extrapolation is not recommended.  Thus, the range 
of the GC/TCD method demonstrated in this study is from 0.346 to 15.2 wt%.  
Linearity, accuracy, precision and reproducibility have been demonstrated over 
this range.    
 
Conclusions of the GC/TCD Method Validation 
The accuracy, reproducibility, precision and linearity of the GC/TCD method 
have been demonstrated.  It can be concluded that this technique is highly 
accurate, precise, and reproducible for water concentrations ranging from about 
0.35 to about 15.2 wt%.  For water concentrations above the Quantitation Limit, 
this technique is accurate to within 3.49 % and repeatable to within a relative 
error of ± 0.69 %.  From 3 to 15 wt% water, the method is accurate to within 
2.12%. However, if a project requires routine analysis of water with 
concentrations less than 0.35 wt%, then the KFT method is recommended. 
 
3.2 Quantification of Organic Species via Gas Chromatography (GC/FID) 
 
An Agilent Technologies 6890N Gas Chromatograph equipped with a J&W 
Scientific DB-WAX megabore capillary column (30m x 0.53 mm I.D.  x 1.0 µm 
film thickness) connected to a split-splitless inlet on one end and a flame 
ionization detector (FID) on the other was used to measure the concentrations of 
organic species present in liquid product samples.  The samples were provided 
in autosampler GC vials with septum caps and processed automatically by an 
Agilent Technologies 7863 Series autoinjector with a 10 µL Agilent syringe.  
Samples were analyzed in duplicate with the average v lue being reported.  The 
GC was typically calibrated on a daily basis. 
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 The GC method outlined in NIOSH 1300-1301, the inter ational 
scientific protocol for the quantification of ketones via GC/FID, with some 
slight modifications.  Specifically, the final temperature used in the oven 
thermal profile was 160°C instead of 170°C.  It was found that the species of 
interest elute from the column at temperatures below 160°C.  Consequently, 
160°C was selected as the final temperature of the oven profile in order to 
mitigate thermo-oxidative degradation of the stationary phase of the DB WAX 
column.  The other deviation from the protocol was that CS2 was not used to 
dilute the samples as indicated in the test method.  In this work, it is of interest 
to quantify the minor products in the reaction mixture such as phorones and 
mesitylene.  The dilution of the samples is undesirable since it may lower the 
concentrations of some species of interest below the peak area rejection limit of 
the GC method (100 pA*s).  Similarly, external GC standards were used rather 
than an internal standard in order to prevent the dilution of the samples.    
 
Calibration curves were prepared from the GC/FID analysis of the 
external standards, which allowed calculation of the analyte mass fraction 
(wt%) in the sample from its peak area.   The external standards were prepared 
from high purity stock solutions of the analytes for which their assays were 
accurately and precisely reported on certificates of analyses provided by the 
supplier.  The GC method parameters are outlined in Table A1-2 (Appendix A).  
A typical chromatogram of a calibration standard is illustrated in Figure 3-6 and 
the analysis of the chromatogram and identification of peaks are outlined in 
Table 3-4.  Acetone was always the solvent in the experiments reported in this 
work.  Consequently the acetone peaks observed in the chromatograms were not 
ideal.  Rather than quantify the acetone from its peak area, the acetone 
concentration was calculated from the mass balance by quantifying all of the 
organic species present other than acetone and subsequently calculating the 
number of moles of acetone converted from the known stoichiometric 
relationships.




Figure 3-6  A typical chromatogram of a GC/FID calibration standard  
[Calibration Standard #5, 09.02.2007] 
 
 











PLATES  (N) 
RESOLUTION TYPE SELECTIVITY 
2.257 DIPE 0.95 0.60 16583 n/a BB - 
3.341 Acetone 1.03 1.51 20704 15.21 BB S 2.51 
6.161 IPA 0.96 3.37 35015 22.74 BB 2.23 
7.919 MIBK 1.04 4.62 74409 14.16 BB 1.37 
9.680 IMO 0.97 5.87 191377 17.18 BB 1.27 
10.585 MO 1.05 6.51 275114 10.68 BB 1.11 
11.138 MIBC 0.91 6.90 333205 6.99 BV 1.06 
11.270 DIBK 0.99 7.00 272309 1.61 VB 1.01 
12.525 TMB 0.99 7.89 445540 15.52 BB 1.13 
14.337 DAA 0.90 9.17 669255 24.93 BB 1.16 
16.114 PHO 0.95 10.43 1000568 26.37 BB 1.14 
17.542 IPO 0.96 11.45 782796 19.84 BV 1.10 
17.661 HG 0.60 11.53 388776 1.23 VB 1.01 
 
BB denotes baseline to baseline;  BV denotes baseline to valley; VB denotes valley to baseline; 
BBS denotes baseline to baseline solvent peak.  
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Peak Symmetry  
The peak symmetry is calculated by the Agilent Chemstation software using 
moment equations based on the height of the peak and the height of the 
inflection points located on either side of the peak.[156]  A peak symmetry of 
unity denotes a perfectly symmetrical peak.  It is evident from the data in Table 
3-4 and from visual inspection of the chromatogram of Figure 3-6 that the peaks 
exhibit excellent symmetry with the exception of the peak corresponding to 
hexelene glycol, which incidentally was not observed in this research study.   
 
Specificity and Resolution  
The chromatogram in Figure 3-6 also demonstrates excell nt specificity for 
most of the analytes with the exception of the MIBC and DIBK peaks, which 
appear to be convoluted.  However Figure 3-7, which shows more closely the 
overlap between these peaks, illustrates that the vall y between these peaks 
almost reaches the baseline.  The difference between the peak areas obtained by 
integrating to the halfway point in the valley betwen these convoluted peaks 
and the area that would be obtained from the fully deconvoluted peaks is very 
small.  Consequently the uncertainty in the quantification of these peaks due to 
convolution is negligible considering the precision a d accuracy of the 
instrument.  Similarly, the isophorone peak is convoluted with the hexelene 
glycol peak. 
 
Resolution in Table 3-4, refers to how well separated a peak is from the 
peak which preceded it.  The Resolution is calculated from an ASTM formula 
that considers the retention times of the peaks as well as the widths of each peak 
measured at the baseline.[156]  A Resolution greater than 2 is recommended.[151]  
Excellent resolution is observed for all peaks with the exceptions of the 
MIBC/DIBK and hexelene glycol/isophorone peaks whose resolution although 
not ideal do not lead to significant experimental error.  Hexelene glycol was not 
observed in this work. 
 




Figure 3-7  Convoluted MIBC and DIBK GC peaks [Calibration Standard #5, 
09.02.2007]MIBC elutes at 11.138 min.  DIBK elutes at 11.270 min 
 
Evaluation of System Suitability 
The Agilent Chemstation software performs various sy tem suitability tests to 
evaluate analytical performance.  Some of these performance indicators for the 
Chromatogram of Figure 3-6 are included in Table 3-4 including the Capacity 
Ratio (k’), Selectivity and the number of theoretical plates (N).  The Capacity 
Ratio is a measure of where the peak of interest is in relation to the elution time 
of non-retained compounds.  The Chemstation software c lculates k’ following 
the ASTM definition and formula.[151,156]   A capacity ratio of k’>2 is 
recommended.[151]   All of the analytes quantified in this method except DIPE, 
which elutes the earliest, meet this specification.  The theoretical plate number 
(N), (i.e. the number of theoretical plates per column) is a measure of the 
efficiency of the column separation calculated from the retention time and peak 
width of the analyte using the ASTM half width method equation outlined in the 
Chemstation manual.[156]  The higher the value of N, the more efficient the
column separation.  N typically decreases with the life of the column and is 
tracked as a performance indicator.   The theoretical plate number (N) should 
exceed 2000.[151]  This specification is met for all analytes.   The S lectivity in 
Table  3-4, also known as the relative retention, is a measure of the relative
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 location of a peak to the peak that preceded it and is calculated from the ratio of 
the capacity factor of the peak to the capacity factor of the preceding peak.[151]  




In order to evaluate the precision of the GC/FID technique, two calibration 
standards representing the highest and lowest concentrations on the calibration 
curves were subjected to 10 repeated analyses each. The 95% confidence 
intervals for the estimates of the average peak area, expressed as a percentage, 
are outlined in Table  3.5.  Additional results arevailable in Appendix A.  The 
results demonstrate that the GC/FID technique has very good precision for the 
quantification of all species, typically from about ± 1 to 3%, with the exception 
of hexelene glycol, which may be quantified with marginally acceptable 
precision, considering that hexelene glycol is a minor product that was not 
observed in this work.   
 
Since the external standard method is utilized in this technique, the results 
are strongly dependent on the injection volume.   The instrument precision is 
governed by the repeatability of the injection volume and is dependent on the 
quality of the septum and the syringe.  It is recommended that the septum be 
changed frequently (ca. every 50 injections or as needed if damage is evident) 
and that the syringe be routinely inspected for leaks, burrs or other damage.  A   
10 µL Agilent syringe (P/N 5181-3361) with a non-standard Teflon tip plunger 
gave excellent performance and is recommended for this technique.  A 5 µL 
syringe would be preferred due to the smaller injection volume.  However an 
Agilent 5 µL syringe, that also had a Teflon plunger, was not available for 
purchase. 
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Table 3-5  Precision of the GC/FID technique for quantificaton of organic 
species 
species 95 % CONFIDENCE 
INTERVAL  
CALIBRATION STD. 1 
95 % CONFIDENCE 
INTERVAL  
CALIBRATION STD. 7 
DIPE ±   2.45  % ±  2.62  % 
Acetone ±  3.05  % ±  2.82  %   
2- propanol  (IPA) N/A ±  3.01  % 
MIBK ±  2.23  % ±  2.70  % 
IMO (IMO) N/A   ±  2.73  % 
MO (MO) ±  1.94  % ±  2.61  % 
MIBC N/A ±  2.68  % 
DIBK ±  1.27  % ±  2.08  % 
Mesitylene (TMB) ±  1.48  % ±  2.15  % 
Diacetone Alcohol (DAA) N/A   ±  2.81  % 
Phorone ±  1.11  % ±  1.68  % 
Isophorone N/A   ±  1.68  % 
Hexelene Glycol N/A ±  6.06  % 
  (Some species below GC peak rejection limit for Std. 1 denoted “ N/A”) 
 
Accuracy , Linearity and Range  
Rather than validate the accuracy of this technique against another analytical 
method, accuracy is inferred from the analysis of analytes of known 
composition and from the demonstration of linearity, specificity and range as 
deemed acceptable by the US FDA protocols.[152,153]  Note that NIOSH 1300-
1301 is the recommended international scientific standard for the quantification 
of ketones and alcohols and has been previously validated.   The calibration 
curves illustrated in Figures 3-8 through 3-12 were pr pared from the analysis 
calibration standards of known composition using hih purity stock solutions 
whose precise assays (Table A3-1, Appendix A) were provided by certificate of 
analyses from the supplier.  The standard error of estimate of the regression 
models for the following calibration curves and their relative standard 
deviations (RSD) are indicative of the accuracy.    The following figures 
demonstrate that the GC/FID exhibits good accuracy nd excellent linearity 
over a broad range of concentrations for the various species investigated.  
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Accuracy and repeatability have been demonstrated ov r the range defined by 























MIBK Mesityl Oxide (MO)
R2=0.9998




std error = 0.0967 wt%
RSD= 1.81%
 
Figure 3-8   GC/FID Calibration curves for MO and MIBK (09.022007)  The 
MO calibration curve was also used to calculate the IMO mass fraction since both isomers are 
























Diacetone Alcohol (DAA) 
R2=0.999








Figure 3-9  GC/FID calibration curves for DAA and Phorone (22.02.2007) 
The technical grade MO stock solution contained DAA.  The concentration of calibration 
standards were corrected to account for DAA introduced in the MO stock solution 
 




























std error = 0.0104 wt%
RSD= 0.51%
 

































std error = 0.0102 wt%
RSD= 1.19%
 
Figure 3-11  GC/FID calibration curves for MIBC and DIBK  (09.02.2007)
 
 




























std error =0.0357 wt%
RSD= 2.63%
 
Figure 3-12  GC/FID calibration curves for IPA and DIPE  (09.02.2007) 
 
 
3.3  Conversion of Mass Fraction (wt%) to Concentration [mol/L] 
 
The mass fractions (wt%) of species quantified via the GC/TCD and GC/FID 
techniques were converted to concentration (mol/L) by assuming that the 
density of the solution is invariant and has the value of the density of acetone, 
0.7899(20/4), using equation (3-4) where Ci is the concentration of species “i” 
(mol/L), Xi is the mass fraction (wt%) of species “i”, ρ is the solution density 








*10=          (3-4) 
 
This approximation is reasonable since acetone is necessarily the solvent 
in the one-step MIBK synthesis and is typically in great excess.  The density of 
MIBK, 0.7978(20), is comparable to the density of acetone (ca. 1% difference).  
Therefore, the change in solution density due to the production of MIBK from 
acetone is negligible.  MO, the other major product investigated in this work, 
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has a slightly higher density [0.8653(20/4) ] than acetone.  However, MO is an 
reactive intermediate for the one step synthesis of MIBK that is often found 
trace amounts.  The autoclave experiments investigating MO synthesis represent 
a greater test of this assumption. For MO synthesis in a closed system, the 
acetone conversion is low with a mass fraction of MO typically less than 13 
wt% after 8 hours.  Water is denser than acetone and does not mix ideally with 
the products of MIBK synthesis.  However, the sample data in Figure 3-3 shows 
that the water mass fraction is typically less than 2.5 wt%.   Consequently, the 
relative error introduced by the assumption of invariant density is usually less 
than 1%, which is within the limits of precision and accuracy of the analysis.  
Indeed, the assumption of constant mixture density i  reasonable and has been 
routinely employed by researchers investigating MIBK synthesis including du 
Toit et al.[127]   
 
3.4  Autoclave Experimental Methods and Apparatus 
 
3.4.1  Autoclave Reactor Apparatus 
 
A 300 mL Parr Instruments Co. 4560 Series microreactor, illustrated 
schematically in Figure 3-13, was used for the catalys  screening, catalyst 
activity testing and the kinetic study reported in this work.   The autoclave was 
constructed of 316 stainless steel with a Teflon o-ring seal on the bomb head.  
The reactor was rated to a maximum of 350°C and a maxi um operating 
pressure of 20.7 MPa (3000 psig).  The reactor was equipped with an axial flow 
impeller (4 pitched blades) powered by a 1/12 hp motor.  The drive shaft was 
coupled to the impeller via a magnetic drive system.  Over-pressure protection 
was provided by an Inconel rupture disk rated to fail at 2000 psi. PID 
temperature control was provided by a Parr 4842 controller which received 
analog inputs from a J-type thermocouple.  The reactor was heated by a 400W 
heating mantle. A cooling coil inside the reactor provided a means to remove 
energy from the reactor when the temperature exceeded the desired set-point.  A 
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solenoid valve on the cooling water supply line served as a control element to 
enable reactor cooling.  The 4842 controller also received an input from a 
sensor monitoring the impeller agitation rate.  However, the agitation rate was 
controlled manually by varying the voltage of the impeller motor. The pressure 
within the reactor was measured using an Omega pressur  transducer (PX302-
1.5KGV) and was displayed on an Omega DP-350 pressu indicator.  The 
pressure was controlled manually by controlling thedelivery pressure on the 
two-stage regulator for the gas cylinder.  A purge lin connected to the gas feed 
line provided a means to reduce the pressure in the reactor. 
 
Since powdered catalysts were used extensively in this s udy, a Swagelok 
0.5 µm in line particulate filter (SS-2F-05), the smallest size available, was 
installed on the end of the dip tube inside the reactor in order to prevent the loss 
of catalyst material from the reactor from convection through the dip tube and 
to ensure the samples collected were free of catalytic material.  The product line 
external to the reactor had a custom made heat exchanger to prevent flashing by 
cooling the liquid samples below the bubble point of he mixture.   The reactor 
was also equipped with a catalyst addition device us d in previous studies.  
However, this device was not used in this study since preliminary experiments 
suggested that some powdered catalyst may remain within the apparatus or be 
dispersed onto the reactor walls in the headspace rther than enter the liquid 
when using this technique.  The specific details of the autoclave experimental 
procedures depended on the objectives of the experiments and are outlined in 
Chapters Four and Six. 








































Ball valve ; SS-41S2
three way valve; SS-41XS2
Needle valve; SS-OVS2 0.5 µm filter; SS-2f-05
catalyst addition device feedstock
T J-type thermocouple P Pressure transducer
ω Agitation rate (RPM) display/control
Legend
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3.4.2  Validation of the Liquid Sampling Technique  
 
The autoclave used in bench scale experiments was equipped with a custom 
made cooling coil to ensure that the liquid samples extracted from the autoclave 
were subcooled below the bubble point of the mixture in order to prevent 
flashing of the liquid sample.  Flashing would result in phase separation and the 
subsequent acquisition of erroneous data.  The cooling coil consisted of a 1/8” 
copper tube wrapped about a section of the product line isolated between a 
needle valve upstream and a metering valve downstream.  The liquid samples 
obtained from the autoclave were typically retained within the cooling coil for 
residence times of 5 to 10 seconds before being transferred to GC autosampler 
vials.  In order to validate the liquid sampling technique, two sets of 
experiments were conducted.   The first set of experiments investigated the 
effect of the residence time in the heat exchanger on the sample temperature 
exiting the cooling coil in order to ascertain the residence time needed to ensure 
the liquid was subcooled.  The second set of experiments explored the effect of 
residence time in the heat exchanger on the resultant GC analysis.   
 
Validation by Direct Measurement of Effluent Temperatu e 
In the first set of experiments, the temperature inside the heat exchanger was 
measured directly as liquid samples were extracted from the autoclave in order 
to ascertain the effect of residence time in the heat xchanger on the 
temperature of the reactor effluent.  To achieve this, t e metering valve and the 
tubing below it were removed and replaced with the fittings illustrated in Figure 
3-14 to accommodate a K-type thermocouple probe (Omega POF26 84K4FB), 
which was inserted directly into the cooling coil assembly.  The autoclave was 
charged with 200 mL of wash grade acetone, heated to 160°C and pressurized 
with nitrogen (ca. 2.45 MPa) to ensure the acetone remained in the liquid phase.  
Cooling water was fed through the cooling coil at a m ss flow rate of 600 
g/min, which is representative of normal operation.   
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The needle valve illustrated in Figure 3.14 was opened briefly to draw 
acetone from the autoclave through the dip tube to the cooling coil sample 
chamber.  The valve (SS-42TF2-10147) beneath the cooling coil was always 
open allowing liquid to contact the thermocouple probe.  The time that the 
needle valve remained open was the only variable in these experiments (Table 
3-6).    The temperature inside the cooling coil was obtained from the Omega 
HH501DK display and was recorded manually as a functio  of time.   The 
outlet of the heat exchanger assembly was sealed by the fittings for the 
thermocouple port.  Thus, the liquid sample was quiescent within the heat 
exchanger during these experiments rather than in a continuous flow mode.      
The heat exchanger was disassembled between tests to purge its contents.   
 
Table 3-6  Experiments to study the effect of residence time n the HEX on 
reactor effluent temperature 
Test Description INITIAL TEMP 
OF HEX [°C] 
1 Immediately close toggle valve after opening  21 
2 Close toggle valve after 1 second n/a 
3 Immediately close toggle valve after opening 22 
4 Toggle valve remained open for experiment  22 
5 Toggle valve remained open for experiment 21 
6 Toggle valve remained open for experiment 22 
7 Immediately close toggle valve after opening 21 
8 Immediately close toggle valve after opening 22 
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Figure 3-14  Schematic representation of custom made heat exchanger for 
autoclave sampling port (left) normal configuration (right) modified to 
accommodate thermocouple probe for validation experiments   
 
1.  1/8 inch SS  tubing with 1/8” Swagelok tube fitting 
2.  Swagelok Ball Valve; SS-41XS2 
3.  1/8 inch copper tubing coiled around 1/8 inch product line 
4.  Whitey SS-OVS2  Integral Bonnet Needle Valve 
5.  1/8 inch stainless steel tubing 
6.  Sample port, (Swagelok) connects 1/8 inch tube fitting, reduces to 1/16 inch nozzle 
7.  SS Union, connects 1/8” female tube fitting to ¼” female NPT  
8.  Swagelok Ball Valve; SS-4T2F2-10147; two female ¼ inch NPT    
9.  SS Union, connects 1/4” female tube fitting to ¼” female NPT    
10.  ¼ inch SS tubing 
11. Swagelok SS-200-7-4 Union;  connects 1/8 inch female to ¼ inch male NPT  
12. Swagelok reducing union; connects ¼ inch female NPT to 1/8” tube fitting 
13. Swagelok SS-2-UT-1-2; Ultra Torr vacuum fitting, male connector 1/8” x 1/8” male NPT 



















































Tnb acetone test 1 test 2
test 3 test 4 test 5
test 6 test 7 test 8
 
Figure 3-15  Reactor effluent temperature as a function or residence time in the 
heat exchanger  The normal boiling point of acetone is indicated by the horizontal red line.  
All observations below this line represent subcooled liquid samples at atmospheric pressure. 
 
The results of these experiments illustrated in Figure 3-15 show that the 
temperature inside the cooling coil was below the normal boiling point of 
acetone for all but three observations in two experim nts (Test 2 and Test 4).   
In these experiments, the toggle valve was allowed to remain open for some 
time resulting in heat transfer with the contents of the autoclave by conduction.  
Temperatures exceeding the normal boiling point of acetone were observed only 
for residence times of one second or less in the heat exchanger.   The 
experiments with the toggle valve open were repeated two additional times. 
However in the repeated experiments, all temperature measurements were 
below the normal boiling point of acetone.  In addition, the reactor effluent 
temperature was below the normal boiling point of acetone for each observation
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for experiments for which the toggle valve was closed immediately after sample 
collection.  Since acetone is the most volatile of species being quantified in this 
work, it can be concluded that the liquid samples extracted from the autoclave 
are subcooled for all finite residence times in thecooling coil provided the 
toggle valve is closed immediately.   Moreover, the samples are likely 
subcooled even if this valve is left open, if the samples are retained in the heat 
exchanger for a few seconds.   
 
Validation by Direct Measurement of Effluent Concentration 
A second set of experiments was conducted to study the effect, if any, of the 
residence time of samples in the heat exchanger on the chemical composition 
ascertained via GC/FID analysis.   For this experimnt, the thermocouple probe 
was removed and the heat exchanger assembly was restored to its normal 
configuration.  The autoclave was charged with a mixture consisting of 1.22 g 
of technical grade MO mixed with 200 mL of HPLC grade acetone and 
subsequently heated to 160°C and pressurized with nitrogen (> 3.8 MPa) to 
ensure the reactants remained in the liquid phase.  Liquid samples were 
extracted from the autoclave and isolated in the sample chamber of the heat 
exchanger for residence times of 0, 5, 10, 30 and 60 seconds before transferring 
to GC autosampler vials and subsequent analysis of the MO concentration by 
GC/FID.     
 
Three samples were collected for each of the 5 residence times 
investigated.  The collection order and order of GCanalysis were randomized 
(Table A3-1, Appendix A).  The results illustrated in Figure 3-16 shows that the 
MO concentration in the effluent was not correlated with the residence time in 
the heat exchanger.  If flashing had occurred, the liquid phase would become 
enriched with MO.  One would expect that flashing would be more prominent 
for lower residence times in the heat exchanger and accordingly, one would 
expect the MO concentration to decrease with increasing residence time.  This 
trend is not evident in Figure 3-16. 
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Figure 3-16  Effect of residence time in the heat exchanger on the MO peak 
area obtained from GC/FID analysis 
 
 
Conclusions of Liquid Sampling Technique Validation 
The results of the two sets of experiments independently confirm the validity of 
the liquid sampling technique employed in this work.  The data indicates that 
the temperature of the reactor effluent is below the normal boiling point of 
acetone for all residence times in the heat exchanger provided that the needle 
valve is closed immediately after sample collection.  Further, there is no 
correlation between the residence time in the heat exchanger and the effluent 
concentration.  For the experiments reported in Chapters Four and Six, the 
needle valve was closed immediately after sample col ction and a residence 
time of 5 to 10 seconds in the heat exchanger was used as standard operating 
procedure. 
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3.5   Energy Dispersive X-Ray Fluorescence (EDXRF) Spectroscopy 
 
3.5.1  Theory of Operation 
An Oxford Lab-X 3000 energy dispersive X-ray Fluoresc nce (EDXRF) 
analyzer was used to quantify the niobia loading (wt% Nb2O5) of catalysts.   
The XRF instrument is capable of quantifying the concentration minor 
elemental constituents in a solid matrix and has an elemental range from 
magnesium to uranium.  The technique involves bombarding the catalyst 
sample with X-rays causing the sample to fluoresce and subsequently measuring 
and analyzing the resultant secondary radiation.  Specifically, X-rays are 
produced from an X-ray source.   The photons of the incident X-rays are 
annihilated upon absorption by atoms belonging to the catalyst, resulting in the 
ejection of electrons from the K, L, M and O shells of the atom.  Electrons from 
higher energy levels drop down to occupy the vacant levels, losing energy in the 
process.   The differences in energy are made up by the emission of photons of 
secondary X-rays, whose wavelengths (energy) are chara teristic of the 
element.    
 
Several characteristic “elemental lines” are produced from the allowable 
energy transitions.  The most useful are the Kα and Lα lines, which correspond 
to the transitions of electrons from the L-shell to the K-shell and from the M-
shell to the L-shell respectively.  The Kα and Kβ lines are useful since they are 
the most energetic of these transitions, thus givin greater signal to background 
noise ratio.  The energy of the K lines increase with increasing atomic number.  
The Kα and Lα lines are also quite sensitive as elemental indicators due to the 
large differences in the energy of these transitions between elements.  Lβ and 
Mα transitions are also used.   
 
The secondary X-rays are all detected simultaneously and the intensities 
(counts per second) of the X-rays of interest, which are proportional to the 
amounts of the elements present, are recorded.  In order to minimize the 
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secondary background radiation generated by elements in the matrix that are not 
of interest, selective excitation and filters are employed.  Selective excitation 
refers to the manipulation of the X-ray source such that the incident X-rays 
assume wavelengths sufficient to cause fluorescence i  the element(s) of 
interest while minimizing background fluorescence.  This is achieved by 
selecting the minimum tube voltage required to cause excitation at the highest 
energy line of interest but not higher.  A primary filter located between the X-
ray source and the sample constrains the spectral distribution of X-rays which 
impinge upon the sample in a manner which favours good excitation at the 
elemental line of interest and mitigates background fluorescence.   
 
The Lab-X 3000 used in this work was equipped with an X-Ray tube with 
variable voltage (8 to 25 kV) as well as a fixed primary beam filter and multiple 
interchangeable secondary beam filters.  The instrument has a “high range” and 
“low range” excitation condition.  The high range excitation condition allows 
the measurement of the K lines of potassium through zirconium as well as the L 
lines for rhodium through americium.  The low range of excitation condition 
allows the detection of the Kα and Kβ for aluminum through chromium and the 
L lines for strontium through cerium.   For the quantification of niobium, the 
detection of the Lα line for voltages ranging from 8 to 25 kV is recommended 
and was used in this work.  For the low energy range of excitation, the Lα  line 
of niobium is observed at channel 96 of the Lab-X 3000.      The XRF method 
developed and used in this work is outlined in Table B1-1 (Appendix B).   
 
3.5.2  Sample Preparation and Analysis 
 
Catalyst samples were prepared for analysis by grinding them for 1 hour in a 
Fisher Mortar-Grinder stopping periodically to manully mix the contents of the 
mortar with a spoonula.  A particle size of 95% passing 200 mesh (74 µm) is 
recommended.[157,158] This grinding process not only ensured that the samples 
were reduced to a fine powder necessary for analysis but also, and perhaps more 
importantly, that the specimens were well mixed.  This was particularly 
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important in the preparation of calibration standards, which consisted of a 
physical mixture of niobium (V) oxide (Aldrich, >99.9%) combined with the 
appropriate support material.    
 
Matrix effects can cause large changes in absorption and background 
radiation, leading to significant interference and experimental error.   Therefore, 
XRF standards spanning a broad range of niobia loading were prepared for all 
of the catalyst supports used in this work.  For example, in the case of alumina 
catalysts, separate XRF calibration standards were created from α-alumina, γ-
alumina (weakly basic support), γ-alumina (weakly acidic support) and for high 
surface area γ-alumina Norpro raschig rings.  Ground samples were loaded into 
the XRF in sample cell holders that had a Mylar or “Poly-S” plastic film base 
separating the sample from the X-ray beam.   The instrument was calibrated on 
a daily basis and the niobia loading (wt% Nb2O5) was correlated to the intensity 
of the secondary X-rays corresponding to the Kα line of niobium.  Note that the 
convention in the literature is to report the catalyst loading in terms of wt% 
Nb2O5 rather than wt% Nb.     For the multifunctional catalysts investigated, the 
niobia loading was ascertained prior to impregnation with a palladium 
precursor.  This averted the potential for spectral interference from the 
fluorescence of palladium.    
 
A typical calibration curve is given in Figure 3-16.  The calibration curve 
exhibits excellent linearity (R2=0.999) with very little variance in the data 
(RSD= 1.95%). Since the distribution of niobia may not be perfectly 
homogeneous about the surface of the catalyst samples, the samples were 
analyzed 10 to 15 times each, agitating the mixture in the sample cell between 
each measurement.  This allowed a more precise estimate of the niobia loading 
by narrowing the 95% confidence bounds on the estimate.   A typical sample 
analysis is outlined in Table 3-6. 
 
 















std. error = 0.1988 wt%
RSD = 1.95%
 
Figure 3-17  EDXRF calibration curve for Nb2O5/SiO2 catalysts (19.08.2006) 
Table 3-7 Sample EDXRF analysis to determine the niobia loading (wt% 
















95% confidence bounds +/- 0.0903 (wt%)
relative precision (+/-) 0.65 (%)
relative standard deviation (RSD) 1.04 (%)  
 
          
  13.96  ± 0.09 (wt% Nb2O5) 
 
 
Result   CAT 052 
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EDXRF Precision 
The 95% confidence bounds on the niobia loading (wt% Nb2O5) represent the 
precision of the elemental analysis via EDXRF.  The pr cision for the vast 
majority of the analyses of the niobia catalysts in this work typically ranged 
from  ± 0.06 to 0.16 wt% (i.e.  a relative uncertainty of ± 1 to 2% of the 
estimated niobia loading).  The most precise estimate was ± 0.026 wt% and the 
least precise measurement observed was ± 0.55 wt%.   Only 3 of 63 analyses of 
powdered catalysts gave an uncertainty of  ± 0.25 wt% or greater.    Although 
this precision is quite good for the analysis of niobia catalysts, for which the 
niobia loading ranges from around 5 to 40 wt%, thisechnique was found to be 
not sufficiently precise for the elemental analysis of the Pd loading of 
multifunctional catalysts (Chapters Six through Eight).  Consequently the Pd 
loading of multifunctional catalysts were ascertained via Inductively Coupled 
Plasma (ICP) by an external laboratory (Galbraith Laboratories, Knoxville, TN, 
USA.) 
 
EDXRF  Accuracy 
The excellent linearity and minimal variance exhibited by the calibration curve 
in Figure 3-16 as well as the good precision of this echnique, suggests that this 
method is quite accurate for the quantification of i bium in catalysts consisting 
of niobia dispersed onto metal oxide supports.  Theaccuracy of this technique 
was further validated against Nb elemental analysis via ICP by an external 
laboratory (Galbraith Laboratories, Knoxville, TN, USA).   Table 3-7 shows the 
results of the niobia analysis via EDXRF and ICP for two Pd/Nb2O5/SiO2 
catalysts (066 and 067).  For these catalysts, niobia was dispersed on a high 
surface area silica support (Norpro SS65137, S/N 2006910020) in the shape of a 
Raschig ring.  However, the catalysts were ground to a fine powder prior to 
analysis.    
 
The results show that the niobia loading for catalyst 067 determined by 
ICP is in excellent agreement with the EDXRF analysis.  The result of the ICP
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analysis falls within the 95% confidence bounds of the EDXRF.  The EDXRF 
analysis has a relative error (i.e. % recovery) of 2.2% with respect to the ICP 
analysis, which is assumed to give the accepted true value.  In the second 
analysis there is a larger discrepancy with the EDXRF analysis having a relative 
error of 13% with respect to the ICP analysis. However, this does represent a 
relatively good agreement between these two techniques.  Relative errors of ±
10% are not unusual for the elemental analysis of metal oxides via XRF.[157]  
Since no systematic bias is evident, the accuracy of this technique is perhaps 
best inferred from the variance inherent in the calibr tion curves.  In this work, 
the RSD of the calibration curves, which may be considered a measure of the 
accuracy of the analysis, ranged from 0.53% to as high as 11%, but was more 
typically between 3 to 7%.   Thus, this EDXRF technique can be considered a 
reliable method of niobium elemental analysis for the catalysts prepared in this 
work. 
 











067 4.11 5.88 5.75 ± 0.16 2.21 
065 3.76 5.38 6.09 ± 0.25 13.2 
 
Conclusions of EDXRF Method Development and Validation  
The accuracy and precision of this EDXRF technique is governed by the ability 
to produce high quality calibration standards, which consist of a physical 
mixture of the catalytic materials present in the catalyst samples.  The 
calibration standard mixtures used are inherently heterogeneous; the analyte of 
interest is present in a separate solid oxide phase from the matrix.  The EDXRF 
technique gives good accuracy and precision for the analysis of niobia loading 
on transition metal oxides for niobia loading ranging from 5 to 25 wt%.  
However, given the estimated precision of the instrumental analysis, the use of 
this technique for the quantification of trace palladium (0.05 to 0.1 wt%) is 
questionable.  Consequently, the palladium loading of multifunctional catalysts 
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(Chapters Six through Eight) was determined by ICP analysis by an external 
laboratory.  The EDXRF data and analyses are available in Appendix B. 
 
3.6  Catalyst Preparation  
 
3.6.1 Synthesis of Niobium Oxide Catalysts 
 
General Procedure 
Catalysts consisting of a highly dispersed niobium oxide overlayer on various 
metal oxide supports were prepared based on the non-aqueous synthesis 
technique disclosed by Ko et al.[89,90] This preparative technique consists of six 
stages of preparation.  First the catalyst support was activated by drying at 
elevated temperature in a calcinator (Figure 3-17) in moisture free air (Praxair, 
zero gas) at a flow rate of 3.8 mL/min, in order to control the surface hydroxyl 
concentration and remove adsorbed species from the support.  This activation 
temperature was an experimental variable which ranged from 100 to 400°C.  
The dried support was transferred from the calcinator to a 250 mL vacuum flask 
sealed with a screw cap and by a stopcock valve on the vacuum line.  
 
Second, niobium (V) ethoxide (Aldrich 339202, >99.95%) diluted in 
HPLC grade n-hexane solvent, was introduced to the vacuum flask and 
contacted with the metal oxide support at ambient tmperature for 2 hours.  
Note that the precursor is not a dissolved ionic species that interacts with 
another charged surface species as in conventional impregnation techniques, but 
rather the precursor is known to preferentially titra e the surface hydroxyls of 
the metal oxide support.  Since niobium ethoxide decomposes readily in the 
presence of water to give niobic acid and ethanol, all glassware including the 
calcinator was pre-dried in an oven prior to use.  The n-hexane solvent was also 
pre-dried with 5A molecular sieves that had been activ ted at 350°C for 3 hours 
and allowed to cool to ambient temperature under vacuum before being 
transferred to the n-hexane stock bottle.  Steps 2 through 5 (until the catalyst is
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calcined) must be carried out in moisture free environment.  The preparative 
steps are carried out in a glove bag filled with a moisture free gas such as argon 
or nitrogen.  Third, the supernatant liquid was separated from the powder 
catalyst by applying a vacuum while using a liquid n trogen trap to recover the 
solvent.  In the case of large catalyst particles, the solid was separated from the 
supernatant by decantation while in inert environmet within a glove bag.  
Fourth, the sample was retained under vacuum for 24 hours to dry the catalyst 
before thermal treatment.   
 
Fifth, the catalyst was transferred into the calcinator while protected in 
moisture free environment in a glove bag. A thermal attaching reaction was 
carried out at elevated temperature in nitrogen enviro ment with a flow rate of 
4.0 mL/min.  The thermal attaching/thermal decomposition reaction results in 
the cracking of the organic ligands and the destruction of the precursor.  The 
reaction temperature was an experimental variable in this study and was either 
200 or 400°C. Sixth, the niobium oxide overlayer was established by calcination 
in moisture free air (Praxair, zero gas) at a flow rate of 3.8 mL/min air at 
elevated temperature.  The calcination temperature was also a variable in this 
study and ranged from 100 to 500°C.  Once the catalyst has been calcined, the 




A glove bag (Cole Parmer, 04408-38) was used to provide an inert and moisture 
free environment to carry out the catalyst preparation steps.   Moisture and air 
sensitive catalysts and materials were stored permanently inside the glove bag 
within a sealed dessicator along with adsorbent.  A second dessicator containing 
adsorbent and activated 5A molecular sieves was kept inside the glove bag and 
left open to further dry the contents of the glove bag.  The glove bag was kept 
sealed when not in use.   Once the materials needed for the synthesis were 
transferred to the glove bag, the bag was sealed and then evacuated using a 
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vacuum pump.  The bag was then filled with pre-purified nitrogen (Praxair, 4.8 
grade).  The glove bag was purged by repeating the evacuation and filling cycle 
three additional times with the fourth volume of nitrogen being the working 
volume.   
 
Preparation of Niobium Ethoxide Solutions 
The dried catalyst support was transferred from the calcinator to a 250 mL 
vacuum flask while in inert environment within the glove bag.  A predetermined 
amount of pre-dried HPLC grade n-hexane was stored in sealed 20 mL vials 
that had been pre-dried in an oven at about 80°C.   The amount of n-hexane 
solvent used depended on the type and amount of support used.  The minimum 
amount of solvent needed to completely fill the pores and fully wet the supports 
was estimated experimentally and was used as a basis for the amount of 
precursor solution used to wet the support.  Niobium (V) ethoxide (Aldrich 
339202; 99.95%) was added to the hexane solvent usig a glass 1 mL Hamilton 
syringe that had been dried and stored in an oven at about 80°C prior to being 
transferred to the glove bag.  The impregnation solution was mixed by sealing 
the vial and agitating the mixture, prior to transferring the impregnation solution 
to the vacuum flask containing the support.  The amount of niobium (V) 
ethoxide precursor needed to give a certain loading was determined through the 
course of experimentation. Once the impregnation solution was transferred to 
the vacuum flask, the flask was sealed with a screw cap and the stop-cock on 
the vacuum line was closed.  The flask was agitated manually periodically 
throughout the 2 hour impregnation period. 
 
Calcinator 
The calcinator illustrated in Figure 3-17 was used to activate catalyst supports, 
conduct the thermal attaching/thermal decomposition reactions as well as 
catalyst calcination and the reduction of hydrogenatio  catalysts.  The calcinator 
is equipped with a frit, upon which the catalytic materials were positioned.  
After the catalytic material is loaded into the calcinator, the two halves of the 
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calcinator were sealed by a tapered fitting coated with a thin layer of either 
vacuum grease or Teflon tape.   In contrast to conventional calcinator design, 
the calcinator was modified to have a tapered seal, which prevents gyrational 
motion of the upper half of the calcinator relative to the bottom.  This prevents 
potential damage to the calcinator since the glass internals are very delicate.  In 
addition, the tapered design provides a greater sealing surface. A gas sparger 
connected to the top of the calcinator passes down the centre line of the 
calcinator, through the frit to the bottom of the calcinator where its outlet is 
located.  The sparger directs a gas stream to the bottom of the calcinator.  Due 
to the pressure drop across the calcinator, the gas stream flows upwards through 
the frit and the bed of catalytic materials, to theop of the calcinator where the 
gas outlet is located.  The gas flow rates were controlled using a rotameter 
(Matheson model E1-1A101).  The flow rates used in this study were measured 
using an Agilent Technologies Optiflow 650 digital flow meter.  A Swagelok 
cross fitting was located immediately upstream from the rotameter, to which 
three gas supply lines (air, hydrogen and nitrogen) were connected.  Needle 
valves installed on the supply lines allowed rapid switching between supply 
gases. 
 
The top section of the calcinator was filled with inert glass wool in order to 
prevent loss of materials by entrainment.  The gas inlet and outlet ports were 
equipped with stopcocks, which allow the calcinator c ntents to be sealed from 
the environment during transport of the apparatus or when not in operation.  A 
thermocouple probe inserted into a thermowell running from the top of the 
calcinator down to the frit, allowed direct measurement of the temperature 
inside the catalyst bed.  The catalyst bed temperature was controlled by an 
Omega CN 8200 series PID temperature controller with an Omega temperature 
display.  The calcinator was heated by a 960W Applied Test Systems (ATS) 
Ltd. 3110 Series heating mantle.  The heating mantle was equipped with a 
cooling line through which compressed plant air was passed manually to 
facilitate the cooling of the heating mantle and calcin tor.  This cooling feature
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 was not part of the temperature control strategy but was used for cooling the 
apparatus at the end of an experiment or when the process temperature needed 
to be lowered to a new set-point.    For example if the catalyst was exposed to 
nitrogen at 200°C for the thermal decomposition reaction followed by 




















Figure 3-18  Schematic representation of the calcinator apparatus 
1.  check valve 
2.  ball valve  
3.  Swagelok Union Cross ; 1/8” tube fittings 
4.  Rotameter;  Matheson Gas model E1-1A101 
5.  960 Watt Heating Mantle, Applied Test Systems (ATS) Ltd.  3110 Series  
6.  gas permeable frit 
7.  gas sparger 
8.  stopcock 
9.  Omega CN 8200 series PID temperature controller 
10.  Thermocouple probe 
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Sample Calculation of Fractional Monolayer Coverage 
The synthesis technique described in Section 3.6.1 will yield a two dimensional 
surface-phase of niobia, typically one molecular layer thick, dispersed onto the 
transition metal oxide support.  The fractional monolayer coverage (ϕ) may be 
calculated from the niobia loading and the BET surface area of the support prior 
to impregnation, based on the assumption that a NbO2.5 unit of the 2D 
monolayer occupies 16 Å2.[89]   
 
Eg. Sample calculation of the fractional monolayer coverage of a 15.8 wt% Nb2O5/SiO2 catalyst.  
The silica support  has Sa= 294 m
2/g.  This data was reported by Chen et al. [42] for a catalyst 
with  0.5  monolayer coverage. 
 
Basis:  1g of support (SiO2) 
Let n represent the number of moles of (NbO2.5) units in the monolayer 
NA = Avogadro’s number = 6.022 x 10
23 mol-1 
 
1g SiO2 and catalyst is 15.8 wt%  niobia  ⇒  Mass of niobia (Nb2O5) =  0.18765 g 










n −==∴  





































3.6.2 Preparation of Multifunctional Catalysts 
 
Multifunctional catalysts used in this study for the one-step synthesis of MIBK 
were created by integrating palladium into the archite ture of existing niobia 
catalysts developed from the synthesis method outlined in section 3.6.1.  
Palladium (II) acetate (Aldrich 205869, Lot 08126PB) was used as a precursor.♣  
Palladium chloride is not recommended for impregnating niobia catalysts with 
palladium since the chloride ion is a Lewis base and its interaction with the 
niobia may lead to a significant diminution of the catalyst’s acidity.[106]   Since 
                                                
♣ Assay 100% ± 2.5%  (i.e.  47.4 ± 1.2 % Pd)  reported on certificate of analysis 
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acetone will react in the presence of the niobia cat lyst, an alternative organic 
solvent is needed to dissolve the precursor.  Glacial etic acid (HAc) was used 




1. The niobia catalyst to be impregnated was accurately and precisely 
weighed.  Small batches (ca. 2 to 5 g) were placed in a 50 mL glass 
beaker and weighed on a Sartorius balance to ± 0.00005 g.  Larger 
batches of catalysts (e.g.  10 grams HSA silica rings) were placed in a 




2. The weighed out niobia catalyst was transferred to an oven and pre-
heated at about 80°C for about 1 hour. 
 
3. The amount of Pd(II) acetate required  to give a maxi um pre-
determined Pd loading was calculated, precisely weighed out (± 0.00005 
g) and transferred into a 10 mL beaker. 
 
4. 35.5 mL of ACS reagent grade glacial acetic acid (Fisher UN279, Lot 
505216) per gram of niobia catalyst was transferred to a beaker.   
 
5. The Pd(II) acetate was transferred from the 10 mL beaker to the beaker 
containing the glacial acetic acid.  Glacial HAc was used to rinse out the 
10 mL beaker, using a Pasteur pipette, into the beaker containing the Pd 
acetate / HAc solution.  The beaker containing the impregnation solution 
was sealed with Parrafilm and transferred to the oven to preheat at about 
80°C for 1 hour. 
 
6. The contents of the beaker containing the niobia catalyst were 
transferred into the beaker containing the impregnatio  solution.  The 
beaker containing the catalyst and impregnation solution was re-sealed 
with Parrafilm and the impregnation was carried out f r 2 hours at 80°C. 
 
7. After two hours of impregnation, the catalyst was separated from the 
supernatant liquid by vacuum filtration. 
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9. The catalyst was transferred to a calcinator (Figure 3-18) and reduced in 
ultra-high purity (UHP) or pre-purified (PP) hydrogen at a flow rate of 
about 6.4 mL/min, typically for 2 hours at 100°C.  After the reduction 
was complete, the calcinator stopcocks were sealed and the calcinator 
was transferred to the glove bag where the catalyst wa  placed into a 
pre-dried vial and stored in the dessicator until needed.  
 
 
ICP analysis of catalysts prepared by this technique (Chapters Six through 
Eight) suggest that about 40% of the Pd was integrad into the niobia catalyst 
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Chapter Four 
 
Study on the Effects of Niobia Catalyst Properties on the 
Activity, Selectivity and Stability for MO Synthesis 
 
4.0  Synopsis 
 
Niobia compounds have gained much attention in recent y ars due to their 
striking and unusual properties as catalysts and promoters as well as their 
synergistic effects as catalyst supports.[67]  The physico-chemical interaction of 
the surface-phase niobium oxide with a strongly interacting metal oxide support 
leads to the self assembly of niobium oxide species with electronic and 
geometric characteristics distinct from the bulk oxide, thus having unique 
catalytic properties.   Although niobic acid has been identified as a promising 
catalyst for MIBK synthesis, very little investigation into the use of supported 
niobia compounds as catalysts for this application has been done.  The influence 
of the three most important niobia catalyst parameters, which according to 
Jehng and Wachs[68] include the niobia loading, the calcination temperature and 
the nature of the oxide support, remain largely unexplored for this organic 
synthesis.  The scientific investigation of dispersed niobia catalysts for MIBK 
synthesis appears to be constrained to a single study.[42]  An improved 
understanding of the association between the niobia cat lyst properties and 
catalytic performance for MIBK synthesis is needed, particularly for catalysts 
consisting of highly dispersed niobia less than monolayer coverage and for 
those calcined at low to moderate temperatures exhibiting significant Bronsted 
acidity. 
 
In this chapter, the results of catalyst screening studies investigating the effects 
of the nature of the oxide support on the activity and selectivity for MO 
synthesis are reported.  SiO2 and γ-alumina were identified as promising 
supports for this application and were subjected to more detailed 
experimentation whereby the effects of calcination temperature, support 
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activation temperature and niobia loading were investigated.  The results 
presented in this chapter demonstrate that each of the major catalyst parameters 
investigated had a significant influence on the resultant catalytic performance 
for MO synthesis.   An unexpected and significant fi ding was that the catalysts 
calcined at 100°C exhibited superior catalytic performance compared to those 
calcined at 500°C, suggesting that Bronsted acidity pla s an important role in 
this organic synthesis,  particularly with regard to catalyst stability.   
 
4.1   Properties of the Metal Oxide Supports  
 
Niobic acid (Nb2O5⋅nH2O)) has a very high acidity and excellent stability for 
reactions in which water is either liberated or produced.  It is not surprising 
therefore, that niobic acid has been identified as a promising catalytically active 
support for a multifunctional catalyst to facilitate MIBK synthesis.[43]  However, 
it is of interest to study catalysts for which the niobium oxide phase is highly 
dispersed about the surface of another metal oxide w th which it will strongly 
interact in order to generate unique niobia structures with catalytic properties 
that are distinct from, and potentially more beneficial than, bulk niobic acid.   
 
Indeed, various catalysts consisting of a niobia surface oxide phase coated 
onto a transition metal oxide support have been investigated for many reactions.    
However, to the best of this author’s knowledge, scientific investigation of the 
application of niobium compounds, other than niobic acid, towards the one-step 
synthesis of MIBK is constrained to a single study by Chen et al.[42] who 
explored the use of a Pd/SiO2/Nb2O5 catalyst.   Jehng and Wachs
[68] have 
advised that “the specific oxide support is a critial parameter since it 
dramatically affects the reactivity of the surface niobium oxide species and 
determines if the surface niobium oxide site is active for redox or acid 
catalysis.”  Evidently, the single most important ca alyst property for dispersed 
niobia catalysts has not been studied to determine its influence on either the 
synthesis of MO or MIBK. 
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The catalyst supports outlined in Table 4-1 were sel ct d for investigation 
as potential supports for niobia catalysts for MO and MIBK syntheses.  
Alumina, titania, silica and magnesia have all been previously investigated as 
supports for niobium oxide catalysts for applications other than MIBK 
synthesis.  Aside from their bulk chemical compositi n, the supports were 
intentionally selected for this screening study such that they differ in their 
inherent acidity/basicity and electronic properties, their surface area and other 
morphological and crystallographic properties.  The intriguing results of Paulis 
et al.[14] as well as Flego and Perego[129] suggest that the morphological and 
topological properties of the catalyst might affect the product distribution for 
MO and MIBK syntheses. 
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The space groups in Table 4-1 are indicated in the Hermann-Mauguin notation used by 
crystallographers and by the equivalent Schonflies notation, used by chemists and surface 
scientists beneath in brackets   
 
a pH of isoelectric point obtained from certificate of analysis;  b pH of isoelectric point of 
materials compiled by Jehng and Wachs[87] 
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4.1.1  Molecular Symmetry and Crystallographic Structure  
 
The electronic and geometrical properties of the support oxide will govern the 
physico-chemical interaction between the support and the surface-phase 
niobium oxide.  The crystallographic structures of the support oxides are of 
interest since the interatomic bond lengths and bond a gles, coordination 
numbers and the densities of atomic packing determine the long range 
electrostatic interactions as well as the nearest nighbour interactions between 
atoms, which govern the electronic and physical prope ties of the solids.  The 
structures of each of the supports selected, with the exception of fumed silica 
which is amorphous, exhibit distinct crystal structures characterized by 
structural periodicity and molecular order.   
 
Each of the crystalline supports can be classified nto one of seven crystal 
systems.   The crystal structures can be further cha a terized by their molecular 
symmetry.  Each may be classified into one of 32 mutually exclusive point 
groups.  The point group outlines the complete set of symmetry operations, such 
as rotation, inversion and reflection which can be applied to the basis unit cell 
of the crystal with respect to a distinct point in space.  Additionally, if one also 
considers translational symmetry operations applied to the unit cell as well as 
the point symmetry operations, every crystal structure can be classified into one 
of 230 mutually exclusive space groups.   The space groups of the supports 
investigated are summarized in Table 4-1.   
 
Two polymorphs of alumina, the metastable γ-Al 2O3 (Aldrich 267740 batch  
11111AA) and the thermodynamically stable α-Al 2O3 (Aldrich 23,474-5 Lot No. 
09214TZ), having the same bulk chemical composition but differing in their 
crystallographic structures were investigated as potential supports for a niobia 
catalyst for MO synthesis.  γ-Al 2O3 has a relatively complex structure, best 
described as a “defect spinel structure”, which is ba ed on a face centred cubic 
(fcc) close packing.  In the spinel structure, the planes of close packed oxygen 
anions form a repeating ABCABC sequence characteristic of the fcc structure.  
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 As with most metal oxides, the aluminum cations are smaller than the 
oxygen anions and as a result form close packed layers occupying the interstitial 
spaces.  The close packed aluminum cations form two distinct alternating 
layers:  one layer having only octahedrally co-ordinated alumina cations and a 
second layer containing a mixture of both octahedral and tetrahedrally co-
ordinated aluminum cations with both upward directed and inverted 
tetrahedra.[160]  More specifically, it is generally accepted that the oxygen atoms 
are located at the 38e Wyckoff positions♠ in fully occupied and approximately 
close packed layers while the cations are located at the 8a, 8b, 16c,  16d and 48f 
Wyckoff positions; however the precise distribution of cations is not known.[160]   
Roughly two thirds of aluminum cations are octahedrally co-ordinated while 
around one third are tetrahedrally coordinated.[160,161]  The spinel structure of γ-
Al 2O3 is distorted compared to the ideal spinel structure due to the presence of 
vacancies randomly distributed about the tetrahedral sites of the aluminum 
cation layers.[160]  In addition, hydroxyl ions are also present within the defect 
spinel structure of  γ-Al 2O3.   It has been suggested that the number of hydroxl 
ions are equivalent to the number of interstitial vcancies.[162]    
 
The spinel structure of γ-Al 2O3 is relatively complex with 32 oxygen 
anions and  64/3 aluminum cations in the unit cell.[160]  In contrast, the 
corundum structure of α-Al 2O3 is based on a simple rhombohedral (i.e. trigonal) 
crystal structure with only 10 atoms in the unit cell. [161,163]    Four aluminum 
cations are located at the Wyckoff positions c (0.352, 0.352, 0.352) and six 
oxygen anions are located at positions e(0.556, 0.994,1/4).[163]  Both 
polymorphs of alumina are insulators, as indicated by the high band gaps in 
Table 4-1.  γ-Al 2O3 has a lower band gap due to its increased level of structural 
disorder in comparison to the crystal structure of α-Al 2O3.[166]   γ-Al2O3 also has 
a much higher surface area than α-Al 2O3. 
                                                
♠ The Wyckoff positions are defined with respect to the specific space group.  A discussion on 
group theory is outside the scope of this thesis.  The reader is referred to Janner et al.[172] 
regarding Wyckoff positions and  Hall [173] for a further discussion on  symmetry operations ad
a complete list of the 230 crystallographic space groups 
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The fumed silica (Aldrich 381276 batch 07519BC) is also an insulator having 
the highest band gap of the supports investigated.  The fumed silica support 
consists of nanospheres 11 nm in diameter fused together into highly branched 
chains 100 to 200 nm long.[174]  The morphology of fumed silica is amorphous, 
which is confirmed by the absence of lines in its XRD analysis.[174]  
Consequently, fumed silica represents one extreme of molecular disorder of the 
supports investigated, while MgO exhibits the greatest molecular symmetry.  
The fumed silica support also exhibits the highest surface area of the supports 
investigated (255 m2/g) and has a relatively high concentration of surface 
hydroxyls available for reaction with niobium ethoxide.  It is estimated that the 
fumed silica procured for this study had 4.0 ± 0.5 OH- groups per square 
nanometre prior to thermal treatment.[174]  
 
The basic building blocks of the MgO, TiO2 and α-Al 2O3 structures may 
be viewed as octahedra consisting of a metal cation surrounded six oxygen 
anions.  The differences between the various structu es are in the way in which 
the octahedra are connected, the degree of distortion of the octahedra and the 
resultant bond lengths.  The MgO support (Alfa Aesar 35442, Lot E22N04) is a low 
surface area insulator having an isometric “rock salt” tructure.  The octahedra 
are connected via edge sharing.  In contrast, the corundum structure involves a 
more complicated network involving face sharing, edge sharing and corner 
sharing of octahedra.[175]  The anatase structure consists of chains of edge-
sharing octahedra that “zig-zag” to form a three-dimensional network of edge-
shared octahedra.[176,177] 
 
Of the two main polymorphs of TiO2 (anatase and rutile), anatase was 
selected for investigation.  Rutile and anatase exhibit very similar tetragonal 
structures but different in the bond lengths and degre  of distortion of the 
octahedral structure.[164,176]  The four planar M-O bond lengths of the octahedra 
of rutile are 0.195 nm whereas in anatase the same bond lengths are 0.194 nm; 
the two azimuthal M-O bond lengths in rutile are 0.198 nm and are 0.196 nm 
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for anatase.[176]  Anatase is less dense and has a slightly higher band gap (3.23 
eV) than rutile (3.00 eV).[164,177]  These polymorphs also exhibit different 
symmetry with anatase belonging to the point group D2h and rutile D2d.
[176,177]  
TiO2 has been used as both a catalyst and support.  Due to its low band gap, 
TiO2 is a semiconductor and is known to be active as a photocatalyst for water 
decomposition, the partial oxidation of hydrocarbons and the reduction of 
nitrogen to produce ammonia.[176] As a support for dispersed metal catalysts, a 
strong metal support interaction enhances the activity and selectivity for 
hydrogenation and dehydrogenation reactions.[176]   
 
4.1.2  Acidity and Basicity 
It is known that the acidity or basicity of the support oxide will influence the 
physico-chemical interaction between the surface-phase oxide and the support 
and thus affect the resultant niobia structure.  Jehng and Wachs[68,87] have 
reported that niobia dispersed onto basic surfaces lead to the formation of highly 
distorted niobia octahedra whereas acidic supports lead to weakly distorted 
niobia octahedra.  The highly distorted octahedra exhibit mono-oxo (Nb=O) 
terminal bonds, which are associated with Lewis acidity whereas the weakly 
distorted octahedra exhibit (Nb-O) bonds, which are ssociated with Bronsted 
acidity.[87]  Consequently, the metal oxides selected for this study represent a 
broad range of acidity including strongly basic MgO, basic Al2O3, SiO2 has 
slightly acidic silanol groups and TiO2 which is also acidic.   
 
Two  γ-Al 2O3 supports, one basic (Aldrich 199443, Batch 12312CB) and the 
other weakly acidic (Aldrich 267740 batch 11111AA) were selected to directly 
investigate the effect of the support acidity while ensuring that the supports do 
not have a markedly different crystallographic structure.  The  γ-Al 2O3 supports 
have the same bulk chemical composition and very similar local surface 
structures since they share the same defect spinel crystal structure.   These 
materials also have the same particle size distribution with a mean size of 150 
mesh, the same BET surface area (155 m2/g) and the same mean pore diameter 
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of 58 Å.  The pH of a slurry of the basic  γ-Al 2O3  is  9.5 ± 0.5 and that of the 
weakly acidic  γ-Al 2O3  is 6.0 ± 0.5.  
 
4.1.3  Thermogravimetric Analysis (TGA) of Metal Oxide Supports 
The thermal pre-treatment of the metal oxide support is known to be an 
important parameter for catalysts consisting of a highly dispersed surface-phase 
oxide supported on a second metal oxide.  Generally, cidic surface-phase 
oxides, such as NbOx, form chemisorptive linkages to the surface hydroxyls 
while basic surface-phase oxides attach to the Lewis ac d sites of the metal 
oxide support.[103]   The synthesis technique followed in this work (Chapter 
Three), involves the generation of unique niobia structures via the preferential 
titration of  the surface hydroxyl groups of the support with niobium (V) 
ethoxide precursor,  followed by thermal treatment to remove the organic 
ligands and subsequent calcination to generate the niobia overlayer.  The 
surface-phase niobia consists of a one molecular layer thick, 2-dimensional 
“overlayer” at the external surface of the catalyst.  The geometrical and 
electronic properties of the niobia structures are believed to be influenced by the 
surface hydroxyl chemistry of the metal oxide support.[68]   
 
The generation of surface hydroxyls on metal oxides is due to the 
dissociative adsorption of water.  The reverse reaction at elevated temperatures 
leads to dehydroxylation.  Thus, the thermal pre-treatment of the support will 
influence surface concentration of hydroxyls on the m tal oxide.   The surface 
hydroxyl chemistry also depends on the type of oxide support.  Coordinative 
unsaturation at the surface, results in surface ions which have a lower 
coordination number than those in the bulk oxide.  At ambient conditions, these 
vacancies are occupied by surface hydroxyls or coordinated water in order to 
restore the coordination number of these ions. The nature of the surface 
coordinative unsaturation and the catalytic activity of coordinativley unsaturated 
ions are dependent on the crystal planes exposed and therefore is dependent on 
the nature of the oxide.[175]   Alumina for example, has no less than 5 distinct 
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forms of surface hydroxyls.[178]  Silica on the other hand exhibits two kinds of 
surface hydroxyls, the silanol (Si-OH) and geminal (SiOH2) groups.  
Incidentally, the silanol groups are more reactive with niobium precursors to 
form niobia species while the geminal hydroxyls arerelatively unreactive.[103]   
Busca et al.[179] have demonstrated that anatase TiO2, such as is used in this 
work, exhibits a single hydroxyl species (TiOH).  MgO exhibits at least two 
kinds of surface hydroxyls.[180] 
 
The metal oxides supports investigated in this work were subjected to 
thermogravimetric analysis using a TA Instruments Thermal Analyst 2100 in 
order to ascertain the effect of temperature on solid state transitions.    The 
samples were allowed to equilibrate at 50°C within the sample cell and were 
then heated from 50 to 700°C at 20°C/min in helium environment.  The results 
are illustrated in the Figures 4-1 through 4-7, which show the sample masses as 
functions of temperature. 
 
The γ-Al 2O3 supports exhibited similar TGA scans.  About 1% of the 
mass was lost at a relatively low temperature (less than 200°C) due to the 
desorption of physically adsorbed water.  Roughly another 1% of the original 
sample mass is lost very gradually as the sample is h ated from 200 to 500°C by 
the removal of chemisorbed water (dehydroxylation).  The abrupt loss of mass 
beyond 500°C is observed only in the γ-Al 2O3 TGA scan.   The corundum and 
anatase TiO2 lost a very small percentage of their total mass, 0.80 and 0.35% 
respectively, in a gradual manner presumably due to dehydroxylation, as the 
samples were heated from 50 to 700°C.  No discrete structural changes were 
evident in their TGA scans.   






























Figure 4-2  TGA analysis of γ-Al 2O3 (basic) support 
 






























Figure 4-4  TGA Analysis of the Anatase TiO2  support
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In contrast the fumed SiO2 and MgO TGA scans revealed marked changes 
in the sample mass within specific temperature ranges.   In both cases, 
significant losses in the sample masses at around 100°C were observed, which 
were due to the desorption of physisorbed water.  The sample masses also 
dropped abruptly between 200 and 350°C.  This structu al change is attributed 
to the desorption of chemisorbed water (i.e. dehydroxylation).  In the case of 
SiO2, no other significant structural change was observed beyond this transition 
as evidenced by a negligible loss of sample mass beyond 350°C.  In the case of 








































Figure 4-6  TGA analysis of the fumed silica support 
 
 
A few conclusions may be drawn from the TGA scans presented in the 
previous figures.  First, the total loss of mass from the thermal treatment is 
small, even for γ-Al 2O3, which exhibited the greatest reduction by about 2% of 
its total mass due to water.  TiO2 exhibited the least reduction in mass; about 
0.35 wt%.  Since the loss in sample mass is largely due to adsorbed water, one 
may infer that the corundum and Anatase TiO2 supports exhibit significantly 
lower surface hydroxyl concentrations.  It appears that with the exception of 
SiO2 and MgO, dehydroxylation appears to be a gradual structural transition 
that occurs over a broad range of temperature.  In alumina this may be due to 
the many forms of surface hydroxyls within the surface structure, which may 
exhibit various activation energies for dehydroxylation.  
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4.2  Sample Autoclave Data and Analysis 
 
4.2.1  Sample Product Distribution 
The experiments discussed in this chapter involve the synthesis of MO from 
acetone at 160°C.  Representative product distributions for this reaction, which 
are dependent on the catalyst formulation and the reaction temperature, are 
illustrated in Figures 4-7 and 4-8.  As expected, water and MO are the major 
products and their concentrations are plotted on the primary y axis of Figures 4-
7 and 4-8.  The other products are minor constituents a d their concentration 
profiles are plotted on the secondary y axes of Figures 4-7 and 4-8 with a 
different concentration scale.  The steady state DAA concentration establishes 
rapidly (Figure 4-7), typically by the time the first sample is obtained.  However 
the overall reaction to produce MO is slow and takes s veral hours to reach the 
equilibrium conversion.   
 
Other minor products due to consecutive reactions involving MO become 
evident after some time.  The most abundant of the minor products is IMO.   
However, the author and coworkers[18] have demonstrated that IMO is equally 
valuable as MO as a precursor for MIBK and is therefore a desirable product.   
Phorone, which is co-produced with water from the condensation reaction of 
MO with acetone, is the most dominant of the undesirable products at 160°C.   
In the experimental results outlined in Figure 4-8, the steady state DAA 
concentration is below the peak area rejection limit of the GC.  In this case, 
DAA is rapidly converted to MO and may be considere a short-lived 
intermediate.   The experimental results of Figure 4-8 also indicate the presence 
of mesitylene, also known as trimethyl benzene (TMB), which is co-produced 
with water from the internal 2-7 aldol condensation of phorone.   
 


















































Figure 4-7  Sample product distribution from the synthesis of MO from acetone 
[Experiment 141; T=160°C, P≥400 psig (N2), ω= 700RPM, W=1.0084 g, CAT 015,  18.8 wt% 
Nb2O5/γ-Al 2O3 (basic)]  Outlier in water concentration profile at t=240 minutes removed from 




















































Figure 4-8  Sample product distribution from the synthesis of MO from acetone 
[Experiment 184;  T=160°C, P≥ 360 psig (N2), ω= 700RPM, W=1.0042 g, CAT 044:  7.63 wt% 
Nb2O5/ SiO2]
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Phorone appears to have reached its steady state conc ntration at the time 
that mesitylene appears in the product mixture.  Aninteresting observation is 
that isophorone, the cyclic isomer of phorone, was not observed in any of the 
autoclave experiments for which niobia catalysts were used.   However, 
isophorone was observed at comparable acetone conversions for autoclave 
experiments in which Amberlyst-15 was used as a catlyst even though the 
reaction temperature was much lower.   In the case of the niobia catalysts 
investigated in this work, the aldol condensation of phorone to produce 
mesitylene appears to be the dominant reaction pathway.  Perhaps this is related 
to the pore size distributions and other morphological properties of the catalysts 
as suggested by Flego and Perego.[129]  That is, constraining the substrates 
within the pore channels of the ion exchange resin may promote the synthesis of 
isophorone.  The nature and strength of the acid sites likely affects the 
selectivity of this reaction. 
 
The theoretical equilibrium conversion can be estima ed from the relation 
in Equation (2-15) published by Klein and Banchero,[10] which relates the 
equilibrium constant (Kc) to the concentrations of water (CW), MO (CMO) and 
acetone CAC.  At 160°C this relation predicts an equilibrium MO concentration 
of 1.29 M, which corresponds to an acetone conversion of 19.0%.  Projections 
of the MO concentration versus time profiles in thesample data of Figures 4-7 
and 4-8 suggest that pseudo equilibria (section 2.3.4) are obtained.  The MO 
concentration versus time profile presented in Figures 4-7 and 4-8 suggests an 
equilibrium concentration much lower than the theoretical equilibrium 
conversion.   
 
In this work, the final pseudo equilibrium achieved based on the MO 
concentration profile was found to be dependent on he catalyst formulation, 
which supports the notion that the pseudo equilibrium is due to deactivation.  
Note the MO concentration versus time profiles in Figures 4-7 and 4-8 exhibit 
different final “equilibrium” MO concentrations for these two experiments.  
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However, the projection of the water concentration versus time profiles in 
Figures 4-7 and 4-8 suggest that the water concentration profiles do appear to 
approach the expected values.  The rate of water production appears to exceed 
the rate of MO production as expected since consecutiv  aldol condensation 
reactions involving higher molecular weight species are significant and 
contributing to the total rate of water production. 
 
A mass balance on the data in Figures 4-7 and 4-8 after 8 hours of 
operation suggests, that if one considers all of the reactions which produce 
water not only DAA dehydration and also consider th amount of residual water 
present in the solvent, that the number of moles of water observed was in 
reasonably good agreement with the amount of water pr dicted from the 
stoichiometry.  In experiment #141 the average relative error between the 
predicted and observed was about 7%.  The amount of water present after 8 
hours of operation was slightly less than the amount predicted by 5.2 % after 8 
hours.   In experiment #184, there was initially a significant disagreement by 
about 30% between the amount of water predicted versus the amount observed 
within the first two hours of operation.  However, after two hours of 
experiment, higher molecular weight species appeared bove the peak area 
rejection limit of the GC and consequently, the amount of water predicted fell 
into good agreement with that observed, once the contributions of these 
reactions to the total water concentration was accounted for.  After 8 hours of 
operation, the amount of water present exceeded the amount expected by only 
7.5%.  The average relative error was only 8.6% betwe n the predicted versus 
observed water concentration for the data after twohours of operation in 
experiment 184. 
 
4.2.2  Identification of Unknowns via GC/MS 
Some minor unknown compounds were frequently observed in the product 
distributions for MO and MIBK syntheses experiments.  The overhead distillate 
samples from a CD experiment (Chapter Eight) provided an opportunity to 
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precisely ascertain the constituents two frequently observed unidentified peaks 
in the GC/FID analysis corresponding to retention times of 1.93 and 2.25 
minutes.  Although the retention time of 2.25 minutes is very close to that 
assigned to DIPE, the chemistry and process conditis for which this 
compound was detected suggested that the compound was not DIPE.  DIPE is 
produced from the condensation of IPA, which is a secondary hydrogenation 
product.  However, the impurity at 2.25 min was observed frequently in 
experiments in the absence of hydrogen and was also observed in the absence of 
the precursor IPA.   These unknowns were believed to be non-polar and or 
volatile compounds such as coke precursors (Fig 1-1), as evidenced by their 
relatively short retention times within the highly polar DB-WAX column. 
 
These unknowns were fortuitously isolated in several overhead distillate 
samples along with acetone and water.  For example, an overhead distillate 
sample (sample 047D) obtained at 47 hours time on stream (TOS) in the fifth 
CD experiment of this study, contained the unknown observed at 2.25 minutes 
and the remainder was acetone and water.  Similarly,  sample from the same 
experiment obtained at 119 hrs TOS (sample 119D) contained the unknown at 
1.93 minutes and the bulk consisted of acetone and water.  Other overhead 
distillate samples (eg. 085D) contained both unknowns.   
 
The three overhead distillate samples mentioned above were analyzed by 
GC/MS in order to identify these unknowns using a Vrian CP-3800 GC 
equipped with an HP-5 capillary column coupled with a Saturn 2000 Mass 
Spectrometer.  The carrier gas (He) was passed throug  the column at 1.5 
mL/min and the sample was injected with a split ratio of 100:1.  Since the 
samples being analyzed were likely volatile, the ovn profile consisted of an 
isothermal plateau of 40°C maintained for 20 minutes.  The mass spectrometer 
was operated in electron impact (EI) mode with the rap set to 150°C, the 
manifold heated to 100°C and the transfer line heated to 170°C.  Acetone was
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determined to elute around 1.4 minutes.  A three second interval from 1.38 to 
1.43 minutes was cut from the MS analysis to prevent saturating the detector.   
The chromatographic separation of sample 119D resulted in a single GC peak. 
However, sample 047D revealed three distinct peaks which suggest the single 
peak observed in the GC/FID analysis at 2.25 minutes actually corresponds to 
multiple products.  The 7 point average mass spectrum of the constituents of 
each chromatographic peak were obtained and cross referenced with the NIST 
library of mass spectra.  The results in Table 4-2 suggest the most likely 
identities of these species.  The results also include a “RSIM” value, which is a 
measure of how well the obtained spectrum matches t referenced spectrum 
with 999 being a perfect match.  Adachour et al.[181] have advised that a 
similarity greater than 800 or a reverse similarity greater than 900 indicates a 
good match to the NIST library.  Also included in Table 4-2 are probability 
values, which are also indicators of the quality of spectral matches.  A more 
comprehensive set of the GC/MS results is included in Appendix C. 
 
The results of sample 119D, which contained a single peak corresponding 
to the unknown observed at 1.93 min in the GC/FID analysis suggests the 
unknown is  2,4 dimethyl heptane (C9).  This result appears to be a good 
spectral match and is also reasonable from the process hemistry (Fig 1-1).   C9 
hydrocarbons are coking compounds which produced from the consecutive 
reactions involving mesitylene and isophorone.   Sample 085 D contained both 
impurities at 1.93 and 2.25 minutes.  GC/MS analysis of this sample (Appendix 
C) confirmed that the impurity at 1.93 is likely a C9 hydrocarbon.  However in 
this case, the mass spectra of the largest peak most closely matched an isomer 
of 2,4-dimethyl heptane, namely 2,3,3-trimethly hexane.  Incidentally, the 
precise identification of hydrocarbons via GC/MS is quite difficult, in part due 
to the possibility of numerous isomers associated with branching.  Low 
probability values are frequently associated with the mass spectra of alkanes 
and alkenes since there are many spectra in the NIST library similar to any 
given spectrum for an alkane or alkene.[181] Therefore, the low probability
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values observed in the results of Table 4-2 are not u expected.  Sample 047D 
contained a single unknown peak in the GC/FID analysis at 2.25 minutes and 
yielded 3 distinct peaks using the HP-5 column.  The major peak showed a very 
good spectral match with a C9 alkene, 2,3,3-trimethyl-1-hexene, which is also 
quite reasonable from the process chemistry.  One minor peaks suggests the 
presence of 2-cyclopropyl-pentane (C8H16) and the other minor peak gives a 
very good match with the isomer (1,2-dimethylpropyl) cyclopropane (C8H16).   
 
The product identification results of the GC/MS analysis consistently 
point to C9 alkenes and alkanes, which is quite reasonable from the process 
chemistry.  Although the assignments of these unknowns may be considered a 
“best guess”, it can be concluded with great certainty that the unknown peak at 
1.93 minutes in the GC/FID analysis is associated with a C9 hydrocarbon, 
probably an alkane and the peak at 2.25 minutes is associated with C8 
hydrocarbons and predominantly a C9 alkene .  Consequently, the GC peaks at 
1.93 and 2.25 will be henceforth lumped together and reported as C7
+.  As a first 
approximation, the response factor for phorone (C9H14O) was used for the 
quantification of these minor products via GC/FID.  
 
Table 4-2 (a) Results of GC/MS analysis of sample 119D (one peak) 
119D one major peak
Rank Species RSIM Prob
1 2,4-dimethyl heptane 867 47.66
2 3-ethyl hexane 807 10.15
3 2,3,5-trimethyl hexane 760 8.18
4 4,4-dimethyl heptane 814 3.45
5 2,3-dimethyl heptane 747 2.78  
 
Table 4-2 (b)  Results of GC/MS analysis of Sample 047D (major peak) 
47D peak (3/3) major peak
Rank Species RSIM Prob
1 2,3,3-trimethyl-1-hexene 802 22.29
2 1,2,3,4,5-pentamethyl cyclopentane 727 17.97
3 1,1'bicyclopentyl-2-one 711 14.48
4 1,2-dimethyl propyl cyclopropane 719 8.77  
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4.2.3  Calculation of the Initial Rate of Reaction 
The initial specific rates or reaction (mol/L*min*gcat), corresponding to acetone 
conversions of X=0, were measured and used to contrast the nominal activities 
of the various catalysts investigated in this study.  The GC data for the MO 
concentration (C)  [mol/L], not including the isomer MO,  as a function of time 
(t) were fit to a second order polynomial expression (Eqn. 4-2) for the first 120 
minutes of reaction as illustrated in Figure 4-4.  The parameters were estimated 
via non-linear regression using NLREG v5.4 (Sherrod Software).  The rate of 
reaction as a function of time is obtained from the first derivative (Eqn 4-2) of 
the concentration versus time profile.  The specific reaction rate was calculated 
by dividing the reaction rate by the catalyst mass.  The initial rate is calculated 
from equation (4-3) by setting t equal to the time at which the acetone 
conversion was zero. 

























Figure 4-9  Sample data:  MO concentration modelled by a second rder 
polynomial function of time  [Experiment 162; T=160°C, P≥350 psig (N2), ω=700 RPM, 
Catalyst 030: W=0.9979 g]   
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Initial Rate Data Reconciliation 
Each autoclave experiment began with a brief period of unsteady operation 
during which, acetone was being converted to MO.  The catalyst was mixed 
with acetone, the reactor was sealed and pressurized and then heated to the 
desired reaction temperature.  The time at which the reactor reached the reaction 
temperature was denoted time zero.  The first liquid sample was obtained at this 
time.   For many experiments, including the ones illustrated in Figures 4-7 and 
4-8, some MO was observed in the sample obtained at time zero and thus, the 
acetone conversion was non-zero.  In order to obtain a meaningful comparison 
of the nominal activities of the catalysts investiga ed, the initial rates were 
calculated for a common acetone conversion of XAc=0.   
 
For those experiments for which product was evident at ime zero, the 
regression model fit to the steady state kinetic data obtained over the first 120 
minutes was extrapolated back to the time at which the MO concentration 
would be zero if the reactor was operating at steady state prior to time zero.  
The root was determined iteratively using Newton’s method (Table 4-3) and the 
initial rate of reaction was calculated from the derivative of the concentration 
profile that point using Eqn. (4-3).  For those expriments for which MO was 
not observed at time zero, (i.e. MO was below the peak area rejection limit of 
the GC) the acetone conversion and the MO concentration were assumed to be 
zero at time zero.    
 
The calculation in Table 4-3 illustrates that Newton’s method rapidly 
converges to the root within a few iterations.  The data in Table 4-2 is for a 
highly active catalyst and consequently represents a more extreme case in that 
X=0 corresponds to about 9 minutes prior to time zero.  In most experiments, 
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X=0 was found within 5 minutes of time zero.   The data in Table 4-2 also 
shows that the activity at time zero for experiment 162 was about 93% of the 
initial activity estimated at X=0.  Thus if the rate of reaction at time zero were 
reported as the initial rate of reaction, the initial activity of the catalyst would 
have been underestimated by about 7%. 
 
Table 4-3  Sample data:  Determination of the initial rate of reaction, C’(t|X=0), 
using Newton’s Method [Experiment 162, T=160°C, P≥350 psig (N2),ω=700 RPM, 
Catalyst 030, W=0.9979 g]   
t |X=0 C(t |X=0) C'(t |X=0) next guess error
[min] [mol/L] [mol/L*min] t0 [min] [min]
0 7.33E-02 0.00755910 -9.69243 9.69243
-9.6924 -2.93E-03 0.00816357 -9.33360 -0.35884
-9.3336 -4.02E-06 0.00814119 -9.33310 -0.00049
-9.3331 -7.59E-12 0.00814116 -9.33310 -9.3E-10
-9.3331 8.67E-19 0.00814116 -9.33310 0
-9.3331 8.67E-19 0.00814116 -9.33310 0  
 
Inflection Points and  Higher Order Polynomials 
Some authors have fit concentration versus time profiles to third order 
polynomials.  Although this will invariably lead to higher coefficients of 
correlation, it does not necessarily improve the accuracy of the estimate of the 
initial rate of reaction.  In fact, there is a danger in this approach.     For a 
meaningful result, the product concentration versus time profile must be 
concave down in the absence of an autocatalytic reation or induction period.  
When fitting the MO concentration versus time data to a second order 
polynomial, the curve is necessarily concave down.  However, if a third order 
polynomial is used, the additional degree of freedom enables the possibility of 
an inflection point in the regression model within the region of interest, which 
could cause the curve to be concave up at the initial condition.  As a result, the 
initial rate of reaction may be significantly underestimated.   
 
In this study, the MO concentration versus time profiles was fit to both 
second and third order polynomials.  In most experim nts, an inflection point 
was not observed and very good agreement was found between the initial rates 
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of reaction predicted by the second and third order polynomials.  However in a 
few experiments, slight variation in the data, due to uncertainty in measurement, 
yielded an inflection point within the region of interest, which caused the initial 
rate of reaction to be underestimated.  Therefore, to ensure accuracy and 
consistency, the initial rates of reaction reported h rein were calculated from 
concentration versus time data modelled to second order polynomials only.   
 
Assessment of Outliers 
Variance is inherent in all experimental data and with any analytical method, 
anomalous results are periodically obtained.  The estimate of the initial rate of 
reaction obtained from nonlinear regression analysis can be significantly 
affected by outliers that are not representative of the kinetics being measured.  
In this work, an objective and strictly mathematical riterion was used to 
identify and reject outliers from the data set prior to the estimate of the initial 
rate of reaction.  Only those observations which could be rejected as outliers at 
the 99% confidence interval were removed from the data set prior to the 
calculation of the initial rate of reaction.   
 
If a set of data is normally distributed, then 95% of the data will fall 
within ± 2 standard deviation of the mean and 99% of the data will fall within  ± 
3 standard deviation of the mean.  Therefore, an observation found more than 2 
standard deviation from the mean can be rejected at the 95% confidence level as 
an outlier (i.e. it does not belong to the sample population).  Similarly, if an 
observation is found more than 3 standard error from the mean, it can be 
rejected as an outlier at the 99% confidence level.  Cobb[182] has advised that if 
the residuals for a regression model are normally distributed, then an 
observation should be rejected as an outlier if its residual is more than 3 times 
the standard deviation from zero.   Consequently, in this work, those 
observations whose residual error were greater than 3 times the standard error of 
estimate for the regression model (developed excluding the questionable 
observation) were rejected as outliers.  Outliers meeting this strict objective
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criterion were rare.  For example, in the catalyst screening study reported in 
section 4.4 (Tables 4-5 and 4-6) only one outlier was rejected from the 
calculation of the specific initial rate of reaction from over 100 observations 
used in the calculation of initial rate of reaction based on this criterion.   
 
Residual plots and normal probability plots of the residuals were created 
in order to aid in the identification and assessment of outliers.  A normal 
probability plot is a graph of the observed residual versus the expected residual 
assuming a Gaussian distribution.  If the data is normally distributed, the 
expected versus observed residuals will follow a linear trend (y=x).  The normal 
probability plot of the residuals (Figure 4-10) for the second order polynomial 
fit to the MO concentration versus time profile of Figure 4-9 confirms that the 
residuals are normally distributed.   
 
 
Figure 4-10  Sample Data:  Normal probability plot of the residuals generated 
by NLREG v. 5.4 (Sherrod Software) [Experiment 162]  
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Calculation of Acetone Conversion and Selectivity to MO 
 
Acetone is necessarily the solvent in the one step ynthesis of MIBK as well as 
for the synthesis of MO.  Consequently, the GC peak corresponding to acetone 
is a solvent peak whose area is typically several orders of magnitude larger than 
the products.  Rather than quantify the acetone from the integration of the 
solvent peak in the GC chromatogram, the acetone coversion was inferred 
from the mass balance of organic products evident in the GC analysis.   The 
acetone conversions (%) for  autoclave experiments were calculated from 
equation (4-4) where NA0 denotes the number of moles of acetone initially 
charged to the reactor, νi denotes the stoichiometric coefficient of species “ ” 
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The author and co-workers[18] have shown that IMO is equally valuable as 
MO as a precursor for MIBK, showing identical kinetic behaviour.  Therefore, 
since IMO is also a desirable product, the isomers were lumped together when 
calculating the selectivity of the synthesis of MO.  The selectivity to MO is 
defined in equation (4-5)  where nMO and nIMO denote the number of moles of 
MO and IMO respectively in the product and ni denotes the number of moles an 
organic product, species “i”, in the reactor product.  Water was ignored in the 
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  149 
In some experiments unknown minor products were detect d in the 
product in very low concentrations.  In these cases, the mass fraction (wt%) of 
the unknown species were calculated by assuming that they exhibit the same 
GC response as phorone.  Since the unknown compounds were typically at very 
low concentrations near the peak area rejection limit of the GC, this assumption 
did not introduce a significant relative error with respect to the quantification of 
the total product distribution.  Therefore, in some cases, it was convenient to 
report the selectivity and acetone conversion based on mass fraction (wt%) 
rather than mol percent.     
 
4.3  Preliminary Benchmarking of Supports and Amberlyst 15 
Acidic cation exchange resins doped with Pd represent the state-of-the-art of 
catalysts for the one-step synthesis of MIBK since the early 1970’s.   However, 
cationic exchange resins deactivate rapidly at elevated reaction temperatures 
and are known to deactivate when exposed to water.   A motivation for the use 
of metal oxides for MIBK synthesis is that these refractory materials provide 
improved thermal stability, which may enable a chemistry that is more 
favourable for the synthesis of the precursor MO.   
 
Amberlyst 15 is strongly acidic macroreticular cation exchange resin 
commercially available from Rohm and Haas and has a m ximum 
recommended operating temperature of 120°C.  The activity and selectivity of 
Amberlyst 15 for MO synthesis was investigated in an autoclave at 120°C.  
Since this experimental condition represents the performance of a state-of-the 
art catalyst at its maximum operating temperature, th  results of this experiment 
will serve as a benchmark against which the performance of catalysts 
investigated in this work will be gauged.    
 
The concentration versus time profiles for the major nd minor products 
are illustrated in Figures 4-11 and 4-12 respectively.  The major organic 
products are MO and DAA.  The DAA concentration in the product is 
































Figure 4-11 MO and DAA concentration versus time profiles for Experiment 



































Figure 4-12  Concentration versus time profiles for the minor products of 
Experiment #170 using Amberlyst 15  [Expt. 170, T=120°C, P≥ 320 psig (N2), ω=700 
RPM,  W=1.12 g Amberlyst 15] 
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significant in this case because of the relatively low reaction temperature.  The 
phorone and mesitylene concentration versus time profile for the minor products 
(Figure 4-12) are similar to the results in Figure 4-8.  However, isophorone is 
present in the last two samples for the experiment in which Amberlyst 15 was 
used.   In contrast, isophorone was notably absent in the product for all 
autoclave experiments in which niobia compounds were studied in this work.   
The MO concentration in Figure 4-12 increased rapidly over the first two hours 
of operation, after which the rate of reaction decreased significantly as the 
equilibrium was approached.  
 
The initial rate of reaction for the synthesis of MO from acetone using 
Amberlyst 15 at 120°C is given in Table 4-4 along with the nominal activities 
of some other metal oxides used in this study as supports.  The strongly basic γ-
Al 2O3 support showed a catalytic performance at 160°C (Figure 4-13) 
comparable to that of the commercial catalyst Amberlyst 15 at its maximum 
temperature.  The weakly acidic alumina support also sh wed a significant 
catalytic activity for MO synthesis.  Consequently, γ-Al 2O3 must be regarded as 
a co-catalyst rather than strictly as a support in this investigation.  Fumed SiO2 
was completely inert for MO synthesis.  With SiO2 as a catalyst, no MO was 
detected although some DAA was observed and appeared to r main constant at 
about 0.005 M.  Bulk niobium (V) oxide showed negligible activity.  Some MO 
was observed when the niobia was exposed to air prio to its use.  However, the 
niobia appears to have lost its activity shortly after the reaction began.  No 
products were observed for the reaction in which niobia calcined at 500°C was 
used as a catalyst. 
 
The initial specific reaction rate (X=0) for MO synthesis at 160°C using 
the basic γ-Al 2O3 support was 1.5 times that of Amberlyst 15 at its maximum 
operating temperature.  However, the activity of the alumina support seemed to 
deactivate slightly whereas the Amberlyst 15 maintained a very high activity 
until the MO concentration approached its pseudo equilibrium value.  
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Table 4-4  Nominal activities of some metal oxides and Amberlyst 15 for the 









170 Amberlyst-15 120 0.00575 Isophorone in product 
167 Fumed SiO2 160 0 Inert;  No MO detected, 
some DAA present 
142 γ-Al 2O3  
(basic) 
160 0.00871 Active for MO synthesis 




0.00395 Active for MO synthesis 
165 Nb(V) Oxide  
not calcined 
160 0.000038 Some MO present but catalyst 
appears to have deactivated rapidly 
166 Nb(V) Oxide 
Calcined at 500°C 
































































Figure 4-13  Product distribution for MO synthesis at 160°C using strongly 
basic γ-Al 2O3 as a catalyst  [Experiment 142, T=160°C, W=0.98g, P≥400 psig (N2), ω=700 
RPM] 
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The basic γ-Al 2O3 support was more selective for MO synthesis compared 
to Amberlyst 15.  At an acetone conversion of 10%, the γ-Al 2O3 support gave a 
selectivity to MO (and IMO) of 95.1 mol% while Amberlyst 15 gave a 
selectivity of 86.4 mol%.   No isophorone or mesitylene was observed in the 
reaction mixture when the basic γ-Al 2O3 support was used.  In contrast, both of 
these undesirable higher molecular weight cyclic comp unds were observed in 
significant amounts when Amberlyst 15 was used, even though the reaction 
temperature was much lower.  Phorone was produced in a comparable amount 
for each experiment, however in a slightly greater rate when Amberlyst 15 was 
used.  The relatively poor selectivity of Amberlyst 15 was largely due to the 
amount of DAA present in the product when carrying out MO synthesis at 
120°C.  The steady state DAA concentration for the experiment using the 
alumina support was about 1/3 of that for the experim nt using Amberlyst 15.  
It is therefore evident that the higher reaction temp rature is more favourable 
for DAA dehydration and enhances the selectivity to MO.   
 
 
4.4  DoE #1:  Catalyst Screening and Study on the Effect of the Nature of 
the Metal Oxide Support  
 
4.4.1  Design of Experiment and Results 
A catalyst screening study was carried out in order to study the effects of the 
nature of the metal oxide support on the catalyst’s nominal activity and 
selectivity for MO synthesis as well as the efficiency of utilization of the niobia.  
Promising catalyst supports identified in this screening experiment were 
investigated in greater detail in subsequent experiments.  Since this was a 
screening study, many of the important catalyst parameters were kept constant 
as noise variables.  Specifically, each catalyst was calcined for 2 hours at 500°C  
in air (Praxair, zero gas) at 3.8 mL/min and each support was impregnated with 
the same amount of Niobium (V) ethoxide precursor (0.533 ± 0.048  mL-
precursor/g-support).   The niobia loading of the catalysts was determined by 
EDXRF spectroscopy.  The impregnation time for each experiment was 2 hours 
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and was carried out at ambient temperature.  The thermal decomposition 
reaction was carried out at 400°C for 2 hours in flowing nitrogen (Praxair, pre-
purified) at 4.0 mL/min prior to calcination. 
 
A calcination temperature of 500°C represents the maxi um calcination 
temperature investigated in this work.  500°C was selected since it is known 
that Lewis acidity is maximized with increasing calcination temperature until 
the onset of crystallization above 500°C whereas Bronsted acidity, which 
represents a small fraction of the total acid sites, diminishes significantly at 
elevated calcination temperatures.[73]  All niobia catalysts exhibit Lewis acidity 
but only alumina and silica supported niobia catalysts are known to exhibit 
Bronsted acidity.[91]   A calcination temperature of 500°C was selected as a 
baseline since many authors investigating dispersed niobia catalyst have 
reported calcination temperatures of 500°C in their synthesis method.[42,69,70, 
87,89,90,91,93,99,100-103,107]  
 
The two experimental variables investigated were the type of oxide 
support and the thermal pre-treatment temperature.   In this screening 
experiment, the thermal pre-treatment temperatures for the γ and α aluminas as 
well as magnesia supports were investigated at two levels.  The effect of pre-
treatment temperature on the silica support was investigated in a separate 
experiment (DoE #4 in section 4.7).  The pre-treatmen t mperatures were 
selected based on the analyses of the TGA scans of Figures 4-1 through 4-6.  
The high level of pre-treatment temperature corresponded to a sufficiently high 
temperature to ensure the complete removal of chemisorbed water. In this 
condition, the surface coordinative unsaturation of the metal oxide support was 
maximized from the dehydroxylation of the surface.  The high pre-treatment 
temperature also ensured activation of the support by the removal of strongly 
adsorbed species from oxide support prior to impregnation.  The low pre-
treatment temperature was determined from the TGA scans such that the 
support was activated at the minimum temperature nec ssary for the removal of
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weakly adsorbed compounds without achieving a sufficiently high temperature 
that would result in the removal of chemisorbed water.   
 
Approximately 1 gram of catalyst was accurately measured and charged 
to the autoclave reactor along with 100 mL of aceton .  The synthesis of MO 
was carried out at 160°C for 8 hours with liquid samples being extracted 
periodically from the autoclave.  The resultant MO con entration versus time 
profiles are outlined in two figures for clarity, Figures 4-14 and 4-15.  The 
catalyst parameters for the experiment are outlined  Table 4-5.  The response 
variables investigated in this experiment included the specific initial rate of 
reaction, the acetone conversion after 2 and 8 hours as well as the selectivity to 
MO and IMO at acetone conversions of 8 and 13%.  Theinitial rate of reaction 
per gram of niobia is also given in Table 4-6.  However, this value is not 
reported in the case of the γ-Al 2O3 catalysts since the γ-Al 2O3 support was 
shown to exhibit significant catalytic activity for MO synthesis and is therefore 
a co-catalyst.    
 
Three experiments were repeated to confirm their results.  Experiment 151 
was a repeat of experiment 143 with a weakly acidic   γ-Al 2O3 supported 
catalyst.  In this case, the initial rate of reaction for experiment 151 was within 
6.0% of the initial rate for experiment 143.  In addition, the MO concentration 
versus time profiles (Figure 4-15) showed good agreement.  Experiment 137 
was a repeat of experiment 136 involving a MgO supported niobia catalyst.  The 
results of these experiments showed good agreement as well.  However 
experiment 156, which is a repeat of experiment 138 involving a TiO2 
supported catalyst, was not in close agreement withthe result of experiment 
138.  However, it did reveal a consistent trend in terms of catalytic activity and 
acetone conversion relative to other supports. 
 
 




























Figure 4-14  MO concentration versus time profiles for experiments 135, 136, 
138, 134b, 141, 140 and 157  An outlier observed in RUN 140 at t=327 min was removed 

























Figure 4-15  MO concentration versus time profiles for experiments 143, 151, 
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Table 4-5  Catalyst parameters of the Catalyst screening investigation (DoE #1) 
Expt. Catalyst Support Thermal Precursor XRF
ID ID Treatment Amount Nb2O5
[°C] [mL/g] wt%
135 010 α-Al2O3 450 0.503 4.2
157 024 α-Al2O3 250 0.542 4.3
155 021 fumed SiO2 250 0.548 26.5
140 014 γ-Al2O3 (acidic) 400 0.493 14.6
143 016 γ-Al2O3 (acidic) 250 0.555 12.0
151 018 γ-Al2O3 (acidic) 250 0.521 17.1
134b 009 γ-Al2O3 (basic) 250 0.568 17.1
141 015 γ-Al2O3 (basic) 400 0.499 17.3
136 012 MgO 400 0.540 12.9
137 011 MgO 400 0.588 6.2
158 022 MgO 250 0.571 5.4
138 013 TiO2 400 0.504 11.8
156 023 TiO2 400 0.502 14.8  
 
Table 4-6  Results of the Catalyst Screening Experiment (DoE #1) 
Expt. CAT Initial Rate Initial Rate  Conversion (X) Selectivity
ID ID (MO synthesis) (MO synthesis) [%] [mol %]
[mol/(L*min*g cat)] [mol/(L*min*g Nb 2O5)] 120 min 480 min X=8% X=13%
135 010 n/a n/a 1.82 2.08
157 024 0.000777 0.0179 0.90 1.33
155 021 0.00615 0.0232 5.14 10.83 92.9
140 014 0.00864 n/a 10.21 14.61 93.6 95.0
143 016 0.00642 n/a 7.34 8.23 96.5
151 018 0.00681 n/a 7.15 8.54 95.7
134b 009 0.00617 n/a 7.52 13.61 91.8 93.8
141 015 0.00865 n/a 10.40 14.80 92.8 94.7
136 012 0.000639 0.00496 0.81 0.32
137 011 0.00000 0.00000 0.00 0.00
158 022 0.000047 0.000875 0.39 0.49
138 013 0.00369 0.0311 4.85 9.74 93.4
156 023 0.00109 0.00735 1.34 2.56  
 
4.4.2 Effect of the Nature of the Oxide Support 
The results show that the nature of the oxide support for supported niobia 
catalysts calcined at 500°C had a significant effect on the catalytic activity.  For 
example, a 12 wt% Nb2O5/TiO2 catalyst (CAT 013 experiment 138) had six 
times the activity for MO synthesis and 6 times the ac tone conversion after two 
hours compared to a 13 wt% Nb2O5/MgO catalyst (CAT 012 experiment 136), 
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which showed a very low activity and deactivated rapidly. The general trend of 
relative catalytic activity observed for MO synthesis by supported niobia 
catalysts was as follows   MgO << α-Al 2O3 < TiO2 << SiO2 ≈ γ-Al 2O3.   
 
The  17 wt% Nb2O5/γ-Al 2O3 catalyst (CAT 015, experiment 141) whose 
basic support was calcined at 400°C showed essentially an identical MO 
concentration versus time profile as a 15 wt% Nb2O5/γ-Al 2O3 (CAT  014, 
experiment 140) catalyst whose weakly acidic support was also calcined at 
400°C.  These catalysts gave essentially the same initial rate of reaction to 
within 1%.  Thus, the acidity or basicity of the γ-Al 2O3 support did not 
appreciably affect the catalytic activity.  However, the surface area and 
morphological characteristics of the alumina support did have a significant 
effect on the resultant catalytic behaviour.  The Nb2O5/α-Al 2O3 catalysts 
(experiments 135 and 157) showed very low activities for MO synthesis and 
deactivated rapidly after acetone conversions of only 1 and 2%.  Both 
experiments with the corundum support achieved the same final MO 
concentration.  The conversion was slightly higher in experiment 135 due to a 
larger quantity of unreacted DAA.  The initial activity in experiment 135 could 
not be accurately measured since the reaction had already reached its final 
steady state concentration by the time the second sample was collected after 30 
minutes of reaction. 
 
The significant effect of the oxide support on the catalyst activity appears 
to be largely due to the capacity of the support to co rdinate with the niobium 
ethoxide precursor and establish a highly dispersed monolayer of niobia.  Each 
of the supports in the screening experiment outlined in Table 4-4 were 
impregnated with the same amount of precursor.  However, the resultant niobia 
loading ranged from only 4.2% for α-Al 2O3 to 26.5% for fumed SiO2.  The 
niobia loadings for the 26.5 wt% SiO2 (Sa=255 m
2/g) and 17.1 wt%.  γ-Al 2O3 
(Sa=150 m
2/g) catalysts correspond to exactly 1.0 monolayer coverage in each 
case.  Evidently, the amount of precursor was sufficient to saturate the support 
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with an adsorbed monolayer of niobium ethoxide, while the additional 
monolayers of physisorbed precursor were largely removed during the vacuum 
drying and the thermal treatment steps of the catalyst preparation.  However, the 
titania, magnesia and corundum supports, which have an order of magnitude 
lower nominal surface areas, appear to have yielded niobia loadings which 
exceeded monolayer coverage.   Thus, the acidic properties of the surface-phase 
oxide for these catalysts diminished as the morphology approached that of bulk 
niobium oxide. 
 
The corundum, fumed silica and titania supported catalysts showed 
comparable specific initial reaction rates when normalized by the amount of 
dispersed niobia rather than by the total catalyst mass.  However, the corundum 
catalysts deactivated rapidly after achieving aceton  conversions of only around 
1 to 2%.   A comparison of the catalytic performances of theses supported 
niobia catalysts in Figure 4-14 and the BET surface area data in Table 4-7 
demonstrate that surface area alone is not the sole factor which determines 
catalytic performance.   Note that the  14.8 wt% Nb2O5/TiO2 catalyst in Table 4-
7 had a lower surface area (13 m2/g) than the 4.3 wt% Nb2O5/α-Al 2O3 support 
(Sa=18 m
2/g) and a much lower surface area than the 16.7 wt%Nb2O5/SiO2 
catalyst ( Sa=190 m
2/g) and yet an 11.8 wt% Nb2O5/TiO2 catalyst (013) , which 
would have a similar surface area, showed an activity comparable to a 26.5 wt% 
SiO2 catalyst having a surface area an order of magnitude greater!    
 
The TiO2 (anatase) and α-Al 2O3 (corundum) supports had very similar 
surface areas.   However, the TiO2 support resulted in an uptake of about 3 
times the amount of niobia compared to the α-Al 2O3 support.  Moreover, the 
TiO2 catalyst (013) in experiment 158 actually exhibited he most efficient use 
of niobia of all of the catalysts studied in Table 4-6 (with the exception of the 
gamma alumina co-catalysts for which this parameter is not meaningful) as 
evidenced by the greatest initial specific rate of reaction for MO production 
when normalized by the amount of niobia. This suggests the acid sites on the 
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anatase catalyst were more reactive or in a greater density than the other 
catalysts.  This experiment also resulted in a relativ ly high acetone conversion 
(9.74 % after 8 hours) with excellent selectivity (93.4 mol %  at  X=8%).   The 
relatively high activity, selectivity and stability of this catalyst are attributed to a 
strong metal support interaction due to the semiconductive properties of TiO2 
arising from its low band gap.  It is interesting to note that the repeated 
experiment using the TiO2 catalyst, which had a higher loading of niobia, 
resulted in a lower catalyst activity.  This observation is consistent with the 
notion that unique acid sites are generated from dispersed niobia species and are 
diminished with increasing loading beyond monolayer coverage.  Therefore, it 
would be of interest to investigate this TiO2 catalyst at a lower niobia loading. 
 
Nb2O5/MgO catalysts have been studied previously for thepartial 
oxidation of methanol and were found to exhibit highly distorted NbO6 
structures with mono-oxo Nb=O bonds associated with Lewis acidity.[87]   
However, the MgO catalysts investigated in this work showed the lowest 
activity of the catalysts investigated and deactivated rapidly.  In experiment 
137, no product was observed using a 6.2 wt% Nb2O5/MgO catalyst.  In 
experiment 136 the 13 wt% Nb2O5/MgO catalyst not only deactivated, but the 
reaction appears to have reversed after deactivation s evidenced by a decrease 
in the MO concentration to about 0.01 M after first eaching a maximum of 
about only 0.03 M (Appendix C).  Clearly, Nb2O5/MgO is not suitable as a 
niobia catalyst support for the synthesis of MO.  This result is consistent with 
the findings of Jehng and Wachs[87] who found that the Lewis acid sites of the 
niobia were more active when dispersed onto alumina and silica supports than 
on MgO.  They suggested that the very strong acid-base interaction between the 
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4.4.3  BET Surface Area Analysis of Select Catalysts 
The BET surface areas of some select catalysts were obtained using a 
Micromeritics Gemeni 2375 and are outlined in Table 4-7.  The catalysts 
calcined at 100°C were de-gassed at 100°C in flowing nitrogen for 1 hour prior 
to analysis while the catalysts calcined at 500°C were de-gassed at 250°C for 1 
hour prior to analysis.  The BET measurements were repat d in triplicate for 
catalysts 029 and 031 in order to obtain an estimate of he instrument precision.  
The 95% confidence bounds on their estimates are givn in Table 4-7.   The 
results in Table 4-7 compared to the BET data for the supports in Table 4-1  
show that the deposition of niobia onto the oxide support resulted in a slight loss 
of surface area  for the high surface area γ-Al 2O3 and particularly the fumed 
SiO2 supports but resulted in a net increase in surface areas of the corundum, 
anatase and MgO supported catalysts.  The calcination temperature did not 
appreciably affect the surface area of the catalysts wi h crystalline supports. 
However, the high calcination temperature (500°C) did appear to result in some 
loss of surface area in the amorphous SiO2 catalysts, which did remain the 
highest surface area catalysts.  
 
Table 4-7  BET surface areas of select catalysts 
CATLAYST 
 ID 
DESCRIPTION BET SURFACE AREA 
[m2/g] 
029 16.7 wt% Nb2O5/SiO2 calcined at 100°C 197  ± 2 
031 6.3  wt% Nb2O5/γ-Al 2O3 calcined at 100°C 111  ± 6 
026 2.65 wt% Nb2O5/γ-Al 2O3 calcined at 500°C 143 
028 5.82 wt% Nb2O5/SiO2 calcined at 500°C 153 
022 5.41 wt% Nb2O5/MgO calcined at 500°C 10 
023 14.8 wt% Nb2O5/TiO2 calcined at 500°C 13 
024 4.34 wt% Nb2O5/α-Al 2O3 calcined at 500°C 19 
 
4.4.4 Effect of Thermal Pre-Treatment Temperature  
It is known that two-dimensional surface-phase niobium oxide monolayer may 
be synthesized on the outer most surface of a metal oxide support via the 
coordination of the niobium precursor with surface hydroxyl groups.  The 
preferential titration of surface hydroxyl groups has been confirmed 
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experimentally by IR spectroscopic measurements.[91,103]  Therefore the surface 
hydroxyl chemistry is an important factor which influences the assembly of 
niobium oxide surface structures.68  The results of this experiment (DoE #1) 
suggest that the catalyst performance for MO synthesis benefited from 
activation of the support at high temperature, for which the surface coordinative 
unsaturation was maximized and the surface hydroxyl concentration was 
minimized.   
 
A comparison of the initial rates of reaction obtained using catalysts 
consisting of niobia supported on basic γ-Al 2O3 pre-treated at 250°C and 400°C 
(experiments 134b and 141 respectively) shows that the increase in thermal pre-
treatment temperature of the support resulted in a 40% increase in the initial rate 
of reaction.  A similar result was realized for the niobia supported on weakly 
acidic γ-Al 2O3.  The niobia catalyst supported on weakly acidic γ-Al 2O3 pre-
treated at 400°C had an initial rate of reaction about 30% higher than the 
average result for the niobia catalysts supported on weakly acidic γ-Al 2O3 pre-
treated at 250°C.  The acetone conversion after 2 hours was consistently higher 
for those catalysts whose supports were pre-treated t 400°C (or 450°C in the 
case of α-Al 2O3) than the corresponding catalysts whose supports were 
activated at 250°C.  The acetone conversion after 2 hours was about 40% higher 
for the γ-Al 2O3 catalysts pre-treated at 400°C compared to the γ-Al 2O3 pre-
treated at 250°C.    
 
The magnesia experiments were less conclusive due to the very low 
reaction rates and lack of repeatability between experiments 136 and 137.  
However, the preliminary results of the effect of thermal pre-treatment of the 
MgO support are consistent with the alumina catalyss in that the best result 
obtained involved an MgO catalyst whose support was pre-treated at the higher 
pre-treatment temperature (400°C).  The MgO support pre-treated at 400°C (Cat 
012) resulted in over double the uptake of niobia compared to the support 
activated at 250°C (Cat 011).    The initial rate of reaction for the MgO catalyst 
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pre-treated at 400°C (experiment 136) was an order of magnitude greater than 
the rate of reaction for the MgO catalyst pre-treated at 250°C  (experiment 158).  
The acetone conversion after two hours was about double for the MgO catalyst 



























Figure 4-16  Effect of thermal pre-treatment temperature of alumina and 
magnesia supports on the acetone conversion (%) after two hours ( *The α-Al2O3 
support high pre-treatment temperature was 450°C instead of 400°C.  The average conversion 
is reported for the repeated experiments for the acidic γ-Al2O3 support activated at 250°C ) 
 
EDXRF analysis of the MgO catalysts indicates that te niobia uptake was 
almost double for the catalyst pre-treated at 400 °C compared to the catalyst 
pre-treated at 250°C.  However, the thermal pre-treatm nt temperature did not 
appear to have a significant effect on the niobia uptake of the alumina catalysts.  
A   comparison of the initial rates of reaction per gram niobia for the MgO 
catalysts 012 and 022 (Table 4-6) shows that the niobia was utilized more 
efficiently by a factor of 5.7 for the catalyst whose MgO support was pre-treated 
at 400°C compared to 250°C).  The results suggest that higher thermal pre-
treatment temperature not only resulted in an increased uptake of niobia but also 
yielded a more active form of niobia.   
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Since all of the catalysts were calcined at 500°C, any effect of the thermal pre-
treatment temperature on the catalytic behaviour must be related to the 
interaction of the surface oxide phase with the activ ted support and can not be 
due to the generation of acid sites on the metal oxide support from the thermal 
pre-treatment (with the exception of γ-Al 2O3 which exhibits Lewis acid and 
base sites).  The results suggest that a higher thermal pre-treatment temperature 
resulted in a more active form of niobia and in the case of MgO, an increased 
niobia uptake by the support.   
 
A possible explanation for this is that the increased upport thermal pre-
treatment temperature resulted in an increased level of surface coordinative 
unsaturation of the metal oxide support and thus affected the strength of the 
interaction between the niobia surface-phase and the metal oxide support.  The 
increased thermal pre-treatment temperature increased the strength and number 
of basic sites (O2- anions) active for bonding with adsorbates.  Alternatively, a 
reduction in the surface hydroxyl concentration may have resulted in the 
assembly of more highly dispersed niobia species having superior geometrical 
and electronic properties.  In the case of the γ-Al 2O3 supported catalysts, the 
support should be considered a co-catalyst.  It is not surprising therefore that an 
increase in the surface coordinative unsaturation of the support would result in 
an increased catalytic activity since the Lewis acidity of the support would 
increase along with its activity for MO synthesis.  The basic γ-Al 2O3 support 
was found to be highly active for MO synthesis (Table 4-4).  In this case, the 
oxygen anions likely play an important role in the catalytic cycle by generating 
enolate ions via the heterolytic dissociative adsorpti n of acetone. 
 
4.4.5 MO Selectivity 
The acidic γ-Al 2O3 supported catalyst consistently gave higher selectivity to 
MO, than the basic γ-Al 2O3 supported catalyst, albeit a marginal improvement 
(Table 4-6). The average MO selectivity was 95.3 mol% for the acidic γ-Al 2O3 
supported catalyst compared to 92.3 mol% for the basic γ-Al 2O3 supported 
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catalyst at an acetone conversion of 8%.  The TiO2 and SiO2 catalysts calcined 
at 500°C gave comparable MO selectivities around 93 mol% at an acetone 
conversion of 8%.  However, all of the catalysts which achieved acetone 
conversions of at least 8% showed much higher selectivity to MO than 
Amberlyst 15, which gave 84.9 mol% selectivity to MO at 120°C an acetone 
conversion of 8%.  In fact, the selectivity was slightly lower since a very minor 
unknown compound observed in the experiment with Amberlyst 15 (RT=1.8 
min) was neglected from the calculation of selectivity (mol%).     
 
The benchmark catalyst Amberlyst 15 also resulted in the production of 
cyclic compounds such as mesitylene and isophorone.   I  contrast, isophorone 
was never observed in any autoclave experiments using the niobia catalysts 
reported herein.  For example, in experiment 140, the Nb2O5/γ-Al 2O3 catalyst 
had 1.5 times the initial rate of reaction for MO synthesis at 160°C than that of 
Amberlyst 15 at 120°C and yet did not produce any mesitylene, isophorone or 
any unidentified higher molecular weight species during the 8 hour experiment 
and achieved a MO selectivity of 95.0 mol% at an acetone conversion of 13%.  
The selectivity of Amberlyst 15 was relatively low compared to the niobia 
catalysts in Table 4-6, largely due to the presence of unreacted acetone (Figure 
4-12).  The results clearly demonstrate that the higher reaction temperature 
afforded by the refractory niobia catalysts has enabled chemistry more 
favourable for DAA dehydration and MO synthesis. 
 
The general trend of MO selectivity as a function of acetone conversion is 
illustrated in Figure 4-17 (a) for an experiment from DoE #2 (section 4.5) which 
achieved a relatively high conversion.   The acetone conversion as a function of 
time is illustrated in Figure 4-17(b) for this experiment.  Initially, the selectivity 
to MO is quite low due to a relatively high ratio of DAA to MO.   The 
selectivity increases with acetone conversion since the equilibrium 
concentration of DAA is rapidly established, whereas the concentration of MO 
continues to increase with acetone conversion.  A discontinuity appears in the 
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selectivity versus concentration plot after an aceton  conversion of around 7% 
as minor products appear above the peak area rejection limit of the GC analysis.  
In this case, phorone is evident.  The selectivity continues to improve since the 
rate of MO formation exceeds the rate of phorone formation.  Another 
discontinuity is evident at an acetone conversion of ar und 13 % as new minor 
products become apparent in the GC analysis.  In this case, mesitylene appears 










Figure  4-17  (a) left; acetone conversion as a function of time  
Figure 4-17 (b) right;  MO selectivity (mol %) as a function of acetone 
conversion  [Experiment 162, T=160°C,  Cat 030 (12.3 wt% Nb2O5/SiO2)  W=1.00g, ω≥ 700 
RPM, P≥ 350 psig (N2)]  
 
4.5 DoE #2:   Effect of Calcination Temperature on Alumina and Silica 
Supported Catalysts  
 
Only silica and alumina supported niobia catalysts are known to exhibit both 
Bronsted and Lewis acidity whereas niobia supported on other metal oxides 
exhibit only Lewis acidity.[73,91]    The Bronsted acidity arises due to the 
presence of acidic hydroxyls associated with Nb-O bonds in weakly distorted 
NbO6, as well as NbO7 and NbO8 species, whereas strong Lewis acidity arises 
due to the presence of mono-oxo (Nb=O) and di-oxo (O=Nb=O) structures in 
highly distorted NbO6 octahedra as well as in NbO4  tetrahedral monomers and 
dimers.[68,87,90,91]  Lewis acidity is also generated in silica supported catalysts 
from the coordinative unsaturation of the Nb sites and the associated formation 
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The calcination temperature affects the surface concentration of acidic 
hydroxyls.  Dehydroxylation of the catalyst, which becomes more pronounced 
with increasing calcination temperature, results in a decrease in Bronsted 
acidity.  In addition, the loss of chemisorbed water from the catalyst surface 
leads to an increased distortion of the highly distorted octahedral structures of 
the niobium oxide, thus resulting in an increase in their Lewis acidity.  
Furthermore, the dehydroxylation leads to an increase in surface coordinative 
unsaturation, which also increases the Lewis acidity.  Iizuka et al.[88] found that 
for bulk niobic acid, the Bronsted acidity is maximized after calcination at 
100°C and is non-existent after calcination at 500°C.  The Lewis acidity of 
niobic acid is maximized at around 500°C since bulk niobia crystallizes at 
527°C and consequently loses its acidity and catalytic properties.[73]    
 
It is of great interest to determine the effect of the nature of the acidity, 
Bronsted versus Lewis, on the catalytic performance of supported niobia 
catalysts for the synthesis of MO and MIBK.  Although niobic acid and 
supported niobia compounds have long been identified as a promising catalyst 
for MIBK synthesis, remarkably, to the best of this author’s knowledge, no 
study has been carried out on the effect of calcinatio  temperature on the 
product distribution of niobia supported catalysts for MO or MIBK synthesis.   
The supported niobia and niobic acid catalysts previously disclosed in the 
literature for MO and or MIBK synthesis have been calcined at 500°C, which 
necessarily precludes the possibility of the existence of Bronsted acidity.[42,43]    
 
The objective of the second experiment (DoE #2) was to obtain a cursory 
assessment of the effect of calcination temperature on the performance of 
Nb2O5/γ-Al 2O3 and Nb2O5/SiO2 catalysts (Table 4-8).  The weakly acidic γ-
Al 2O3 support was used rather than the strongly basic support since Jehng and 
Wachs[87] found that basic supports give rise to highly distorted NbO6 
structures, which are associated with Lewis acidity while acidic surfaces give 
rise to weakly distorted NbO6, NbO7 and NbO8 structures associated with 
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Bronsted acidity.  Therefore, the weakly acidic support was selected in order to 
promote the generation of Bronsted acidity.   The effect of calcination 
temperature on the synthesis of MO was studied at two levels of calcination 
temperature (100°C and 500°C) for two levels of nominal niobia loading for the 
γ-Al 2O3 and the Nb2O5/SiO2 catalysts (Table 4-8).   
 
The results in Table 4-9 and Figures 4-18 and 4-19 demonstrate that the 
calcination temperature had a substantial effect on the catalytic performance for 
MO synthesis for the catalysts investigated.  Most no ably, the acetone 
conversion after 8 hours for those catalysts calcined at 100°C is essentially 3 
times greater than those calcined at 500°C for the silica supported catalysts and 
double in the case of alumina supported catalysts.   The catalysts calcined at 
500°C appear to deactivate and reach a pseudo equilibrium MO concentration 
while those catalysts calcined at 100°C appear to maintain a high activity even 
after 8 hours of reaction and acetone conversions in excess of 13% regardless of 
the niobia loading.  A comparison of experiments 159 and 162 using 12 wt% 
Nb2O5/SiO2 catalysts shows that the initial rate of reaction f r MO synthesis 
was 2.6 times greater for the catalyst calcined at 100°C than the catalyst 
calcined at 500°C with the same niobia loading.  This result implies that a far 
more active form of niobia exists on the catalysts calcined at 100°C. 
 
Table 4-8  Catalyst parameters for the investigation of the eff ct of calcination 
temperature on the synthesis of MO (DoE #2) 
Expt. Catalyst Support Nb 2O5 Support Pretreatment Calcination
ID ID [wt %] Activation [°C] (N2)  [°C] Temp [°C]
153 025 γ-Al2O3 7.05 250 400 500
154 026 γ-Al2O3 2.65 250 400 500
163 031 γ-Al2O3 6.29 250 200 100
164 032 γ-Al2O3 3.79 250 200 100
159 027 SiO2 12.5 250 400 500
160 028 SiO2 5.82 250 400 500
161 029 SiO2 16.7 250 200 100
162 030 SiO2 12.3 250 200 100  
Table 4-9  Effect of calcination temperature on catalyst performance for the 
synthesis of MO  (Results of DoE #2)  
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Expt. CAT Initial Rate Initial Rate  Conversion (X) Selectivity
ID ID (MO synthesis) (MO synthesis) [%] [mol %]
[mol/(L*min*g cat)] [mol/(L*min*g Nb 2O5)] 120 min 480 min X=8% X=13%
153 025 0.00506 n/a 5.62 8.06 96.3
154 026 0.00684 n/a 6.09 8.23 95.6
163 031 0.00750 n/a 8.35 15.32 97.1 95.8
164 032 0.00935 n/a 8.41 13.72 94.8 95.9
159 027 0.00320 0.0256 3.46 5.36
160 028 0.00101 0.017 1.30 2.52
161 029 0.0106 0.0636 9.93 13.57 90.9 92.7
162 030 0.00816 0.0663 9.14 13.67 94.4 94.7  
 “n/a” means activity normalized by amount of niobia is not meaningful for alumina catalysts 






















RUN 159  (500°C)
Run 160   (500°C)
Run 161   (100°C)
Run 162   (100 °C)
  
Figure 4-18  Effect of the calcination temperature on the synthesis of MO at 

























Run 154  (500°C)
Run 153  (500°C)
Run 163  (100°C)
Run 164  (100°C)
 
 
Figure 4-19  Effect of the calcination temperature on the synthesis of MO at 
160°C  using Nb2O5/γ-Al 2O3 catalysts 
 
 
The effect of calcination temperature was significant but less pronounced 
on the Nb2O5/γ-Al 2O3 catalysts.  This is likely due to the significant irinsic 
activity of the γ-Al 2O3 support which compensates for the low activity of the
niobia when calcined at 500°C. (i.e. there are a greater number of acid sites to 
deactivate) Note that the in the case of  Nb2O5/γ-Al 2O3  catalysts calcined at 
500°C, the initial rate of reaction is the same order of magnitude as those 
calcined at 100°C.  However, when calcined at 100°C the silica catalysts give a 
comparable performance, with in fact higher initial reaction rates for MO 
synthesis than the alumina supported catalysts.  The alumina catalysts calcined 
at 500°C also appear to approach a relatively low pseudo equilibrium 
concentration of MO, whereas those calcined at 100°C maintain a high activity 
for MO synthesis after 8 hours of operation.  Evidently, the catalysts calcined at 
100°C exhibit enhanced stability compared to those calcined at 500°C, all of 
which invariably deactivate. 
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4.6 DoE #3:  Effect of Niobia Loading on the Catalytic Performance of 
Nb2O5/ γ-Al 2O3 catalysts 
 
The SiO2 and γ-Al 2O3 supports have demonstrated promise as supports for 
niobia catalysts for MO synthesis, particularly considering the performance of 
the catalysts calcined at 100°C and the apparent importance of Bronsted acidity 
for this organic synthesis.   Consequently, the SiO2 and the acidic  γ-Al 2O3 
supported catalysts were selected for further investigation while the other 
supports were abandoned.  In this experiment, the effect of the niobia loading 
on the resultant catalyst performance for MO synthesis was investigated.  
Autoclave experiments were carried out at 160°C using Nb2O5/γ-Al 2O3 catalysts 
with a broad range of niobia loading (Table 4-9).  The calcination temperature 
was kept fixed at 500°C. 
 
Table 4-10  Nb2O5/γ-Al2O3 catalysts used in DoE #3 
Expt. Catalyst Thermal Calcination Precursor XRF
ID ID Treatment Temp Amount Nb2O5
[°C] [°C] [mL/g] wt%
130 005 400 500 1.29 41.3
151 018 250 500 0.521 17.1
143 016 250 500 0.555 12.0
152 019 250 500 0.088 6.7
154 026 250 500 0.036 2.6
168 support 250 n/a 0 0
139 support n/a n/a 0 0  
 
The results in Figure 4-20 reveal some interesting trends.  For the 
catalysts calcined at 500°C, the initial specific rate of reaction is relatively 
insensitive to the niobia loading.  In fact, with te exception of the last 
observation at 17 wt% Nb2O5, the activity for MO synthesis appears to diminish 
with niobia loading.   The effect of niobia loading on the initial rate of reaction 
appears to be more pronounced for the catalysts calcined at 100°C.    It can be 
concluded from Figure 4-20 that the addition of a small amount of niobia had a 
beneficial effect on the catalyst activity for MO synthesis.  However, the further 
addition of niobia to the γ-Al 2O3 catalyst had an adverse effect on the activity 
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and selectivity to MO synthesis.  The optimal loading can not be precisely 
determined from the data in Figure 4-20 but is evidntly between 0 and 6 wt% 
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Figure 4-20  Effect of niobia loading on the activity of Nb2O5/γ-Al 2O3 catalysts 
calcined at 100 and 500°C for the synthesis of MO at 160°C The data point with 0 
wt%  niobia  for data set calcined at 500°C represent  the nominal activity of the support when 
activated at 250°C for 2 hours in moisture free air.  Data from experiment #153 (outlier) was 
omitted from Figure but is available in Appendix C. 
 
These observations are consistent with the IR spectroscopic results 
reported by Datka et al.[91] who found that in the case of a Nb2O5/Al 2O3 catalyst, 
the concentration of Lewis acid sites increased with n obia loading for very low 
niobia concentration up to about 5 wt% after which the concentration of Lewis 
acid sites decreased.  Datka et al.[91] attribute this to a competing process 
whereby Lewis acid sites associated with the surface oxide phase  increase with 
increasing niobia loading at the expense of stronger Lewis acid sites associated 
with coordinativley unsaturated aluminum cations inherent in the metal oxide 
surface.  Initially there is an increase in net acidity for low niobia loading.  
However, at higher niobia concentrations, more Lewis acid sites disappear than 
are created by the addition of niobia.[91]  Thus, the results in Figure 4-20 can be 
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adequately explained by the above model.  The diminutio  of catalytic activity 
observed with increasing niobia loading in Figure 4-20 is due to a net loss of 
acidity.   The results seem to suggest that for the case of γ-Al 2O3 supported 
catalysts, the niobia acts more like a promoter than a catalyst. 
 
The nominal activity of the γ-Al 2O3 support activated at 250°C for two 
hours in moisture free air for MO synthesis at 160°C (experiment 168) was 
found to be 0.00395 (mol/L*min*g),  about half of the activity for the Nb2O5/γ-
Al 2O3 catalysts calcined at 500°C.  In a separate experiment (139), the γ-Al 2O3 
support was not activated by thermal pre-treatment and was used “off the shelf” 
in the hydrated state.  Its nominal activity was slight y lower (0.00303 
mol/L*min*g)  The untreated support was included with the plot of catalysts 
calcined at 100°C.  Since the TGA scan of the acidic γ-Al 2O3 support revealed 
that most of the water is removed from the support by heating to 250°C, the 
data for the sample treated at 250°C was included with the plot of the catalysts 
calcined at 500°C, as a first approximation. 
 
 
The data for experiment 130 was omitted from Figure 4-20 since it was a 
preliminary experiment for which an accurate estimae of the initial rate of 
reaction could not be reliably obtained because the ac tone conversion was 
already 8.8% at the time the first sample was obtained (t=80 min).  However, 
from the data obtained from experiment 130, the initial specific rate of reaction 
was estimated to be 0.0028 [mol/(L*min*gcat)], which is reasonable and 
comparable to the nominal activity of the weakly acidic γ-Al 2O3 support.  It is 
also consistent with the general trend of decreasing activity with increasing 
niobia loading.   The amount of niobia deposited was sufficient for 2 
monolayers for experiment 130.  Consequently, the activity will approach that 
of bulk niobia, which is less active.   
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The MO selectivity at an acetone conversion of X=13% as a function of 
niobia loading is illustrated in Figure 4-21 for five experiments 
(130,140,131,163 and 164) for which a substantial acetone conversion could be 
achieved using Nb2O5/γ-Al 2O3 (acidic support).  Experiment 130 was a 
preliminary experiment (Appendix C) for which 2g of catalyst was used and a 
very high conversion was achieved.  Experiments 163 and 164 correspond to 
the experiments for which the catalysts were calcined at 100°C and achieved 
very high acetone conversions.  Experiment 140 was the only acidic γ-Al 2O3 
catalyst from the screening study in Section 4.4.1. which achieved greater than 
13% acetone conversion.  Experiment 130 was a preliminary experiment with 






















Figure 4-21  Effect of niobia loading on the MO selectivity (mol%) at an 
acetone conversion of 13% for Nb2O5/γ-Al 2O3 (acidic) catalysts  
 
The results of Figure 4-21 demonstrate that the selectivity decreases with 
increasing niobia loading.  This suggests that either  more highly dispersed 
niobia are more selective for MO synthesis due to their geometrical or
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electronic properties or that the Lewis acid sites of the alumina support are more 
selective for MO as a consequence of their relative adsorption strengths.  The 
two catalysts in Figure 4-21 having about 5 wt% Nb2O5 which achieved the 
highest selectivity were calcined at 100°C.  The other data points were calcined 
at 500°C.  Therefore, the enhanced selectivity at low niobia loading might be 
due to the contribution of Bronsted acidity.  Lastly, it should be noted that 
although the niobia loading has a statistically signif cant effect on the selectivity 
to MO, the magnitude of this effect does not appear to be sufficient to exploit 
for engineering purposes. 
 
 
4.7  DoE #4:  Effects of Catalyst Loading, Support Activation Temperature 
and Calcination Temperature on Nb2O5/SiO2 catalysts 
 
The data obtained from previous experiments involving Nb2O5/SiO2 catalysts in 
DoE #1 and #2, presented here in Figure 4-22 show that the initial specific rate 
of reaction for MO synthesis at 160°C increases roughly linearly with niobia 
loading.   This dependence on the activity for MO synthesis on the niobia 
loading is reasonable and expected.  Although the silanol groups of the silica 
support are weakly acidic, the data in Table 4-4 show  that the fumed silica 
support is inert for MO synthesis.  Ammonia TPD analysis of the fumed silica 
support presented in Chapter Five confirms a negligible surface acidity.  Thus, 
the number of acid sites on a Nb2O5/SiO2 catalyst, and hence its catalytic 
activity for acid catalyzed reactions, increases with increasing niobia loading; at 
least for less than monolayer coverage.  As with the alumina supported 
catalysts, the effect of niobia loading on the catalys  activity appears to be more 
pronounced for the catalysts calcined at 100°C.    The fact that the catalysts 
calcined at 100°C are significantly more active than those calcined at 500°C, as 
well as the fact that their activity for MO synthesis is more strongly dependent 
on the niobia loading, suggests that the active form f niobia is different for the 
catalysts calcined at 100°C compared to those calcined at 500°C.  This will be 
further investigated by spectroscopic methods and ammonia TPD analysis in 
Chapter Five. 







































Figure 4-22 Effect of niobia loading on the activity for MO synthesis at 160°C 
for Nb2O5/SiO2 catalysts calcined at 100 and 500°C.  (All catalysts were pre-treated 
at 250°C, T= 160°C, W=1 g, ω=700 RPM) 
 
A 2X2 factorial designed experiment with centre-points (table 4-11) was 
carried out in order to further explore the effects the calcination temperature, 
support thermal pre-treatment temperature and niobia loading on the 
performance of Nb2O5/SiO2 catalysts for MO synthesis at 160°C with an 
emphasis on highly dispersed niobia below about 1/3 fractional monolayer 
coverage.    The inclusion of centre points within the experimental matrix 
allows the study of three experimental variables over three levels.  The niobia 
loading was varied from around 3 to 9 wt% (0.1 to 0.35 monolayer).  
Calcination temperatures of 100, 300 and 500°C and support thermal pre-
treatment temperatures of 100, 250 and 400°C were investigated.   
 
The results of the multivariable regression analysis u ing NLREG v.5.4 
(Sherrod Software) reveals, when applied to the entire data set,  that for highly 
dispersed Nb2O5/SiO2 catalysts for niobia loading less than 1/3 monolayer 
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coverage, the thermal pre-treatment temperature did not have a significant effect 
on the observed initial specific rate of reaction fr MO synthesis.  The Pearson 
coefficients of correlation were R= -0.107 for the main effect of thermal pre-
treatment.   
 
Table 4-11  2x2 Factorial designed experiment with centre points (DoE #4) 
Trial Expt. CAT Nb 2O5 Dry Calcine Monolayer
ID ID [wt%] T [K] T [K]
1 173 036 4.52 373 373 0.17
2 187 047 3.94 673 373 0.15
3 175 038 9.06 373 373 0.35
4 184 044 7.63 673 373 0.29
5 190 050 2.80 373 773 0.11
6 188 048 3.40 673 773 0.13
7 189 049 7.96 373 773 0.31
8 218 059 8.79 673 773 0.34
9 174 037 6.82 523 573 0.26
10 186 045 5.55 523 573 0.21
1 (rpt) 183 039 5.11 373 373 0.20  
 
The fact that the thermal pre-treatment temperature did not have a 
significant effect on the catalyst performance is perhaps not surprising since the 
niobia loading in these experiments were so low (less than 1/3 monolayer 
coverage) that there was likely a surplus of surface hydroxyl groups for the 
niobium ethoxide precursor to coordinate with regardless of the thermal pre-
treatment temperature.    Shirai et al.[93] have reported that Aerosil 200, which is 
also an amorphous fumed SiO2  with similar surface area as the fumed SiO2 
investigated in this work, has surface hydroxyl concentrations of 2 and 5 
OH/nm2 after thermal pre-treatment temperatures of 400 and 200°C 
respectively.  Asakura and Iwasawa[70] and Shirai et al.[93] have also pointed out 
that a surface hydroxyl concentration of 5 OH/nm2 is sufficient to generate a 
single monolayer of niobia on silica.  It follows then that 2 OH/nm2 should be 
more than sufficient to generate 1/3 monolayer coverag .  Therefore, it seems 
reasonable that there might be an excess of surface hydroxyls even after thermal 
pre-treatment at 400°C for the fumed silica support used in these experiments. 
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The results also seem to suggest that the calcination temperature did not 
have a significant effect on the initial specific rate of reaction.  The initial rate 
data obtained from this experiment, when added to the previously collected data 
is in good agreement for the catalysts calcined at 100°C (Figure 4-23).  
However, the catalysts calcined at 500°C have unexpectedly high initial activity 












Figure 4-23 Effect of niobia loading and calcination temperature on the initial 
specific rate of reaction for Nb2O5/SiO2 catalysts (Left)  catalysts calcined at 
100°C (Right)  catalysts calcined at 500°C 
 
Their initial activity is comparable to those catalysts calcined at 500 and 
300°C.  This discrepancy is difficult to explain but may mean that the niobia 
catalysts exhibiting Lewis acidity have greater initial activity when highly 
dispersed below 1/3 monolayer coverage.  Perhaps the apparent lack of an effect 
of calcination temperature for low niobia loading might be expected if a critical 
niobia loading of around 1/3 monolayer coverage is required to generated 
Bronsted acidity as suggested by Wachs et al.[87,91]  Note that all of the catalysts 
calcined at 100°C and having at least 0.3 monolayer of niobia achieved initial 
rates of reaction in excess of 0.068 [mol/L*min*g] whereas the maximum initial 
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Figure 4-23 was only 0.0062 for the catalyst with 26 wt% (1.0 monolayer) 
niobia. 
 
The acetone conversion after three hours (Figure 4-24) clearly confirms 
the effect of calcination temperature on the long term stability of the catalyst.  
The catalysts calcined at 300°C showed comparable results to those calcined at 
100°C.  However, the catalysts calcined at 500°C showed consistently lower 





























Figure 4-24  Effect of calcination temperature on acetone conversion after three 
hours for Nb2O5/SiO2 catalysts (DoE #4) 
 
One experiment in the test matrix (DoE #4), gave a particularly surprising 
result and is possibly an outlier.  The catalyst which had the condition of high 
niobia loading, low calcination temperature and high support activation 
temperature (Cat 044, Run 184) was expected to give the highest initial rate of 
reaction, comparable to experiment 175 for which the niobia loading was also 
maximized and the calcination temperature minimized, and a similarly high 
acetone conversion after three hours was expected.  Although it did achieve a 
relatively high acetone conversion it was much lower than expected (outlier in
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 Figure 4-24), and its initial rate of reaction was the second lowest of the 4 
catalysts calcined at 100°C.  This result might be du to the effect of thermal 
pre-treatment temperature of the support.  Perhaps for catalysts calcined at 
100°C, the surface hydroxyl concentration is important in order to generate 
bridging hydroxyls associated with Bronsted acidity.   
 
The process interaction graph in Figure 4-25 in factstrongly suggests that 
for catalysts calcined at 100°C, the supports activted at low drying temperature 
(100°C) produce catalysts which exhibit higher initial specific rates of reaction 
for MO synthesis.  Moreover, for the supports activated at 100°C, the effect of 
the niobia loading on the resultant initial specific activity becomes far more 
pronounced.  The data in Figure 4-25 implies that a high surface concentration 
of hydroxyls is favourable for the generation of highly active Nb2O5/SiO2 
catalysts when calcined at 100°C, which presumably exhibit significant 






























Figure 4-25  Process interaction graph illustrating the effects of thermal pre-
treatment temperature and niobia loading on the initial activity of Nb2O5/SiO2 
catalysts calcined at 100°C for MO synthesis at 160°C 
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The process interaction graph in Figure 4-26 for the catalysts calcined at 
500°C seems to suggest a reverse, yet less pronounced effect of support thermal 
pre-treatment temperature.  At low niobia loading, the pre-treatment 
temperature does not appear to have a significant effect.  The catalyst activity is 
very low for these experiments.  However, at higher niobia loading for which 
the catalytic activity becomes significant, the catalyst with the support activated 
at the higher pre-treatment temperature produced th catalyst with greater initial 
activity.  However, the effect is far less pronounced compared to the effect of 
the support thermal pre-treatment on the catalysts calcined 100°C.  For the 
condition of high niobia loading and low calcination temperature, the initial 
activity essentially doubles for the catalyst with support treated at 100°C 






























Figure 4-26  Process interaction graph showing the effects of ni bia loading 
and support activation temperature on the initial activity of Nb2O5/SiO2 
catalysts calcined at 500°C 
 
The effect of thermal pre-treatment of the support on he initial activity of 
the catalysts illustrated in Figure 4-26 is perhaps expected for catalyst calcined 
at 500°C, since these catalysts only exhibit Lewis acidity which is maximized 
with increased surface coordinative unsaturation and diminishes with adsorbed 
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moisture.  Pre-treating the oxide support at elevated temperature has been 
shown in general (Figure 4-16) to increase the catalyst activity for those 
catalysts calcined at 500°C.  This is attributed to an increased interaction 
strength between the metal oxide support and surface oxide phase, due to 
increased surface coordinative unsaturation, which en ances the strengths of 
acid sites.      
 
4.8  Conclusions 
 
Catalysts consisting of a surface-phase niobium oxide dispersed onto various 
metal oxides were developed and tested in an autoclave reactor for their activity 
and selectivity for MO synthesis at 160°C.  The three most important catalyst 
parameters for a dispersed niobia catalyst, including the nature of the oxide 
support, the calcination temperature and the niobia loading were investigated.  
In addition, the effect of the support thermal pre-treatment temperature, which 
governs the surface hydroxyl chemistry and the degree of surface coordinative 
unsaturation was studied.  The results demonstrate th  each of these parameters 
had significant effects on the resulting catalyst performance.    
 
Refractory metal oxides exhibiting a broad range of acidity/basicity, 
morphological and electronic properties and exhibiting unique symmetries were 
screened to identify promising catalyst formulations for the synthesis of MO 
from acetone at 160°C including (anatase) TiO2, MgO, α-Al 2O3 (corundum), 
and an acidic γ-Al 2O3 and a basic γ-Al 2O3 as well as amorphous fumed SiO2.  
The general trend of activity for MO synthesis per gram of catalyst is as 
follows:  MgO < α-Al 2O3 << TiO2 < SiO2 ≈ γ-Al 2O3.  Gamma alumina exhibited 
significant catalytic activity for MO synthesis at 160°C and consequently must 
be regarded as a co-catalyst rather than strictly a support.   
 
The suitability of these supports is largely governed by their capacity to 
interact with the niobia precursor and establish a dispersed monolayer of niobia.    
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When impregnated with the same amount of precursor, the niobia loading 
ranged from around 4 wt% for corundum and 26.5 wt% for fumed SiO2.  The 
high surface area supports (SiO2 and γ-Al 2O3) resulted in the establishment of 
1.0 monolayer coverage while the low surface area supports exceeded 
monolayer coverage and consequently, a diminution of acidic properties.  
However, the results clearly demonstrate that the specific surface area is not the 
sole factor which governs the catalyst activity.  The electronic properties are 
important as well.   
 
The anatase TiO2 produced the most active form of niobia of all of the 
catalysts investigated in the initial screening study.  This is attributed to a strong 
metal support interaction arising from the semiconductive nature of TiO2 
(Eg=3.23 eV).  The catalyst activities generally were found to increase with 
increasing support thermal pre-treatment temperature.  This suggests that a 
higher degree of surface coordinative unsaturation results in a stronger 
interaction between the support and surface-phase oxide giving rise to a more 
active form of niobia.  In the case of MgO, the increased thermal pre-treatment 
temperature also resulted in an increased uptake of the niobium ethoxide 
precursor.  The two γ-Al 2O3 supports, one basic (pH 9.5) and the other acidic 
(pH 6.0) with roughly monolayer coverage of niobia, when calcined at 500°C 
exhibited essentially identical kinetic behaviour.  This suggests the support 
acidity/basicity did not appreciably affect the surface oxide phase structure and 
properties.  However, the strongly basic MgO catalyst showed the lowest 
activity and rapidly deactivated. 
 
The fumed silica support is inert for MO synthesis.  Not surprisingly the 
activity of the silica catalyst was found to increas  with increasing niobia 
loading.  However, the role of niobia in the γ-Al 2O3 catalysts is more 
comparable to a promoter effect than that of an active catalytic material.   The 
addition of a small amount of niobia to the weakly acidic γ-Al 2O3 support 
  184 
resulted in a marked increase in the initial rate of MO synthesis at 160 °C, by a 
factor of roughly 2 and 3 for catalysts calcined at 500°C and 100°Crespectively.  
However, the further addition of niobia resulted in a decrease in catalytic 
activity.  The optimal loading can not be precisely determined from the data 
obtained, however it is between 0 and 6 wt%.  The loss f activity with 
increasing niobia loading is attributed to the loss f trong Lewis acid sites from 
the γ-Al 2O3 support in favour of weaker Lewis acid sites from the surface oxide 
phase niobia. 
 
A significant finding was that the calcination temperature had a profound 
effect on the performance of Nb2O5/SiO2 and Nb2O5/γ-Al2O3 catalysts for MO 
synthesis.  Catalysts calcined at 100°C exhibited superior catalyst performance 
compared to those calcined at higher temperature.  Not only were the catalyst 
calcined at 100°C more active, but more importantly it was observed that the 
catalysts calcined at low temperature obtained far greater acetone conversion 
than those calcined at 500°C and maintained their activity throughout the course 
of an 8 hour experiment.  In stark contrast, the catalysts calcined at 500°C 
achieved lower acetone conversions and approached a final “pseudo 
equilibrium” MO concentration much lower than its theoretical equilibrium 
concentration.  The final pseudo equilibrium MO concentration achieved was 
dependent on the catalyst formulation, which suggests that the pseudo 
equilibrium phenomenon is due to catalyst deactivation.  The results suggest 
that Bronsted acidity plays an important role, not only in the catalyst’s activity 
but also its long term stability for MO synthesis.  This result is perhaps 
unexpected since niobia catalysts for MIBK synthesis disclosed previously in 
the literature were all calcined at elevated temperature, which implies an 
intention to maximize Lewis acidity. 
 
The effect of the thermal pre-treatment of the fumed SiO2 support on the 
initial activity of the catalyst for MO synthesis depends on the calcination 
temperature.  For catalysts calcined at 500°C, an increased thermal pre-
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treatment temperature resulted in an increased catalyst ctivity.  This is 
consistent with the results obtained for other oxide supports investigated and is 
attributed to an increased interaction between the support and surface-phase 
oxide due to enhanced surface coordinative unsaturation of the support.  In the 
case of Nb2O5/SiO2 catalysts calcined at 100°C, the effect of support thermal 
pre-treatment is more pronounced.  The supports activated at 100°C, for which 
the surface hydroxyl concentration is maximized, not only gives far more active 
catalysts, but also show a much stronger effect of niobia loading on the initial 
activity.  This implies that the surface hydroxyl chemistry of the support is 
important in establishing the active sites for Nb2O5/SiO2 catalysts calcined at 
100°C.  It is postulated that the active centres for MO synthesis are protonic 
sites associated with bridging hydroxyls (i.e. adlineation sites) created by (Si-O-
Nb) linkages.  This hypothesis and the results of this c apter will be revisited in 
Chapter Five as the nature of the acidity of these catalysts are elucidated and the 
strengths of the acid sites quantified. 
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Chapter Five 
 
Detailed Catalyst Characterization and the Elucidation of the 
Nature of the Acid Sites 
___________________________________________________ 
 
5.0  Synopsis 
 
The acidity of the niobia catalysts used in autoclave experiments in Chapter 
Four were ascertained via the temperature programmed desorption (TPD) of 
ammonia probe molecules.  The nature of the acidity was elucidated via in situ 
DRIFT adsorption spectra of pyridine probe molecules.  The results 
demonstrate that catalyst calcined at 100°C exhibited unique and very strong 
acid sites not present in the catalysts calcined at 500°C while catalysts calcined 
at 300°C exhibited an intermediate acidity.  Bronsted acid sites were evident 
only on catalysts calcined at 100°C but were not present for those catalyst 
calcined at 500°C.    
 
The activity for MO synthesis is correlated with the acid site density as 
well as the acid strength.  The stability of the catalyst for MO synthesis is 
clearly linked to the nature of the acidity.  Catalysts exhibiting only Lewis 
acidity deactivate resulting in a “pseudo equilibrium” whereas catalysts 
exhibiting Bronsted acidity exhibit superior catalyic activity and stability.  
Once calcined at 500°C, the annihilated Bronsted aci ity is not regenerated 
upon rehydration.  This indicates that niobia structure obtained from the high 
temperature calcination is thermodynamically stable.  Raman spectroscopic 
analysis suggests the transformation involves a change from slightly distorted 
octahedra to highly distorted octahedra upon calcintio .  This implies that the 
Nb-OH-Nb bridging hydroxyls are responsible for the Bronsted acidity rather 
than the Nb-OH-Si bridging hydroxyls.  Catalyst characterization via XRD and 
Raman spectroscopy confirm the absence of crystallites.    Thus, the loss of 
catalyst activity and stability from high temperature calcination is not due to a 
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polymorphic phase change resulting in the formation of crystallites but rather is 
associated with the nature and strength of the acidity.    
 
An interesting finding was that a strong interaction between the Norpro 
SiO2 catalyst carrier support and the niobium oxide phase resulted in the 
generation of unique and very strong Bronsted acid sites in the catalyst when 
calcined at 100°C.  FTIR analysis showed that the proportion of Lewis acidity 
in this catalyst formulation was significantly diminished compared to the 
catalysts consisting of niobia dispersed on fumed silica calcined at 100°C.   This 
implies that the niobium oxide structure on the Norpr  silica carrier was distinct 
from the niobia structure on the fumed silica. 
 
5.1  Temperature Programmed Desorption (TPD) 
 
Information regarding the strength and nature of the acidity of niobium oxide 
catalysts was obtained via the quantitative and qualitative analysis of the 
temperature programmed desorption (TPD) of ammonia.   The catalyst 
specimens were activated in situ by prolonged thermal treatment while exposed 
to carrier gas and were subsequently saturated with ammonia.  The physisorbed 
ammonia was removed by thermal treatment and the specimen was then heated 
according to a predetermined thermal profile.   Thesignal peaks resulting from 
the desorption of ammonia as a function of temperature provided information 
regarding the number of types of acid sites as well as their relative acid 
strengths.  Deconvolution of the peaks and the numerical integration to 
determine the peak areas provided a quantitative measur  of the number of acid 
sites.  However, this technique does not reveal the nature of the acidity since 
NH3 will adsorb indiscriminately on both Lewis and Bronsted acid sites.  
Consequently, the nature of the acidity was determined independently by FTIR 
spectroscopic techniques (Section 5.2). 
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5.1.1  TPD Method and Apparatus 
 
Preparation of Catalyst Samples 
The catalyst samples were ground with a mortar and pestle (if not already in a 
powder form) and subsequently pressed into thin wafers.  The wafers were then 
broken down and sieved through sizing screens.  Catalyst particles between 250 
and 500 µm were collected for TPD analysis.  Typically, about 0.06 to 0.12 g of 
catalyst meeting this size specification, precisely weighed using a Sartorius 
balance (± 0.00005 g), were fixed in place within a quartz U-tube reactor  
utilizing a small amount of glass wool (Perkin Elmer N610-2354) on both ends 
of the catalyst sample.   The U-tube was then secured to the sample station of an 
Altamira AMI-200 Catalyst Characterization System using ultra-torr fittings 
with o-ring seals♣ provided by Altamira Instruments.   
 
Altamira AMI-200 Catalyst Characterization System 
Once the U-tube was inserted into the sample station of the Altamira AMI-200 
and sealed, an 800 W heating mantle was raised into position to surround the U-
tube.  The U-tube was enclosed at the top of the mantle with ceramic insulation 
and insulating tape.  The AMI-200 is equipped with multiple gas input ports 
capable of accommodating up to 4 carrier gases, 4 treatment gases and 4 blend 
gases.  The volumetric flow rates of the carrier, treatment and blend gas streams 
are controlled by three Brooks mass flow controllers within the AMI-200 
apparatus.  UHP 5.0 Argon was used as a carrier gas and anhydrous ammonia 
was connected to a treatment gas inlet.  No blend gases were used in these 
experiments.  Both the anhydrous ammonia and argon were procured from 
Praxair (Kitchener, ON).   
 
The direction of gas flow within the apparatus was controlled by two 
multi-port sampling valves as illustrated in the schematic representation of the 
                                                
♣ The reader is advised that general purpose Viton o-rings routinely used in laboratory 
applications are severely incompatible with ammonia and are not recommended.  Neoprene and 
Buna-N o-rings give acceptable compatibility for use with hot ammonia gas. 
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Altamira AMI-200 (Figure 5-1).  The AMI-200 was equipped with a thermal 
conductivity detector (TCD) downstream of the analytical vent enabling the 
quantification of ammonia desorbing from the specimen.   
 
 
Figure 5-1  Schematic representation of the Altamira AMI-200 Catalyst 
Characterization System (Screen print out from AMI-200 Human-Machine 
Interface) 
 
The AMI-200 was also integrated with a mass spectrometer located 
downstream from the TCD analytical vent line, thus enabling the identification 
of species passing through the analytical vent from the sample specimen. This 
was achieved by the connection of a heated capillary tube to the outlet of the 
sample U-tube.  Samples could be extracted periodically from the U-tube 
through the capillary tube to the mass spectrometer for analysis. However the 
mass spectrometer was not used for the NH3/TPD experiments reported in this 
chapter. 
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Thermal Treatment 
The catalyst samples were activated in situ by heating the samples in inert 
environment at 120°C for 10 hours.  Either UHP 5.0 or pre-purified 4.8 argon 
(Praxair, Kitchener, ON.) was passed over the sample during this time at a 
volumetric flow rate of 30 sccm.   The samples were heated from ambient 
temperature to 120°C at a relatively slow heating rate of 2°C/min to ensure that 
the samples did not significantly overshoot the desired temperature set-point.  
Prolonged thermal treatment for a period of 10 hours at 120°C was found to be 
sufficient to activate the catalyst by removing physisorbed material without 
inducing structural modification of the catalyst from thermal treatment.  This is 
particularly important for the catalysts prepared from low temperature 
calcination since thermal treatment at elevated temperatures will significantly 
modify the catalyst structure and acidic properties prior to TPD analysis. 
 
Pulse Chemisorption and Temperature Programmed Desorption 
After the 10 hour thermal treatment step was completed, the catalysts were 
saturated with 10 consecutive pulses of ammonia at 30 sccm with each pulse 
lasting for 120 seconds.  The volume of ammonia injected was the same for 
each injection and is governed by the instrument’s sample loop volume, which 
in this case was 524.0 µL.  Argon flowing at 20 sccm was used as a carrier gas.  
For most of the experiments reported, the pulse chemisorption step was carried 
out with a bed temperature around 130 to 135°C.  Therefore it is likely that only 
chemisorbed ammonia was present on the catalyst surface of these catalysts.  
However, for some earlier experiments, the pulse chmisorption step was 
carried out at room temperature followed by an isothermal treatment at 120°C 
for 1 hour prior to the TPD step to ensure removal of physisorbed ammonia.   
Since ammonia is a very strong base, ammonia would likely displace any 
chemisorbed species such as carbon dioxide interacting with acid sites.     
 
The pulse chemisorption of ammonia onto a 7 wt% Nb2O5/γAl 2O3 catalyst 
is illustrated in Figure 5-2.  Each peak labelled in Figure 5-2 corresponds to the 
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injection of 524.0 µL of ammonia.  The first peak is relatively small, which 
indicates that a significant proportion of the ammonia injected became adsorbed 
on the catalyst.  In subsequent injections, the peak area becomes increasingly 
larger and the signal strength intensifies as an increasingly greater proportion of 
ammonia bypasses the catalyst with each injection and is detected by the TCD.  
By the sixth injection, the catalyst is fully saturated with ammonia and all of the 
ammonia injected bypasses the catalyst resulting in the same peak sizes in 
subsequent injections.  From the first injection onwards, the signal intensity 
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Figure 5-2  Pulse chemisorption of NH3 on a 7.1 wt% Nb2O5/γ-Al 2O3 catalyst  
(CAT 025; 28.06.2007)  [TCD gain 5, TCD current 85 mA, data acquisition rate 2 Hz] 
 
After the pulse chemisorption step was completed, the specimen was 
heated from 120°C to 500°C at a heating rate of 10°C/min.  In a few select 
experiments, the final temperature set-point was as high as 700°C.  During the 
period in which the sample was heated, argon was flowing through the U-tube 
at a rate of 30 sccm.  As the specimen temperature inc ased, the ammonia 
desorbed from the catalyst, passed through the analytical vent and was detected 
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by the TCD.  The TCD was operated at a gain of 20, a current intensity of 85 
mA and acquired data at a sampling period of 5.0 sec/pt (0.2 Hz).   
 
Calibration 
The Altamira calibration procedure consists of multiple injections of a known 
volume (i.e. the sample loop volume of 524.0 µL) of pure ammonia directly into 
the analytical line of the instrument for detection a d quantification by the 
TCD.  Linearity is assumed and the calibration curve is assumed to pass through 
the origin (i.e. no signal offset).  Ammonia was injected directly to the TCD via 
the multi-port valves without passing through the U-tube.  The pressure in the 
sample loop was atmospheric pressure and the temperatur  was data-logged by 
the instrument.  Therefore, the number of moles of ammonia injected can be 
calculated from the ideal gas law.  The area under th  TCD signal versus time 
curve resulting from the pulse injection of ammonia w s integrated numerically 
using OriginPro 7.5.   
 
The peak area per number of moles of ammonia injected for each of the 
10 injections was determined from the ideal gas law assuming the pressure was 
1 atm and using the known injection volume and the measured null station 
temperature, which was found to increase slightly throughout the course of the 
pulse calibration experiment.  The average peak area per number of moles of 
ammonia injected for the 10 pulse injections (i.e. the absolute response factor 
for NH3) was used to relate the TCD peak area to the amount of ammonia eluted 
in TPD experiments.   
 
It is important to note that the TCD current intensity affects the sensitivity 
of the TCD and significantly affects the results.  Therefore, the current intensity 
must have the same value for the calibration as for the TPD method.  In 
contrast, the gain is a signal amplifier.  One may use a different gain for the 
calibration if needed and correct the signal prior t  integration.  In these 
experiments, a TCD gain of 20 was found to give good resolution in the TPD
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 profiles.  However, a gain of 20 resulted in the saturation of the detector signal 
during the calibration step.  Consequently, a gain of 1 was used for the 
calibration step and the TCD signal for the TPD step was corrected by 
multiplying the data by a factor of (1/20).  Users of the Altamira AMI-200 
should note that the TCD gain indicated in the data files are encoded and are not 
the actual gain.  For example an encoded value of 1 corresponds to an actual 
gain of 2; an encoded value of 2 corresponds to an actual gain of 5, etc.  The 
details and calculations of the instrument calibraton are available in Appendix 
D.   
 
The accuracy of the TPD analysis technique is limited by the fact that the 
TPD peaks require deconvolution.  Thus, the uncertainty i troduced in the 
analysis due to detector drift over time and uncertainty introduced in the 
calibration curve is small compared to uncertainty i troduced from the data 
reconciliation step involving the deconvolution of the peaks.  In this work, the 
precision of the instrument is perhaps more important than the accuracy since a 
comparison of the relative acidity of catalyst samples is more meaningful than 
an absolute measure of the total number of acid sites.   Although the Gaussian 
model fit to the TCD signal for the 10 pulse injections of ammonia  resulted in 
good repeatability of the peak areas (RSD= 4.5%) and a good fit to the data as 
evidenced by an average coefficient of correlation of R2=0.98, the data 
acquisition rate for the pulse calibration was poor.  A higher sampling rate of 
2.0 Hz is recommended for the calibration and pulse ch misorption steps in 
future work.  However, for the TPD step a lower sampling frequency of 0.2 Hz 
is recommended, otherwise very large data files will be created.   
 
Deconvolution of TPD Peaks 
As ammonia desorbs from the catalyst, it is detected by the TCD detector.  The 
plots of the TCD signal versus bed temperature do not reveal a single peak.  
Rather, the TCD profiles indicate the presence of multiple peaks corresponding 
to distinct acid sites.  However, these peaks are convoluted.  The summation of 
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these peaks give the characteristic NH3/TPD profiles whereby the signal 
intensity generally increases initially with temperature and then decreases near 
the end of the thermal profile as the ammonia is completely desorbed.   
 
In order to reveal the contribution of the individual acid sites to the 
resultant TPD profile, the TPD peaks were deconvoluted and the resultant peaks 
numerically integrated using OriginPro 7.5.   A mini um number of peaks were 
used to fit the data.  For example, for the typical TPD profile is illustrated in 
Figure 5-3.  An obvious peak is observed around 160°C corresponding to 
weakly adsorbed ammonia.  However, the subsequent pak, which shows a 
plateau from around 290 to 400°C can not be fit by a single peak and is more 
realistically described by two overlapping peaks.   
 
Only the data up to 500°C was analyzed, as was doneby da Silva et al.[92] 
who investigated the acidic properties of niobia-aluminas via NH3/TPD.  
Although some very strong Lewis acid sites may be oserved at desorption 
temperatures higher than 500°C such as in the case of alumina, these sites are 
unlikely to participate in the chemical reaction due to the strong adsorption 
strengths.  Consequently, the end point of the TPD profile was considered an 
artefact and deconvoluted from the data by assigning a “background” peak to it 
as illustrated in Figure 5-3.   Figure 5-3 also illustrates a minor peak eluting 
around 120 to 150°C.  This peak corresponds to physisorbed ammonia and was 
present in the samples for which the pulse adsorption steps were carried out at 
ambient temperature.  The peak areas corresponding to physisorbed ammonia 
were not included in the calculation of total acidity.   
 
Once the number of peaks have been specified and an initial guess as to 
the size and location of the peaks has been provided, th  OriginPro algorithm 
determines the statistically optimum parameters for the peak distribution 
functions.  Either Gaussian or Lorenzian distributions may be used for the 
deconvolution of peaks using OriginPro 7.5.   In this work, Gaussian 
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deconvolution was found to give more appropriate data fit, which implies the 
data is normally distributed.  The data in Figure 5-3 shows that the 
deconvoluted peaks adequately explain the variation in the resultant TPD profile 














Figure 5-3  Deconvolution of an NH3/TPD profile [CAT 044, 7.6 wt% 
Nb2O5/SiO2, calcined at 100°C, W=0.0816 g]  R
2=0.998 
 
Much like adding additional polynomial terms to a regression model, the 
addition of peaks to fit the TPD profiles generally results in improved 
coefficients of correlation.  However, the addition f a peak may not be 
statistically significant or physically meaningful.   Therefore, one must be 
cautious when making inferences on TPD data.  In addition, the number of 
peaks selected can also affect the estimate of total acidity, since the proportion 
of the total area assigned to an artefact will change.  In analyzing the data, the 
minimum number of peaks necessary to fit the data was used.  In most cases in 
this work, only two peaks were required (neglecting the physisorbed NH3 peak 
observed in some analyses).  No more than three peaks plus the background 
peak were necessary to fit the data.  This is consistent with the approach of 
Arena et al.[183] who used three Gaussian peaks, corresponding to weak, medium
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and strong sites to deconvolute their TPD profiles.  The deconvolution of the 
TPD profiles obtain in this work are outlined in Appendix D.   
 
5.1.2  TPD Analysis 
 
Inherent acidity of γ-Al 2O3  
The TPD profile of the weakly acidic γ-Al 2O3 support (Figure 5-4) provides the 
explanation for its catalytic activity for MO synthesis.  The TPD profile reveals 
that the γ-Al 2O3 support has a significant population of medium strength acid 
sites as evidenced by the desorption of a large peak of ammonia at around 
240°C as well as very strong acid sites, probably Lewis sites, as indicated by the 
desorption of ammonia at around 660°C.  In fact, the γ-Al 2O3 supported 
catalysts had the greatest total acidity of the catalys s tested.  The gamma 
alumina support with no niobia in Figure 5.4 also had a very high inherent total 
number of acid sites (164 µmol/g) corresponding to peaks eluting before 500°C.  
However, since the γ-Al 2O3 support alone exhibits a relatively low catalytic 
activity and generally poor catalytic performance compared to those catalysts 
containing niobia, it is evident that the nature and strength of the acidity are 




















Figure 5-4  NH3/TPD profile of ammonia desorption from γ-Al 2O3 (Aldrich 
267740) (W=0.1261 g)
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DoE #2 (Section 4.5) revisited 
The autoclave experiments of DoE #2 in section 4.5 investigated the effects of 
calcination temperature on the activity and stability of Nb2O5/γ-Al 2O3 and 
Nb2O5/SiO2 catalysts.  Figure 4-19 (Chapter Four) illustrates he kinetic 
performance for MO synthesis for Nb2O5/γ-Al 2O3 catalysts CAT 026 and CAT 
032, which were calcined at 500 and 100°C respectivly.  CAT 026 had a niobia 
loading of 2.65 wt% and CAT 032 had a niobia loading of 3.79 wt%.  The 
catalyst calcined at 100°C (CAT 032, Expt. 164) had an initial activity for MO 
37% greater than the catalyst calcined at 500°C (CAT 026, Exp. 154).  In 
addition, the acetone conversions after 2 hours of operation were 6.1 and 8.4 % 
for the catalysts calcined at 500 and 100°C respectively.   
 
NH3/TPD analysis of these catalysts demonstrate that the marked 
difference in catalytic performance observed in Figure 4-19 arises as a 
consequence the disparity in the strength and number of acid sites, which are 
more prevalent in the catalyst calcined at 100°C.  Figures 5-5 and 5-6 illustrate 
the NH3/TPD profiles for catalysts 026 and 032 respectively.  The NH3/TPD 
data were deconvoluted into three peaks corresponding to weak, medium and 
strong sites as was done by Arena et al.[183]  The analysis is summarized in 
Table 5-1. The catalyst calcined at 100°C had over twice the total acidity as the 
catalyst calcined at 500°C.  In addition, the maximum desorption temperatures 
(TM) associated with these peaks occurred at higher temperatures for the catalyst 
calcined at 100°C indicating that the acid sites were stronger for the catalyst 
calcined at 100°C.    This shift in desorption temperature is most pronounced for 
the strong acid sites.   Incidentally, these 2 catalys s exhibited the highest total 
acidity of the catalysts investigated.  The gamma alumina support in the 
hydrated state also exhibited a very high total acidity.  However, the biggest 
difference between the TPD results of catalyst 026 and 032 is the strength and 
number of strong acid sites, particularly the strong acid sites.  The NH3/TPD 
profiles appear similar, but twice as much catalyst was used for the TPD 
analysis of CAT 026 calcined at 500°C.  Regardless, the peak corresponding to
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the strongest acid sites is far more pronounced for catalyst 032 in Figure 5-6 
than catalyst 026 in Figure 5-5. 
 
Table 5-1  Effect of calcination temperature on acidity of Nb2O5/γ-Al 2O3 























253 296 368 16.7 31.6 44.3 92.6 
032 
(100°C) 
262 308 397 30.2 64.3 99.5 193.9 
TM1, TM2 and TM3 denote the temperatures associated with the NH3 desorption peak maxima in 






















Figure 5-5  NH3/TPD profile of CAT 026,  2.65 wt% Nb2O5/γ-Al 2O3, calcined 
at 500°C, (W= 0.122 g, R2= 0.9998)  


















































Figure 5-6  NH3/TPD profile of CAT 032, 3.79 wt% Nb2O5/γ-Al 2O3 , calcined 
at 100°C,  (W=0.068 g, R2=0.9998) 
 
The effect of the calcination temperature of the Nb2O5/SiO2 catalysts on 
their catalytic performance for MO synthesis was investigated in DoE #2 
(Section 4.5) and over three levels in the autoclave experiments of DoE #3 
outlined in section 4.7.   The TPD analysis of the acidity of these catalysts is 
very insightful.  The results clearly demonstrate that t e calcination temperature 
affects the acid strength.  Specifically, the Nb2O5/SiO2 catalysts with fumed 
silica supports calcined at 100°C exhibit very strong acid sites relative to those 
calcined at 500°C.   
 
In Figures 5-7 through 5-9, the TPD profiles were deconvoluted using 
only two peaks to describe the data, neglecting the background peak and the 
peak associated with physisorbed species observed in some figures.  CAT 029 
(Fig 5-7) was one of the most active catalyst produce  in this work (Fig 4-18).  
The strong acid site in Figure 5-7 is centred about an average desorption 
temperature of 389°C.   For the fumed silica catalys s calcined at 100°C, the
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desorption of the last ammonia peak prior to the art f ct is observed on average 
around 370°C when deconvoluted with only two peaks.  This peak 
corresponding to the strong acid sites is observed on average around 320°C for 
the catalysts calcined at 500°C (Figure 5-8).  The catalysts calcined at 300°C 
showed an intermediate acid strength as evidenced by the desorption of the last 















Figure 5-7  NH3/TPD profile of a Nb2O5/SiO2 catalyst calcined at 100°C 
exhibiting very strong acid sites (CAT 029, W=0.0331 g, R2=0.998)  The strong 
acid sites have Tm=368°C 
































Figure 5-8  NH3/TPD profile of a Nb2O5/SiO2 catalyst calcined at 500°C 
















Figure 5-9   NH3/TPD profile of a Nb2O5/SiO2 catalyst calcined at 300°C 
(CAT 045, W=0.0899 g, R2=.999)  Catalyst 045 has intermediate acidity; the strong 
acid sites have Tm=352°C. 
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For the fumed SiO2 catalysts calcined at 500°C in this work, the highest 
desorption temperature of ammonia observed over the ange of 120 to 520°C 
was 338°C  (CAT 049; 7.96 wt% Nb2O5) when using only two peaks to 
characterize the acidity.  This catalyst had a high level of niobia loading in DoE 
#4 (Chapter Four).  The most active SiO2 catalysts for MO synthesis were 
calcined at 100°C. For the most active catalysts, the ammonia desorption peak 
around 370°C were more pronounced, which suggests that these strong acid 
sites are primarily responsible for the catalytic activity.  Catalyst 040 (10.2 wt% 
Nb2O5/SiO2 calcined at 100°C) was found to exhibit a relatively high activity 
for MO synthesis (experiment 176).  The initial rate of MO production found in 
experiment 176 was 0.00996 mol/(L*min*gcat) or in terms of niobia, 0.0980 
mol/(L*min*gNb2O5).   
 
Both the autoclave experiment and the TPD experiment w re repeated to 
confirm this result.   Experiment 179 was a replicate of autoclave experiment 
176.   The initial rate of reaction for MO synthesis at 160°C estimated in 
experiment 176 was within 2% of that of determined in experiment 179.  The 
TPD profile was also highly repeatable (Appendix D). When using two peaks 
to characterize the acidity, the total acidity was repeatable to within 3%.  The 
TPD analysis of catalyst 040 in Figure 5-10 reveals a large proportion of 
relatively strong acid sites as evidenced by the elution of ammonia centred 
about a desorption peak maximum temperature of  375°C.   















Figure 5-10 NH3/TPD profile of a highly active Nb2O5/SiO2 catalyst for MO 
synthesis (CAT 040, 10.2 wt% Nb2O5/SiO2, calcined at 100°C) 
 
Strong acid sites with 360<Tm< 400°C when using twopeaks to characterize the acidity, are 
only observed for catalysts calcined at 100°C.  This peak becomes more pronounced with 
higher catalyst loading and appears to be correlated with catalyst activity.  
 
The effect of calcination temperature on the desorption peak maximum 
temperature (TM) associated with the most strongly adsorbed NH3 for 
Nb2O5/SiO2 catalysts is illustrated in Figure 5-11.  The results clearly 
demonstrate that the SiO2 catalysts calcined at low temperature give rise to very 
strong acid sites, presumably Bronsted acid sites.  The relative strength of the 
strongest acid sites present in each specimen, diminish with increasing 
calcination temperature.  The broad 95% confidence bounds illustrated in the 
Figure arise as a consequence of the variation in the niobia loading for the 
specimens, which was an experimental variable.  The niobia loading also 
affected the strength of the acid sites present. Themaximum ammonia 
desorption temperature associated with the strongest acid sites increased slightly 
with increasing niobia loading.    
 


































Figure 5-11   Effect of calcination temperature on the average desorption 
temperature (Tm) associated with the strongest acid sites observed in the TPD 
profiles below 500°C for the Nb2O5/SiO2 catalysts investigated (17 specimens, 
95% confidence bounds indicated on average Tm)   
 
The strong acid sites characterized by high desorption maximum 
temperature in excess of 360°C appear to be the signature of a niobia catalyst 
exhibiting excellent catalytic performance for MO synthesis.  Note that 
although catalyst 040 was more active for MO synthesis than CAT 032, (3.79 
wt% Nb2O5/γ-Al 2O3 calcined at 100°C), the more active catalyst had much  
lower total acidity (55.3 µmol/g averaged over two measurements) compared to 
CAT 032 (194 µmol/g).  It is evident that the total number of acid s tes alone 
does not determine the overall activity and that the nature and strength of the 
acidity must also be important.     
 
In the final catalyst formulation used in the catalytic distillation 
experiments of Chapter Eight, a commercial silica catalyst carrier (Norpro SS 
65137, ca. 155 m2/g) was used.  Figure 5-12 is the NH3/TPD profile of a 
catalyst consisting of niobia dispersed onto the commercial silica catalyst carrier 
for use in a flow reactor experiment (Chapter Six).  This catalyst (CAT 057) 
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was calcined at 100°C and exhibited excellent performance for MO synthesis.   
The TPD profile shows that the strong acid sites observed in previous catalysts 
calcined at 100°C are present.  However, this peak is very pronounced and 
corresponds to a higher ammonia desorption maximum te perature (396°C) 
which indicates a much larger population of these acid sites as well as a greater 
acid strength associated with these sites.  In addition, Figure 5-12 reveals that a 
new and very strong acid site is present corresponding to the desorption of 
ammonia around 460°C, which was not previously observed in these TPD 
experiments.  TPD analysis of the support without niobia (Appendix D) 
confirms that the Norpro HSA silica support does not exhibit any inherent 














Figure 5-12  NH3/TPD profile of catalyst 057  5.30 wt% Nb2O5/ Norpro HSA 
SiO2  (W=0.126 g)  A new and very strong acid site, not observed in previous experiments, 
is evident in the TPD profile of catalyst 057 from NH3 desorption at 460°C.  A very large 
population of strong acid sites is also evident from the desorption of ammonia at 396°C. 
 
It is interesting to note that this catalyst with very strong surface acidity 
had a relatively low niobia loading, 5.30 wt% (XRF) which corresponds to 
about ¼ monolayer coverage.  Evidently, the niobia was more efficiently 
utilized on this lower surface area silica support, which also resulted in



















  206 
numerous unique and very strong acid sites.   In addition, the total acidity of this 
catalyst, was only 41.2 µmol/g.   However, about half of the acid sites (49.4%) 
are very strong acid sites (Tm ≥ 360°C).  This suggests that the activity for MO 
synthesis increases with increasing acid strength. 
 
During catalyst preparation of CAT 057, sufficient precursor was used to 
achieve monolayer coverage on the higher surface area fumed silica support 
(255 m2/g).  However, in the case of the Norpro catalyst carrier, a smaller 
fraction of the precursor was integrated into the catalyst during the thermal 
attaching reactions responsible for the generation of the overlayer, which 
resulted in a much lower surface coverage (1/4 monolayer).  XRD analysis 
(section 5.3) of similar catalysts with the same catalyst formulation as CAT 057, 
suggests that the niobia overlayer is highly dispered with no evidence of Nb2O5 
crystallites.   
 
The peak associated with strong acid sites increase in area and increase 
slightly in desorption temperature with increasing niobia loading.  In addition, 
ammonia desorption peaks with maxima in excess of around 360°C associated 
with the relatively strong acid sites were not present in any Nb2O5/SiO2 
catalysts calcined at 500°C, regardless of their niobia loading when using two 
peaks to characterize the acidity.  This indicates that hese strong acid sites are 
unique to low temperature calcination, which strongly suggests that these acid 
sites are Bronsted acid sites.  This NH3/TPD data, coupled with in situ DRIFT 
spectra of the adsorption of pyridine probe moleculs on the catalysts (Section 
5.2) confirm that these sites are indeed Bronsted acid sites.   
 
The NH3/TPD profile of CAT 066, a 6.09 wt% Nb2O5/SiO2 catalyst is 
given in Figure 5-13.  This catalyst also had a Norpro silica catalyst carrier as a 
support and represents the final catalyst formulation of this work.   This catalyst 
was used in a catalytic distillation pilot plant exp riment (CD 003, Chapter 
Eight).  The niobia loading of this catalyst corresponds to only 30% monolayer
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coverage (~1/3 monolayer).  However, the results in Figure 5-13 illustrate the 
presence of a large population of very strong acid sites centred about a 
desorption maximum temperature of 485°C.  The TPD scan w s carried out to 
as high as 800°C to elucidate other strong acid sites centred about a desorption 
maxima at 626°C.  Niobia catalysts with other supports including fumed silica, 
when scanned to elevated temperatures, exhibited a “flat line” like artefact and 
did not reveal acid sites beyond 500°C (Appendix  D). The TPD results of the 
analysis of catalyst 066 reveals significant total acidity (115 µmol/g) with a 
substantial proportion of strong acid sites (83.2% Tm ≥ 360) considering only 
the first 4 peaks in Figure 5-13.    
 
It is interesting that such a significant increase in the acidity (CAT 066 vs 
CAT 057) occurred due to a subtle increase in niobia loading from 5.3 to 6.1 
wt%.  In addition, the fact that very strong and uniq e acid sites are created 
when niobia is dispersed onto the Norpro silica catalys  carrier, compared to 
niobia dispersed onto fumed silica is striking evidnce of the important 
influence of the surface oxide support interaction (SOSI) on the resultant niobia 
structure and properties.  Yet these very strong acid sites are achieved only on 
the catalyst carrier and at relatively low niobia lo ding.  
 
The details of the TPD analyses of all catalysts, including the 
temperatures associated with the peak maxima, the peak areas, the acidity 
associated with the peaks and the total catalyst acidity is given in Table D2-1 
(Appendix_D).  
 

















Figure 5-13  NH3/TPD profile of CAT 066, 6.09 wt% Nb2O5/ Norpro HSA 
SiO2  (W=0.0585 g)   
 
 
5.1.3  Regression Analysis 
 
The NH3/TPD profiles of fumed silica catalysts used in DoE #2 and DoE #4 for 
which the niobia loading, support activation temperatu e and calcination 
temperature were varied were analyzed to determine if any associations existed 
between the catalyst acidity and resultant kinetic behaviour established in the 
previous experiments.  Not surprisingly, when the total acidity of the catalysts 
were ascertained by TPD data using two peaks to chara terize the acidity, the 
niobia loading was found to be  correlated with the acid site density (Figure 5-
14).  With the exception of a couple of outliers, the acid site density was also 


































Figure 5-14  (a) (left) Effect of niobia loading on the acid site density  (b) 
(right)  Effect of the acid site density on the initial rate of reaction for MO 
synthesis  Data obtained from fumed silica catalysts used in DoE #2 and DoE #4.  Apparent 
outliers are indicated by open squares. The TPD profiles were deconvoluted using two peaks to 
characterize the acidity. 
 
The fact that the catalyst activity correlates with the acid site density 
suggests that both Lewis and Bronsted acid sites ar active for MO synthesis.  
For example, if only Bronsted acid sites were active, then those catalysts 
exhibiting only strong Lewis acid sites (eg. calcined at 500°C) would exhibit 
strong acidity but would not correlate well with the activity for MO synthesis.  
This conclusion is supported by the autoclave experiments in chapter Four 
whereby some catalysts calcined at 500°C, which deactivated rapidly to a 
“pseudo equilibrium” conversion, exhibited good initial activity.  Considering 
the relatively good repeatability of the TPD experiments, and the relatively low 
coefficients of correlation, the results suggest that t ere are factors other than 
the total number of acid sites which also affect the initial rate of reaction for 
MO synthesis.  Similarly, the generation of acid sites likely depends on factors 
in addition to the niobia loading, such as, possibly, the thermal treatment 
including support activation temperature.    
 
Indeed, the outlier in the plot of total acidity vs activity for MO synthesis, 
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relatively low total acidity (58.4 µmol/g), corresponds to CAT 040 (Figure 5-
10), which was calcined at 100°C and exhibited a large proportion of very 
strong acid sites.  The second outlier at the lower total acid strength also 
exhibited a higher than expected activity.  This data point corresponds to CAT 
059, which was also calcined at 100°C.  Similarly, some catalysts which 
exhibited very high total acid site density showed low activity for MO 
synthesis.  For example, the γ-Al 2O3 support exhibited significant total acidity 
(164 µmol/g) but low activity (0.003 mol/L*min*g).  Evidently, the total acid 
site density is not the sole factor which determines catalytic activity. 
 
Figure 5-15 shows that the activity for MO synthesis i  also related to the 
acid strength.  In Figure 5-15 the initial rate of reaction for MO synthesis is 
plotted against the temperature associated with the desorption peak maximum 
(Tm) of the peak corresponding to the strongest acid sites. The temperature 
associated with the desorption peak maximum is a mesur  of the strength of 
the acid sites associated with the peak.    For example, empirical correlations of 
the form of equation (5-1), where a and b are material specific constants, allow 
prediction of the Hammet acidity as a function of the desorption 
temperature.[184]  With the exception of a couple of outliers in Figure 5-15, the 
initial rate of reaction for MO synthesis appears to correlate well with the 





aH +=0         (5-1) 
 


























Figure 5-15  Effect of the acid strength of Nb2O5/SiO2 catalysts on the initial 
rate of reaction of MO synthesis at 160°C.  (Catalysts used in DoE #2 and DoE #4.  
Apparent outliers identified by hollow circles.) 
  
5.2  Diffuse Reflectance Infrared Fourier Transform  Spectroscopy 
 
5.2.1 in situ  DRIFT Adsorption Spectra of Pyridine Probe Molecules   
IR spectroscopic investigation of the physicochemical interaction of basic probe 
molecules with the niobia catalysts were employed in order to ascertain the 
nature of the acidity.  Pyridine (Caledon, Reagent Grade, 8700-1, Lot 48178, 
≥99.0%) was used as the probe molecule since it is a strong base which can 
selectively detect both Lewis and Bronsted acidity.[184] Moreover, in situ IR 
study of pyridine adsorption has been used extensivly by previous investigators 
to elucidate the nature of the acidity of niobic acid and niobia supported on 
various metal oxides.[68,87,88,91-93,97,99,100,103,105]  Consequently, the IR vibrations 
of pyridine adsorbed on niobia compounds are well known. 
 
The interaction of pyridine with Bronsted acid sites results in the 
formation of pyridinium ions whereas the interaction f pyridine with Lewis 
acid sites results in one of several possible coordinativley bonded adsorbed 
species.   Pyridine may also form hydrogen bonds with an acidic surface.  The
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characteristic IR skeletal vibrations of pyridine associated with these unique 
adsorption modes on acidic surfaces are summarized in Table 5-2.  
 
Table 5-2  Assignment of IR skeletal vibrations of pyridine adsorbed on solid 
acid catalysts 
Interaction Assignment 
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                 1580 
(1600-1633) 
 1620 
1610, 1480, 1440 

















A Bio-Rad Spectrometer (Excalibur-Super) equipped with a MCT 
detector was used to obtain situ measurements of Diffuse Reflectance 
Infrared Fourier Transform (DRIFT) spectra of pyridine probe molecules 
interacting with the acidic catalyst surfaces.  The IR sample cell was filled to 
about 2/3 of its capacity with silicon carbide.  The remaining volume of the cell 
was then filled with the catalyst sample.  The specim n was then compressed 
into a disk and its external surface smoothed.  The sample cell was sealed and 
installed into the FTIR.   The catalyst was subjected to a pre-determined thermal 
treatment under high vacuum in order to activate the specimen.  The sample was 
then cooled to a predetermined temperature and isolated from the vacuum 
system.  The background scan was obtained prior to pulse adsorption of 
pyridine and was subtracted from the DRIFT spectra obtained so that only 
vibrations associated with the adsorption of pyridine would be visible in the 
DRIFT spectra.  The catalyst was then saturated with pyridine by a succession 
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of 30 second pulses.  The pulse adsorption of pyridine was monitored by 
collecting DRIFT spectra after each successive pulse.   Once saturated, the cell 
was reconnected to the vacuum system and the in situ DRIFT spectra were 
obtained periodically.   
 
To obtain the spectra, the samples were irradiated with a 600 µW 
monochromatic laser source with a wavelength of 632.8 nm.  The resultant 
spectra consisted of time-averaged results of 25 scans with a resolution of 4  
cm-1 and a data acquisition frequency of 10 kHz.   Other Bio-Rad FTIR 
parameters were sensitivity=1, Filter=1.2 and UDR=2.   The custom made 
vacuum system was equipped with a primary BOC Edwards vacuum pump and 
a secondary diffusion pump to enable high vacuum.  The pressure was 
monitored with a BOC Edwards Wide Range Gauge (WRG-5) and a BOC 
Edwards Active Pirani Gauge and Active Gauge controller (APGX-M-15MM 
ST/ST).  The MCT detector of the FTIR cell was cooled to cryogenic 
temperature (ca. 77 K) using liquid nitrogen in order to minimize radiation from 
the ambient. 
 
In preliminary experiments, the DRIFT spectroscopic analysis procedure 
was based on the procedure disclosed by Datka et al.[91] who investigated the 
acidic properties of surface-phase niobia dispersed onto various transition metal 
supports. The IR cell was evacuated to about 10-2 torr, heated to 100°C and held 
there for 30 minutes.  The sample was then heated to 220°C and held there for 
10 minutes.  Finally, the sample was heated to the pre-treatment temperature of 
425°C.  The secondary diffusion pump was then enabled which reduced the 
vacuum in the IR cell to about 10-5 torr.  Once high vacuum was achieved, the 
sample was retained at 425°C for 2 hours.  After thmal treatment, the IR cell 
was then cooled to 200°C, isolated from the vacuum system and a background 
scan of the catalyst was obtained.  Pyridine was then pulse adsorbed onto the 
catalyst and the DRIFT spectra were obtained as describ d previously.  
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Although activation of the material at elevated temp rature is useful for 
investigating the acidic properties of the catalysts which had been calcined at 
500°C, for samples calcined at low temperature, a thermal treatment at 425°C 
under high vacuum for 2 hours would be sufficient to appreciably modify the 
catalyst’s acidic properties.  That is, one would be modifying the very structure 
one is trying to measure.  The thermal treatment would destroy the Bronsted 
acidity due to dehydroxylation making it less likely to elucidate the Bronsted 
nature of the acid sites.  In fact, the IR spectra presented by Datka et al.[91] for 
niobia aluminas calcined at 500°C for which very slight Bronsted acidity was 
claimed was questioned by da Silva et al.[92] who argued that Datka et al’s 
spectra did not conclusively show the presence of Br nsted acidity.  da Silva et 
al.[92] reported that no Bronsted acidity was present in their own niobia-alumina 
specimens that were calcined at 450°C and activated in the IR cell at 480°C. 
Consequently, in later experiments in this work, the catalysts were activated in 
situ in the IR cell at low temperatures and high vacuum for prolonged periods of 
time.  For example, catalysts were typically activated at 120°C for 10 hours at a 
pressure of about 1 x 10-5 torr.  Pulse adsorption of pyridine would be carried 
out at the same temperature.  
 
The DRIFT spectra of a 17.1 wt% Nb2O5/γ-Al2O3 catalyst (CAT 018) 
calcined at 500°C is given in Figure 5-16.  The figure reveals four characteristic 
peaks at ~ 1450 cm-1, 1490 cm-1, 1577 cm-1 and a broad feature at around 1610 
cm-1.  Each of these vibrations corresponds to coordinativley adsorbed pyridine, 
which is indicative of Lewis acid sites.  These vibrations were observed in most 
specimens.  The spectra in Figures 5-16 and 5-17 are characteristic of other 
Nb2O5/γ-Al 2O3 and Nb2O5/SiO2 catalysts calcined at 500°C in that the spectra 
for these catalysts reveal significant Lewis acidity and no evidence of Bronsted 
acidity.   Figure 5-17 illustrates an example of an in situ DRIFT spectrum for a 
Nb2O5/SiO2 catalyst calcined at 500°C.  The same peaks corresponding to 
coordinativley bonded pyridine on Lewis acid sites are present.  
 




























Figure 5-16  in situ DRIFT spectrum of pyridine adsorption on a 17.1 wt% 
Nb2O5/γ-Al 2O3 catalyst (CAT 018) calcined at 500°C after 2.5 hours in vacuo.   
The specimen in Figure 5-14 was activated in situ at 425°C for 2 hours at P=1.5 x 10-4 torr.  





























Figure 5-17  in situ DRIFT spectrum after 15 minutes in vacuo ( of pyridine 
adsorption on a 12.5 wt% Nb2O5/SiO2 catalyst (CAT 027) calcined at 500°C  
The specimen in Figure 5-15 was activated in situ at 120°C for 2 hours at P=9.5 x 10-6 torr.  
The pulse adsorption of pyridine and subsequent spectra were obtained at 120°C.  
 
 
Some of the peaks in the Nb2O5//γ-Al 2O3 catalyst are shifted to slightly 
higher frequencies, suggesting those sites are moreacidic.  The signal intensity 
is weaker for the silica catalysts since they typically have about one third to one 
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half the total acid site density as the alumina catlys s.  The baseline tends to be 
noisier for specimens activated at low temperature s ch as the case in Figure 5-
17. 
 
The TPD results of the previous section demonstrate that the catalysts 
calcined at 100°C exhibit very strong and unique acid sites not observed in 
those catalysts calcined at 500°C.  From the TPD results in the previous section, 
combined with the FTIR results presented in this section, it is reasonable to 
conclude that the very strong acid sites are in fact Bronsted acid sites.  Figure 5-
18 shows the DRIFT spectra for catalyst 040, which is a Nb2O5/SiO2 catalyst 
with a similar loading to catalyst 027, whose spectra is shown in the previous 
figure (5-14).  The NH3/TPD profile of catalyst 040 is given in Figure 5-10, 
which reveals a significant proportion of very strong acid sites.   The DRIFT 
spectra in Figure 5-18 reveals peaks at associated with Lewis acidity also 
observed in previous specimen including those calcined at 500°C, at 1447, 
1409, 1506 and 1598 cm-1.   However, two new peaks are evident at 1539 cm-1
and 1560 cm-1.  These vibrations were only observed in catalysts calcined at 
100°C.  The vibration at ca 1540 cm-1 is known to be associated with the 
pyridinium ion and is direct evidence of Bronsted acidity.  The vibration at 1560 
cm-1 is unknown but is present in all of the catalysts calcined at 100°C and 
appears to be associated with Bronsted acidity. 
 
 
Figure 5-19 is an example of the DRIFT spectrum of another catalyst 
calcined at 100°C.  The scale is adjusted to better illustrate the peaks.  The 
baseline for this spectrum is also noisy due to the low temperature activation 
temperature.  This figure also reveals vibrations at 1540 cm-1 and 1560 cm-1 
associated with Bronsted acidity.   Additional higher frequency vibrations are 
evident beyond 1600 cm-1 at about 1635 and 1653 cm-1.  A comparison of 
Figure 5-19 to 5-17 suggests that these high frequency vibrations are also 
associated with catalysts calcined at 100°C.  
 





























Figure 5-18  in situ DRIFT spectrum of pyridine adsorption after 15 minutes in 
vacuo (1.6 x 10-5 torr)on a 10.2 wt% Nb2O5/SiO2 catalyst (CAT 040) calcined at 
100°C.  The catalyst was activated in situ at 120°C for 10 hours at P=~ 9 x 10-6 torr;  pyridine 






























Figure 5-19  in situ DRIFT spectrum after 15 minutes in vacuo of pyridine 
adsorption on a 12.3 wt% Nb2O5/SiO2 catalyst (CAT 030) calcined at 100°C 
(1.7 x 10-5 torr) Catalyst activated in situ at 120°C for 10 hours at P  ~ 9 x 10-6 torr.  
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The FTIR results for catalyst 065 a Pd/Nb2O5/SiO2 catalyst of the 
formulation used in the final catalytic distillation experiments is illustrated in 
Figure 5-20.  The baseline is not flat in this region due to strong IR reflectance 
in the region from around 1270 to 1770 cm-1 for this multifunctional catalyst as 
illustrated in Figure 5-21.  The result is interesting in that not only are the 
vibrations associated with Bronsted acidity present at ca. 1540 cm-1 and 1560 
cm-1  as expected due to the low temperature calcinatio, but interestingly, the 
major peaks at 1450, 1490 and 1600 cm-1 associated with Lewis acidity are 
significantly diminished in the DRIFT spectra.   Since the peak intensity in the 
IR spectrum is proportional to the surface concentration of sites, this result 
suggests that the acid sites are predominantly Bronsted in character for this 
catalyst.  This conclusion seems supported by the NH3/TPD profile of Figure 5-
13 for catalyst 066, which had the same formulation.  The TPD profile suggest 
that the majority of acid sites belong to a population of very strong acid sites, 


























Figure 5-20  in situ DRIFT spectrum after 15 minutes in vacuo of pyridine 
adsorbed on a Nb2O5/Norpro SS 65137 SiO2 catalyst (CAT 065) (1.9 x 10
-5 
torr).  The catalyst was activated in situ at 120°C for 10 hours at P ~ 1 x 10-5 torr.  Pulse 
adsorption of pyridine and sample scan obtained at 120°C. 
 
 



























Figure 5-21  DRIFT spectrum of Figure 5-20 expanded to show a bro der range 
of wavenumbers  (pyridine adsorption on CAT 065 after 15 minutes in vacuum)   
 
It is possible that the treatment of the catalyst with glacial acetic acid 
during the palladium impregnation stage may have enhanced the population of 
Bronsted acidity.  However, the NH3/TPD profile for CAT 057 (Figure 5-10), 
which had the same formulation with the exception that it was not impregnated 
with palladium, showed a similar TPD profile with the majority of sites 
belonging to a population of very strong acid sites.   
 
5.2.2  Catalyst Characterization via Carbon Monoxide Probe Molecules  
 
The final catalyst formulation used in this work forthe CD experiments in 
Chapter Eight involve palladium and niobium oxide dispersed onto a silica 
commercial catalyst carrier.  The in situ DRIFT adsorption spectra of carbon 
monoxide probe molecules on the catalyst were ascertain d in order to 
characterize the catalyst surface morphology and oxidation state of the 
palladium.   A few pellets of catalyst 065 (6.09 wt% Nb2O5, 0.04 wt% Pd on 
Norpro SiO2) was crushed with a mortar and pestle and loaded into the IR cell.        
The specimen was dried in situ at 100°C for 17 hours in helium flowing 
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continuously through the IR cell at 20 mL/min, contr lled by a Brooks mass 
flow controller.  After 17 hours, the catalyst was reduced in situ at 100°C with 
hydrogen flowing at 20 mL/min.  The IR cell was cooled to 25°C, after which, a 
background scan was obtained.    The catalyst was probed with 5 consecutive 60 
second pulses of carbon monoxide (CO) via a stream of 10% Co/He mixture. 
DRIFT spectra were obtained after each pulse.   
 
The results (Figure 5-22) reveal a band at 2185 cm-1 which is ascribed to 
gaseous CO.  Two additional bands are evident at ca. 2092 and 1940 cm-1 which 
are ascribed to linearly adsorbed CO.  Notably absent from the DRIFT spectra 
are bands in the region from 1200 to 1700 cm-1 corresponding to Pd carbonate, 
which suggests that the catalyst is completely reduc  (i.e. Pd0).  However, 


























Figure 5-22  in situ DRIFT spectra of carbon monoxide adsorption on a 
Pd/Nb2O5/SiO2 catalyst (CAT 065) at 25°C, The catalyst was reduced in situ with 
hydrogen for 2 hours at 100°C and dried in situ at 100°C in flowing He for 17 hours.  The 
catalyst was probed with 5 consecutive 60 second pulses of carbon monoxide. 
 
The author and co workers have previously characterized the adsorption 
properties of various organic substrates including carbon monoxide on a 
commercial 0.52 wt% Pd/Al2O3 catalyst used in the preliminary pilot plant
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catalytic distillation experiments of Chapter Seven a d used in a previous 
kinetic study on the selective hydrogenation of MO.[18,64]  In contrast to the 
DRIFT spectra obtained for the Pd/Al2O3 catalyst, the niobia catalyst appears to 
have essentially linearly adsorbed CO, which implies a relatively high degree of  
Pd dispersion, whereas the DRIFT spectra of CO adsorption on the commercial 
catalyst (Figure 5-21) revealed a significant propotion of bridged and multi-
bridged CO as evidenced by vibrations at 1980 and 1920 cm-1 respectively, 
suggesting a greater degree of agglomeration of Pd crystallites in the Aldrich 
catalyst.  The commercial catalyst was found to become increasingly 
agglomerated with reduction temperature up to 250°C, beyond which no 














Figure 5-23  in situ DRIFT spectra of carbon monoxide adsorption at 25°C on a 
commercial Pd/Al2O3 catalyst (Aldrich 20,574-5) pre-reduced at 100°C.
♣   
 
The vibrations associated with linearly adsorbed carbon monoxide are 
observed at higher frequencies for the niobia catalyst than the commercial 
catalyst.  Since the stretching frequency is associated with the degree of 
agglomeration, it can be concluded that the sites for linearly adsorbed CO are 
                                                
♣ DRIFT spectra obtained by and Figure prepared by Dr. Ming Jiang, unpublished data. 
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more agglomerated for the niobia catalyst than the alumina catalyst.  However, 
in general the palladium crystallites are more agglomerated for the commercial 
catalyst as evidenced by the significant relative intensities of the peaks 
associated with the bridged and multibridged species.  The Pd is likely more 
dispersed on the niobia catalyst due to the much lower palladium loading.  Also, 
due to the low reduction temperature (100°C), it is possible that the organic 
ligands of the palladium acetate precursor may have remained intact and 
stabilized the Pd.  Intact organic ligands may inhibit sintering of the palladium 
at low to moderate temperatures (< 200°C). 
  
5.3  X-Ray Diffraction (XRD) 
 
One of the most important insights of this work is the profound influence of the 
calcination temperature on the resultant activity and particularly the catalyst 
stability for MO synthesis as well as its effect on the strength and nature of the 
acid sites.  The results in the previous sections in th s chapter show that the 
catalysts calcined at 100°C exhibit very strong acid sites not present in the 
catalysts calcined at 500°C.  Catalysts calcined at 300°C exhibit intermediate 
acid strength.  Characterization of the nature of the acid sites via in situ DRIFT 
spectroscopy shows that these very strong acid sites ar  Bronsted sites.  
Bronsted acidity was not observed in catalysts calcined at 500°C.  However, it 
is known that bulk niobic acid (Nb2O5⋅nH2O) crystallizes at around 523°C 
transforming to the hexagonal TT or T form.[73]  Moreover, it well known that a 
significant loss of acidity and loss of catalytic activity is accompanies this phase 
change.[73,75,78]   
 
Although the FTIR results of the previous section demonstrate that the 
catalyst calcined at 500°C exhibit significant Lewis acidity, it is possible that a 
loss of acidity may have occurred due to the onset of crystallization in the 
surface oxide phase.  In addition to thermally induced phase change, niobia 
crystallites may form due to poor precursor distribution on the support surface, 
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due to weak interaction with between the surface-phase and the support oxides 
and if monolayer coverage is exceeded.[104] Therefore, select Nb2O5/SiO2 and 
Nb2O5/γ-Al 2O3 catalysts were characterized by X-Ray diffraction (XRD) in 
order to ascertain whether any niobia crystallites formed in these catalysts.  The 
XRD analysis confirms that the niobia overlayer of all of the specimens were 
amorphous.  No crystallites were evident in any of the specimen.   
 
Catalysts used in DoE #2 (Section 4.5), which investigated the effect of 
calcination temperature on the activity for MO synthesis as well as their fumed 
silica and gamma alumina supports, were analyzed via XRD.  XRD patterns 
were obtained using a Bruker-D8 x-ray diffractometer which bombarded the 
specimens with monochromatic CuKα  radiation.  The vacuum tube parameters 
were set to 40 kV potential and 30 mA current intensity.   The intensities of 
scattered x-rays for diffraction angles (2θ) ranging from 10 to 40° were 
obtained as was done by Chen et al.[42]  It is known that the first principal 
diffraction peak for the hexagonal T polymorph (γ-phase), if present, would be 
observed at a diffraction angle of 22°C.[14]  Numerous other diffraction peaks 
for this and other polymorphs would be observed over th  interval from 10 to 
40° if crystallites had formed.    The scans were obtained at a step rate of 0.050° 
per second.   
 
The XRD pattern of the fumed silica support (Figure 5-24) exhibits a very 
broad peak characteristic of an amorphous specimen.  In contrast, a crystalline 
specimen would exhibit very sharp and pronounced peaks clearly emerging 
from the background at a very precise diffraction angles.   An example of this is 
the sharp peak observed at precisely 38.2° in Figure 5-24 for the SiO2 support 
and CAT 030.  It is well known from experience in the XRD laboratory that this 
peak is due to the metal tray that the specimen were h ld in and was not due to 
the structural properties of the specimen.  This peak was observed in some 
analyses if the amount of specimen in the tray was small.  The Nb2O5/SiO2 
catalysts investigated all exhibited the broad feature observed in figure 5-24
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 associated with the fumed silica support.  The broad feature associated with the 
fumed silica support appears to diminish with increasing niobia loading. 
However, the XRD patterns show no evidence of niobia crystallites present in 


























Figure 5-24  (left) XRD patterns of Nb2O5/SiO2 catalysts; CAT 029 (16.9 wt% 
Nb2O5/SiO2, calcined at 100°C) and CAT 030 (12.3 wt% Nb2O5/SiO2, calcined 
at 100°C) CAT 028 (5.82 wt%, calcined at 500°C) and fumed silica support 
(untreated).  XRD patterns offset for clarity.  The peak at 38.2° is due to the metallic sample 
holder.    
 
 
The XRD patterns for two Nb2O5/γ-Al 2O3 catalysts used in DoE #2 as 
well as the γ-Al 2O3 support are given in Figure 5-25.  These XRD patterns show 
that the Nb2O5/γ-Al 2O3 catalysts used in the experiment investigating the eff ct 
of calcination temperature were all amorphous.  The XRD patterns for the 
catalysts are quite similar to the support due to the low niobia loading.  
Unfortunately, at the time the XRD experiments were carried out, there were 
insufficient amounts of catalysts 025, 027 and 031 for analysis.  However, the 
results presented here seem sufficient to confirm that the niobia of the catalysts 
used in DoE #2 did not lose catalytic activity as a result of crystallization.  CAT
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025 and CAT 031 were alumina catalysts with only slight y higher loading than 
catalysts 026 and 032.  CAT 027 had a loading comparable to CAT 029 but was 




Figure 5-25  XRD patterns of Nb2O5/γ-Al 2O3 catalysts  (intensities were offset 
for clarity)  CAT 026:   2.65 wt%  Nb2O5/γ-Al 2O3 calcined at 500°C; CAT 032:   
3.79 wt% Nb2O5/γ-Al 2O3 calcined at 100°C; γ-Al 2O3 support (untreated) 
 
 
The XRD patterns for the Nb2O5/Norpro SiO2 catalysts used in the final 
pilot scale catalytic distillation experiments outlined in Chapter Eight are given 
in Figure 5-26.  These specimens also exhibit the broad feature characteristic of 















































Figure 5-26  XRD patterns of Nb2O5/Norpro SS 65137 SiO2 catalysts used in 
pilot plant experiments (CD 003, CD 004 and CD 005)  
 
 
5.4  Raman Spectroscopy 
 
A principal objective of this work is the elucidation of the structure-
activity relationships for supported niobia catalysts for the synthesis of MO.    
Raman spectroscopy is a powerful characterization technique which provides 
molecular level information regarding the structures of catalytic materials.  
Raman spectroscopy has particular utility in the characterization of supported 
metal oxides since the catalytically active material exists as a highly dispersed 
two-dimensional overlayer below monolayer coverage which give rise to strong 
Raman signals that are not complicated due to the co- xistence of mixed oxide 
phases.[104]  Below monolayer coverage, the oxide support may give a Raman 
signal.  However, the Raman signal associated with the support tends to be 
weak.[104]  Raman and IR spectroscopy are complementary techniques in that 
those vibrations which are IR active tend to be Raman inactive and vice versa.  
Bonds with significant polar character give rise to s rong IR signals while those 
bonds with significant covalent character give rise to strong Raman signals.[105]  
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 Alumina, and silica exhibit significant polar character in the anion cation 
pair and typically do not exhibit Raman signals or if so, exhibit only very weak 
Raman signals in the range of 100 to 1100 cm-1 where Raman vibrations of M-
O and M-O-M bonds of supported metal oxides are observed.[105]  Therefore, 
Raman spectroscopy is ideal for the elucidation of the structure of many 
dispersed metal oxides on these supports.   
 
The Raman spectra of select catalyst specimen were obtained using a 
Renishaw RM 1000 Ramanscope equipped with a surface sensitive 488 nm 
Argon ion laser, dielectric edge filter and an Olympus BHZ-UMA microscope 
with a Peltier cooled (-50°C) CCD.   The spectrometer was operated in non-
confocal mode with a slit width of 50 µm and a focal area of 5 µm.  The laser 
power measured at the objective lense (50 X) was 2.6 mW.  The spectra were 
obtained in extended mode (10 x 30 accumulations) and processed with 
Grams/32 software.   
 
The Raman spectrum of catalyst 065 (0.04 wt% Pd, 6.09 wt% Nb2O5/ 
Norpro SiO2 catalyst carrier) is illustrated in Figure 5-27.  The catalyst was in 
the hydrated state when the measurement was taken since it was exposed to the 
ambient during the measurement and was exposed to the ambient for a 
prolonged period of time prior to Raman analysis.  The resultant spectrum is 
excellent with very strong Raman vibrations evident at 142, 400, 520, and 641 
cm-1 and a broad feature evident around 835 cm-1.  Note that a correction factor 
of +1.8 cm-1 should be added to these wavenumber values obtained in extended 
mode. A comparison of this spectrum to the Raman spectrum of the Norpro 
SiO2 support in Figure 5-28 conclusively demonstrates that the Raman 
vibrations observed in Figure 5-27 are due to surface species in the niobia 
overlayer.  However, the support does exhibit a broad feature around 840 cm-1 
as did catalyst 067.  The SiO2 support, being a commercial catalyst carrier, 
likely contains binders and other additives which may give rise to Raman 
vibrations.
























Figure 5-27  Raman spectrum of catalyst 065  Pd/Nb2O5/Norpro SS 65137 SiO2 


















Figure 5-28  Raman spectra of Norpro SS 65137 SiO2 support in hydrated state 
                                                
♠ Raman spectra obtained in extended mode.  A correction of +1.8 wavenumbers should be 
added to the results obtained in extended mode. 
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The investigation of the niobia catalysts dispersed onto fumed silica 
support were inconclusive due to excessive background fl orescence, probably 
arising due to elemental impurities in the silica.  The gamma alumina supported 
catalysts also resulted in significant background fluorescence.  However, one 
specimen, catalyst 026 (2.65 wt% Nb2O5/γ-Al 2O3 calcined at 500°C) which, 
although exhibited significant background fluorescence, also revealed the strong 
Raman vibration at  143 cm-1 as well as a peak at 418 cm-1 and possible a broad 
feature at around 640 cm-1 .  Although the quality of this spectrum is poor, it can 
be concluded that the vibration at 143 cm-1, which dominates the spectrum of 
CAT 065 (Figure 5-27), is related to a structural feature of the surface oxide 
niobia phase that is common to both specimens.   Low frequency vibrations are 
often attributed to the support, however, the vibrat on at 143 cm-1 is observed in 
two catalysts with different supports and is not observed in the Raman spectrum 
of the Norpro SiO2 support (Figure 5-28).   The low frequency of vibration 
implies a very long bond length, associated with a partial bond.  Raman bands 




















Figure 5-29  Raman spectra of a 2.65 wt% Nb2O5/γ-Al 2O3 catalyst (CAT 026) 
calcined at 500°C under hydrated conditions.   
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The Raman vibrations in the spectrum of CAT 065, which had the same 
catalyst formulation as the catalysts used in the pilot plant experiments of 
chapter Eight, are clearly revealed in Figure 5-25.  The peak at 643 cm-1 (641 + 
1.8 cm-1) is ascribed to Nb-O-Nb symmetric stretching vibrations which are 
known to occur at around 647 cm-1.[100,103]  The Nb-O-Nb bond is characteristic 
of a slightly distorted octahedral structure (NbO6) and is associated with 
Bronsted acidity in niobia compounds.  Therefore, th  prevalence of the Nb-O-
Nb linkages is perhaps expected for catalysts calcined at 100°C.  The lower 
frequency vibrations in Figure 5-25 at 520, 400 cm-1 are unknown but likely 
correspond to various Nb-O stretching vibrations.  These low frequency 
vibrations are similar but not identical to those observed in various compounds 
by Jehng and Wachs.[97]  
 
A broad feature around 840 cm-1 is observed in the Raman spectrum of 
the Norpro support, which is also observed around 835 cm-1 in the Nb2O5/SiO2 
catalyst.  This band may possibly be due to the terminal Nb=O bond, which is 
longer in the slightly distorted octahedra than in the strongly distorted 
octahedral or tetrahedral structures, particularly in the hydrated condition and 
would consequently have a lower frequency of vibraton.  Bands ranging from 
825 to 883 cm-1 have been previously assigned to the Nb=O terminal bond for 
niobia dispersed on alumina and zirconia for low loading.[103]   It is common for 
the Nb=O peak to be broad and lack intensity for a specimen in the hydrated 
state.  This band typically becomes sharper after calcination.   
 
However, Jehng and Wachs[100] reported Raman spectra for 2 and 4 wt% 
Nb2O5/SiO2 catalysts calcined at 400°C which also showed this broad feature 
around 812 cm-1 in addition to a band around 960 to 980 cm-1 corresponding to 
the Nb=O stretching vibration.  The band at 812 cm-1 was ascribed to the Si-O-
Si stretching vibration.  Considering that this feature is also observed in the 
Norpro SiO2 support, it is reasonable to conclude that this broad feature is due 
to Si-O-Si stretching.  This implies a unique result in that the strong band for the 
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Nb=O stretching vibration is apparently absent in the spectrum of Figure 5-25 
which suggests negligible Lewis acidity.  This observation is consistent with the 
DRIFT spectrum for this catalyst (Figure 5-18), as well as the TPD data for this 
catalyst formulation, which suggests the acid sites are predominantly Bronsted 
and that the population of Lewis acid sites is relatively small.     
 
Many authors have reported niobia tetrahedra with strong Lewis acidity 
on silica supported catalysts.  However, the Raman vibrations associated with 
niobia tetrahedra are found in the range of 790 to 830 cm-1.97  The Raman 
vibrations observed in Figure 5-27 seem consistent with a slightly distorted 
octahedral structure for which the major peaks are observed over the range of 
500-700 cm-1.[97]  Indeed, the slightly distorted amorphous Nb2O5 are expected 
to exhibit a strong band around 650 cm-1 and a weak Raman band associated 
with the Nb=O bond around 900 cm-1.[87]  However, the Raman spectrum 
presented in figure 5-27 seems quite unique and is istinct from the Raman 
spectra for Nb2O5/SiO2 catalysts presented previously by Jehng and 
Wachs.[87,97,100]  Most notably is the fact that the band around 900cm-1 for the 
Nb=O symmetric stretching vibration is absent in Figure 5-27.  Another 
interesting result is that the Nb-O-Nb vibration at 647 cm-1 is normally 
associated with polymeric niobia structures created t higher niobia loading but 
XRF analysis of catalyst 065 shows the niobia loading was relatively low, only 
6.09 wt% corresponding to roughly 1/3 monolayer coverage.  However, when 
preparing the catalyst it was intended to generate single monolayer coverage but 
the niobia uptake was low.  Perhaps there was localized crowding of niobia 
octahedra at certain points on the surface of the final catalyst.  
 
The Raman spectrum of Figure 5-27 also provides information regarding 
the catalyst morphology which supports the results of the XRD analysis.  
Specifically, the conclusion that the niobium oxide overlayer in the final 
catalyst formulation used in this work was free of niobia crystallites.  A Raman 
band at 690 cm-1, which is associated with the TT-Nb2O5 crystalline polymorph,
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is absent in Figure 5-25 which provides further evid nce that niobium oxide 
crystallites did not form.[97] 
 
The Raman spectrum in Figure 5-30 of a preliminary experiments on a 
12.0 wt% Nb2O5/γ-Al 2O3 catalyst (CAT 016) with about 0.6 monolayer 
coverage in the hydrated state reveals a broad feature  around 900 cm-1 which 
corresponds to the Nb=O stretching vibration.  This spectrum suggests a highly 
distorted octahedral structure that is perhaps expected considering the relatively 
high niobia loading and the high calcination temperature, which serves to 
further distort the octahedra. The prevalence of the mono-oxo Nb=O moiety is 
consistent with the strong Lewis acidity in the niobia overlayer from calcination 
at 500°C.   In this Raman experiment, a 632.8 nm laser was used to obtain the 
spectrum.  Again, this spectrum should be considered a preliminary result due to 

















Figure 5-30  Raman spectrum of a 12.0 wt% Nb2O5/γ-Al 2O3 catalyst (CAT 
016) calcined at 500°C measured under hydrated conditi s using a 632.8 nm 
laser 
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5.5  Discussion on the Role of Acidity in MO Synthesis 
 
The results demonstrate that Bronsted acidity plays an important role in both the 
activity and stability of niobia catalysts for MO synthesis.  The Bronsted acid 
sites are the strongest acid sites these catalyst specimen and as a consequence 
significantly contribute to the overall activity of the catalyst, particularly for 
silica supported catalysts.  Bronsted acid sites apparently do not deactivate 
during MO synthesis, whereas those catalysts calcined at 500°C which exhibit 
predominantly Lewis acid sites deactivate resulting in a “pseudo equilibrium” 
conversion.     
 
Banares and Wachs[104] have pointed out that in the hydrated condition, 
there is “extensive solvation” of the surface oxide phase due to the adsorption of 
around 20-40 monolayers of water.  In the reaction environment for MO 
synthesis, water is produced in a stoichiometric equivalent amount as the 
product.   It is reasonable to assume therefore, that the surface oxide phase is 
also extensively solvated due to water as well as the organic solvent during MO 
and MIBK syntheses.  It is proposed that the stabili y of Bronsted acid sites is 
due to the facile proton exchange between the active sites (bridging hydroxyls) 
in the surface oxide phase and Bronsted bases in the liquid phase at the 
interface.  It is postulated that the extensive solvation of the surface oxide phase 
gives rise to a “pseudo-homogeneous” liquid phase reaction at the interface 
(Figure 5-31a), which results in the regeneration of the active site rather than 
deactivation due to strong adsorption.    Lewis acid centres on the other hand 
deactivate due to strong adsorption of water and other substrates (Figure 5-31b). 
 
Once calcined at 500°C, the destruction of the Bronsted acid sites by 
dehydroxylation to produce Lewis acid sites is irreversible.  The FTIR and TPD 
results show that the catalysts calcined at 500°C, when hydrated to not result in 
a restoration of the Bronsted acidity.  In addition, autoclave experiments in 
Chapter Four support this conclusion as evidenced by the deactivation of 
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catalysts calcined at 500°C when hydrated during MO synthesis.   This implies 
that the niobia structures obtained from high temperature calcination are 
thermodynamically stable.  Moreover, the loss of Bronsted acidity with this 
structural transformation, presumably from distorted octahedral to highly 
distorted octahedral structure, suggests that the (Bronsted) active sites for MO 
synthesis are predominantly associated with Nb-O-Nb bridging hydroxyls rather 













Figure 5-31  (a) (above)  Representation of “pseudo homogeneous” chemical 
reactions occurring in the liquid boundary layer at the solid-liquid interface 
enabled by facile proton exchange between solvated niobium oxide surface-
phase and basic species (eg. water) in the liquid phase.  (b) (below)  Schematic 
representation of catalyst deactivation resulting from the irreversible adsorption 



































































Figure 5-31 (c)  Representation of pseudohomogeneous reaction occurring in 
the liquid phase at the interfacial region due to abstraction of proton by ketones 
and facile proton exchange between species in the liquid phase 
 
 
Figure 5-31 (c) presents an alternative mechanism by which the proton is 
abstracted by acetone or another ketone.  In the cas of acetone, the proton 
abstraction from the niobia resulting in the protonation acetone is the first 
elementary step in the known reaction mechanism.  In the case of DAA 
dehydration, protonation of the ketone group of DAA is also the first step in the 
known reaction mechanism.  The protonation of DAA may occur from proton 
abstraction from a Bronsted acid site in the niobia overlayer or may occur due 
facile proton exchange in the bulk.  The intermediate created from the 
protonation of acetone has a pKa of -7.3 whereas hydronium (H3O
+) has a pKa 
of -1.7.[185]  Thus water, the conjugate base of hydronium, is more basic than 
acetone.  In the presence of a very strong Bronsted acid such as hydrated niobia, 
water and other ketones may readily abstract the proton from the surface-oxide 
phase.  What is conceptually important is that the reaction occurs in the liquid 
phase, affording the advantages of homogeneous reaction and that many 
catalytic turnovers may occur before the active site s regenerated.  
Furthermore, of the active site may occur on a different (Nb-O-Nb) linkage.  
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Lewis acid sites are localized in space in the solid and foul readily due to strong 
adsorption of substrates. 
 
5.6  Conclusions 
 
The activity for MO synthesis was found to be correlated with the acid site 
density as well as the acid strength (Tm).  TPD analysis of the fumed silica 
supported catalysts shows that a main effect of reducing the calcination 
temperature is to increase the strength of the acid sites.  The TPD results also 
show that new and very strong acid sites appear for the catalysts calcined at 
100°C, which increase in density with increasing niobia loading.  in situ  DRIFT  
adsorption spectra of pyridine probe molecules on the surface of these niobia 
compound show that these very strong acid sites are Bronsted acid sites.  No 
Bronsted acidity was detected for catalysts calcined at 500°C.  Thus the 
calcination temperature also affects the nature of the acidity. 
 
The experiments in Chapter Four demonstrate that those catalyst calcined 
at 100°C exhibit enhanced catalytic activity and particularly enhanced stability 
for MO synthesis whereas those catalysts calcined at 500°C may show good 
initial activity but ultimately deactivate at a “pseudo equilibrium” acetone 
conversion.  This pseudo equilibrium arises due to the strong adsorption of 
water and or organic substrates on the Lewis acid sites.  It is postulated that the 
catalysts calcined at 100°C do not deactivate due to the facile proton exchange 
between Bronsted sites and species in the liquid phase.  It is proposed that the 
solvation or hydration of the surface oxide phase results in a pseudo-
homogeneous reaction in the liquid boundary layer in the interfacial region. 
 
The effect of calcination temperature on the activity and stability for MO 
synthesis is irreversible.  TPD and FTIR analysis of catalysts calcined at 500°C 
show that the Bronsted acidity is not restored in the hydrated state after 
exposure to the ambient.  This conclusion is also supported by the autoclave 
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experiments of chapter Four, for which the catalysts calcined at 500°C showed 
lower activity and particularly lower catalyst stability for MO synthesis when in 
the hydrated state due to the generation of water from DAA dehydration.  Thus, 
the niobia species in the surface oxide phase are the modynamically stable after 
calcination at 500°C.  Preliminary Raman analysis of a Nb2O5/SiO2 catalyst 
calcined at 500°C at moderately high niobia loading su gest the structure is 
predominantly highly distorted niobia octahedra.  Raman analysis of the final 
catalyst formulation used in the CD pilot plant calcined at 100°C reveals 
slightly distorted octahedra with an absence of the band associated with the 
Nb=O moiety responsible for Lewis acidity.  The Nb-O-Nb vibration associated 
with Bronsted acidity is the most significant vibration in the Raman spectrum of 
Figure 5-27.   
 
The final catalyst formulation in this work used in the catalytic distillation 
pilot plant experiments of Chapter Eight involved niobia dispersed onto a 
Norpro silica catalyst carrier and calcined at 100°C.  TPD analysis of the 
resultant catalyst revealed a significant proportion of unique and very strong 
acid sites.  FTIR analysis showed that the acid sites of the catalyst were 
predominantly Bronsted sites whereas the Lewis acidity was significantly 
diminished in contrast to other catalysts for which niobia was dispersed onto 
fumed silica.  These very strong and unique acid sites were due to the strong 
interaction between the surface oxide phase and the silica support (SOSI).  The 
Norpro support exhibited negligible acidity.  This result also suggests that the 
niobium oxide structure on the Norpro support was distinct from the niobia 
structure on the fumed silica support.        
 
Characterization of the final catalyst formulation (Pd/Nb2O5/ Norpro SiO2 
calcined at 100°C) by in situ DRIFT adsorption spectra of carbon monoxide 
probe molecules shows that the palladium is highly dispersed in contrast to the 
commercial Pd/Al2O3 catalyst used in the preliminary CD experiments of 
Chapter Seven.  The niobia catalyst exhibited only li early adsorbed carbon
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monoxide whereas the commercial catalyst exhibited linear, branched and 
multibranched carbon monoxide indicative of agglomerated palladium 
crystallites.   XRD and Raman analysis confirm that t e surface oxide phase is 
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Chapter Six 
 
Catalyst Development and Kinetics of the One-Step Synthesis of 
MIBK over a Multifunctional Pd/Nb 2O5/SiO2 Catalyst 
___________________________________________________________ 
 
6.0  Synopsis 
SiO2 and γ-Al 2O3 were identified as promising materials as supports for 
dispersed niobia and Pd/Nb2O5 catalysts for MO and MIBK syntheses 
respectively.  In this chapter, experiments investigating the one-step synthesis of 
MIBK over multifunctional SiO2 and γ-Al 2O3 supported catalysts were 
investigated.  Commercially available SiO2 and γ-Al 2O3 raschig ring catalyst 
carriers were investigated for scale-up of the catalyst to the reactor scale.  The 
Nb2O5/γ-Al 2O3 raschig ring catalyst revealed a significant interal mass transfer 
resistance as evidenced by an effectiveness factor of only 1.6%.  In contrast the 
Nb2O5/SiO2 catalyst exhibited an effectiveness factor of 66% and showed good 
activity for MO synthesis.  Consequently, the SiO2 carrier was selected for 
further investigation.    
 
The macrokinetics of the syntheses of MO and MIBK were investigated in 
a fixed bed flow (FBR) reactor.  The final catalyst formulation showed excellent 
activity for MIBK synthesis, as high as 1.3 [g/hr*gcat] at 160°C.  However, the 
selectivity typically ranged from 82 to 85 wt% due to the co-production of IPA 
and DIBK.  The results confirm the claims of other authors[23,26,48,50] that a 
careful balance of sites for responsible for MO synthesis and MO hydrogenation 
must be achieved to attain good activity and selectivity.  In the final catalyst 
formulation, the Pd loading was about 0.04 wt%, which appears to be at or near 
the optimal loading for this niobia catalyst formulation.  A synergistic effect 
was observed, whereby the catalyst activity increased by 22% at 160°C and 
WHSV of 8.6 hr-1 when hydrogen was introduced into the reactor compared to 
the condition in the absence of hydrogen.  It is potulated that fraction of 
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available sites is increased due to a reduction in the surface concentration of 
MO and its derivatives due to the hydrogenation of MO.    
 
The intrinsic kinetics of the one-step synthesis of MIBK over a 
Pd/Nb2O5/fumed SiO2 catalyst were investigated in an autoclave reactor.   
Evaluation of the Weisz-Prater and Mears criteria confirm the absence of mass 
transfer effects.  A kinetic model is proposed which is valid at hydrogenation 
total pressure of 500 psia and greater.  The kinetic model gives excellent 
prediction of acetone with a relative standard error of estimate (RSEE) of 
1.07%.  Good predictions of water (RSEE=12.8%) and fair predictions of 
MIBK (19.7%) were realized.  The predicted and observed MO concentrations 
were relatively low, near the GC peak area rejection l mit.  The model MO 
predictions were not reliable due to the low accuray of the quantification of 
MO in this range.  
 
6.1  Catalyst Development:  Integration of Palladium into the Nb2O5/SiO2 
Architecture 
 
A major objective of this Ph.D. research project was the development of a 
robust multifunctional catalyst for the one step synthesis of MIBK via catalytic 
distillation.[65]  Silica and gamma alumina were selected as potential catalysts 
supports based on the results of the investigations outlined in Chapter Four.  
Palladium was selected as the hydrogenation catalyst, since as mentioned in 
Chapter One, it has been demonstrated experimentally th t palladium, rhodium 
and nickel consistently give the highest selectivity o olefin group 
hydrogenation in α,β-unsaturated compounds.[16]   Palladium has been proven 
to be more robust for the one-step synthesis of MIBK and represents the state-
of-the-art for hydrogenation catalysts for commercial MIBK production.  
Furthermore, the author and co-workers[18] have characterized the kinetics of the 
selective hydrogenation of MO utilizing a palladium catalyst and have gained 
insight into the catalytic reaction mechanism.  In this section, the results of 
preliminary experiments investigating the effects of the palladium impregnatio
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method parameters on the activity, selectivity and stability for MIBK synthesis 
are reported. 
 
6.1.1  Effect of Acetic Acid Treatment on Niobia Catalyst Activity 
 
Although palladium chloride (PdCl2) is commonly used as a precursor for the 
aqueous impregnation of catalysts with palladium, it is known that the chloride 
ions may have an adverse effect on the niobia catalyst by the diminution of its 
acidity.[106]  For this reason, niobium pentachloride was not used as a precursor 
for generating the surface oxide phase nor was palladium chloride used for the 
hydrogenation metal precursor.  Palladium (II) acette was selected as the 
precursor and acetic acid was chosen as the solvent based on the synthesis 
technique disclosed by Wirtz et al.[159] for the development of a novel catalyst 
for the synthesis of vinyl acetate.   
 
Considering that the niobium oxide phase exists as a dispersed phase 
rather than as a mixed-oxide phase, there are two possible approaches to 
preparing the multifunctional catalyst, both involving two general steps.  In the 
first approach, one may first disperse the hydrogenatio  metal onto the support 
and then in the second stage deposit the niobium oxide.  Alternatively, one may 
first deposit the niobium oxide onto the support and then impregnate the niobia 
catalyst with the hydrogenation metal.  In this work, only the latter approach 
was followed as reported by Chen et al.[42] who investigated MIBK synthesis 
and as reported by Ko et al.[89] who investigated strong metal support 
interactions in Ni/Nb2O5/SiO2 catalysts.   It seems intuitive that the latter 
approach would be superior since the niobia exists a  a 2 dimensional overlayer.  
Dispersing the metal onto the niobia, rather than adjacent to it, would minimize 
the separation distance between hydrogenation and aci  sites. The final 
impregnation procedure has been described previously in Chapter Three. 
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Prior to impregnation of catalysts with palladium, a set of preliminary 
experiments were carried out in order to assess the affect of treatment in acetic 
acid on the resultant niobia catalyst activity for MO synthesis.  It was of interest 
to determine if the acidic solvent would leach niobium from the catalyst in a 
manner which adversely affects the catalyst activity.  Three experiments were 
carried out.  A batch of 10.2 wt% Nb2O5/SiO2 catalyst calcined at 100°C (CAT 
040) was prepared and subdivided into three sets.  The first catalyst (CAT 040) 
was left untreated and used as a control.  The second atalyst (CAT 040-A) was 
made by taking approximately 0.5 g of the original c talyst and immersing it in 
17 mL of glacial acetic acid at 80°C for 2 hours prior to vacuum separation 
followed by drying in an oven overnight at 80°C.  The third catalyst (CAT 040-
B) was prepared by taking approximately 0.5 g of the original catalyst (CAT 
040) and immersing in 17 mL of 1.0 M aqueous acetic ac d for two hours prior 
to separation by vacuum filtration followed by drying overnight in an oven at 
80°C.  The resultant catalysts were tested for theiact vities for MO synthesis at 
160 °C in an autoclave reactor.  A fourth experiment was carried out in which 
some of the untreated catalyst (control) was re-examined. 
 
The results in Figure 6-1 suggest that the acidic treatment did not appear 
to appreciably affect the catalyst activity.  The MO concentration versus time 
profiles for the two experiments for the treated catalysts are bounded by the 
profiles of the two experiments of the untreated catalysts.     Relatively low MO 
conversions were achieved in these experiments due to the relatively small 
amounts of catalysts used in these experiments (ca. 0.3 g) compared to about 1 g 
used in the autoclave experiments of Chapter Four.    Due to the relatively low 
concentrations of MO, the relative variation in the data was more significant.  
Consequently, the estimates of the initial rates of reaction were subjected to 
greater uncertainties.  It is worth noting however, that the two experiments 
involving the untreated catalyst gave initial specific rates of reaction, as 
determined by the method described in section 4.2.3, repeatable to ± 3%.  The 
small amount of catalyst used in these preliminary experiments also contributed 
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to the variation and poor repeatability since catalyst sticking to the reactor wall 
in the headspace, which did not participate in the reaction, would become 
significant compared to the total catalyst mass. 
 
Compared to experiment 179 (untreated catalyst) the treated catalyst 
appear to produce less MO.  The catalyst treated in glacial acetic acid had an 
initial activity for MO synthesis of 0.76 relative to the untreated catalyst used in 
experiment 179 (a ≡1.00).  However, compared to the repeated experiment with 
untreated catalyst (experiment 176), the results are relatively consistent with the 
catalyst treated with glacial acetic acid giving a slightly greater amount of MO 
produced after 2 hours.   Considering the variation in the data and the lack of 
repeatability of the experiment with the untreated catalyst, the results do not 
conclusively indicate any significant effect, positive or adverse, of the acid 
treatment of Nb2O5/SiO2 catalysts on their activity for MO synthesis that would 
justify abandoning the use of acetic acid as a solvent.     Indeed, the data 
presented in the next section shows the multifunctio al catalyst is extremely 























Run #178:  W=0.36 g 1.0 M HAc Run #177: W=.35g, glacial HAc
Run # 179:  W=0.35 g, untreated Run #176: W=.36 g untreated
 
Figure 6-1  Effect of the exposure of  a 10.2 wt% Nb2O5/SiO2 catalyst to acetic 
acid solution for 2 hours at 80°C on the synthesis of MO at 160°C.
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6.1.2  One-Step MIBK Synthesis using Pd/Nb2O5/SiO2 catalysts 
 
A multifunctional Pd/Nb2O5/SiO2 catalyst (CAT 042) was prepared following 
the procedure outlined in Chapter Three with the spcific details outlined in 
Appendix B.  While under inert environment in the glove bag, 0.597 g of the 
catalyst was charged to the autoclave reactor describ d in Chapter Three along 
with 100 mL of acetone and sealed.  This was designated as time zero for the 
reaction.    The autoclave was quickly transferred to the bench top reactor 
assembly and pressurized to 600 psig with UHP hydrogen.  The temperature 
controller was enabled and set to 160°C.  The chemical composition in the 
reactor was monitored for 10 hours by obtaining liquid samples periodically, 
which were analyzed by both GC/FID and GC/TCD.  The results in Figure 6-2 
illustrate that the catalyst was extremely active for MIBK synthesis as 
evidenced by a significant yield of MIBK utilizing only a small amount of 
catalyst 0.6 g.  The initial rate of reaction at 160°C was determined to be 
0.00952 [mol/L*min*gcat]; an activity of 1.67 relative to the benchmark activity 
of Amberlyst 15 for MO synthesis at its maximum operating temperature of 
120°C (Section 4.3).   
 
In this experiment (#180), the MO was rapidly converted to MIBK.  The 
initial rate of reaction for MIBK synthesis for experiment #180 was the same as 
the initial rate of reaction for MO synthesis for exp riment #179, for which the 
same niobia catalyst (without Pd impregnation) was used for MO synthesis, to 
within 2.6%, which is within the bounds of experimental error.  This suggests 
that the acid catalyzed steps to produce MO are slow and rate determining 
whereas the hydrogenation of MO is rapid under these conditions.  The product 
is also produced with very high selectivity, essentially 100% selectivity up to an 
acetone conversion of around 8% (3 hours) where the products of undesirable 
competing reactions, specifically IPA and DIBK appear.  Not shown in Figure 
6-2, mesitylene was observed after 10 hours (0.007 M) and DAA was observed 
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in two observations at 120 and 180 minutes having concentration of 0.014 and 

























MIBK IPA DIBK H2O
 
Figure 6-2  One-Step Synthesis of MIBK in an autoclave reactor using a 
Pd/Nb2O5/SiO2 catalyst [Expt. 180; CAT 042, T=160°C, ω=700 RPM, P=600 psig (H2), 
W=0.5974 g] 
 
To confirm this result, the experiment was repeated.  A new catalyst was 
prepared (CAT 046) following the same procedure.   However, the timing 
device malfunctioned and an impregnation of about 2.5 hours occurred.  The 
results of the activity test in the autoclave (Figure 6-3) demonstrates that the 
product distribution for MIBK synthesis for the experiment with catalyst 046 
was markedly different than that for catalyst 042, perhaps due to the additional 
half hour of impregnation time.    The results in Figure 6-3 show that the 
catalyst had poor initial activity for MIBK synthesis [0.056 mol/L*min*gcat] 
and had essentially deactivated after three hours of reaction.  However, the 
hydrogenation sites remained active resulting in a substantial increase in the rate 
of IPA production.  It is likely that the additional impregnation time resulted in 
a significantly higher surface concentration of palladium acetate (which likely 
remained intact due to the low reduction temperature) at the expense of acid
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 sites, which diminished the catalyst’s activity for MO and MIBK syntheses and 
contributed to the catalyst deactivation for MIBK production.  The fact that the 
IPA production rate increased as the MIBK production rate decreased is 
evidence of the competition between MO and acetone f r hydrogenation active 
sites.  Note the MIBK concentration profile is concave down whereas the IPA 
concentration versus time profile is concave up.  The results in Figure 6-3 also 
demonstrate that acetone is hydrogenated preferentially over MIBK.   No MIBC 

























Figure 6-3  One-Step synthesis of MIBK using a Pd/Nb2O5/SiO2 catalyst after 
2.5 hours of impregnation with palladium acetate/actic acid solution [Expt #185, 
CAT 046, T=160°C, P=600 psig (H2), ω=700 RPM, W=0.6183 g] 
 
 
The experiment was repeated again using a new catalyst (CAT 051) 
prepared by the same method, the details of the preparation are also in 
Appendix B.    The results of the activity test of the catalyst in the autoclave 
reactor (Expt. # 191, Figure 6-4) show a result similar to experiment # 185 
(Figure 6-3) except the catalyst did not deactivate.  The rate of IPA production 
was comparable to the rate of MIBK production, with an essential equimolar 
amount of hydrogenation products present in the reaction mixture after 8 hours 
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of reaction.  Although the hydrogenation selectivity is poor, the catalyst activity 
for MIBK synthesis at 160°C is good 0.00751 [mol/L*min*gcat]; an activity of 
1.31 relative to the benchmark activity of Amberlyst 15 for MO synthesis at 
120°C. 
 
Although the palladium impregnation experimental variables were kept 
constant for these three experiments, with the exception of a slightly longer 
impregnation time in experiment #185, the resultant catalysts gave distinct 
product distributions, which implies that each of these catalysts had a unique 
palladium loading.  The results suggest that in the presence of excess palladium 
(II) acetate, the adsorption of the precursor is dependent on the acidic properties 
of the Nb2O5/SiO2 catalyst.  Indeed, the UV-Vis analysis (Appendix B) suggest 
the palladium loading of the catalyst was an order of magnitude higher in 

























Figure 6-4  One-Step Synthesis of MIBK in an autoclave reactor  
[Expt. 191, CAT 051, T=160°C, P=600 psig (H2), ω=700 RPM, W=0.5106 g] 
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Table 6-1   Pd/Nb2O5/SiO2 catalyst composition for preliminary experiments 











180 042 10.2 0.15 6-2 
185 046 12.3 1.06 6-3 
191 051 13.6 n/a* 6-4 
* UV-Vis measurement inconclusive for CAT 051.  Based on observed experimental results in 
autoclave, the Pd loading is likely in excess of 1 wt% and is comparable to CAT 046,   
 
It can be concluded from these experiments that the palladium loading 
should be minimized for two reasons.  First, the dir ct hydrogenation of acetone 
to produce IPA is a significant competing reaction with MO being hydrogenated 
preferentially.  Thus, a reduction in the palladium loading will shift the 
selectivity in favour of MIBK production.   Second, the results demonstrate that 
an excessive amount of palladium (II) acetate adsorbed on the catalyst will 
adversely affect the catalyst activity for MIBK synthesis and may result in 
catalyst deactivation.  It also seems reasonable to conclude that when excess 
palladium acetate is used in the impregnation solution, he uptake of palladium 
acetate depends on the acidic properties of the Nb2O5/SiO2 catalyst.  The results 
also confirm previous findings for which it was conluded that the rate of IPA 
production will increase as the rate of MIBK production decreases, due to 
competition for the same kind of active sites.[18]   
 
6.1.3  Preliminary Experiments with Pd/Nb2O5/SiO2 catalysts (low Pd loading) 
 
Based on the UV-Vis results, an experiment was carried out for which a 
substantially lower amount of palladium (II) acetat precursor was used, which 
ensured  a maximum possible palladium loading of 0.107 wt%.  The resultant 
catalyst (CAT 053) and acetone were charged to the autoclave reactor in inert 
environment within a glove bag as described previously and the activity for 
MIBK synthesis at 160°C and 600 psig hydrogen pressure was assessed.    The 
results of the autoclave experiment (#195) are interes ing and worth reporting 
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for a couple of reasons.  First, due to the very high activity of the acid function 
of the catalyst, the rate of MO synthesis exceeds the rate of its hydrogenation to 
produce MIBK for the first 2 hours of reaction.  Thus, this experiment 
demonstrates the importance of obtaining a proper balance between the active 
sites for the aldol condensation/DAA dehydration step  and the hydrogenation 
step.  The niobia loading corresponded to roughly 0.5 monolayer coverage 
while the Pd loading was at most 0.1 wt%, but likely much less.  The data in 
Figure 6-5 also demonstrates that the production of IPA was essentially fully 
suppressed due to the relatively high concentration of MO.  A small amount of 
IPA (ca. 0.09 mol/L) was observed after 8 hours along with a lesser amount of 
DIBK (ca. 0.03 mol/L).   
 
Second, the overall catalyst activity is phenomenal compared to the 
benchmark.  Although a small amount of catalyst wasused (0.6 g compared to 
1g normally used), an acetone conversion of 21.2 % was achieved after 8 hours, 
which incidentally exceeds the theoretical equilibrium conversion of acetone at 
160°C predicted by the relation (Equation 2-15) for MO and acetone equilibria 
reported by Klein and Banchero.[10]  The initial rate of reaction for MIBK 
synthesis at 160°C was 0.00738 [mol/L*min*gcat]. However, a significant 
amount of MO was also co-produced with an initial rate of reaction of 0.0100  
[mol/L*min*g cat].  The total combined initial rate of reaction corresponding to 
the production of organics at 160°C was therefore 0.01738 [mol/L*min*gcat], 
which is more than 3 times greater than the benchmark (i.e. the rate of MO 
synthesis using Amberlyst 15 at its maximum operating emperature 120°C).  
This calculation neglected the amount if IMO present, which would have 
resulted in a slightly higher value.     
 

























Figure 6-5 One step synthesis of MIBK in an autoclave reactor with a 
Pd/Nb2O5/SiO2 catalyst  (Pd ≤0.1 wt%, Nb2O5=14.0 wt%)  [Expt. 195:   CAT 053, 
T=160°C, P= 600 psig (H2), ω=700 RPM, W=0.6156 g] 
 
Figure 6-6 demonstrates that the overall selectivity of the reaction 
increased with time as the unreacted MO that had accumulated in the system 
was eventually converted to MIBK as the rate of MO synthesis diminished with 
time.  This raises the point that in a flow system in contrast to a static system, 
unreacted MO will be removed from the reaction zone by convection.  
Therefore, it is more critical in the case of flow reactors to achieve a proper 
balance between acid sites and hydrogenation sites in order to achieve high 
selectivity.  In the case of this experiment in a semi-batch microreactor, the 
hydrogenation was carried out with essentially 100% selectivity up to an 
acetone conversion of around 20% due to the high MOconcentration.  
However, the overall selectivity was only around 74 mol% at an acetone 
conversion of 23%. 
 



























Figure 6-6  Overall selectivity (mol%) and  hydrogenation selectivity (mol%) 
in equation as a function of acetone conversion [Expt. 195:   CAT 053, T=160°C, P= 
600 psig (H2), ω=700 RPM, W=0.6156 g] 
 
The hydrogenation selectivity SH (mol%) and the  overall selectivity S (mol%) are defined in 






































Some additional preliminary experiments were carried out using catalyst 
051 (1.06 wt% Pd, 13.6 wt% Nb2O5).  The details of these experiments are in 
Appendix C but are briefly summarized here.  In experiment #193, the 
multifunctional catalyst was used to carry out the synthesis of MO at 160°C in 
inert environment (N2).  The catalyst showed excellent activity 0.010 
[mol/L*min*g cat] and achieved an acetone conversion of 12.8 % after 8 hours.  
Phorone was evident in the product mixture.  This experiment showed that the 
palladium (II) acetate did not significantly interfe with the function of the acid 
sites.   
 
In experiment #194, catalyst 051 was used to carry out the one step 
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reactant mixture consisted of a 50% (v/v) acetone-MO mixture.  The results 
demonstrated that essentially all of the MO initially present was converted to 
MIBK within 1.5 hours after which, the catalyst remained active for MIBK 
synthesis.  The MIBK concentration was 4.3 mol/L and 4.6 mol/L after 90 
minutes and 8 hours respectively.  A reverse reaction to produce DAA was not 
observed.   DAA was at all times below the peak area rejection limit of the GC.  
This experiment also demonstrated that the catalyst remained highly active in 
the presence of significant concentrations of organic substrates.   With the 
palladium loading (1.06 wt%) at least an order of magnitude greater than in 
experiment 195 (Fig 6-6), and with MO in excess, the rate of MIBK production 
was an order of magnitude higher than observed in previous experiments [0.120 
mol/L*min*g cat]  
 
6.1.4  MIBK Synthesis utilizing a Pd/Nb2O5/γ-Al2O3 Catalyst 
The results of the experiments in Chapter Four suggested that γ-Al 2O3 would be 
a promising catalyst support for the dispersion and generation of a surface oxide 
phase niobia for MO synthesis.  A preliminary experim nt was carried out in 
order to assess the performance of a Pd/Nb2O5/γ-Al 2O3 catalyst for the one-step 
synthesis of MIBK.  0.9954 g of catalyst 032 (3.79 wt% Nb2O5/γ-Al 2O3 calcined 
at 100°C) was impregnated for 2 hours at 81°C with a solution of 0.1202 g of 
Pd (II) acetate dissolved in 35.5 mL of glacial acetic acid.    The amount of 
palladium precursor relative to the niobia catalyst was ca. 0.12 g/g which was 
the same as that used in the preliminary experiments for the silica based 
catalysts in Section 6.1.2 since this preliminary experiment was carried out 
around the same time.  After impregnation, the catalyst was recovered by 
vacuum filtration and dried overnight in an oven at around 81°C.  The catalyst 
was reduced with flowing hydrogen in a calcinator as described in Chapter 
Three, at 100°C for 2 hours and 15 minutes.   
 
The activity test for MIBK synthesis in an autoclave reactor at 160°C and 
600 psig (H2) (Figure 6-7) shows that the activity of the catalyst was quite low 
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0.00447 [mol/L*min*gcat].  Incidentally, this activity only 48% of the activi y of 
the Nb2O5/γ-Al2O3 support, catalyst 032 (3.79 wt% Nb2O5/γ-Al2O3 calcined at 
100°C) for MO synthesis at 160°C.  After 8 hours of reaction, the catalyst had 
only achieved an acetone conversion of around 4.6%.  This result seems 
comparable to experiment #185 (Figure 6-3) with the significant distinction that 
the IPA production was minimal in experiment #181, while the IPA was the 
major product in experiment #185.  This implies a low surface concentration of 
active palladium sites for catalyst 043.    However, it is quite evident that the 
presence of the palladium (II) acetate adversely and significantly affected the 
acid function of the catalyst.  Perhaps the palladium acetate interacts 
preferentially or differently with the niobium oxide phase, which is presumably 
primarily responsible for catalytic activity.  A low palladium acetate adsorption, 
or low surface concentration of active palladium sites may have occurred due to 
























Figure 6-7  MIBK synthesis using a Pd/Nb2O5/γ-Al 2O3 catalyst. [Expt. #181: CAT 
043; T=160°C, P=600 psig (H2), ω=700 RPM, W=0.7009 g cat]  
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6.2   Scale-up of Catalyst to Pellet Scale   
 
6.2.1  Commercially Available Catalyst Carriers  
The catalysts used for the preliminary screening of catalytic materials (Chapter 
Four) and to investigate the structure-activity relationships for MO synthesis 
(Chapters Four and Five) as well as to investigate the kinetics of the one-step 
synthesis of MIBK in an autoclave reactor (Chapter Six), were in powder form.  
Minimization of particle size mitigates the potential for thermal and chemical 
gradients within the catalyst pore structure, which may falsify the intrinsic 
kinetics.  In addition, having the catalyst in powder form is convenient for 
materials characterization and averts potential complications that may arise 
from the comminution of egg-shell catalysts (eg. heterogeneity in samples).    
 
However, a major objective of this Ph.D. research project is the 
development of a practical catalyst that can be utilized in a pilot scale reactor.  
As mentioned previously in Chapter One, in a catalytic distillation reactor, a 
minimum void fraction of at least 0.5 is required in order to prevent an 
excessive pressure drop which could lead to flooding of the CD column.[56]  
Since most commercial catalysts range in size from 1 to 3 mm in characteristic 
dimension, the catalysts are contained within or dispersed onto engineered 
structures which immobilize the catalyst within the r active section while 
ensuring sufficient void volume to enable counter current flow.[57]  Aside from 
the issue of pressure drop, the catalyst must also exhibit sufficient mechanical 
strength to withstand the stresses due to applied loa s from the weight of 
catalyst loaded above it and other compressive stresses.  Various designs for 
loading the catalyst into the reactive sections have been summarized in Chapter 
One and have been reviewed previously by Taylor and Krishna.[57]   
 
A popular technique included among these designs is the concept of 
dispersing a catalytically active material onto a support that has the shape of a 
distillation packing such as a Raschig Ring.[57,186-189]  Alternatively, the catalyst 
  255 
material itself may be shaped into a distillation packing.[57]  Catalysts moulded 
into the shape of distillation packings have been utilized since the 1960’s.[187]  
According to Sundmacher and Hoffman[187,188], the advantages of using a 
catalytically active Raschig ring for catalytic distillation includes: i)  the rings 
act simultaneously as a catalyst and distillation packing, ii) a high ratio of 
catalyst active sites per volume can be achieved  iii) the rings afford a low 
pressure drop iv)  the large external surface of the catalyst facilitates liquid-
vapour contacting   v)  ease of catalyst handling  vi)  low catalyst manufacturing 
cost and vii) a rapid response to CD process perturba ions is realized due to low 
liquid holdup. 
 
Two lots of   silica catalyst carrier in the shape of Raschig rings were 
procured from Saint-Gobain Norpro (Stow, OH).    A batch of Norton SRK 
13650 silica rings (S/N 9516511) was used in preliminary experiments.   This 
batch of discontinued product was used in some preliminary experiments.   A 
second batch with comparable specifications (Saint-Gobain Norpro SS 65137; 
S/N 2006910020) with a characteristic dimension of 5 mm and specific surface 
area of 160 m2/g was subsequently procured for use in the catalytic distillation 
experiments (Chapter Eight) and experiments in a fixed bed reactor (Chapter 
Six).  Additionally, high surface area (ca 200 m2/g) ¼ inch gamma alumina 
catalyst carriers in the shape of Raschig Rings (Saint-Gobain Norpro SA6573, 
Lot # 2004670154) was procured.         
 
6.2.2  Catalytic Performance of Nb2O5/γ-Al2O3 Raschig Ring Catalysts in a  
Batch Autoclave Microreactor 
 
The first preliminary experiments were carried out using the Norpro gamma 
alumina Raschig ring support.  Since it is known that catalyst particles larger 
than 3 mm in their characteristic dimension typically exhibit internal mass 
transfer limitations, the objective of first two experiments (Expt. #148 and 
#149) were to ascertain the catalyst effectiveness factor for a Nb2O5/γ-Al 2O3 
Raschig ring catalyst for MO synthesis at 160°C in the batch autoclave reactor 
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described in Chapter Three.  A third experiment (#150) was carried out to assess 
the nominal activity of the Norpro alumina support f  MO synthesis at 160°C.   
 
A batch of catalyst (CAT 017) was prepared following the synthesis 
technique described in Chapter Three.  The details are in Appendix B. The 
catalyst was calcined at 500°C since these preliminary experiments were carried 
out prior to the experiments in Section 4-5 which revealed the effects of 
calcination temperature on the catalytic properties of niobia-silica and niobia-
alumina compounds.   Some of the catalyst batch was ground to a powder and 
characterized by EDXRF, which revealed a niobia loading of 22.3 wt% 
corresponding to 1.0 monolayer coverage.     
 
In the first experiment (#148), 3 pellets of the Nb2O5/γ-Al 2O3 Raschig ring 
catalyst (0.9937 g) were used to carry out the synthesis of MO in acetone (l) at 
160°C   with the autoclave headspace pressurized to around 400 psig (N2) to 
maintain the liquid phase.  The pellets were slurried n the liquid with the 
agitation rate maximized at 700 RPM.  Despite this high agitation rate, the 
pellets were found to be intact at the end of the experiment.  In the second 
experiment (#149) 0.9635 g of catalyst 017 that hadbeen ground to a fine 
powder was slurried in acetone in the autoclave reactor and the synthesis of MO 
was similarly carried out at 160°C in the liquid phase with the agitation rate 
maximized at 700 RPM.   
 
The results in Figure 6-8 show that the powdered catalyst was highly 
active for MO synthesis at 160°C with an initial rate of 0.00930 
[mol/L*min*g cat], which corresponds to an activity of 1.62 relative to the 
benchmark activity of Amberlyst 15 for MO synthesis at 120°C, whereas the 
catalyst in pellet form showed negligible activity for MO synthesis.   In fact, the 
activity of the Raschig Ring catalyst was less than the nominal activity of the 
gamma alumina support with no niobia. This unexpected result clearly 
demonstrates a substantial internal mass transfer limitation present in the 
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Nb2O5/γ-Al 2O3 Raschig ring catalyst.  The catalyst effectiveness factor was 
estimated to be 1.64% based on the initial rates of reaction.  The rate of reaction 
for experiment #148, was estimated by modelling the data as a linear function 
based on the three observations above the GC peak ar  rejection limit.  The 
initial rate of reaction for experiment # 149 was carried out as described in 
Chapter Four by fitting the data obtained during the first 2 hours of reaction to a 

























#150 - Norpro support
#149 - CAT 017 powder
#148 - CAT 017  Rashig Ring
 
Figure 6-8  Effect of particle size on the activity of a Nb2O5/γ-Al 2O3 Norpro SA 




6.2.3  Catalytic Performance of Nb2O5/SiO2  Raschig Ring Catalysts in a Batch 
Autoclave Microreactor 
 
Experiments were carried out to assess the catalyst effectiveness factor for the 
Nb2O5/SiO2 Raschig ring catalysts for MO synthesis at 160°C in an autoclave 
reactor.  A batch of 14 catalyst pellets (CAT 055) was prepared following the 
procedure outlined in Chapter Three, using Norton SRK 13560 silica raschig 
rings as supports.  The preparation details are available in Appendix B.  Some 
of the catalyst pellets were crushed into a powder and used for EDXRF analysis
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 as well as for use in an autoclave experiment (#213) to obtain the catalyst 
activity for MO synthesis in the absence of internal m ss transfer limitations.   
 
The autoclave experiment with crushed catalyst (#213, Appendix C) 
revealed a rate of reaction of [0.00824 mol/L*min*gcat] for MO synthesis at 
160°C, which represents an activity of 1.14 relative to the benchmark rate of 
reaction for MO synthesis using Amberlyst 15 at 120°C.    The autoclave 
experiment with the intact Raschig ring catalysts (#212) however was 
inconclusive since the catalyst particles fragmented from contact with the 
impeller blades within the reactor during operation.  A new batch of catalyst 
(CAT 057) was prepared with the exact same preparative s eps.  However, for 
some unknown reason, EDXRF analysis of catalysts 055 and 057 gave different 
results for niobia loading.   The surface concentration of niobia for CAT 055 
and CAT 057 were 10.4 wt% (0.56 monolayer) and 5.30 wt% (0.27 monolayer) 
respectively.  The activity of catalyst 057 for MO synthesis at 160°C was 
ascertained in an autoclave reactor experiment (#215, Appendix C) at a reduced 
agitation rate of 100 RPM which resulted in the catalyst particles remaining 
intact.  When the initial rates of reaction for MO synthesis for the powdered 
catalyst 055 and the ring catalyst 057 were normalized by the mass of niobia in 
each catalyst, the reaction rates suggest a catalyst effectiveness factor of 66%.  
The crushed catalyst 055 had an activity for MO synthesis at 160°C of 1.43 
relative to the benchmark activity Amberlyst 15 forMO synthesis at 120°C.   
With the rings intact, the activity of the niobia ctalyst for MO synthesis at 
160°C is comparable to the activity of Amberlyst 15 for MO synthesis at 120°C 
with a relative activity of 0.94.  When normalized by the amount of niobia, the 
ground silica raschig ring catalyst 055 was more active for MO synthesis at 
160°C by a factor of 1.19 compared to CAT 030, the fumed silica catalyst with 
the highest nominal activity for MO synthesis observed in DoE #2 (Chapter 
Four).  
 
  259 
Autoclave experiment #149 utilizing the alumina raschig ring ground to a 
powder confirmed that a catalyst with monolayer coverage of Nb2O5/γ-Al 2O3 
has good activity for MO synthesis, as observed in various experiments in 
Chapter Four (i.e. #140, #143, #151).  The silica and lumina catalysts had 
different morphological characteristics.  Most notably, the surface area of the 
alumina support was much greater (200 m2/g) compared to the silica rings 
(Norton SRK 13650, 150 m2/g).  In addition, according to the Saint-Gobain 
Norpro product literature, the mean pore size for the alumina rings was 7 nm 
whereas the Norpro SS 65137 silica, which has the same morphological 
characteristics of the Norton SRK 13650, had a mean pore size of 11 nm.  Thus 
the silica support had a lower surface area and larger pores than the alumina.   
Perhaps a lower surface area alumina catalyst might g ve an improved result.   
 
Another major distinction between the silica and alumina raschig ring 
carriers is their surface reactivity to the niobium (V) ethoxide precursor.  
Although it was intended to prepare these raschig rin catalysts to have one 
complete monolayer of coverage, the niobia uptake of Norpro silica rings was 
much less.  In this research project, the niobia raschig ring catalysts typically 
had less than 1/3 monolayer coverage at most with the exception of one batch of 
catalyst (CAT 055) that had roughly ½ monolayer coverage.  This suggests a 
low surface concentration of hydroxyl groups to interact with the niobium 
ethoxide precursor.  Regardless, the silica raschig rings catalysts have shown 
good activity for MO synthesis.   More importantly, the results of Chapter Five 
demonstrate that the interaction of the niobia with the silica raschig ring support 
gives rise to unique acid sites with very strong acidity not observed in other 
catalysts including the niobia-fumed silica catalysts.  The activity for mesityl 
oxide synthesis is correlated with the acid strength (Figure 5-15).  The TPD 
profile for catalyst 057 is given in Figure 5-10. 
 
Although mass transfer effects are evident in the silica based raschig ring 
catalyst, the reasonably high overall catalyst effectiv ness factor of 66% 
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observed in the autoclave experiments suggests that the Norpro silica raschig 
ring catalyst carrier would be an effective support f r application towards 
MIBK synthesis via CD.   In contrast, the results in Figure 6-8 reveals 
substantial mass transfer effects that resulted in a very low catalyst activity for 
the alumina raschig ring catalyst.  Given this result, and also considering the 
results of preliminary pilot scale CD experiments (Chapter Seven), which 
suggest the interaction of the organic substrates with the alumina catalysts 
affected the residence time distribution in the reaction zone (Figure 7-7) and 
considering our spectroscopic investigations[63,64] which show that the organic 
substrates strongly interact with the Lewis acid sites of the alumina support, 
which is undesirable and may lead to coke formation and catalyst deactivation, 
the alumina raschig ring support was abandoned in favour of the silica based 
raschig ring support. 
 
A preliminary autoclave experiment was carried out to investigate the 
one-step synthesis of MIBK utilizing a Pd/Nb2O5/Norpro SS 65137 SiO2 
raschig ring support.  Approximately 10 grams of catalyst were prepared 
following the technique outlined in Chapter Three.  The preparation details are 
available in Appendix B.  An autoclave experiment (#219) was carried out to 
investigate the activity of catalyst 060 for MIBK synthesis.  The catalyst was 
charged to the reactor along with acetone in the glove bag as described 
previously and then transferred to the bench where the reactor was pressurized 
to 600 psig (H2) and the temperature controller set to 160°C.  The agitation rate 
was set to 100 RPM to ensure the catalyst did not fragment.  Samples were 
obtained periodically from the reactor and analyzed by GC/FID and GC/TCD.  
The results in Figure 6-9 show that the catalyst ha very good initial activity for 
MIBK synthesis [0.00688 mol/L*min*gcat] at 160°C, which represents an 
activity of 1.16 relative to the benchmark activity of Amberlyst 15 for MO 
synthesis at 120°C.  The acetone conversion after 8 hours (14.8 %) was very 
high, especially considering the small amount of catalyst used (0.38 g) 
compared to the usual 1g. 
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This excellent result also shows that essentially 100% of the MO was 
converted to MIBK as evidenced by no DAA or MO present in the product 
mixture. In addition, the MIBK concentration versus time profile very closely 
mirrors the water concentration versus time profile, which implies these species 
were produced in stoichiometric equivalent amounts.  However, at higher 
acetone conversions (ca. 11.7 %), the secondary hydrogenation products appear 
in the product mixture.  DIBK is produced from the reaction of MIBK and 
acetone on the acid sites.  However, the dominant impurity is IPA, which is 




























Figure 6-9  Product distribution as a function of time for the one-step synthesis 
of MIBK from acetone in an autoclave reactor utilizing a Pd/Nb2O5/Norpro SS 
65137 catalyst (CAT 060). [Expt. #219, T=160°C, P=600 psig (H2), ω=100 RPM, 
W=0.3758 g] 
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6.3  Macro-Kinetic Measurements in a Fixed Bed Flow Reactor (FBR) 
 
6.3.1  Bench-top Fixed bed Micro-reactor Apparatus 
Clearly, the catalysts consisting of palladium and niobia dispersed onto a silica 
raschig ring carrier are promising catalysts for application for MIBK synthesis 
in a commercial scale reactor.  Consequently, the macro-kinetics of these niobia 
catalysts were investigated in greater detail using a bench scale fixed bed flow 
reactor (FBR).  The reactor apparatus is a custom designed Autoclave Engineers 
(a division of Snap-Tite Inc, Erie, PA) BTRS-Jr/PC Micro-scale Benchtop 
Reaction System procured in 1996 (S/N 96200924).   
 
The reactor is a vertically mounted tubular reactor c nstructed of 316 
stainless steel 16 inches in length and 0.44 inch I.D with an internal volume is 
23 mL.[189]  The reactor is encompassed by a removable heater b nd which acts 
as a single zone furnace.  A thermowell running inside the reactor allows 
measurement of temperature at three locations by three K-type thermocouple 
probes.  These thermocouple probes are for monitorig the process and can 
enable alarms.  However, their signals are not used for process control.  A K-
type thermocouple inserted within a furnace wall sleeve thermowell allows 
measurement of the reactor external wall temperature at the mid-point of the 
reactor major axis.  The feedback signal from this t ermocouple probe is used to 
control the reaction temperature.  The tubular reactor engages to the benchtop 
reactor module with custom threaded fittings.  Once i stalled, the entire reactor 
is enclosed within an insulated, temperature controlled heated oven rated to a 
maximum temperature 280°C.   
 
The benchtop reactor module accepts 4 feed streams; two liquid and two 
gaseous.  The liquid streams are fed by high pressu precise fluid metering 
pumps and the gaseous streams are controlled by Brooks mass flow controllers.  
Flow rates are governed by the BTRS-Jr flow control module and are set 
directly at the computer.    Two computers are involved in the operation of the 
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reactor system.  One computer is responsible for the programmable logic 
control (PLC) modules which includes proportional integral derivative (PID) 
process control and governance of the failsafe interlocks while the other 
computer (the PC) serves as the human machine interface and allows data 
processing by running a control application program on Wonderware Software.  
The pressure in the reactor was controlled manually by a backpressure regulator 
on the reactor product line.  However, precise pressure measurement is reported 
at the human machine interface.  In this work, a Swagelok backpressure 
regulator (KPB1A1D3PP40) rated to 3000 psig and equipped with PEEK and 
PCTFE polymer seals, which are compatible with aceton  was used.   
 
A multi-port “Reactor Status Valve” causes the feed streams to bypass the 
reactor when the reactor status is “offline” and enables flow through the reactor 
when the reactor status is “on-line”.  Although theBTRS-Jr system was fully 
integrated to a GC with on-line sampling and analysis capability, in this work, 
liquid samples were obtained directly from the reactor effluent by collection in 
GC autosampler vials and analyzed off line by GC/FID.   A custom made heat 
exchanger, similar to the one used on the autoclave reactor described in Chapter 
Three, which consisted of a copper cooling coil in intimate contact with the 
product line, was installed at the end of the reactor product line to ensure the 
reactor effluent was sub-cooled.  HPLC grade acetone feedstock was loaded 
into a feed tank consisting of a 2L Parr autoclave reactor, rated to 3600 psig.  
The feedstock was degassed by repeatedly pressurizing and depressurizing the 
headspace with UHP nitrogen.   
 
6.3.2  MO Synthesis in a Tubular Fixed Bed Reactor 
 
An experiment was carried out in order to assess the effects of the reaction 
temperature and the flow rate on the synthesis of MO from acetone in the liquid 
phase utilizing a Nb2O5/Norpro SS 65137 silica raschig ring catalyst.  A batch 
of approximately 10 g of catalyst was prepared following the procedure outlined 
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in sections 3.6.1 and 3.6.2.  The details of the prpa ation are available in 
Appendix B.   The niobia loading of the catalyst (CAT 061) was ascertained via 
Inductively Coupled Plasma (ICP) by an external labor tory (Galbraith 
Laboratories, Knoxville, TN) and was found to be 5.58 wt% Nb2O5, which 
corresponds to 0.27 monolayer.  3.01 g of this catalyst was loaded into the mid 
region of tubular reactor with the remaining space fill d with 3.5 mm diameter 
glass beads (Canadawide Scientific, 40410-03, #3000). 
  
19 steady state conditions including 3 repeated conditi s were 
investigated over a 10 day period.  The reactor was operated intermittently with 
the reactor being shut down overnight.   At the endof the day, the heating 
elements were disabled; however the pump was left pumping overnight to 
prevent products from accumulating in the catalyst bed during cool-down.  At 
the beginning of the day, the reactor was brought on-line with acetone flowing 
at the desired flow rate and the reactor pressurized at the desired set point.   The 
reactor temperature was slowly increased to the desired et point over a period 
of about an hour.  Steady state was achieved rapidly due to the small liquid 
hold-up.  In this experiment, the pressure was not critical and was not controlled 
precisely but was maintained at 350 ± 50 psig to ensure the reactant mixture 
remained in the liquid phase.  The acetone feed rate w s varied from 0.25 to 
1.84 mL/min for reaction temperatures of 140, 160 and 180°C.  The effects of 
the acetone flow rate and reaction temperature on the s eady state MO (and 
IMO) productivity are illustrated in Figure 6-10.    
 
The repeated conditions (with the exception of condition #3) are not 
indicated in Figure 6-10.  Condition #3 (WHSV = 16.6 hr-1)  was a repeat of 
condition #1 to assess repeatability of process.  The activity in condition #3 was 
1.03 [g/hr*gcat] whereas in condition #1 it was 0.981  [g/hr*gcat].  (i.e. repeatable 
to within 5% relative error)  The other repeated conditions give an assessment 
of catalyst deactivation and are discussed separately here.   The data at 160°C 
were obtained first, followed by experiments at 140°C.  The experiments carried
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out at 180°C were performed last.  Condition #12 was a repeat of the initial 
condition after the data for the experiments at 160°C and 140°C were obtained.  
A comparison of the steady state MO productivity for c ndition #12 to the 
initial catalyst activity indicates that the catalyst had deactivated very slightly 
losing 9.0% of its initial activity.  The results suggest that the catalyst 
deactivation became significant after the reaction emperature was increased to 
180°C.  On the seventh day of the experiment, after th  first condition at 180°C 
was investigated, the initial condition was repeated at 160°C.  The result 
suggests the catalyst had deactivated slightly.  Additional conditions were 
investigated at 180°C on the 8th and 9th days of the experiment.   The last 
condition (319) was a repeat of condition #15 (day 7).  This result suggested the 
catalyst lost an additional 9.2% of its activity while investigating the reaction at 
180°C.  The two data points obtained on the last day particularly seem to not be 
in agreement with the trend of the first four data points obtained at 180°C and 
were neglected from the Figure.  These data along with the repeated conditions 


































Figure 6-10  Effect of the weight hourly space velocity (WHSV) and reaction 
temperature on the steady state MO productivity using a 5.58 wt% 
Nb2O5/Norpro SS 65137 catalyst (CAT 061) in a Fixed Bed Flow Reactor  The 
hollow sphere denotes an apparent outlier (Condition #2) 
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The results in Figure 6-10 shows that the catalyst ha  a significant activity 
for MO synthesis with about half of the observations i  excess of 1 [g/hr*gcat].  
It is evident from Figure 6-10 that the space velocity has a substantial effect on 
the MO productivity and its influence becomes more pronounced with 
increasing reaction temperature.  At 140°C, the MO productivity becomes 
relatively insensitive to the space velocity at a relatively low value of around 15 
hr-1.  At 160°C, the trend suggests the reaction rate becomes independent of 
space velocity at around 30 hr-1.  The reaction rate at 180°C is strongly 
dependent on the space velocity, increasing nearly linearly throughout the entire 
range investigated.   The results clearly demonstrate that the increase in 
residence time, and hence increase in conversion, is accompanied by a reduction 
in the reaction rate due to a decrease in reactant oncentration within the reactor 
as well as the suppression of catalytic activity due to product inhibition.  The 
catalyst activity was maximized where the acetone flow rate was maximized 
resulting in a rapid removal of product from the reaction zone and a maximum 
mean acetone concentration in the reactor.  These rults are also consistent 
with an external mass transfer limitation, whereby the reaction rate increases 
with the flow rate.  However, the synthesis of MO is known to be a slow 
reaction and the loss of activity with increasing residence time may be due to 
product inhibition. 
 
Although the catalyst activity was relatively high, t e acetone conversion 
was typically quite low for the range of space velocities investigated.  Three of 
four conditions investigated at 140°C had acetone conversions ranging from 2.4 
to 3.6%.  The fourth condition at the lowest space velocity had a conversion of 
6.4%.  As the reaction temperature was increased, the acetone conversions 
increased.  The acetone conversion ranged from 4.1 to 12.2 % for the 
experimental conditions investigated at 160°C and ranged from 8.8 to 16.4% for 
the conditions investigated at 180°C.   
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The major products were MO and IMO.  The concentration of MO in the 
effluent ranged from 0.19 to 1.10 mol/L.  The IMO con entration was 
approximately 1/10th the value of the MO concentration.  Phorone became 
evident in the GC analysis of the reactor effluent for acetone conversions above 
6%.  Mesitylene was observed only in experimental conditions where the 
acetone conversion was in excess of 10.5% and the reaction temperature was 
180°C.    Incidentally, the theoretical equilibrium concentration of MO at 
140°C, 160°C and 180°C predicted by the model of Klein and Banchero[10] (i.e. 
Eqn. 2-15) were 1.31, 1.29 and 1.28 M respectively, which assuming a density 
of 0.7899 g/cc corresponds to MO mass fractions of 16.3, 16.1 and 15.9 wt% at 
140°C, 160°C and 180°C.  The MO concentration observed in these 
experiments (Appendix E2) were well below the theoretical equilibrium 
concentration of MO with the exception of condition #13 where the reactor was 
operated at maximum temperature and residence time (180°C and WHSV=3.8 
hr-1) where the MO concentration was 13.7 wt%.  For experiments at 140 and 
160°C, the MO concentration in the effluent ranged from roughly 2 to 10 wt% 
for the flow rates investigated.   
 
It is interesting to note that du Toit et al.[127] were constrained to MO 
concentrations of less than 0.8 M when investigatin MO synthesis in a FBR at 
100 to 120°C using Amberlyst 16 regardless of residence time due to a pseudo 
equilibrium phenomenon.  Considering that the reaction is endothermic, the 
high MO concentration observed in condition #13 (1.10 mol/L) suggests the 
pseudo equilibrium phenomenon described by du Toit et al.[127] may be specific 
to the cation exchange resin catalyst Amberlyst 16. 
 
The data in Figure 6-10 provides a benchmark against which the catalyst 
utilization in the catalytic distillation reactor may be measured.  In the CD 
experiments, the reflux flow rate typically varied from around 5 to 50 g/min 
with about 78 grams of catalyst loaded in the reactive section.  This implies a 
liquid WHSV ranging from about 4 to 40 hr-1.   If the catalyst utilization in the
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CD reactor is comparable, then from Figure 6-10, one would expect the MO (or 
MIBK) productivity at 160°C to range from roughly 0.45 to 1.2 [g/hr*gcat].   
 
6.3.3  Macrokinetic Model of MO Synthesis 
 
The data obtained in the experiment illustrated in F gure 6-10 provides an 
opportunity to model the macrokinetics of MO synthesis over a Nb2O5/Norpro 
SS 65137 catalyst.   A simple two-parameter empirical kinetic model (Eqn. 6-3) 
for MO synthesis, was used to model the production rate of MO over a 
Nb2O5/Norpro SS 65137 catalyst, where –rA′ denotes the specific rate of acetone 
conversion (mol/hr*gcat) and CA, CW and CMO denote the concentrations in 
(mol/L) of acetone, water and MO respectively.  k1 and k2 denote empirically 
determined model parameters.   The reaction is modelled as second order with 
respect to acetone due to the bimolecular nature of the aldol condensation 
reaction and first order in the reverse direction with respect to MO and water.  
The third term of the expression accounts for mesityl oxide conversion to 
phorone.  The water concentration was inferred from the product distribution.   
         
ACMOwMOAA CCkCCkCkr 32
2
1 −−=−       (6-3) 
        
Since the acetone conversion was low in these experiments, the reactor 
was modelled as a differential reactor.  The reaction rate data obtained for each 
of the conditions investigated in Figure 6-10 (with the exception of the outlier) 
were used to estimate the model parameters for the ra e expression in equation 
(6-3) following a simplifying assumption.  The conce trations of species in the 
reactor bed were estimated as the arithmetic mean of the inlet and outlet 
concentrations.  Thus the reaction rate was related to the average concentration 
in the reactor bed, based on a first approximation of a linear concentration 
profile within the reactor.   This approximation is valid for low conversions and 
is a particularly good assumption for acetone, which was the solvent whose 
concentration did not change appreciably through the reactor.  A second 
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assumption was that the reactor operated isothermally.  A though, this may be a 
questionable assumption in some FBR experiments, in this case, it is a good 
assumption since the reaction heat for the aldol condensation of acetone, which 
is exothermic, essentially cancels out the heat effect for the endothermic DAA 
dehydration step.  The net heat effect is about -2 kJ/mol.[1]   Moreover the heat 
effects were small due to the low chemical conversions which ranged from 2.4 
to 16.4 %.   
 
The regression was carried out in two stages.  First the parameter k3 was 
determined at 160 and 180°C by nonlinear regression analysis relating the rate 
of phorone production to the MO and acetone concentration with the empirical 
kinetic equation 6-4.  The rate of phorone production at 140°C was negligible at 
140°C.  The regression results are in Table 6-2.  The phorone production rate 
for the 6 observations at 160°C, not including the condition producing the 
outlier in Figure 6-10, correlated very well  (R2=0.99) for the fit to equation (6-
4).  However, the 4 observations for 180°C showed a weaker correlation 
(R2=0.93).  From these two estimates of k3, assuming Arrhenius behaviour of 
the reaction rate constant, the apparent activation energy for phorone production 
was estimated to be 7.71 kJ/mol.  This very low value implies a significant mass 
transfer limitation associated with phorone production and a weak temperature 
dependence of k3.   
 
          (6-4) 
 
 
Table 6-2  Regression results for data fit to the empirical model of Eqn. 6-3 
Temp [°C] k3    [L 2/(mol*hr*gcat)]  
 
R2 
160 4.444 x 10-5 0.99 
180 4.885 x 10-5 0.93 
 
MOApho CCkr 3=
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In the second stage, the values of k3 in Table 6-2 were substituted into Equation 
(6-3).  The remaining two model parameters were estimated by nonlinear 
regression analysis at 140, 160 and 180°C.  The rate of phorone production was 
neglected at 140°C.  The results are in Table 6-3.  The data fit to the model at 
160°C showed good agreement (R2=0.97).  However, residual plots for the 
regression results at 140°C and 180°C revealed an outlier in the data set at 
140°C corresponding to condition #11 and an outlier in the data set at 180°C 
corresponding to condition #17.  With these outliers removed, along with the 
outlier in Figure 6-10 (condition #2) removed, the model showed excellent 
agreement with the data.  The regression analysis was repeated neglecting the 
third term in equation (6-2) corresponding to the rate of phorone production.  
The results showed that this term did not appreciably contribute to the acetone 
conversion rate and could be neglected.  If so, the estimates of k1 and k2 would 
be within 2% of those reported in Table 6-4.   An Arrhenius plot of the natural 
log of the forward rate constant (k1) versus (1/T) (Figure 6-11) reveals an 
apparent activation energy of 65.9 kJ/mol. 
 
Table 6-3  Results of nonlinear regression analysis of data fit to the empirical 









140 4.038 x 10-5 0.04247 0.00040 0.001740 (n/a)* 
160 1.202 x 10-4 0.05229 0.00001 0.00043 0.9726 
180 2.177 x 10-4 0.05447 0.00516 0.01241 0.9997 
 
*  R2 not meaningful for 140°C since only 3 observations;   
 
Conditions # 2, #11 and #17 were  neglected  from the analysis.  Repeated experiments at 
180°C on Day #9 (conditions #18 and 19) which show deactivation of catalyst were neglected 
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Figure 6-11  Arrhenius plot of ln(k1) versus (1/T).   
 
6.3.4  MIBK Synthesis in a Fixed Bed Flow Reactor (FBR) 
 
A preliminary experiment was carried out in the fixed bed flow reactor in 
order to study the performance of a multifunctional Pd/Nb2O5/Norpro SS 65137 
catalyst (CAT 062) for MIBK and MO syntheses.  The catalyst had a niobia 
loading of 5.97 wt% (0.29 monolayer coverage) and a maximum palladium 
loading of 0.1 wt% based on the amount of precursor u ed.  The niobia catalyst 
was calcined at 100°C and the multifunctional catalyst was reduced at 100°C 
for 3 hours in the calcinator as described in Chapter Three.  2.58 grams of the 
multifunctional catalyst was charged to the BTRS-Jr/PC tubular microreactor 
in between two fixed beds of glass beads.  Once the reactor was installed into 
the BTRS-Jr benchtop reactor module, the catalyst wa  reduced again in situ at 
ambient temperature for one hour and then for 2 hours at 100°C with hydrogen 
flowing at 147 sccm.  The hydrogen mass flow controlle  was calibrated for 
methane.  The actual hydrogen volumetric flow rate is obtained by 
multiplication by a conversion factor of 1.403.     
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The flow reactor experiment investigated three conditions over a three day 
period.  In the first day, the synthesis of MIBK was investigated at 160°C and at 
about 555 psig with acetone flowing at 1.05 ml/min (WHSV=19.3 hr-1).  This 
condition was maintained for 9 hours and then the reactor was shut down.  On 
the second day, the reactor operated briefly for abut 2 hours and shut down due 
to a PLC control problem.   On the third day, the reactor was started up and the 
synthesis of MO was investigated at 160°C also at 555 psig with acetone 
flowing at 1.05 ml/min.  The process was monitored for four hours after which, 
the hydrogen flow was enabled at 147 sccm and the process was monitored for 



































Figure 6-12  Reactor effluent concentration as a function of time on stream for 
the investigation of MIBK and MO syntheses at 160°C in a FBR (Expt. I.D. 
“BTRS-5”, T=160°C, FA=1.05 mL/min; W=2.58 g (CAT 062);  The reactor was 
operated briefly on the second day with no samples collected.  The reactor was shut down due 
to a  PLC problem.   
 
 
During the first condition, essentially all of the MO was converted to 
MIBK and no IPA was evident in the product.  However, DIBK produced from 
the reaction of MIBK and acetone was evident.  Mesitylene (TMB) was 
observed in a significant amount.  In addition, trace mounts of a hydrocarbon
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(ca. 0.15 wt%) was detected.   This compound had a retention time of 1.9 min 
and was previously determined by GC/MS (Section 4.2.2) to most likely be a 
saturated C9 hydrocarbon.  In the second condition where the reactor was 
operated without a hydrogen feed stream, MO became the dominant product 
along with IMO and phorone.  After the hydrogen feed stream was enabled, 
MIBK appeared as the major product.  However, this ime, not all of the MO 
was converted to MIBK.  This suggests the hydrogenatio  catalyst had lost 
activity for MIBK synthesis, perhaps due to exposure to phorones and other 
compounds during MO synthesis.   
 
The productivity data presented in Table 6-4 suggests the catalyst 
deactivated between condition #1 and condition #2.  The activity for MIBK 
synthesis in the third condition was 0.73 relative to the fresh catalyst in 
condition #1.  More interestingly, the data suggests a synergistic effect whereby 
the introduction of hydrogen in the third condition resulted in an increase in the 
overall catalyst activity.   The total productivity of organics increased from .928 
[g/hr*gcat] in the second condition to 1.15 [g/hr*gcat] in the third condition.  This 
implies the rapid hydrogenation of MO to MIBK may reduce the inhibiting 
effect of organic substrates such as MO, phorones ad so on.  The reverse 
reaction to produce DAA does not appear to be significa t since DAA was not 
observed in any of the flow reactor experiments.  Consequently, DAA may be 
considered an reactive intermediate. 
 
Table 6-4  Productivity and Selectivity for the syntheses of MIBK and MO in 














1 105  1.30      (MIBK) 1.53 85.0 
2 0 0.9042         (MO) 0.928 n/a 
3 105 0.945    (MIBK) 
0.0934       (MO) 
1.15 82.0 
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A second flow reactor experiment was conducted (“BTRS-6”) to confirm 
the apparent synergistic effect observed in the previous experiment.  A new 
batch of catalyst (CAT 065) was prepared following the same procedure as the 
catalyst used in the previous experiment.  The elemntal analysis of the catalyst 
was determined by ICP by an external laboratory (Galbraith Laboratories, 
Knoxville, TN).  The niobia loading was 5.38 wt% (0.27 monolayer coverage) 
and the palladium loading was 0.057 wt%.  The niobia catalyst was first 
calcined at 100°C in zero gas air before impregnatio  with palladium (II) 
acetate.  The catalyst was reduced in a calcinator in flowing hydrogen at 100°C 
for 3 hours.  2.99 g of the catalyst was loaded into the reactor in between two 
fixed beds of glass beads.  The first bed (bottom of reactor when vertically 
installed) was 58 mm in depth.  The catalyst bed was 212 mm in depth.  The top 
bed of glass beads was 147 mm in depth. 
 
 Five conditions were investigated.   In the first condition, the activity of 
the fresh catalyst (CAT 065) for MIBK was obtained at 160°C and 555 psig.  
The acetone feed rate was set to a nominal flow rate of 1 mL/min (WHSV=16.5  
hr-1) and the hydrogen flow rate was 147 sccm.  This gave  molar ratio of 
acetone to hydrogen of 2:1.  In the second condition, the hydrogen feed was 
disabled with all other process variables remaining constant.  In the third 
condition, the hydrogen volumetric flow was enabled to restore the original 
condition.  In the fourth condition, the acetone fed rate was reduced to 0.54 
mL/min (WHSV = 8.6 hr-1).  In the fifth condition, the hydrogen feed was 
enabled with a volumetric flow rate of 74 sccm to maintain the same 
stoichiometric ratio of acetone to hydrogen of 2:1.    
 
The results of this experiment confirm a synergistic effect as observed in 
the previous experiment at the condition of lower space velocity but not at the 
condition of higher space velocity.  The results in F gure 6-13 show that the 
total productivity for all organic products was found to increase by 10% when 
the hydrogen feed was enabled from condition #2 to condition #3 and by 22%
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 when the hydrogen feed was enabled between conditi #4 and #5.   However, 
IPA was observed in the reactor effluent when hydrogen was fed to the reactor.  
The production of IPA is a parallel competing reaction that does not involve the 
acid sites and should be accounted for when considering a synergistic effect.  At 
the high space velocity, the 10 % increase in organic products coincides with 
the production of IPA which made up 10% of the organic products.  Thus at the 
conditions of high space velocity there is not a synergistic effect.  However, at 
the condition of low space velocity, IPA made up only 3.6% of the total organic 
products, while the total productivity of organic species increased by 22%.  In 
addition, the productivity of MIBK (mmol/hr*gcat) in condition #5 was 22% 
greater than the productivity of MO and IMO (mmol/hr*gcat) in the previous 
condition. Thus a synergistic effect was observed for the condition of low space 




































Figure 6-13  Effect of hydrogen on the total productivity (all organic products) 
in a fixed bed reactor [Expt: “BTRS-6”, T=160°C, P=555 psig, W=2.99 g (CAT 065)]  
 
Low space velocities are associated with higher acetone conversions as well as 
greater concentrations and longer residence times of products in the reactor.  It 
is not surprising from this data that no synergistic effect was observed for a 
WHSV of 16.5 hr-1 at 160°C, since the data in Figure 6-10 indicates that the 
inhibiting effect of substrates is weak under these conditions.   The reaction 
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rate is nearly independent of the flow rate at a WHSV of 16.5 hr-1.  In contrast, 
at WHSV of 8.6 hr-1, the inhibiting effect of organic substrates is significant.  
These results suggest that the rapid hydrogenation of MO increases the fraction 
of available acid sites for catalytic reaction by reducing the surface 
concentration of MO and its derivatives (phorones etc.).   
 
Table 6-5  Composition of reactor effluent for process conditions investigated 
[Expt:  “BTRS-6’;  T=160°C, W=2.99g (CAT 065), P=55 psig] 
Mass Fraction (wt%)
No. IPA MIBK MO IMO DIBK phorone TMB C9
1 1.61 4.17 0.28
2 5.03 0.63 0.24
3 0.66 5.41 0.41
4 6.17 0.75 0.28
5 0.38 8.63 1.01 0.26 0.18  
 
 
Table 6-6  MIBK productivity and selectivity and total organics productivity  
[Expt:  “BTRS-6’;  T=160°C, W=2.99g (CAT 065), P=55 psig]  
Acetone H2 MIBK Total organics
WHSV Feed Selectivity Productivity Productivity
No. [h
r-1] [sccm] [wt%] [g/hr*gcat] [g/hr*g cat]
1 16.5 147 68.9 0.690 1.00
2 16.5 147 - - 0.97
3 16.5 147 83.5 0.894 1.07
4 8.6 74 - - 0.63
5 8.6 74 82.5 0.615 0.76  
 
Mesitylene was observed in the reactor effluent in the fifth condition (No. 
5 indicated in Tables 6-5 and 6-6) involving low space velocity in the presence 
of hydrogen.  Again, the precursors to mesitylene icluding MO, IMO and 
phorone were not observed.  Reactor effluent samples obtained from the last 
two flow reactor experiments were re-analyzed by GC/FID with the injection 
volume increased from 1 µL to 5 µL in order to reveal species which may have 
been present below the peak area rejection limit of the GC.  The results (Table 
6-7) confirm that in the presence of hydrogen, mesitylene is present while 
phorone is not observed in any of the specimen.  MO is observed in a small 
proportion of the product in most specimens.  The results also confirm that the
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impurity observed with a retention time of 1.9 min in the GC/FID analysis is a 
hydrogenation product, which is not observed in the sp cimens produced in the 
absence of hydrogen. 
 
Table 6-7  GC/FID analyses of reactor effluent specimens with injection 
volume of 5 µL.    
BTRS-6 BTRS-6 BTRS-5 BTRS-5
Species Retention Condition #1 Condition #3 Condition # 1 Condition #3
Time [min] Area % Area % Area % Area %
C9 alkane 1.93 0.04 0.07 0.11 0.05
C7+ 2.25 0.03
Acetone 3.58 92.94 92.25 89.03 92.12
IPA 6.17 1.62 0.57 6.03
MIBK 7.94 4.84 6.33 8.58 0.05
MO 10.60 0.03 0.20 0.44
MIBC 11.14 0.11 0.05
DIBK 11.27 0.36 0.54 1.45 0.87
TMB 12.48 0.09 0.16 0.42 0.23
u/k 13.54 0.04
DAA 14.71 0.22 0.13  
High injection volume analysis of condition #5, BTRS-5 not performed. 
 
Autoclave experiments as well as the flow reactor experiments 
demonstrate that MIBK can be produced in relatively high yield in the presence 
of excess hydrogen at elevated pressure since MO is rapidly converted to MIBK 
before it can react with acetone to produce phorones or other trimers.  It is 
curious that in the presence of hydrogen, mesitylene is produced in significant 
amounts, particularly considering its precursors are not evident.  The results of 
the autoclave experiments involving MO synthesis in the absence of hydrogen 
presented in Chapter Four show that mesitylene appears in the product mixture 
at 160°C at relatively high acetone conversion (ca.10%) and always appears 
after phorone has accumulated in the reactor to an appreciable amount.  In the 
flow reactor experiment presented in Section 6.3.2 involving MO synthesis 
using a Nb2O5/Norpro SS 65137 silica raschig ring catalyst, mesitylene was 
observed only in experiments at 180°C.  In contrast, when hydrogen is present, 
mesitylene is routinely observed in FBR experiments at 160°C.  Also, in the 
autoclave hydrogenation experiment #180 (Figure 6-2) discussed previously in 
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this chapter, mesitylene was observed after 8 hours b t not phorone.  In the 
successful catalytic distillation experiments (#004 and #005) presented in 
Chapter Eight, where hydrogen was effectively utilized in the CD reactor, 
mesitylene was observed in the reboiler product, but phorone was not.   
 
These observations suggest that the presence of hydrogen promotes the 
synthesis of mesitylene from phorone.  The synthesis of mesitylene involves the 
1,6-internal aldol condensation of 2,4-dimethyl-hept-2,4-diene-6-one the isomer 
of phorone (Scheme 6-1).[1,12]  Double bond migration, such as that depicted in 
Scheme 6-1, and dehydration reactions are known to occur on strongly acidic 
catalysts.[67,129]  However, it is somewhat perplexing that the production of 
mesitylene is promoted by hydrogen since the synthesis of mesitylene from 
phorone does not involve hydrogenation.  Perhaps the presence of adsorbed 
atomic hydrogen or palladium hydride somehow facilitates the acid catalyzed 
cyclization reaction in Scheme 6-1, possibly as a source of protons for Bronsted 
acidity.  Another reason why phorone might not be oserved is that it may be 
hydrogenated to produce DIBK, which is present in the reaction mixture.  





Scheme 6-1  Synthesis of mesitylene via 1,6-internal aldol condensation[1,12] 
 
 
6.4 Characterization of the Intrinsic Kinetics in a Semi-Batch Autoclave 
Reactor 
 
6.4.1  Catalyst and Statistical Experimental Design 
The intrinsic kinetics of the overall one-step synthesis of MIBK from acetone in 
the liquid phase over a Pd/Nb2O5/SiO2 catalyst was investigated in the batch 
autoclave reactor described previously in Chapter Three.  A large batch of 
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catalyst (CAT 054) was prepared using fumed silica powder (Aldrich 38,127-6) 
as a support.   The catalyst was prepared following the technique described in 
Chapter Three with the specific experimental details in Appendix E.  The niobia 
catalyst was calcined at 100°C to maximize the Bronsted acidity.  After 
impregnation with palladium (II) acetate, the catalyst was dried overnight and 
subsequently reduced in flowing hydrogen in a calcin tor at 100°C for 2 hours 
and 15 minutes.  The catalyst was protected in a dessicator under an inert 
environment within a glove bag until needed.   The niobia loading of the 
catalyst was determined by EDXRF to be 15.2 wt% (0.51 monolayer).  
Elemental analysis via inductively coupled plasma (ICP) spectroscopy revealed 
a palladium loading of 0.047 wt%.♣   
 
A central composite design is the most appropriate choice of statistical 
experimental design for modelling purposes, since it enables the development of 
a non-linear response surface.      The design of a CCD may be either rotatable 
or orthogonal or both.  If the purpose of experimentation is to establish cause 
and effect relationships, then an orthogonal design is appropriate; however, if 
the purpose is modelling, then a rotatable design is more appropriate since the 
model prediction errors will be equivalent in all dimensions.191  Consequently, 
the rotatable central composite statistical experimntal design (CCD), illustrated 
in Figure 6-14 and outlined in Table 6-8, was employed to investigate the 
intrinsic kinetics of the one step synthesis of MIBK from acetone.   
 
The CCD is an efficient means of experimentation, which allowed 
investigation of the effects of hydrogenation pressure over 5 levels from 217 to 
700 psia and temperatures over 5 levels from 127 to 183°C in only 9 
experiments.  However, the centre point was repeated to give a total of 10 
                                                
♣ ICP analysis was performed by Galbraith Laboratories (Knoxville, TN).  Two specimens were 
analyzed.  The first result gave 0.18 wt% Pd, which exceeded the maximum possible Pd loading 
(0.1 wt%) based on the amount of precursor used.  However, the second measurement (466 
ppm) was consistent with the analysis of the other sp cimen prepared with the same nominal Pd 
loading. 
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experiments.  In addition, some experiments were also repeated to confirm their 
results.  The order of the experimental runs was randomized using a random 
sequence generator.∗ About 0.5 g of catalyst was uses in each experiment.  
However, due to the repetition of some experiments and due to some 
unexpected material losses when working in a glove bag, there was insufficient 
catalyst to complete the experimental design.  The star point at the extreme 
conditions of low pressure (Expt #209), which was considered to be the least 
critical of the experiments, was carried out using recycled and regenerated 
catalyst.  The star point at the condition of high temperature was investigated 
with fresh catalyst (Expt 200) and investigated in a repeated experiment with 
regenerated catalyst (Expt. 211).  The results showed that the acid function was 
unaffected giving highly repeatable water and aceton  concentration versus time 
profiles. However the hydrogenation activity was significantly lower.  
Consequently, the MIBK concentration data in experim nts 209 and 211 were 
not used in the kinetic model for MO hydrogenation.  However, the data from 












Figure 6-14  Central composite design to investigate the effects of pressure (PH) 
and temperature (T) on the kinetics of the MIBK synthesis.  The box point, star 
points and centre points indicate process conditions investigated (coded space). 
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Table 6-8 CCD statistical experimental design used for the investigation of the 
liquid phase kinetics of the one-step synthesis of MIBK from acetone over a 
Pd/Nb2O5/SiO2 catalyst.   
Expt CODED SPACE Rxn T Pressure
I.D. Temp Press [°C] [psia]
199 0 0 155 500
200 +1.414 0 183 500
201 -1 +1 135 700
203 -1 +1 135 700
204 -1 -1 135 300
205 +1 +1 175 700
206 0 0 155 500
207 -1.414 0 127 500
208 0 -1.414 155 217
209 0 +1.414 155 783
210 +1 -1 175 300
211 +1.414 0 183 500  
Problem with reactor during experiment #202 (Appendix E); results not included in analysis. 
 
6.4.2  Results 
 
The results of the kinetic study indicate that when hydrogen is in excess at 
elevated pressure, the catalyst was highly active and selective for MIBK 
synthesis.  The result of experiment 199 at 155°C and 500 psia total pressure 
(Figure 6-15) showed an extremely active and selective catalyst for MIBK 
synthesis.   The initial MIBK activity was 0.0163 [mol/L*min*g cat] at 155°C 
which was roughly 3 times the activity of Amberlyst 15 for MO synthesis at 
120°C.  It is interesting to note that the catalyst activity for MIBK synthesis in 
terms of moles of product per unit time compared to that of experiment #161 for 
MO synthesis using a 16 wt% Nb2O5/SiO2 catalyst suggests the multifunctional 
catalyst for MIBK synthesis was 1.51 times more active, which supports the 
notion of a synergistic effect.   MIBK was produced with 100 % selectivity up 
to an acetone conversion of 16.6% (after 8 hours) where some MO and DIBK 
was observed.  The water and MIBK molar concentration versus time profiles in 
Figure 6-15 suggest these products are produced in stoichiometric amounts.   
 
However in general, some unreacted MO was present in the system. 
Particularly when the reaction temperature was high (175 and 183°C) or the 
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system pressure was low (< 500 psia) such that the rate of MO synthesis 
initially exceeded the rate of MO hydrogenation.  The results of experiment 
208, for which the hydrogen pressure was minimized (star point) in Figure 6-16 
show that for low pressure, a significant amount of unreacted MO remains in 

























Figure 6-15 Concentration versus time for MIBK synthesis in an autoclave 
reactor at 155°C and moderate pressure using a Pd/Nb2O5/SiO2 catalyst [Expt. 

























Figure 6-16  Concentration versus time profile for MIBK synthesis in an 
autoclave reactor at 155°C and low pressure using a Pd/Nb2O5/SiO2 catalyst 
[Expt. 208, CAT 054, W=0.4927 g, T=155 °C, P=217 psia, ω=700 RPM]
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6.4.3 Kinetic Modelling 
The results show that in general, unreacted MO is present in the product 
mixture.  Consequently, a single rate expression for the conversion of acetone to 
MIBK is insufficient to fully describe the data.  Two rate expressions in 
equations (6-5) and (6-6) were used to model the kinetics of the one step 
synthesis of MIBK from acetone.  The first rate expression is second order with 
respect to acetone in the forward direction in accordance with the well known 
reaction mechanism and consistent with kinetic models published previously in 
the literature.[19,115,124] The term in the denominator of equation (6-5) that 
accounts for product inhibition considers water as the only kinetically relevant 
inhibiting substrate, consistent with the kinetic model published by Thotla et 
al.[124] (equation 2-12).  The term is raised to the second power due to the 
bimolecular nature of the reaction and in accordance with kinetic models 
published in the literature.[115,124] The second rate expression (6-6)  accounts for 
the rate of hydrogenation of MO to MIBK.  MO is considered to be the only 
kinetically relevant adsorbed species consistent with k netic models reported 
previously in the literature.[18,114,115]  The term is raised to the fourth power due 
to the diadsorption of MO and consistent with kinetic models published in the 
literature.[18,19] The reaction velocities (kj) in each rate expression exhibit 
Arrhenius behaviour as described in equation (6-7) where Aj is the pre-
exponential factor and Ej is the activation energy for reaction “j”.  As a 
simplifying assumption, the temperature dependence of the equilibrium 
adsorption constants Kw and KM were neglected.  Thus, the kinetic model has 6 
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Ak jjj     (6-7) 
 
The rate of MO hydrogenation in equation (6-6) was related to the bulk 
liquid phase concentration of hydrogen (CH) rather than the partial pressure of 
hydrogen.  It was assumed that for each experiment, the acetone solvent was 
initially saturated with dissolved hydrogen and that the concentration of 
dissolved hydrogen in the liquid phase did not change appreciably during the 
course of the reaction.  The concentration of dissolved hydrogen was calculated 
from the total system pressure using a pseudo Henry’s law constant determined 
from vapour liquid equilibrium data published in the literature.[192]   
 
Brunner[192] charged acetone to an autoclave reactor, purged th 
headspace and then pressurized the system with hydrogen.  The system was 
allowed to reach material equilibrium for various pressures and the total system 
pressure was correlated to the measured dissolved hydrogen concentration.  
Thus the constant of proportionality is not truly the Henry’s Law constant since 
the total pressure was used rather than the partial pressure of hydrogen.  
Brunner’s estimates of the solubility of hydrogen in acetone are in very good 
agreement, to within a relative error of 2.4%, with the data of Purwanto et 
al.[193]  Brunner’s tabulated data is reproduced graphically in Figure 6-17.  From 
this data, the constant (KH) which relates the mole fraction of dissolved 
hydrogen to the total system pressure can be determin d for each temperature.  
An empirical model was fitted to Brunner's data (Figure 6-18) to predict the 
pseudo Henry’s Law constant at the temperatures investigated in this work. 












Figure 6-17 (a) (left) Mole fraction of hydrogen as a function f total pressure 
(Data from Brunner[192]);  (b) (right)  KH as a function of temperature (◊) data 
from Brunner[192] and (*) predicted from empirical model 
 
The statistically optimum values of the parameters of the kinetic model 
were estimated using the state-of-the-art parameter stimation feature of 
gPROMS (Process Systems Enterprise Ltd., London, UK).  A process model 
was developed in gPROMS in order to carry out dynamic simulations of the 
batch autoclave reactor used in the kinetic study.  The process model consists of 
four ordinary differential equations (ODE) (Eqn. 6-8) detailing the mole 
balances on the four major species monitored in these experiments:  acetone, 
MO, water and MIBK, the kinetic model equations (6-5) through (6-7), as well 
as the liquid phase volume (6-9) and component concentrations (6-10).   Ideal 
mixing was assumed as a first approximation.  The four ODE’s require 
specification of four initial conditions, specifically the initial holdup (moles) of 
each of the four species.  In addition, the amount of catalyst (Wcat ) and the 
initial volume of the reactant mixture (V), the reaction temperature and the 
dissolved hydrogen concentration must be specified for each experiment in the 
input files.  Ni denotes the number of moles of species “i”, νi,j denotes the 
stoichiometric change in the number of moles of species “i” in reaction “j”.  r’j 
is the specific rate of reaction “j” in (mol/hr*gcat) and ρi is the density of species 
“i” in kmol/m 3.  The reactor model in gProms language is available in Appendix 




























































































C ii 2,,,==     (6-10) 
 
The MIBK, MO, water and acetone concentration versus time data 
obtained experimentally were entered into gPROMS as input files.  Each 
experiment resulted in a unique input file.  gPROMS attempts to maximize the 
likelihood that the model will predict the observed xperimental values in the 
input files through maximizing the objective function in (6-11) where zijk is the 
kth prediction of variable j in experiment i.[194]  The z with the “∼” above it 
denotes the predicted value.  Similarly σ2ijk denotes the variance of the kth 
measurement of the jth variable in experiment i.   A statistical variance model 
is assigned to the input data, either constant variance, constant relative variance 
or heteroscedastic variance.   Constant variance implies the measurement error 
has a constant standard deviation; constant relativ variance implies the 
measurement error depends on the magnitude of the measurement and 
heteroscedastic variance implies a more general variance model whereby the 
variance has a nonlinear dependence on the measured value.  In this work, the 
concentration versus time data was assigned a constant relative variance model, 
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Parameter estimation using gProms proved to be problematic.  A unified 
model which could adequately model the entire data set was not found.  The 
kinetics seemed partitioned.  The six experimental conditions at or above 500 
psia could be fit well to the kinetic model.  However the data from the three low 
pressure conditions could not be adequately modeled.  Possibly the reaction 
mechanism had changed,  mass transfer effects had become significant due to 
the low solubility of hydrogen at low hydrogen parti l pressure or the catalyst 
performance had changed.  The results in section 6.4.4 demonstrate the absence 
of mass transfer effects during this experiment.  The results presented in section 
6.4.3.3 suggest that significant catalyst deactivation had occurred in at least one 
of the three low pressure conditions. 
 
6.4.3.1  Kinetic Model I
For hydrogenation pressure greater than or equal to 500 psia, the kinetic model 
of equations (6-5) through (6-7) adequately model th  kinetic data.  The model 
parameters are outlined in Table 6-9.  The model provides an excellent 
prediction of the acetone concentration (Figure 6-18).  The relative standard 
error of estimate, which is the standard error of estimate of the model prediction 
compared to the experimentally observed value normalized by the average value 
over the interval, was 1.07%.  Similarly, the prediction of the water 
concentration was good as evidenced by a relative sandard error of estimate of 
12.8%.  The model predictive capability for MIBK was fair with a relative 
standard error of estimate of 19.7%.    The relative standard error of estimate of 
the model predictions for the MO concentrations were high since the MO 
concentration was very low for these process conditions.  The predicted value 
was often below the peak area rejection limit of the GC (ca. 0.05 mol/L).   
However, the MO predicted concentrations are in relatively good agreement 
with the observed values in experiment #205, illustrated in Figure 6-19, which 
gives the product distribution as a function of time for a typical experiment.  
The parity diagrams of model prediction versus observed values for acetone, 
water and MIBK concentrations are given in Figures 6-20 through 6-22.
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Table 6-9  Parameters for Kinetic Model I (P ≥ 500 psia). 
EQUATION PARAMETER DESCRIPTION VALUE 
(6-10) EA1 Activation energy in r1 87.41 (kJ/mol) 
(6-10) A1 pre-exponential factor  in r1 5.002 x 10
6 
(L/mol*min*g cat) 
(6-8) Kw inhibition term for water in r1 1.110 (L/mol) 
(6-10) EA2 Activation energy in r2 61.48 
(kJ/mol) 
(6-10) A2 pre-exponential factor  in r2 5.005 x 10
6 
(L/mol*min*g cat) 




























Figure 6-18  Model prediction and experimentally observed aceton  and water 
concentration versus time profiles for a typical autoclave experiment [Expt. 205, 
T=175°C, P=700 psia (H2), ω=700 RPM, W=0.4688g (CAT 054)]  A GC/TCD outlier was 
observed for the measurement at 480 min (water).  This observation is neglected from the 
figure.  Data available in Appendix E. 
 




























Figure 6-19  Model prediction and experimentally observed MO, MIBK and 
water concentration versus time profiles for a typical autoclave experiment 
[Expt. 205, T=175°C, P=700 psia (H2), ω=700 RPM, W=0.4688g (CAT 054)] 
 
 

























Figure 6-20  Model prediction versus experimentally observed acetone 
concentration for kinetic experiments carried out at 500 psia and greater.  
[Experiments 197, 199, 200, 201, 203, 205, 206, 2079, 211]   
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Figure 6-21  Model predictions versus experimentally observed water 
concentration for kinetic experiments at 500 psia and greater system pressure. 

























Figure 6-22  Model predictions versus experimentally observed MIBK 
concentration [Experiments 197, 199, 200, 201, 203, 205, 206, 207]
                                                
♣ Regarding Figures 6-20 through 6-22; The data from the star points with regenerated 
catalyst (Expt. 209 and 211)) were not included in the kinetic model for hydrogenation.  
However, the data was included for the model of MO synthesis. .  Data from a preliminary 
experiment (#197, T=160°C, P=600 psia, CAT 054) wasadded to the data set.  5 observations 
were rejected from Figures 6-22 and 6-23 as outliers due to obvious error in GC/TCD moisture 
analysis (Data available in Appendix E). 
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The predicted versus observed MIBK concentration in Figure 6-22 as well 
as the data in Figure 6-19 show that the model gives good estimates of the 
MIBK concentration up to MIBK concentrations of around 1.2 mol/L, which 
corresponds to an acetone conversion of roughly 20%.  For higher conversions, 
the model prediction significantly diverges from the observed value and 
overestimates the MIBK concentration.  This is due in part because the model 
does not account for the consecutive reaction of MIBK to produce DIBK and 
other undesirable reactions such as the production of mesitylene, which become 
significant at high acetone conversion.  In addition, the catalyst may deactivate 
with time at high conversion.  The proposed kinetic model gives excellent 
prediction of acetone and water profiles and can be us d reliably for MIBK 
prediction for acetone conversions less than around 20%. 
 
It is interesting to note that the numerical solutin to the parameter 
estimation in gPROMS resulted in the inhibition term in the hydrogenation 
reaction being set to zero as the optimal solution, despite the observed 
diminution of MIBK productivity at high acetone conversions.  Evidently, the 
diminution of MIBK production with acetone conversion appears to be 
primarily the result of the decrease in the rate of MO synthesis with acetone 
conversion, which is inhibited by water and or organic substrates.  Modifying 
the rate expression to consider other inhibitors, such as water, acetone or MIBK 
also resulted in the inhibition term being set to zero.  Modification of the 
exponent in the rate expression did not yield an improved result.   
 
6.4.3.2  Kinetic Model II – Neglecting MO  
 
The parameter estimation for the second rate expression required fitting of 
MO concentration data obtained at low concentration near the peak area 
rejection limit of the GC using gPROMS.  In addition, the very low MO 
concentration is used in the calculation of the MIBK reaction rate.  These 
concentrations were well below the concentration of the least concentrated 
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calibration standard used for the GC/FID analysis.  Consequently, the MO 
concentration data may not be highly accurate and may have adversely affected 
the model predictive capability.  
 
Since the MO concentration is low in many of the experiments at high 
pressure (≥ 500 psia) a simplified kinetic model is proposed that neglects the 
MO and assumes that all of the MO is rapidly and completely converted to 
MIBK  (Equation 6-12).  Keeping the parameters for the first rate equation for 
MO synthesis, it was found that the model predictions for MIBK concentration 
improved slightly as evidenced by a relative standard error of estimate of 
15.9%.  The model prediction versus observed MIBK concentration is given in 
Figure 6-23.   Although the residual errors are generally smaller for the model-II 
predictions compared to model-I predictions for MIBK concentration, the 
model-II predictions appears to frequently underestimate the observed value.  
This may reflect an instrumental bias since the predict d value is calculated 
from the water concentration measured by GC/TCD while MIBK is measured 
by GC/FID.  Regardless, the model predictions diverge f om the observed value 
at high acetone conversion although, perhaps, not as significantly as that 





dC wMIBK =        (6-12) 
 

























Figure 6-23  Kinetic model II predicted versus observed MIBK con entration 
assuming MO is rapidly and completely converted to MIBK [Experiments 197, 199, 
200, 201, 203, 205, 206, 207, 211] 
 
6.4.3.3  Experiments at Low Pressure  
The kinetic data for the experiments obtained at the ree low pressure 
conditions in fact do not suggest that the kinetic model actually fails to predict 
the observed product distribution.  Rather, the catalys  appears to have been 
adversely affected by the low hydrogenation pressure and resulting in 
deactivation.  Figure 6-24 shows the MIBK concentration versus time profile 
for two experiments conducted at 175°C; one at 700 psia and the other at 300 
psia.  The experiment at 300 psia shows a lower initial activity for MIBK 
synthesis as expected due to the lower solubility of hydrogen.  However, the 
hydrogenation activity clearly diminishes with almost complete deactivation 
after three hours of reaction.  The MO concentration increases monotonically 
throughout this experiment.  Given this, the rate of MIBK production should 
increase with MO concentration.  The accumulation of MO is indicative of a 
loss of catalyst activity for hydrogenation. 
  
 





















MIBK #210  (300 psia)
MIBK  # 205 (700 psi)
MO #210 (300 psia)
MO #205 (700 psia)
 
Figure 6-24  Effect of (total) hydrogenation pressure on the synthesis of MIBK 
at 175°C over a Pd/Nb2O5/SiO2 catalyst in an autoclave [Experiments 210 and 205] 
 
The box point experiment conducted at the condition of low temperature 
and pressure (Experiment # 204) is actually in fair ag eement with the kinetic 
model prediction (Figure 6-25).  The predicted MIBK concentration is in 
relatively good agreement with the observed result for the first two hours of 
reaction but diverges after some time.  In fact, there is more MIBK observed 
than predicted in this experiment.  However, it is clear from the data that this 
experimental measurements exhibited significant variation.  Consequently the 
experiment should be considered preliminary and should be repeated.   More 
MIBK was produced than expected because in fact more acetone was converted 
to MO than predicted by the model (Appendix E), like y due to experimental 
error as evidenced by the variation in the measured data.  However, the result 
suggests the kinetic model is valid.   The low reaction temperature (135°C) 
appears to have mitigated the deactivation of the hydrogenation catalyst. 
 


























Figure 6-25  MIBK and MO predicted and observed concentrations as a 
function of time on stream at 135°C and 300 psia. [Expt # 204, T=135°C, 
P=300 psia, ω=700 RPM, W=0.4692 g (CAT 054)] 
 
 
The star point experiment at very low pressure (Experiment 208, Figure 6-
16) is inconclusive since regenerated catalyst was used.    This result was 
similar to that of Experiment #210 (Figure 6-24) in that less MIBK than 
predicted was observed and the MO concentration increased monotonically 
during the experiment.  However, the hydrogenation catalyst remained active.  
A preliminary experiment (#196, Appendix E) conducted at 388 psia showed 
fair agreement with the kinetic model prediction with a relative standard error of 
estimate of 12.6% for the prediction of the MIBK con entration.  However, the 
model consistently underestimated the amount of MIBK present and predicted a 
larger amount of MO present initially.  In fact, MO was not observed and was 
converted to MIBK.  Thus the model underestimated the initial rate of 
hydrogenation.   The predicted and observed measurements were in good 
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6.4.4  Assessment of Mass Transfer Effects 
 
The synthesis of MIBK is a relatively slow irreversible reaction.  The acetone 
conversion was typically less than 20% after 8 hours of reaction.  Consequently, 
mass transfer effects are not expected.  To ensure abs nce of external heat and 
mass transfer effects, the kinetic experiments were ca ried out in a well mixed 
batch autoclave with the agitation rate maximized at 700 RPM.  In addition, the 
catalyst consisted of a finely ground powder, which ensured negligible 
intraparticle heat and mass transfer effects.  For these reasons, it is reasonable to 
consider thermal gradients within the catalyst and the bulk liquid phase to be 
negligible.  However, the absence of mass transfer ef cts need be confirmed.  
Although experiments were not carried out to rigorously assess mass transfer 
effects, in this section the absence of mass transfer ef ects is demonstrated by 
the evaluation of accepted scientific criteria for the assessment of interparticle 
and intraparticle transport phenomena in a chemical reactor. 
 
To evaluate the effects of mass transfer, consider the diffusion of acetone 
from the bulk liquid.  MO is created in situ at the active sites within the pore 
structure and may be viewed as an intermediate.  In the kinetic study, the 
condition most likely to exhibit internal and external mass transfer effects 
would be the star point at the condition of extreme high temperature (Exp. 200) 
since the reaction rate is more sensitive to temperature than the diffusion rates.  
The maximum rate of reaction occurred at the initial condition (X=0).  The 
Mears criterion was evaluated in order to confirm the absence of external mass 
transfer effects.  It has been demonstrated that if the inequality of equation 6-13 
is valid, then external mass transfer effects are negligible.[195]  
       
         (6-13) 
 
In this expression, (r’A) denotes the observed specific reaction rate 
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diameter (m), n is the order of reaction, CA is the bulk liquid phase 
concentration of the reactant (kmol/m3) and kc is an appropriate mass transfer 
coefficient (m/s).  The initial acetone concentration was 13.60 (mol/L) or 13.6 
(kmol/m3).  The initial rate of acetone conversion was estima ed from computer 
simulation using the kinetic model of equations (6-6) through (6-11) with “E-Z 
Solve” v. 1.0 (Intellipro, Inc.).  The initial rate of reaction was estimated to be 
2.25 x 10-4 (mol/s*gcat).  The catalyst was ground to a fine powder and its 
particle size distribution was not measured.  However, as a conservative 
estimate, a mean particle size of 100 µm (1 x 10-4 m) is assumed.  Although the 
catalyst was dispersed into a slurry, as a conservative estimate, the bulk density 
of fumed silica was used (72.08 kg/m3). The reaction is second order with 
respect to acetone.  However, due to substrate inhibition, the apparent order is 
between 1 and 2.  As a conservative estimate, the reaction was considered 
second order. 
 
To estimate the mass transfer coefficient for mass transfer to suspended 
solids in a highly turbulent mixer, the correlation in equation (6-14) was used 
where k’L is the appropriate mass transfer coefficient, Sc is the Schmidt number 
(Eqn 6-15), µc is the dynamic viscosity of the continuous phase (kg/ms), ρc is 
the density of the continuous phase (kg/m3) and (P/V) is the power consumption 
per unit volume in the mixer (kW/m3).195 
 
 
         (6-14)  
 
         (6-15) 
 
The self diffusivity of acetone (DAA) was calculated using the correlation 
of Sitaraman et al.[197] in equation (6-16) where VA is the molar volume at the 
normal boiling point (m3/kg), ∆H is the latent heat of vapourization at the 
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temperature (K) and M is the molecular mass (kg/kgmol).   The molar volume 
of acetone at 303.2 K (0.056 m3/kgmol) was used.[198]  Viscosity and densities 
at room temperature were used, which lead to conservative estimates since 
reduction in these parameters with temperatures enhance mass transfer. 
Neglecting the effect of fumed silica catalyst on the viscosity and assuming a 
viscosity of acetone of 0.32 cP, given a molecular m ss of 58.08 kg/kgmol, an 
absolute temperature of 456 K and a heat of vapourization of 519970 J/kg gives 
a self-diffusivity of acetone of 5.47x 10-9 m2/s.  Substitution of this value into 
equation (6-15) gave a Schmidt number of 74.1. 
 
 
         (6-16) 
 
To determine the power consumption per unit volume, the impeller 
Reynolds number was calculated from equation (6-17) where Da denotes the 
impeller diameter (m), N denotes the agitation rate (rev/sec), ρ is the liquid 
phase density (kg/m3) and µ is the dynamic viscosity (kg/ms).[196]  Neglecting 
the effect of the fumed silica on the viscosity and assuming a viscosity of 
acetone (3.2 x 10-3 kg/ms), a density of acetone (789.9 kg/m3), an impeller 
diameter of 1 inch (0.0254 m) and considering the agitation rate of 700 RPM 
(11.67 rev/s), the impeller Reynolds number was found to be 18580, which is in 
the turbulent regime.  
 
          (6-17) 
 
The power consumption by the impeller (P) can be calcul ted from the 
power number (NP) which is related to the mixer parameters in Equation (6-18).   
The power number can be obtained from agitator performance curves which 
consist of a log-log plot of the impeller Reynolds number versus the power 
number.  In the turbulent regime, the power number becomes independent of the 
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number corresponding to an impeller Reynolds number of 20 000 range from 
0.4 to 4.[197]  It has been reported that a 4 pitched blade axial flow impeller, such 
as the one used in these experiments, has a turbulent power number of 1.27.[199]   
Using this value, an acetone density of 789.9 kg/m3, an agitation rate of 11.67 
rev/s and an impeller diameter of 0.0254 m gives a power consumption of 1.68 
x 10-5 kW.  Considering the reactant volume of 100 mL gives a power per unit 
volume of 0.168 kW/m3. 
 
         (6-18) 
 
Substitution of the power per unit volume, the diffusivity of acetone, the 
Schmidt number and the density and viscosity of acetone into equation (6-14) 
allowed calculation of the mass transfer coefficient kL which was found to be 
2.25 x 10-5 m/s.  Substitution of the mass transfer coefficient nto equation (6-
13) along with observed specific reaction rate, the catalyst bed density, the 
reaction order and the acetone concentration allowed calculation of the Mears 
parameter, which was found to be 0.011, an order of magnitude lower than the 
critical value.  Thus the inequality (6-13) is valid.   
 
External mass transfer effects are frequently observed for hydrogen 
transport in multiphase reactions due to the low solubility of hydrogen in 
organic solvents.  Liquid phase catalytic hydrogenatio  requires the absorption 
of hydrogen into the bulk, which could be the limiting step.  However, if the 
rate of reaction is very slow, the gas phase resistance can be neglected.  The 
Hatta number (Ha) is a dimensionless number which represents the relative 
magnitudes of chemical reaction and mass transfer.[200]  The accepted criterion 
for which the gas phase resistance may considered to be negligible is that the 
Hatta number is less than or equal 0.3 as outlined i  quation (6-19) where kL is 
the liquid mass transfer coefficient (m/s), k is the bimolecular reaction rate 












Ha        (6-19) 
 
The correlation of equation (6-14) was used to calcul te the liquid mass 
transfer coefficient.  The rate constant from the kinetic model (Equation  6-5) 
expressed in (m3/kmol*s) by multiplying the specific rate by the catalyst mass 
was calculated for each experiment.  The molecular diffusivity is a strong 
function of concentration.  Consequently, the Wilke-Chang correlation (6-20), 
intended for dilute solutions of non-electrolyte solutes, was used to calculate the 
diffusivity of hydrogen in acetone using an association factor (ξB) of 1, which is 
recommended for non-polar solutes, and a molar volume of hydrogen at its 
normal boiling point of 0.0143 (m3/kgmol).[202]  The viscosity of acetone at 
room temperature (0.32 cP) was assumed. 
 
         (6-20) 
 
 
The hydrogen diffusivity, liquid mass transfer coefficient, rate constant, 
Hatta number and Mears parameter were calculated for each experiment in the 
kinetic study (Appendix E4).  The hydrogen diffusivities ranged from  
1.43 x 10-8 m2/s to 1.62 x 10-8 m2/s.  The Hatta numbers ranged from 0.055 to 
0.170, which clearly satisfies the criterion of equation (6-19).  Assuming the 
liquid phase was saturated with hydrogen, the Mears p ameter ranged from 
0.002 to 0.022 which satisfies the criterion of equation (6-13).  Thus it can be 
concluded that the reactions investigated in the kinetic study were free of 
external mass transfer effects. 
 
To assess the effects of internal mass transfer, th Weisz-Prater criterion 
was evaluated.  First proposed by Weisz and Prater[203] for positive finite 
reaction orders up to 2 and later generalized by Hudgins[204] to include all finite 
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been demonstrated that if the inequality in equation (6-21) is valid, then one 
may conclude that internal mass transfer effects are negligible.  (i.e. η ≥ 0.95).   
 
The term on the left hand side of the inequality, refe red to as the Weisz-
Prater parameter, is essentially the ratio of a reaction rate to a diffusion rate.  robs 
is the experimentally observed rate of reaction perunit particle volume 
(~mol/s*m3), rp is the pellet diameter (m), De is the effective diffusivity (m
2/s), 
CAS is the concentration of the diffusing reactant at he catalyst surface, which 
in the absence of external mass transfer limitations is equivalent to the bulk 
liquid phase concentration (mol/L) and n is the order of the reaction.[205]  To 
calculate the observed reaction rate per unit particle volume, the specific 
reaction rate is multiplied by the density of the catalyst as in equation (6-22).  





































obsobs ρ     (6-22) 
 
Diffusion through a solid may occur through three distinct modes of 
diffusion including ordinary diffusion, Knudsen diffusion and surface diffusion.  
Surface diffusion does not contribute significantly to the overall transport and 
may be neglected.  Knudsen diffusion is assumed to be the principal mode of 
transport.   The Knudsen diffusivity of acetone was c lculated from equation (6-
23) where r is the mean pore diameter.  The catalyst pore diameter was not 
obtained in the BET experiments of Chapter Four.  However, since the catalyst 
preparation method is loosely based on that of Chen et al.[42] and since their 0.5 
monolayer niobia catalyst was supported on silica with a similar surface area, 
their mean pore diameter (17.2 nm or 1.72 x 10-8 m) and pore volume (1.51 
cm3/g) was used in these calculations.  The effective diffusivity (De) is 
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calculated giving consideration to the catalyst porosity (ε), constriction factor 
(σ) and tortuosity (τ).     Values of the constriction factor and tortuosity (0.8 and 































Based on the pore volume observed by Chen et al.[42] and assuming a 
density of non-porous silica of 2.2 g/cm3, a porosity of 76.8% was estimated 
and used in the calculation of De.  From equations (6-23) and (6-24) an effective 
diffusivity of 9.57 x 10-7 (m2/s) for acetone at 183°C was estimated.  From this 
value, along with the other parameters, the Weisz-Prater parameter was found to 
be exceedingly small (3.8 x 10-4), considerably smaller than the critical value of 
0.5.  The diffusivity for hydrogen will be greater as a result of its very low 
molecular mass, resulting in a lower value of the Wisz-Prater parameter.  
Therefore, the criterion of equation (6-21) is satisfied. 
 
Thus, both internal and external mass transfer effects are negligible and 
the observed kinetics correspond to the intrinsic kinetics of the overall synthesis 
of MIBK from acetone and hydrogen.  Due to the very low value of the Weisz-
Prater parameter observed for these experiments, the assumptions inherent in 
the calculation such as catalyst porosity, particle size and density could be 
relaxed to extreme conditions without affecting the conclusion of this 
calculation.  Similarly, the Mears parameter was typically one to two orders of 
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6.5  Conclusions 
 
Preliminary experiments investigating the one-step synthesis of MIBK using a 
multifunctional catalyst in a batch reactor highligt the importance of obtaining 
a balance between the acid sites and hydrogenation si es as suggested by other 
authors.[23,26,48,50]  At very low Pd loading (<< 0.1 wt%), unreacted MO was 
observed in the product.  In contrast, for palladium loading around 1 wt%, the 
rate of IPA production from direct hydrogenation ofacetone become 
comparable to the MIBK productivity from MO hydrogenation.  These 
observations support our previous findings that MO and acetone compete for 
the same active sites for hydrogenation.[18]   In the final catalyst formulation, a 
palladium loading of around 0.04 wt% was used, which is at or near the 
optimum loading.  An excessive amount of palladium (II) acetate precursor (eg. 
1 wt% Pd loading) not only resulted in a reduction in the hydrogenation 
selectivity but also significantly reduced the overall catalyst activity and in 
some cases contributed to complete catalyst deactivation due to the interaction 
of the palladium acetate with the acid sites.  This effect was more pronounced 
on the gamma alumina supported catalysts.  When excessive palladium acetate 
is used during impregnation, the uptake of the precursor appears to depend on 
the acidic properties of the niobia catalyst. 
 
Two commercial catalysts carriers, one silica and oe gamma alumina, 
were evaluated for use as a catalyst support for a multifunctional catalyst for 
pilot scale catalytic distillation experiments.  When these supports were used to 
disperse a surface niobium oxide phase and carry out the synthesis of MO from 
acetone at 160°C in an autoclave, the alumina catalyst was found to present a 
substantial internal mass transfer resistance yielding a catalyst effectiveness 
factor of only 1.64%.  In contrast, the silica carrier showed an effectiveness 
factor of 66%.  This disparity in catalyst performance is attributed to the 
morphological characteristics of the supports.  Thesilica catalyst carrier had a 
lower surface area and larger mean pore diameter than the alumina.    The silica 
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multifunctional catalyst also exhibited an activity for MIBK synthesis of 1.16 
relative to the activity of Amberlyst 15 for MO at its maximum operating 
temperature.   
 
Experiments in Chapter Five demonstrate that the interaction of the niobia 
with the silica catalyst carrier generates unique and very strong acid sites not 
observed in other supported niobia catalysts in including fumed silica.  
Consequently, the silica carrier was selected for further catalyst development.   
The silica raschig ring catalysts showed excellent activity for MO and MIBK 
synthesis in a FBR, typically in excess of 1 [g/hr*gcat] and as high as 1.3 
[g/hr*gcat] MIBK productivity at 160°C.  However, the MIBK selectivity 
typically ranged from 82 to 85 (wt %) under the reaction conditions 
investigated, primarily due to the co-production of DIBK and IPA. 
 
Experiments involving the syntheses of MO and MIBK in a fixed bed 
flow reactor revealed a synergistic effect whereby the catalyst activity increased 
in the presence of hydrogen by 22% at a space velocity f 8.6 hr-1.  It is 
postulated that the rapid hydrogenation of MO to MIBK increases the fraction 
of available surface sites for chemical reaction by reducing the surface 
concentration of MO and its derivatives which may inhibit the global reaction 
rate.  The synergistic effect becomes more pronounced for low space velocity 
where the inhibiting effects of substrates become increasingly significant and 
are less pronounced for conditions of high space velocity where the inhibiting 
effects of organic substrates is less significant.  Another curious observation is 
that the presence of hydrogen appears to facilitate the synthesis of mesitylene 
from phorone, which does not involve hydrogenation.  Moreover, the precursors 
of mesitylene, including phorone and MO, are typically not observed in the 
reactor effluent.  In contrast in the absence of hydrogen in the FBR, mesitylene 
was only observed at 180°C and was co-produced with significant amounts of 
its precursors phorone and MO. 
 
  305 
The intrinsic kinetics of the overall one-step synthesis of MIBK was 
investigated in an autoclave reactor over a broad range of temperatures and 
hydrogenation pressures over a Pd/Nb2O5/SiO2 catalyst with 0.51 monolayer 
niobia coverage and a palladium loading of 0.047 wt%.  Evaluation of the 
Mears and Weisz-Prater criteria confirm the absence of mass transfer effects for 
this investigation.  Activities for MIBK synthesis as high as 6.5 times that of 
MO production using Amberlyst 15 at its maximum operating temperature were 
observed.  At high moderate to high pressure, MIBK can be produced in 
essentially 100% selectivity up to acetone conversions around 20%, after which, 
mesitylene, DIBK and IPA were observed.  The hydrogenation pressure had a 
significant effect on the selectivity.  At lower hydrogenation pressures, the 
initial rate of MO synthesis exceeded the rate of its hydrogenation resulting in a 
significant amount of unreacted MO which accumulated in the reactor, in some 
cases resulting in catalyst deactivation.    
 
A kinetic model was developed which gives excellent prediction of the 
acetone concentration as evidenced by a relative standard error of estimate 
(RSEE) of 1.07% over the interval investigated.  The kinetic model gives good 
predictions of the water concentration (RSEE = 12.8%) and fair estimates of the 
MIBK concentration (RSEE = 19.7%).  MO prediction was poor.  High relative 
errors were observed in the prediction of MO due to the relatively low observed 
and expected concentrations, which were near the GC peak area rejection limit.  
The kinetic model is valid for system pressures of 500 psia and greater.  
However, the model predictions become unreliable at ower pressure.   
 
  
  306 
Chapter Seven 
 
Preliminary Pilot Scale Experimental Studies on the Syntheses 
of MO and MIBK via Catalytic Distillation  
___________________________________________________________ 
 
7.0  Synopsis 
This chapter outlines the results of two preliminary pilot scale experiments, 
which were conducted using commercially available catalysts in order to obtain 
process benchmarks for the syntheses of MO and MIBK via catalytic 
distillation.  These experiments were carried out in the first year of this research 
project in order to aid in the development of the problem definition.  The results 
of these experiments provided a cursory assessment of these CD processes and 
identified their limitations and the immediate challenges for further CD process 
development.    Specifically, the results demonstrate that the hydrogenation step 
was limiting the CD process for the one step synthesis of MIBK.  The results 
indicate that significant hydrogenation catalyst deactivation had occurred during 
the CD experiment.  The nature of the deactivation was unclear and warrants 
further investigation.  However, DRIFT spectroscopi evidence suggests that 
MIBK interacts strongly with the Lewis acid sites of the alumina support. 
 
7.1  Introduction 
The one-step synthesis of MIBK from acetone has been carried out previously 
in a CD column operating in batch mode utilizing a multifunctional catalyst.[32]  
However, no results have been reported in the scientific literature for any CD 
process for MIBK synthesis operating in either continuous or batch mode.  
Moreover, the potential advantages of a one zone appro ch versus a two zone 
mode of CD operation have not been investigated for this application.  Although 
the results reported by Lawson and Nkosi[32] have demonstrated the technical 
feasibility of a one-step CD process for MIBK, the results were poor (Table 1-
1).  The average MIBK productivity for the best operating condition was only 
about 0.10 gMIBK/ (hr*mLcat) and the selectivity to MIBK ranged from only 33 to 
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68% (wt%).     Consequently, a major objective of this research is the 
development of an improved CD process for MIBK synthesis.  More generally 
however, the principal objective is to gain insight into the potential advantages 
and limitations of CD technology through the application of CD towards a 
complex organic synthesis. 
 
Two pilot scale experiments were carried out to investigate the syntheses 
of MO and MIBK from acetone. Commercially available catalysts, which 
represent the state-of-the-art for MIBK synthesis, were used in two separate 
reaction zones in order to obtain a cursory assessmnt of these CD processes 
and to acquire a process benchmark against which furt er process improvement 
may be gauged.   
 
7.2  CD Pilot Plant Apparatus  
 
CD Column 
Pilot scale catalytic distillation (CD) experiments were conducted utilizing the 
CD reactor apparatus whose schematic is outlined in Figure 7-1.  The reactor is 
constructed from 5 segments of 316 stainless steel (SS) schedule 40 pipe  with 1 
inch nominal inside diameter connected by 600 psi class flanges (ANSI B.15) 
fixed in place with butt-weld joints.  The CD reactor has a total height of 23 ft 
(7m) with a total packing height of 16 ft (4.9 m).    ¼ inch ceramic Intalox 
saddles (Norton) were used as a distillation packing a d loaded into the column 
in a random manner.  Heterogeneous catalyst was immobilized within discrete 
reactive sections of the CD column.   
 
Each segment of the column contained multiple sample ports constructed 
of 316 SS schedule 80 pipe (1/4 inch ID X 5 ¾ in. long) welded to the reactor 
major axis spaced out in 6 inch and 12 inch intervals. Thermocouple probes 
were inserted into these ports and sealed with Swagelok tube fittings in order to 
obtain direct measurements of temperature within the reactor.  These access 
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ports, if appropriately modified, could also be used to obtain liquid samples 
from the reactor along its major axis.[206]  A 1000 W variable output explosion 
proof immersion heater inserted into the bottom of the CD column and sealed 
with a flanged joint served as the reboiler for theCD column.  Variable power 
output explosion proof heating elements (1000 W) running up the major axis of 
the column were used to make up for heat losses from the column.  The CD 
column was enclosed with high temperature ceramic insulation and aluminum 

















Figure 7-1  Schematic Representation of the pilot scale CD Reactor and 
ancillary equipment; reprinted from O’Keefe et al.[63]♣ 
 
 
                                                
♣ Reprinted with permission from W.K.  O’Keefe, F.T.T.  Ng and G.L. Rempel (2007), Ind. Eng. Chem. Res., 46(3), pp. 
716-725.   2007 American Chemical Society     
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Durlon 9000 Blue  (PTFE with inorganic filler) ring gaskets were selected 
for this work due to their excellent chemical resistance even to the most 
aggressive chemicals and particularly for their superior sealing characteristics.  
Durlon 9000 has been used extensively in the pharmaceutical, pulp and paper 
and food and beverage industries.[207]  Typical applications of Durlon 9000 Blue 
gaskets include operations involving gaseous or liquid oxygen, nitrogen or 
chlorine as well as caustics and high purity applications in the pharmaceutical 
industries such as blood components manufacturing.[207]   
 
Although the Durlon 9000 Blue gaskets have excellent chemical 
resistance for the oxygenated solvents investigated in this work, for this CD 
application, the sealing characteristics of the gasket are of paramount 
importance.  An excellent seal is required in order to minimize the potential for 
leakage and the possible ignition of flammable vapours, particularly when 
hydrogen is being used.  However, the reader is advise  that the optimal 
performance of the gaskets and indeed the safe operation of the CD column are 
dependent on proper gasket installation.  Specifically, the bolts at the flanges 
must be torqued to meet the specification outlined i  Table 7-1 in no less than 
three stages of successively increasing torque following the crossing pattern 
outlined in the Durlon Technical Handbook.[207]  In addition, the bolts should be 
re-torqued to the required torque specification in a circular pattern 24 to 72 
hours after installation to account for bolt relaxation.[207]   
 
The author recommends that the bolts should be tightened to the 
maximum recommended torque in anticipation of torque loss throughout the 
course of experimentation due to bolt relaxation as well as thermal cycling of 
the apparatus between experiments.  It is also important to note that to achieve 
the proper compression of the gaskets, the bolts mut be clean such that they 
may be installed finger tight by hand without any unintended resistance from 
debris such as fragments of insulation.    Also, it is important to note that the
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torque specification provided by the gasket manufact rer assumes that the bolts 
have been lubricated with an anti-seize compound.   
 
Table7-1  Torque specifications for 1/16 inch thick DURLON 9000 Blue ring 









@ P=100 psi 
Minimum 
Torque (ft-lbf) 
@ P=300 psi 
Maximum 
Torque (ft-lb f) 
1 4 @ 5/8” 13 18 36 
1.5 4 @ 3/4” 31 45 92 
2 8 @ 5/8” 21 30 62 
 
Threaded pipe fittings that were permanently sealed w re sealed with 
Loctite 567 high temperature sealant in order to mini ize the potential for 
leakage. However, some pipe thread on the sample ports of the reaction zones 
were sealed with Teflon tape after installation of the catalyst since a 72 hour 
cure period is required for the Loctite sealant to be effective.  After installation 
of the catalyst, the reactor was pressurized with argon and leak tested.  After 
major leaks had been corrected, the column was pressurized to 350 psig and 
isolated.  Its pressure loss was monitored overnight and was typically around 3 
psi per hour or less at 200 psig when sealed properly. 
 
ACS reagent grade acetone (Aldrich 67-64-1, >99.5% ) was fed 
continuously to the CD column at a location  6 inches (15 cm)  below the 
reactive sections illustrated in Figure 8-1 using a Milton Roy LCD mini-pump 
to precisely control the mass flow rate.  In accordance with the Ontario Fire 
Code[208] the acetone feed tank and CD column were grounded to a copper 
cooling water drain pipe using an AWG copper braid conductor cable and code 
approved grounding connectors following the guideline provided by the 
Industrial Accident Prevention Association.[209]  
 
A condenser located at the top of the CD column condenses the vapours 
into a liquid stream (distillate).  Some or all of the overhead distillate may be 
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refluxed to the CD column or recovered as an overhead product and transferred 
to a product reservoir.  The reflux ratio is controlled using a solenoid valve.  
The Keithly process control software allows control of the period of time that 
the solenoid valve is open to collect overhead distillate product and the time 
period for which the solenoid valve is closed whereby liquid is refluxed to the 
CD column throughout a predetermined cycle time.    
 
Cooling water was fed to the condenser using a rotameter to control the 
volumetric flow rate of water.  Thermocouple probes were inserted at the 
cooling water inlet and outlet and these temperatures were continuously 
monitored.  For the first two CD experiments outlined in this chapter, the 
condenser cooling water temperatures were recorded manually once per hour 
during operation.  However, for the subsequent CD experiments outlined in 
Chapter Eight, the condenser cooling water temperatures at the inlet and outlet 
were continuously monitored, filtered and datalogged at one minute intervals 
using LabView 7.1 in order to obtain more accurate estimates of the condenser 
duty.  
 
The condenser duty was calculated from the measured temperature change 
of the cooling water passing through the condenser and the known cooling 
water mass flow rate.  First, the volumetric flow rate of water was converted to 
a mass flow rate using the known density of water at the measured inlet 
temperature from tabulated data in Weast.[210] Second, the heat capacity (Cp) of 
water was determined at the condenser water inlet temperature from tabulated 
data in Weast.[210]  The temperature dependence of the heat capacity was 
neglected for the small changes in cooling water temp ratures observed across 
the condenser since it affects the result in the fourth significant figure.  The heat 
capacity of water differs by a maximum of 0.1% betwen 18 and 40°C.  The 
condenser duty was then calculated using equation (7-1).  The Watson 
correlation (Eqn 7-2) was used to calculate the latnt heat of vapourization of 
acetone at the measured reflux temperature from the la ent heat of vapourization 
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of acetone at its normal boiling point (30.2 kJ/mol at 1 atm, 329 K) and the 
critical temperature of acetone (508.0 K).[211]  The reflux flow rate was 
subsequently calculated from the energy balance about the condenser  using 
equation (7-3) assuming that the reflux stream consisted entirely of saturated 
liquid acetone. 
   
TCmQ pw ∆= &&        (7-1) 
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&&&      (7-3) 
 
Liquid product was continuously withdrawn from the reboiler through a 
Badger Research control valve in a manner to maintain a constant liquid level of 
55% (± 5%) capacity in the reboiler.  The control valve was operated manually 
by controlling the valve percentage output on the Kithly human-machine 
interface screen. The liquid level in the reboiler was measured by visual 
inspection through a sight glass by the operator.   Liquid product recovered 
from the reboiler was passed through a double pipe heat exchanger in a U-tube 
bundle configuration with the product running shell side and cooling water 
running tube side prior to collection within a product reservoir. The product was 
drained periodically from the reservoir into glass bottles.  A separate bottle was 
used for each hour of CD operation or every two hours when the CD column 
was operating at very low flow rates.  The amount of material recovered was 
determined by weighing the bottle before and after sample collection using a 
balance precise to ±0.005 g.  The liquid samples were subsequently analyzed by 
GC/FID to ascertain their chemical composition and in some cases GC/TCD to 
determine the moisture content using the gas chromatograph and GC techniques 
described in Chapter Three.  However, for the first two CD experiments, an
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 internal standard (1-propanol Fisher A414-500, >99.8%) was used instead of 
external calibration standards.   
 
For the CD experiments involving MO hydrogenation, UHP hydrogen 
(Praxair, >99.995%) was fed to the CD column at a point about 1m from the 
bottom of the column.  The hydrogen flow rate was controlled by a Brooks 
5850E mass flow controller (MFC).  The MFC was calibrated by Trillium 
Measurement and Control Ltd. (Markham, Ontario, Canad ) following NIST 
traceable standards.  The delivery pressure to the MFC was 1.03 MPa and a 
back pressure regulator (BPR) ensured a constant pressure drop of 0.34 MPa 
across the control valve.   Hydrogen was not used for the first CD experiment.  
Instead nitrogen was fed to the CD column at a relativ ly small mass flow rate 
in order to promote thermal mixing through the forced convection of matter and 
energy up the CD column from entrainment.  The same gas feed port was used 
as that for the hydrogen feed in other experiments.  The flow rate of nitrogen 
was regulated using a Whitey SS-22RS4 fine metering valve. 
 
The pressure within the column was measured at two locations, the top 
and bottom of the column, which allowed a measurement of the pressure drop 
across the column as well as the average column pressur .  These measurements 
were obtained using pressure transducers.  The analog signals from the pressure 
transducers as well as the 23 thermocouples were transmitted to an “AD 
interface”, which converted the analog signals to digital signals prior to 
processing by the Keithly control software running on a personal computer.  
The pressure within the CD column was controlled using proportional-integral 
(PI) control.  The control elements consisted of two pneumatically actuated 
Badger Research valves operating on a split range.  One “inlet” valve when 
open and the other “outlet” valve closed allowed nitrogen to be fed to the 
reactor to increase the system pressure.  Conversely, with this inlet valve closed 
and the outlet valve open, the pressure within the reactor was decreased as gas 
was vented.   
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The reboiler level control valve was also pneumatically actuated.  It had a 
P1 trim set for the first two CD experiments.  However, this valve was known to 
be over-sized (CV=0.004) for the CD work being undertaken and consequently, 
the trim set was replaced with a P7 trim set (CV=0.00018) after the first two 
experiments.[206]  The P7 trim set was not optimal but did  result in significantly 
improved reboiler level control.      
 
The pilot plant was equipped with “GAT-WD” combustible gas sensors 
(BW Technologies), one located at the top of the column and the other at the 
bottom, which continuously monitored the level of flammable compounds in the 
ambient including hydrocarbons such as acetone and MIBK as well as 
hydrogen.  These gas sensors transmitted the data to a 4 channel controller-
monitor which displayed the gas concentration as a percentage of the lower 
explosive limit (LEL).  The sensors were calibrated to give a response with 
respect to methane.  However, a correction factor of 1.93 was used to express 
the % LEL in terms of the lower explosive limit of acetone.  A warning alarm 
would sound at 10% LEL and a high alarm would result at 20% LEL.  The 
controller-monitor was interlocked with the CD process control.  In the event of 
a high level alarm, the power supply to the CD process including power to the 
computer, heating elements and pumps, would be disabled and all control 
valves would be rendered to their fail-safe positions.  A low level alarm resulted 
in an audible warning to take corrective action. 
 
7.3  Catalyst Selection for Preliminary CD Experiments 
 
In order to obtain meaningful process benchmarks for MO and MIBK synthesis, 
commercially available catalysts which represent the state-of-the-art for MIBK 
synthesis were selected.   The one-step synthesis of MIBK requires a 
multifunctional catalyst to facilitate the three major reaction steps.  The most 
commonly employed multifunctional catalyst for the commercial production of 
MIBK in a single stage comprises a strongly acidic cation exchange resin 
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containing 0.05 wt% palladium.  The strongly acidic support catalyses the 
synthesis of MO from acetone.  Palladium is used as the hydrogenation catalyst 
since is known to give consistently high selectivity to the hydrogenation of the 
olefin group of α,β-unsaturated ketones.  
 
The first one-step processes for MIBK synthesis commercialized by 
Veba- Chemie specified such a catalyst.[1]  This catalyst formulation remains the 
most commonly used for MIBK synthesis.  Today, Rohm and Haas markets 
Amberlyst CH28, which consists of 0.05 wt% Pd disper ed onto a strongly 
acidic macroreticular resin, for the commercial manuf cture of MIBK.  
Unfortunately, Amberlyst CH28 was not commercially available in North 
America at the time of this study.   Instead Amberlyst 15 (Aldrich 21638-0), a 
strongly acidic macroreticular cation exchange resin, was procured for the 
investigation of the synthesis of MO from acetone.  Incidentally, Lawson and 
Nkosi[32] used a 0.05 wt% Pd/Amberlyst 15 catalyst in their investigation of 
MIBK synthesis via CD.  
 
Rather than use a multifunctional catalyst, the one-step synthesis of MIBK 
via CD was benchmarked using two separate catalysts in two discrete reaction 
zones.   Amberlyst 15 was utilized in one reaction z e for the synthesis of MO 
while a 0.52 wt% Pd/Al2O3 catalyst (Aldrich 20,574-5) was used in a separate 
reaction zone to facilitate the hydrogenation of MO.   Schmitt et al.[20] have 
demonstrated that MIBK can be produced with 96% yield from the 
hydrogenation of MO in a CD reactor using a 0.2 wt% Pd/Al2O3 catalyst.  This 
catalytic distillation process was integrated into the Hibernia-Schloven three 
stage process for the commercial production of MIBK.  Aside from the 
successful commercial use of Pd/Al2O3 as a catalyst for MO hydrogenation, the 
0.52 wt% Pd/Al2O3 catalyst (Aldrich 20,574-5) was selected specifically since 
the author and co-workers[18] have previously characterized the intrinsic kinetics 
of the liquid phase MO hydrogenation over this catalys . 
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7.4 The Synthesis of MO via Catalytic Distillation (CD 001) 
 
Design of Experiment and Overview of Results 
In the first CD experiment, MO was synthesized from acetone using Amberlyst 
15 as a catalyst.  135.5 mL of Amberlyst 15 that had been swollen in 2-propanol 
for 24 hours was loaded into 13 wire mesh bundles.  The bundles were 
constructed of 304 SS (Ferrier, Toronto Canada) and h d a mesh count of 150 X 
150, a wire gauge of 0.0026 inches, a clear opening of 0.041 inches and having 
37.8% open area.  These bundles were approximately 5 inches (13 cm) in length 
and were loaded in pairs into the reactive sections of the CD column illustrated 
in Figure 7-1 with a 9 ft (2.7 m) stripping section located below the reaction 
zones and a 3 ft (0.9 m) rectification section located above the reactive sections.  
Both non-reactive sections were filled with ¼ inch Intalox saddles.  The catalyst 
bundles were evenly spaced within the reactive sections with demister wire 
filling the void space.  Six bundles were loaded in the top reactive section and 
seven bundles loaded into the bottom reactive section.  The unpaired catalyst 
bundle in the bottom reaction zone was centred within e CD column by 
wrapping it with demister wire.   
 
The objective of the experiment was to ascertain the main effects and 
interactions of the major process parameters on the MO productivity and the 
product distribution including the reaction temperatu e, the acetone feed rate 
and the reboiler duty as well as to obtain a process benchmark for the CD 
process utilizing Amberlyst 15 as a catalyst.  Since there are an insufficient 
number of degrees of freedom to independently specify the system pressure and 
reaction temperature for a given feed composition, the reaction temperature was 
controlled via control of the total system pressure.  The reboiler duty is a 
measure of the energy imparted to the system, which governs the liquid and 
vapour flow rates within the CD column.  The aceton feed rate affects the 
residence time in the CD reactor and the chemical conversion for the unit 
operation.   
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The design of experiment is outlined in Table 7-2.  Experimental 
conditions 2 through 5 constitute a 2X2 full factorial experiment with the 
reaction temperature and reboiler duty as control factors (experimental 
variables) and the external heater duty and nitrogen flow rate as noise factors.  
The effect of the acetone feed rate on the MO productivity and product 
distribution are investigated in conditions 4, 6 and 7.  However, the results of 
condition 7 are preliminary since steady state was not fully achieved by the time 
the experiment was terminated after 120.5 hours. Conditi n 1 is the same as 
condition 5 with the exception of the value of the external heater duty which 
was 500 W in condition 1 and 800W for all subsequent experimental conditions.  
In addition, nitrogen was not fed to the column for c ndition 1.   
 
For each experimental condition, the CD reactor was m intained at steady 
state for 5 to 10 hours depending on the process stability in order to acquire a 
sufficient number of experimental observations to obtain accurate and precise 
estimates of the reboiler composition at the 95% confidence level.  Steady state 
was defined as the condition whereby the temperature was invariant to within ± 
0.5°C at all locations along the major axis of the CD reactor  and the GC peak 
areas for all species were invariant to within a rel tive standard deviation of 5% 
with respect to the mean value obtained over the int rval.  For example, six 
reboiler samples were collected over a five hour peiod for steady state 
condition number 5.  The average MO concentration for condition number 5 
was 18.50 ± 0.11 wt%.    
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Table 7-2  Design of Experiment (DoE) for the first CD experiment♣ 
























1 152 101 300 500 No 0.32 7.25 
2 152 114 300 800 Yes 0.46 3.64 
3 152 114 350 800 Yes 0.46 8.57 
4 152 101 350 800 Yes 0.32 27.9 
5 152 101 300 800 Yes 0.32 24.1 
6 91.6 100 350 800 Yes 0.33 30.6 
7 37.3 99 350 800 Yes 0.33 24.3 
 
The reboiler composition as a function of time-on-stream (TOS) for this 
CD experiment is illustrated in Figure 7-2.  The stady state conditions are 
bounded by vertical bars within the figure.     The high molecular weight species 
produced from the consecutive reactions of MO were lumped together and 
labelled as “TMB and phorones” in Figure 7-2.  The st ady state reboiler 
product composition is summarized in Table 7-3 and the MO productivity and 
selectivity are summarized in Table 7-4.  The aceton  conversion for the unit 
operation and MO selectivity were defined by equations 7-4 and 7-5 
respectively. The selectivity to MO was calculated on a mass basis rather than a 
molar basis since some unidentified species were present in the product mixture.  
The author and co-workers[18] have shown previously that IMO is equally 
valuable as MO as a precursor to MIBK, exhibiting identical kinetic behaviour.  
Consequently, the IMO concentration was lumped with the MO concentration 













X *%100       (7-4) 
                                                
♣ Reprinted in part with permission from W.K. O’Keef, F.T.T. Ng and G.L. Rempel (2007), 
Ind. Eng. Chem. Res., 46(3), pp.716-725.   2007 American Chemical Society 



















S *%100       (7-5) 
 
Table 7-3  Steady state concentrations of organic species in the reboiler product 

















1 12.9 0.69 18.7 1.42 0.03 0.01 0.23 
2 19.0 1.20 15.8 1.31 0.22 0.11 0.53 
3 18.6 1.17 15.9 1.81 0.12 0.04 0.34 
4 19.5 1.05 18.6 3.73 0.02 0.00 0.22 
5 18.5 0.99 18.6 3.38 0.01 0.00 0.20 
6 33.7 1.85 19.3 6.91 0.03 0.00 0.37 
7a 78.2 2.69 29.1 14.2 0.07 0.01 0.85 
aTrial number 7 is a preliminary result since the process had not fully achieved steady state  
 
 
Table 7-4  Effect of CD process on MO productivity and selectivity  Data 
reproduced from O’Keefe et al.[63]♣   
Trial Acetone 
Conversion 





MO & IMO 
[g/(hr*mL cat)] 
Selectivity 
MO & IMO 
[wt%] 
1 19 0.119 0.126 88.9 
2 26 0.142 0.151 90.3 
3 27 0.160 0.170 89.5 
4 29 0.179 0.188 83.8 
5 27 0.171 0.172 84.4 
6 50 0.181 0.190 82.9 
7a > 99.9 0.141 0.146 84.2 
aTrial number 7 is a preliminary result since the process had not fully achieved steady state  
                                                
♣ Reprinted in part with permission from W.K. O’Keef, F.T.T. Ng and G.L. Rempel (2007), 
Ind. Eng. Chem. Res., 43(6), pp.716-725  2007 American Chemical Society.  
 












0 20 40 60 80 100 120





































Figure 7-2  Mass fraction of organics in the reboiler product as a function of 
TOS for MO synthesis via CD.  Reprinted from O’Keef et al.[63]♣ MO mass 




Effect of Reflux Flow Rate 
The data in Figure 7-3 clearly demonstrates that the synthesis of MO via CD 
utilizing cationic exchange resins in wire mesh bundles is a liquid limited 
reaction.  The MO productivity is highly correlated and increases non-linearly 
with the reflux flow rate in the CD column.  In addition, the steady-state DAA 
mass fraction in the reboiler product stream, and thus the DAA productivity is 
also highly correlated with the reflux flow rate (R2=0.9998).  This suggests that 
the overall reaction rate is controlled by the rate of external mass transfer of 
acetone.   
                                                
  
♣ Reprinted in part with permission from W.K. O’Keef, F.T.T. Ng and G.L. Rempel (2007), 
Ind. Eng. Chem. Res., 43(6), pp.716-725  2007 American Chemical Society.  
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Figure 7-3  Effect of reflux flow rate on MO productivity and the mass 
fractions of DAA and higher molecular weight species n the reboiler product 
(Q=800 W)  Figure reprinted from O’Keefe et al.[63]♣ 
 
The data in Figure 7-3 for MO productivity includes all 5 steady state observations for an 
external heater duty of Q=800W.  However, the data for the plots of mass fraction of DAA and 
higher molecular weight species contain only the four observations corresponding to an acetone 
feed rate of 152 mL/min since the acetone feed rate, which is different in co dition 6, affects the 
reboiler composition. 
 
An enhancement of the catalyst utilization as a consequence of improved 
external catalyst wetting efficiency (ηCE) with increasing reflux flow rate may 
have also been a contributing factor to the results illu trated in Figure 7-3.    In 
fact, the validation of plug flow models for trickle bed reactors has shown that 
both external mass transfer effects as well as external catalyst wetting efficiency 
must be accounted for in the model.[212,213]   In general, for conditions of trickle 
flow, the catalyst is only partially wetted both ext rnally and internally.[212-216] 
Consequently, only a fraction of the total population of active sites is wetted and 
accessible to reactants in the liquid phase.  The catalyst external wetting 
efficiency only approaches unity for relatively hig liquid flow rates, high 
                                                
♣ reprinted with permission from  W.K. O’Keefe, F.T.T. Ng and G.L. Rempel (2007), Ind. Eng. Chem. Res. 43(6), pp. 
716-725.   2007 American Chemical Society 
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pressure and high superficial gas velocities.   In the case of a liquid-limited 
reaction, the limiting reagent is transported primaily within the liquid phase to 
the active sites of the catalyst.  Therefore, an increase in the wetting efficiency 
will increase the global rate of reaction since more catalyst sites will become 
available.  Indeed, the catalyst wetting efficiency is known to be an important 
design and scale-up parameter which determines the degree of catalyst 
utilization under conditions of trickle flow in a multiphase reactor.[107] 
 
Al-Dahhan and Dudukovic[214] have developed a phenomenological 
hydrodynamic model which allows the prediction of the catalyst wetting 
efficiency from the pressure gradient (∆P/Z) and the dimensionless modified 
Reynolds (Re) and Galileo (GaL) numbers which characterize the liquid phase 
trickle flow through the porous media.  This model is given by equation (7-6) 







































= gdGa pL  
 
Equation (7-6) was used to calculate the wetting effici ncy of the catalyst 
with the following assumptions.   As a first approximation, it was assumed that 
the reaction zone had the same void fraction and wetting characteristics as the 
distillation packing.  ¼ inch Intalox saddles have a characteristic diameter of 6 
mm and yield a bed porosity of ε=0.75.[200]  The density of the mixture was 
assumed to be the density of acetone 789.9 kg/m3.  The viscosity was assumed 
to be that of acetone at its normal boiling point.  The viscosity at 56°C was 
estimated from equation (7-7) which is known to be accurate for reduced 
temperatures reduced temperatures (Tr) below 0.75.
[200] The empirical 
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parameters for equation 7-7 (A, B and C) were determined from nonlinear 
regression analysis of viscosity data for acetone tabulated in Weast.[210] The 






+=ηln        (7-7) 
 
The pressure gradient was calculated from the known packing bed height 
of 16 ft (4.88 m) and the experimentally measured pressure drop across the bed.  
The average steady state pressure drop ranged from 0.57 to 0.82 psi for this 
experiment.  Since the pressure drop in a CD column is greatly minimized to 
prevent flooding, the pressure gradient term could be omitted from equation (7-
6) without introducing a significant error to the calculation.   Inclusion of this 
term in the calculations was found to not significantly affect the results.  The 
superficial liquid velocity was calculated from the measured reflux flow rate, 
the known cross sectional area of the CD column and the density of acetone.   
The results of the calculations (Figure 7-4) predict wetting efficiencies ranging 
from 27 to 54%.   
 
It should be noted however, that the results of Figure 7-4 represent the 
wetting efficiency over the 6 mm Intalox saddles.  The assumption that the 
reaction zone exhibited comparable wetting characteistics as the distillation 
packing is questionable.  However, the results clearly demonstrate that for this 
CD process the wetting efficiency of the catalyst was likely far from unity for 
this experiment and was a strong function of the reflux flow rate.  This also 
explains the relatively low MO productivity in contrast to the productivity 
observed for the synthesis of MO with a fully wetted Amberlyst 15 catalyst in 
an autoclave reactor at 120°C (Experiment 170).  The initial rate of reaction of 
MO synthesis of experiment 170 gave a MO productivity two orders of 
magnitude greater than that observed in this CD experiment. 
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Figure 7-4  External wetting efficiency predicted by equation (7-6) from the 
experimentally measured reflux flow rate  for conditions 2-6 (CD 001) 
 
However, the application of CD technology may lead to enhanced catalyst 
utilization for gas limited reactions if in fact the catalyst wetting efficiencies of 
Figure 7-4 are representative of most CD processes.  For a gas limited reaction, 
the global rate of reaction is governed by the rateof mass transfer of gaseous 
reactant to the active sites.   Non-condensable gass such as hydrogen or oxygen 
are only sparingly soluble in liquids.  For example, the Henry’s law constant for 
hydrogen dissolved in acetone at 323K, is only 292 (MPa).[193]  Consequently, 
hydrogen is usually the limiting reagent in a solid-liquid-gas contactor since the 
concentration of dissolved hydrogen in the solvent is typically a few orders of 
magnitude lower than that of the reactant to be hydrogenated.   To compensate 
for this, trickle bed reactors are operated at relatively high pressure, often as 
high as 30 MPa, to enhance mass transfer rates.[212] 
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Dry regions on a partially wetted catalyst provide a means for hydrogen or 
other gaseous reactants to adsorb directly onto the active sites of the solid from 
the gas phase without having to dissolve into and diffuse through the liquid.  
The gas-liquid-solid transport route represents a substantial mass transfer 
resistance whereas the gas-solid route is facile and presents a negligible mass 
transfer resistance.[215]   The diffusion rate of a gas through a porous solid is 
approximately 10000 times greater than the diffusion rate of the gas through a 
liquid.[216]  Consequently, the concentration of the gaseous reactant on the 
catalyst surface can be substantially increased andsignificant kinetic 
enhancement may be realized as a result of the enhanced mass transfer due to 
the partial wetting of the catalyst.   
 
Effect of the Process Parameters on the Product Distribution 
The data in Table 7-4 corresponding to the 2x2 factorial experiment 
investigating the effects of the reaction temperature and reboiler duty give the 
apparently paradoxical result that the experimental conditions carried out at the 
lower reaction temperature (101°C in conditions 4 and 5) resulted in greater 
MO productivities than the higher reaction temperatures (114°C conditions 2 
and 3).   However, this result is reasonable and expected considering that the 
reaction is liquid limited.  Since there are an insufficient number of degrees of 
freedom to independently specify the temperature and pressure in a CD process, 
the pressure was used to control the reaction temperatur .  Therefore, the effects 
of temperature and pressure on the process are convoluted.  It is in fact the 
effect of the system pressure not the temperature that is influencing the global 
rate of reaction over the range of temperature and pressure investigated.  
 
Figure 7-5 shows the effects of the system pressure and reboiler duty on 
the reflux flow rate.  As expected, an increase in the reboiler duty resulted in an 
increase in the reflux flow rate.  However, the system pressure has a more 
significant effect on the reflux flow rate.  The reflux flow rate was much higher 
for the condition corresponding to the lower system pressure.  This is due to the 
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inverse pressure dependence of the equilibrium distribution coefficients, which 
reflect the propensity of species to remain in the condensed matter phase at 
elevated pressure.  Therefore, lower vapour flow rates nd hence lower reflux 
flow rates are observed for conditions of high system pressure (and 
temperature) while high vapour and liquid flow rates within the CD column are 



































Figure 7-5  (QR x P) Two factor interaction plot showing the effects of pressure 
(P) and reboiler duty (QR) on the reflux flow rate:  [(□) = 0.32 MPa, 101°C;  
(△)=0.46 MPa 114 °C]   Reprinted from O’Keefe et al.[63]♠  The 95% confidence 
bounds on the reflux flow rate are indicated by vertical bars.  
 
A process interaction is also evident from the data of Figure 7-5, whereby 
the effect of the reboiler duty on the reflux flow rate is dependent on the system 
pressure.  A step change in the reboiler duty from 300 to 350 W at a system 
pressure of 0.46 MPa (condition 2 vs. 3) resulted in a relative increase in the 
reflux flow rate by 135% and the MO productivity by13%.  However, a step 
change in the reboiler duty from 300 to 350 W at a system pressure of 0.32 
                                                
♠ Figure 7-5 is reprinted with permission from W.K. O’Keefe, F.T.T. Ng  and G.L. Rempel 
(2007), Ind. Eng. Chem. Res., 46(3), pp. 716-725.   2007 American Chemical Society 
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(condition 5 vs. 4) resulted in a marginal increase in the reflux flow rate by 16% 
along with a slight increase in the MO productivity b  less than 5%. 
 
The data presented in Table 7-4 shows that the selectivity to MO (and 
IMO) was constrained to a narrow window from about 83 to 90% (wt%) for this 
CD process using Amberlyst 15 as a catalyst.  This is due to a balance between 
competing reactions.  When the CD process was operated t the low 
temperature (101°C) and low system pressure (0.32 MPa), relatively high reflux 
flow rates were achieved.  Consequently, the MO productivity was maximized.  
In addition, the high reflux flow rate reduced the residence time of MO in the 
reaction zone.  A combination of a low residence time and low reaction 
temperature mitigated the formation of phorone, isophorone, mesitylene and 
other higher molecular weight products from the consecutive reactions 
involving MO.  However, the low reaction temperature and high liquid flow 
rates in the CD column resulted in the production of a large amount of 
unreacted DAA in the reboiler product stream.    For conditions of high reaction 
temperature (114°C) and high system pressure (0.46 MPa) relatively low reflux 
flow rates were achieved.  Consequently, the rate of MO production was 
diminished.  Further, the relatively low liquid reflux resulted in increased 
residence times within the reactive section at a rel tiv ly higher reaction 
temperature.  As a result, the consecutive reactions involving the production of 
phorones and mesitylene from MO became more prominent.  However, the 
higher reaction temperature and longer residence tim resulted in less unreacted 
DAA within the reboiler product.   
 
The data in Table 7-4 show that the MO productivity was maximized for 
conditions of low reaction temperature and high reflux low rate.  However, the 
selectivity was maximized in condition #2 for which the reaction temperature 
(114°C) and residence time were maximized and the reflux flow rate was 
minimized (3.64 g/min).  This result suggests that igher reaction temperatures 
would be more favourable for highly efficient MO synthesis.  This is not
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surprising since the dehydration of DAA is an endothermic reaction.  Autoclave 
experiments using Amberlyst 15, presented in Chapter Four, show that although 
the equilibrium concentration of DAA is very low, the equilibrium establishes 
rapidly.  In contrast the DAA dehydration reaction is slow relative to the 
acetone dimerization and takes several hours to reach quilibrium.   
 
Probably the most interesting observation of this experiment is revealed in 
Figure 7-3, in which there is clear and direct evidnce which demonstrates that 
in general, by using CD technology, the productivity of a desired intermediate 
may be enhanced while simultaneously minimizing therate of undesirable 
consecutive reactions.  In this case the productivity of MO was maximized 
while simultaneously minimizing the production of phorone, mesitylene and 
isophorone produced from the consecutive reactions involving MO by 
exploitation of the transport phenomena in the CD process.   
 
The change in the acetone feed rate did not have a significant effect on the 
MO productivity or selectivity.   This is expected since the global reaction rate 
was found to be governed by the liquid flow rate in the column.  The acetone 
feed rate was negligible in comparison to the internal liquid flow rate within the 
CD column and thus did not significantly affect the reaction rate.  In order to 
maintain steady state operation, the rate of removal of product from the reboiler 
must be equivalent to the acetone mass flow rate.  Therefore, an increase in the 
acetone feed rate simply resulted in an increase in the concentration of 
unreacted acetone in the reboiler product stream.  Thus, the acetone feed rate 
affects the concentration of MO and other species in the reboiler product and 
therefore governs the chemical conversion of the unit operation.    
 
This pilot scale experiment highlights a unique advantage of CD 
technology from which it gains its greatest utility.  The continuous removal of 
product from the reactive section shifts the equilibrium in favour of product 
formation in accordance with Le Chatelier’s principle.   As a result, conversions 
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much higher than the theoretical equilibrium conversion may be achieved.  The 
synthesis of MO from acetone is an equilibrium limited reaction.  Klein and 
Banchero[10] developed a relation which affords the calculation f the 
equilibrium constant (Kc) as a function of temperature and acetone and MO 
concentration.  This relation predicts an equilibrium MO concentration of 1.36 
M at 100°C.  Assuming a mixture density of acetone (0.79 g/cc), this implies an 
equilibrium conversion of 20 %.  The data in Table 7-4 shows that the 
theoretical equilibrium conversion was exceeded in every experimental 
condition except the first condition (19 %).  Although steady state was not fully 
achieved in condition number 7, this result demonstrates that a reboiler product 
essentially free of acetone ( < 0.001 wt%) could be achieved.  In other words, 
the results demonstrate that essentially 100 % conversion could be achieved for 
an equilibrium limited reaction. 
 
Empirical Process Model 
The data acquired in this CD experiment can be conveniently reduced into 
empirical equations which accurately represent the data sets.  These models 
provide insight into the main effects and interactions of the CD process 
parameters on the global reaction rate and product istribution.  The maximum 
likelihood estimates of the model parameters were obtained via non-linear 
regression analysis of the steady state data obtained from conditions 2 through 6  
(Q=800 W) using NLREG v.5.4 (Sherrod Software).  One obvious outlier in the 
measurement of the reflux flow rate was rejected out of 27 observations.  The 
parameter estimates, their 95% confidence intervals, their corresponding t 
statistics are outlined in Table 7-5. The regression tatistics are summarized in 
Table 7-6. 
 
Knowledge of the liquid reflux flow rate is necessary nd sufficient to 
accurately predict the product distribution and reaction rates over the range of 
reaction conditions investigated and for the reactor onfiguration, dimensions 
and catalyst specified in this experiment. The data in Figure 7-5 shows that the
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reflux flow rate is dependent on the system pressure as well as the reboiler duty 
and reveals a process interaction between these variables.   The process 
interaction manifests mathematically as a non-linear t rm involving the product 
of the pressure (P) and reboiler duty (QR) in the non-linear regression model is 
given by equation (7-8).  The author and co-workers[63] have previously 
disclosed this model (Eqn. 7-8), which was developed from the analysis of the 
2x2 factorial design experiments of conditions 2 through 5 which was designed 
specifically for the investigation of the main effects and interactions of the 
system pressure and reboiler duty on the CD process.  However, it was found 
that inclusion of the data of condition 6 in the regression analysis improves the 
significance of the regression and increases the utility of the model since the 
acetone feed rate span a greater range.  Consequently, the parameter estimates 
and regression statistics for the model of equation (7-8) reported in Table 7-5 
and 7-6 are based on all 31 steady state data observations from conditions 2 
through 6 for which the external heater duty was 800W with the one obvious 
outlier in the measurement of reflux flow rate being rejected from the analysis.  
The t-statistic (t= -10.62, prob(t) < 0.00001) for the parameter β3 in table 7-5 
confirms that the process interaction between the system pressure and reboiler 
duty is statistically significant and that the interaction term should be retained in 
the model.  
 
PQPQL RR 321 βββ ++=        (7-8) 
 
Equation (7-9) is an empirical model which accurately predicts the 
experimentally measured average steady state MO and IMO productivity as a 
function of the average steady state reflux flow rate.    As illustrated in Figure 7-
3, the MO productivity increases non-linearly with reflux flow rate for the 
conditions investigated.  The average steady state DAA productivity increases 
linearly with the average reflux flow rate (R2=0.999) as illustrated in Figure 7-3.  
The DAA productivity is given by equation (7-10).  Higher molecular weight 
species produced from the consecutive reactions of MO were found to decrease 
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non-linearly with reflux flow rate as illustrated in Figure 7-3.  These products, 
when lumped together, have a average steady state productivity given by 




















C βββ ++=+       (7-11) 
 
 
Table 7-5  Regression statistics for empirical models♣  






(8-7)a 0.9868 1.304 1045 < 0.00001 
(8-8)b .9720 0.003086 104.3 0.00200 
(8-9)b 0.9986 0.0005139 2158 0.00002 
(8-10)b 0.9931 0.0002170 144.0 0.00690 
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Table 7-6  Parameter estimates and statistical significance for mpirical models 
of the CD process for MO synthesis ♣ 
 
Parameter Equation Maximum Likelihood 
Estimate 
 95% confidence interval  
T Prob(t) 
β1 (8-7) 0.2314  ± 0.0084 56.45 < 0.00001 
β2 (8-7) -0.3337  ± 0.1206 -5.67 <0.00001 
β3 (8-7) -0.002146  ±0.000413  -10.62 < 0.00001 
β4 (8-8) 0.1252   ± 0.0124 32.02 0.00007 
β5 (8-8) 0.1053  ± 0.0341 9.82 0.00224 
β6 (8-9) 0.006568  ± 0.001477 14.15 0.00076 
β7 (8-9) 0.0009891  ± 0.0000678 46.46 0.00002 
β8 (8-10) 0.007736  ±   0.001543 21.58 0.00214 
β9 (8-10) -0.0004854  ± 0.0002641 -7.91 0.01562 
β10 (8-10) 1.006 x 10-5  ± 5.865 x 10-7 5.62 0.03020 
 
 
7.5  MIBK Synthesis via CD Utilizing Commercially Available Catalysts 
(CD 002) 
 
Design of Experiment and Overview of Results 
The objective of the second CD experiment was to conduct the one-step 
synthesis MIBK from acetone in a single CD column using commercially 
available catalysts in order to obtain a process benchmark as well as to gain a 
cursory assessment of the main effects and process interactions on the product 
yield, the product distribution and catalyst activity under realistic conditions of 
space time yield in the low interaction regime of trickle flow  for significant 
time on stream at the pilot plant scale.   
 
Two reactive sections containing two distinct catalysts were used in this 
experiment.  135.0 mL of Amberlyst 15, which had been swelled for 24 hours in 
                                                
♣ Data in Tables 7-5 and 7-6 reprinted in part with permission from W.K. O’Keefe, F.T.T. Ng 
and G.L. Rempel, Ind. Eng. Chem. Res. 46(3), pp. 716-725,  2007 The American Chemical 
Society 
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acetone, were loaded into 8 stainless steel wire mesh bundles as described 
previously.  6 catalyst bundles were loaded into the top reactive section (Figure 
8-1).  Two catalyst bundles were installed at the top of the bottom reaction 
section.  Beneath these two catalyst bundles, 4 wire mesh bundles containing 
50.1 g of a 0.52 wt% Pd/Al2O3 hydrogenation catalyst consisting of cylindrical 
extrudates 3.23 mm dia. x 3.27 mm in length.  The hydrogenation catalyst was 
reduced ex situ in hydrogen at 350°C for 3 hours and transferred into the CD 
column while under a nitrogen blanket.  The Amberlyst 15 was swelled in 
acetone rather than 2-propanol, since 2-propanol is an expected minor product 
of the MIBK synthesis and residual 2-propanol introduced with the catalyst may 
introduce uncertainty in the measurement of the 2-propanol. 
 
The process conditions investigated in this experimnt are outlined in 
Table 7-7.  The process variables investigated included the volumetric flow rate 
of hydrogen; the acetone feed rate and the reaction zone temperature.  The 
effect of temperature is convoluted with the effect of system pressure since 
these variables can not be independently specified.  Since the synthesis of MO 
was shown in the previous experiment to be a liquid limited reaction, the 
reboiler duty and external heater duties were maximized at 350 and 800 W 
respectively and kept constant as noise variables in this experiment.  
 
This experiment was carried out in order to obtain a cursory assessment of 
the effects of the major process parameters on the MIBK yield and to assess the 
catalyst performance under realistic conditions of trickle flow and space 
velocity for a substantial time on stream.  Only a few select process conditions 
were investigated. The experiment consisted of select st p changes in the major 
process parameters.  Since this was the first time ever that a hydrogenation 
experiment was carried at the pilot scale in a catalytic distillation column at the 
University of Waterloo, the process was operated at a very low volumetric flow 
rate of hydrogen (3.6 L/h at STP) for the first 39 hours TOS (i.e. almost half of 
the experiment).  The hydrogen flow rate was gradually increased only after 
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visual inspection and measurement of the ambient coditi ns using gas sensors 
confirmed that no hydrogen leaks were present and only after experience with 
the process had been obtained.  The composition of the reboiler product stream 
as a function of time on stream is given in Figure 7-6.  Within this figure, the 
periods of steady state operation are bounded by vertical lines and labelled 
accordingly.  The steady state reboiler product comp sitions are summarized in 
Table 7-8. The acetone conversion, MIBK productivity, the MO conversion and 
the hydrogenation selectivity are summarized in Table 7-9. 
 
Table 7-7  Process conditions investigated in the second CD experiment  
[QR=350 W, Q=800 W]  






H2 Feed Rate 
[L/h @STP] 
1 110 0.42 35 3.62 
2 110 0.44 150 20.0 
3 110 0.46 150 60.0 
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Figure 7-6  Reboiler product composition as a function of time-on-stream 
Reprinted from O’Keefe et al.[63]♠    
                                                
♠ Figure 7-6 rreprinted with permission from W.K. O’Keefe, F.T.T.  Ng  and G.L. Rempel (2007),  Ind. 
Eng. Chem. Res., 46(3), pp. 716-725.   2007 American Chemical Society 
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Table 7-8  Steady state concentration of organic species in the reboiler product 

















1 78.7 4.21 9.95 0.17 0.08 1.01 3.53 0.11 
2 19.1 1.15 3.38 0.05 0.00 0.22 2.88 0.17 
3 20.7 1.23 3.45 0.05 0.00 0.26 3.57 0.26 
4 20.6 1.19 2.02 0.13 0.00 0.33 2.98 0.44 
 
Table 7-9  Steady state conversion, MIBK productivity and hydrogenation 
selectivity.   












1 > 99 4.00 0.0199 94.9 
2 30.4 12.2 0.0738 90.9 
3 33.3 13.8 0.0820 89.2 
4 32.8 15.1 0.0963 84.4 
 
The MO conversion is defined in Eqn. (7-12) and the hydrogenation selectivity is defined in 




























S %100          (7-13)  
 
 
It is clear from the results in Figure 7-6 and Tables 7-8 and 7-9 that the 
hydrogenation step is currently limiting the CD process for MIBK synthesis.  
The proportion of MO which was successfully converted o MIBK ranged from 
only 4 to 15%.  The MIBK productivity was relatively low ranging from 0.02 to 
0.10 [g/hr*gcat)].  The latter result seems comparable to the results obtained by 
Lawson and Nkosi[32] who achieved a maximum average MIBK productivity of 
0.10 [g/(hr*mLcat)] operating in batch mode with a multifunctional ctalyst. No
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higher molecular weight products from the hydrogenatio  of MIBK such as 
MIBC or from reaction of MIBK with acetone such as di-isobutyl ketone were 
observed in this experiment.   However, the direct hydrogenation of acetone to 
produce 2-propanol (IPA) was found to be a significant competing reaction 
which greatly affected the hydrogenation selectivity.  The 2-propanol 
concentration was relatively low and omitted from Figure 8-6 for clarity.     
 
Initially, the CD reactor was operated under conditions which maximized 
the acetone conversion.  The acetone feed rate was minimized at 35 mL/h and 
the reaction zone temperature was 110°C.  The hydrogen flow rate was 3.6 L/hr 
(STP).  0 hr TOS corresponded to the time that the reboiler was first energized.  
Reflux within the CD column was established by 2 hrs TOS.  This first 
condition resulted in a mass fraction of MO of about 78 wt% in the reboiler.   
During the initial transient start up period, the MIBK concentration in the 
product stream increased along with the MO concentration.  However, after 
around 23 hr (TOS), the MIBK concentration began to decrease without any 
changes to the process being made.  This appears to have occurred as a 
consequence of deactivation of the hydrogenation catalyst.   
 
The MIBK and MO concentrations stabilized after about 29 hours and 
remained stable for the next 10 hours as the data from steady state condition 
number 1 was collected.  However, this condition did not strictly meet our 
previous definition of steady state since the variation in the concentrations of 
minor compounds, particularly DAA were found to be in excess of 5% RSD.  
After the data from condition number 1 was collected, the volumetric flow rate 
of hydrogen was slowly increased from 3.6 to 20 L/hr (STP) over the period 
from 39.0 to 42.3 h (TOS).  During this time there was no measurable effect on 
the MIBK productivity as a result of the increase in the hydrogen flow rate.   At 
45 hr TOS, the MIBK concentration in the reboiler product appears to begin to 
increase while the MO concentration appears to decrease.  At 49 hrs TOS, the 
reboiler product had become cloudy.  At 50 hr TOS, there was a two phase
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mixture in the reboiler sample as an aqueous phase d separated from the 
organic phase.  
 
At this point (50 h TOS) it was decided to explore a different process 
condition with a lower acetone conversion.   The acetone feed rate was 
increased to 150 mL/hr.  This change in the acetone feed rate is indicated in 
Figure 7-6 by a vertical dashed line.  As a consequence of this process change, a 
single organic phase in the reboiler product was resto d by the time steady 
state was achieved.  Subsequent process changes had marginal effects on the 
product distribution.  The most notable change occurred between condition 3 
and 4 for which the reaction temperature and system pressure were increased 
from 110°C to 120°C and 0.46 to 0.60 MPa respectively.  As a result, the MIBK 
productivity increased by 17% and the DAA concentration in the reboiler 
decreased by 41% due to the higher reaction temperatur .             
 
Catalyst Deactivation and the Apparent Effect of Acetone Feed Rate 
 
The data in tables 7-7 and 7-9 suggest that the step change in the acetone feed 
rate from 35.0 to 150 mL/hr had the greatest effect on he MIBK productivity.  
The MIBK productivity increased by a factor of 3.7 after the acetone feed rate 
was increased by a factor of 4.3.  This result was unexpected. The previous CD 
experiment had clearly demonstrated that changing the acetone feed rate did not 
appreciably affect the rate of production of the MO, since the acetone feed rate 
is small compared to the liquid reflux flow rate within the CD column.  An 
increase in the acetone feed rate simply results in a greater amount of unreacted 
acetone in the reboiler product.  Therefore, a change i  the acetone feed rate 
should not affect the rate of MIBK production, since it is not affecting the 
productivity of the precursor, MO.   
 
The apparent effect of the acetone feed rate on the MIBK productivity can 
be explained in terms of the catalyst activity and catalyst utilization before and 
after the step change in the acetone feed rate.  Specifically, the experimental
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evidence indicates that the hydrogenation catalyst had deactivated to some 
extent during the CD run.  A change in the acetone feed rate appears to have 
coincided with a regeneration of the hydrogenation catalyst.   
 
The data in Figure 7-6 shows that without any process changes being 
made, the MIBK concentration in the reboiler product dropped from around 7.1 
to 3.3 wt% over the period from 23 to 29 h TOS during the transient start up.  
This suggests that the hydrogenation catalyst had deactivated by over 50% 
during the transient start up period.  This is not surprising since the acetone 
conversion and residence time in the reactor were maxi ized under these 
conditions and the volumetric flow rate of hydrogen was minimal.  The 
hydrogenation catalyst was exposed to very high concentrations of phorone, 
mesitylene and isophorone as well as water during this time.   
 
Figure 7-7 shows the MIBK productivity and condenser duty as a function 
of time-on-stream.  Immediately prior to the increas  in the acetone feed rate, 
the MIBK productivity increased dramatically.  About 1/3 of all of the MIBK 
produced in this 99 hour experiment was produced in a 7 hour period of 
unsteady operation  from around 49 to 56 h TOS, corresponding to the large 
pulses in MIBK concentration and MIBK productivity in Figures 7-6 and 7-7 
respectively.  During this transient period that followed after the acetone feed 
rate was increased, the MO, IMO and DAA concentrations decrease 
monotonically to new steady state values, as expected, as the proportion of 
unreacted acetone in the reboiler product increased.   However, instead of 
decreasing to a new steady state concentration, the MIBK concentration first 
increased to a maximum of 19.3 wt% at 52 h TOS before decreasing to a new 
steady state value.  The trends of the minor products are less clear.  However, 
the 2-propanol mass fraction was observed to increase from 0.11 wt% at 49 h 
TOS to 0.57 wt% at 53 h TOS before decreasing to its final steady state value.  
Isophorone was observed to increase from 0.09 wt% at 49 h TOS to 0.19 wt% at 
53 h TOS before dropping to a new steady state concentration which was below
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the peak area rejection limit of the GC.  Mesitylene and other phorones did not 
show any evidence of increasing in concentration during this transient period. 
 
A mass balance about the CD column indicates that a f r greater number 
of moles of MIBK were produced during the transient interval from 49 to 56 h 
TOS than could be accounted for due to the decrease in the MO concentration. 
This suggests that the increase in MIBK concentration was not due to a rapid 
increase in the rate of hydrogenation.  Rather, a large quantity of MIBK, which 
had been accumulating in the reactor, was eluted from the system during this 
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MIBK Productivity  
Figure 7-7  MIBK productivity and condenser duty as a function f  time on 
stream.  Reproduced from O’Keefe et al.[63]♠ 
 
                                                
♠ Figure 7-7 reprinted with permission from W.K. O’Keefe, F.T.T. Ng and G.L. Rempel. (2007), Ind. Eng. 
Chem. Res., 46(3), pp. 716-725.  Used by permission of the American Chemical Society  2007 American Chemical 
Society 
  
  340 
Figure 7-7 reveals that the condenser duty increased dramatically at 
around 48 h TOS, immediately prior to the elution of the large pulse of MIBK 
the system, due to some unknown perturbation.  Thisdemonstrates that the 
liquid reflux flow rate increased dramatically, immediately prior to the elution 
of the large quantity of MIBK.   It is likely that the significant increase in the 
liquid reflux flow rate resulted in the desorption a d removal of MIBK and 
other species which had accumulated in the reactive section.  The increased 
liquid flow rate would result in increased mass transfer rates, including the rate 
of removal of species from the catalyst to the bulk liquid.  The results suggest a 
profound change in the column hydrodynamics occurred such as a change in the 
flow pattern or the extent of catalyst wetting.   The data in Figure 7-7 shows that 
the catalyst activity remained elevated for the remainder of the experiment after 
the elution of the large pulse of MIBK as evidenced by MIBK productivities 
about 4 to 5 times greater than the MIBK productivity prior to the elution of 
MIBK.  This suggests that the active sites of the hydrogenation catalyst were 
regenerated due to the change in the column hydrodynamics and or due to the 
rapid removal of higher molecular species from the system due to the increased 
space velocity. 
 
Catalyst Activity Testing in an Autoclave Reactor 
 
At the end of the CD experiment, the hydrogenation catalyst was recovered 
from the CD reactor under nitrogen blanket and transferred into acetone solvent 
so that the activity of the recovered catalyst could be ascertained. 
Approximately 1g of catalyst was transferred to a 300 mL Parr autoclave while 
in nitrogen environment in a glove bag.  Approximately 120 g of CD product 
obtained from the first CD run consisting of 20.3 wt% MO was used as the 
reactant mixture.  The autoclave was heated to 100°C and pressurized to a total 
system pressure of 4.13 MPa.  The hydrogenation of the MO mixture was 
monitored with liquid samples being obtained periodically and analyzed by 
GC/FID.  The experiment was repeated using fresh catalyst.  Assuming the 
reaction was first order with respect to MO, the psudo rate constants were 
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obtained from the analysis of the semi-log plots in Figure 7-8 and were 
normalized by the catalyst and reactant masses.  The activity of the recovered 
catalyst is given by equation (7-14).  The fresh catalyst has an activity of unity. 
 












=        (7-14) 
 
An induction period over the first 60 to 80 minutes of reaction is evident 
in Figure 7-8 in the case of the hydrogenation of MO using spent catalyst.   The 
catalyst activity obtained from the slope of the semi-log plots over the interval 


















Figure 7-8  Semi-log plot of the logarithm of the  MO concentration [wt%] 
versus time for spent and fresh catalyst for MO hydrogenation [T=100°C, W= 
1g, P=4.13 MPa].  Reprinted from O’Keefe et al.[63]♠ 
                                                
♠ Figure 7-8 and 7-9 reprinted with permission from W.K. O’Keefe, F.T.T. Ng and G.L. Rempel (2007), 
Ind. Eng. Chem. Res., 46(3), pp. 716-725.  Used by permission of the American Chemical Society  2007 American 
Chemical Society 
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Figure 7-9  MIBK mass fraction in the autoclave for the hydrogenation of MO 
in the CD product mixture [T=100°C, W=1g, P=4.13 MPa] 
 
However, after the induction period, the catalyst ac ivity was 0.826.  
Figure 7-8 shows that the hydrogenation of MO proceeded far more rapidly 
using the fresh catalyst, as expected.  However, Figure 7-9 shows that a much 
greater amount of MIBK was present in the product mixture for the case in 
which the spent catalyst was used.  In the case of the spent catalyst, a significant 
amount of the MIBK detected in the autoclave experim nt was likely already 
adsorbed on the catalyst at the time it was recovered from the CD reactor and 
was introduced into the autoclave system along withthe catalyst.   
 
The results of the autoclave experiment suggest that the catalyst had lost 
up to 70% of its initial activity, probably due to poisoning from the adsorption 
of MIBK and other species.  However, this deactivation appears to be partially 
reversible as evidenced by an activity of .826 observed after an induction period 
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DRIFT Spectroscopy 
 
It is evident that the hydrogenation catalyst had deactivated to some extent due 
to poisoning from the strong adsorption of one or more products including 
possibly MIBK.  The GC data from the CD run also shows that during the 
transient interval from 49 to 56 h TOS, the isophorone concentration also 
increased before decreasing to its final steady state v lue.  It appears that 
ketones interact with the Pd/Al2O3 catalyst.  The author and co-workers
[64] have 
investigated the adsorption/desorption properties of MO, MIBK and acetone on 
the Pd/Al2O3 catalyst and have confirmed via spectroscopic methods that the 
ketones, acetone and MIBK interact very strongly with this catalyst. 
 
The hydrogenation of MO was carried out in situ in the IR cell of a Bio-
Rad Excalibur spectrometer and was found to be facile proceeding readily at 
ambient temperature.[64]   The top half of Figure 7-10 shows the adsorption of 
MO onto fresh Pd/Al2O3 catalyst in a series of 10 s pulses at 25°C.  The catalyst 
had been reduced in situ in hydrogen at 120°C for 1 hour.  For the adsorbed 
MO, the bands at 1677 cm-1 and 1610 cm-1 represent the carbonyl and olefin 
groups respectively in the conjugated system adsorbed on the catalyst.  These 
frequencies are notably shifted relative to that of gaseous MO (1690 cm-1 and 
1620 cm-1) which indicates that MO is molecularly adsorbed on the catalyst. 
The bands at 2982 cm-1 and 2920 cm-1 correspond to asymmetric and symmetric 
ν(CH3) stretching vibrations.  The δ(CH3) bending vibrations are observed over 
the range of 1350 to 1470 cm-1.   The frequencies of the CH stretching and 
bending vibrations are shifted for MIBK.  The band at 1226 cm-1 corresponds to 
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Figure 7-10 shows that as hydrogen is introduced to the IR cell, the band 
at 1610 cm-1 corresponding to the olefin group disappears while th  band 
associated with the carbonyl group shifts from 1677 to 1700 cm-1 which is 
characteristic of the carbonyl bond stretching of a ketone.  Also, the CH 
stretching vibrations become more intense.  It can be concluded from Figure 8-
10 that the hydrogenation of MO is facile and proceeds readily, even at ambient 
temperatures.   
 
Figure 7-11 illustrates the desorption characteristics of MIBK from the 
Pd/Al2O3 catalyst.  Since the intensities of the  in situ spectra are proportional to 
the amount of MIBK adsorbed on the catalyst, the desorption spectra of Figure 
7-11 demonstrate that even at 200°C, MIBK remains strongly adsorbed on the 
catalyst.  Similar spectra were obtained for aceton adsorbed on Pd/Al2O3.
[64]  In 
Figure 7- 0   DRIFT spectr  of (A) MO adsorbed in 10 s pulses onto a 
0.5 wt% Pd/Al2O3 followed by (B) in situ hydrogenation via successive 
pulses of hydrogen of 10 s duration at 25°C.   Reprinted from M. Jiang 
and F.T.T. Ng[216] used by permission 
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addition, similar desorption spectra were obtained for MIBK on γ-Al 2O3 without 
Pd.  Therefore, it can be concluded that ketones strongly adsorb onto the 
Pd/Al2O3 catalyst, most likely as a consequence of the strong interaction of the 
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Figure 12. IR spectra of MIBK adsorbed on Pd/Al2O3 heat-treated in He at 120
o
C














Effect of Hydrogen Flow Rate and Reaction Temperature and Pressure 
 
After the acetone feed rate had been increased and a single organic phase in the 
reboiler product had been restored, the effects of hydrogen feed rate and 
reaction temperature were investigated as outlined i  Table 7-7.   The hydrogen 
feed rate was increased from 20 to 60 L/hr (STP) betwe n conditions 2 and 3 
while the reaction temperature was increased from 110 to 119°C between 
conditions 3 and 4.  The results in Tables 7-8 and 7-9 show that increases in 
these variables had weak positive effects on the MIBK productivity and had 
negative effects on the selectivity of the MO hydrogenation.     An increase in
Figure 7-11  (A)  in situ DRIFT spect a of MIBK adsorbed onto a Pd/Al2O3 catalyst 
in successive pulses of 10 s duration at 25°C  (B) in situ DRIFT spectra of MIBK 
desorption from a Pd/Al2O3 catalyst as the temperature is increased to 200°C.  
Reprinted from M. Jiang and F.T.T. Ng[216]; used by permission 
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 the hydrogen flow rate from 20 to 60 L/hr (STP) resulted in an 11.1% increase 
in the MIBK productivity while an increase in the raction temperature from 
110 to 119°C, as well as an increase in the total system pressure from 0.46 to 
0.60 MPa (absolute) resulted in a 17.4 % increase in the MIBK productivity.   
The highest MIBK productivity obtained in this experiment 0.0963 [g/hr*gcat] is 
comparable to the highest MIBK productivity obtained in the batch CD 
experiment of Lawson and Nkosi[32] 0.10 [g/hr*mL]. 
 
It is evident from the results in Tables 7-8 and 7-9 that the hydrogenation 
of MO was the controlling step in the CD process as evidenced by relatively 
low MO conversions ranging from 4 to 15 mol %.   The fact that the MIBK 
productivity is a function of the hydrogen mass flow rate suggests an external 
mass transfer limitation with respect to hydrogen transport.  The hydrogen 
uptake efficiency of this experiment was less than 2% for  conditions 3 and 4 
for which the hydrogen feed rate was maximized and was 6.6 % for condition 1, 
for which the hydrogen feed rate was minimized.   For comparison, the 
hydrogen uptake efficiencies for the best experimental conditions for MIBK 
synthesis via CD outlined in the patents by Lawson and Nkosi[32] as well as 
Schmitt et al.[20] were 4.1 and 10.7 % respectively.     The hydrogen uptake 
efficiency defined in equation 7-15 is the proportion of the number of moles of 
hydrogen fed to the reactor, expressed as a percentage, which participates in 
hydrogenation reactions.  This proportion is calculated from the known 
hydrogen feed rate, the concentrations of hydrogenation products in the reactor 





















η                   (7-15) 
 
The results in tables 7-8 and 7-9 also show that the selectivity of the MO 
hydrogenation decreases as the conditions become mor  favourable for MIBK
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synthesis.  Previously, the author and co workers[18] have demonstrated that MO 
and acetone compete for the same hydrogenation sites and that for a given Pd 
loading, the MO hydrogenation selectivity decreases with decreasing MO 
concentration.  Since a two reaction zone approach was utilized in this 
experiment, an increase in the rate of MIBK production from an increase in 
hydrogen feed rate, increased system pressure or increased reaction temperature 
would not result in a significant increase in the MO concentration at the 
hydrogenation catalyst active sites.   Conversely, the increased conversion of 
MO would result in a decrease in the steady state MO concentration at the 
hydrogenation catalyst active sites.  Thus, a decrease in the MO hydrogenation 
selectivity would be expected.  From the results of experiments presented in 
Chapter Six, it is now known that the optimal Pd loading is about an order of 
magnitude, lower (ca. 0.04 wt% Pd) than the catalyst used in this experiment 
(0.5 wt%).     
 
 
7.6  Conclusions and Recommendations 
 
Two preliminary pilot scale CD experiments were carried out in order to obtain 
process benchmarks and cursory assessments of the synthe es of MO and 
MIBK from acetone.  For the synthesis of MO via CD, the MO productivity and 
the product distribution were found to be governed by the liquid reflux flow 
rate, which suggests either an external mass transfer limitation or reflects a 
dependence on the external catalyst wetting efficiency or most likely a 
combination of both.    
 
Using Amberlyst 15 as a catalyst, the selectivity to MO was constrained to 
a narrow range of 83 to 90 wt% due to an apparent balance between the rates of 
DAA dehydration and the consecutive reactions for which MO is a precursor for 
the reaction conditions investigated.    The condition of high reflux flow rate 
and low system pressure and temperature resulted in the MO productivity being 
maximized and the rate of consecutive reactions to produce phorones and other
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high molecular weight species being minimized.  However, a greater proportion 
of unreacted DAA was present in the reboiler product stream for this condition.  
The condition of low reflux flow rate and high temperature and high system 
pressure resulted in much less unreacted DAA in the reboiler product.  
However, the MO productivity was minimized and the rate of undesirable 
consecutive reactions to produce higher molecular weight products was greater 
due to the higher temperatures and longer residence time in the reaction zone.  
For this condition, the MO selectivity was maximized.   
 
The results demonstrate that in general, it is possible to enhance the 
productivity of a desired intermediate within a series of consecutive reactions 
by exploiting the transport phenomenon inherent in a CD reactor.  In this case, 
increasing the reflux flow rate in the CD reactor resulted in an increase in the 
MO productivity while simultaneously reducing the con entration of phorone, 
isophorone, mesitylene and other undesirable high molecular weight species in 
the reboiler product stream.    The MO productivity was maximized as the 
liquid reflux flow rate was maximized.   
 
MIBK was successfully produced in a single unit operation via catalytic 
distillation.  However, the MIBK yield was relatively low due to significant 
hydrogenation catalyst deactivation and exacerbated by the relatively low 
system pressures used to carry out the hydrogenation.  The total system pressure 
ranged from 0.3 to 0.6 MPa absolute for this experim nt.  In contrast, MIBK 
synthesis is carried out industrially at 1 to 10 MPa.  The results demonstrate that 
the hydrogenation of MO is currently limiting the CD process as evidenced by 
relatively low MO conversions from 4 to 15 mol % and suggest that the rate of 
transport of hydrogen to the catalyst active site is the limiting step.  A weak 
dependence of the MIBK productivity on the hydrogen mass flow rate was 
observed and suggests an external mass transfer limitation with respect to 
hydrogen.  The hydrogen uptake efficiency was less than 2% for the condition 
with the highest MIBK productivity. 
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The nature of the hydrogenation catalyst deactivation is unclear and 
warrants further investigation.  However, spectroscopi  evidence indicates that 
MIBK interacts strongly with the Pd/Al2O3 catalyst, likely via a strong 
interaction with the Lewis acid sites of the alumina support.   This may lead to 
product inhibition and promote coke formation.  The data obtained from the 
activity testing of the spent hydrogenation catalyst in an autoclave reactor 
suggest that MIBK had accumulated on the catalyst and may have lead to 
product inhibition.  The catalyst activity was found to increase after an 
induction period during which time MIBK and other poducts desorbed from 
the catalyst.  The pilot plant data also demonstrate that MIBK had accumulated 
in the reactive section throughout the course of the experiment.   The 
hydrogenation catalyst activity was enhanced after the elution of a large 
transient pulse of MIBK from the reactive section during a change in the 
process conditions.  This not only suggests product inhibition had occurred but 
also highlights the importance of CD reactor hydrodynamics on the process 
performance.  Consequently an improved understanding of role of 
hydrodynamics on this CD process is needed.   
 
It is evident that improved catalyst performance is needed.  The thermal 
limitations of the commercial cation exchange resin co strains the CD system 
pressures to less than 0.6 MPa, which is unfavourable for catalytic 
hydrogenation in an industrial reactor.  In addition, the relatively low reaction 
temperature of 120°C (the maximum recommended operating temperature of 
Amberlyst 15) is unfavourable for DAA dehydration as evidenced by a 
substantial amount of unreacted DAA in the reboiler product stream.  Therefore 
a catalyst with improved thermal stability is needed.  Moreover, the selectivity 
of Amberlyst 15 to the precursor MO was found to be relatively low (83 to 90 
wt%).    Since MIBK is a relatively low value commodity, a highly efficient 
process for MIBK is needed.  High selectivity is criti al in order to avoid costly 
downstream refining.  Therefore a highly selective catalyst which enables a 
chemistry more favourable for DAA dehydration is need d. 
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 A relatively high palladium loading (0.52 wt%) for the hydrogenation 
catalyst resulted in a relatively low MO hydrogenation selectivity.  A lower Pd 
loading would increase competition for active sites and give improved 
hydrogenation selectivity.  A less acidic catalyst support such as θ-Al2O3 or 
more preferably an inert neutral support such as SiO2 is recommended for 
MIBK synthesis in order to avert undesirable interactions between the organic 
substrates and the catalyst which could lead to product inhibition, coking or 
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Chapter Eight 
 
On the Role of Water and Reactor Hydrodynamics in the One-
Step Synthesis of MIBK via Catalytic Distillation 
___________________________________________________________ 
 
8.0  Synopsis 
Three pilot scale catalytic distillation experiments (CD) were carried out 
utilizing a novel Pd/Nb2O5/SiO2 catalyst developed in the first two phases of 
this research project in order to assess the performance characteristics of the 
catalyst under pilot scale conditions of trickle flow and for substantial time on 
stream.  In the first CD experiment, the MIBK productivity was found to 
decrease steadily over the first day of operation until a steady state value of 0.02 
[g/hr*gcat] was achieved.  Analysis of the spent catalyst showed that although 
the catalyst lost some activity, the low activity observed in the CD experiment 
was due to the reaction environment in the CD reactor rather than due to an 
irreversible deactivation.  The catalyst activity in the CD experiment was only 
3% of that of the spent catalyst when tested in an FBR reactor at the same 
reaction temperature.  The results suggest that the MO synthesis was inhibited, 
perhaps by insufficient contact time in the reactive section.  To test this theory 
in the second CD experiment, a fresh batch of catalyst was crushed and loaded 
into wire mesh bundles.  The reduction in particle size was intended to increase 
the dynamic liquid holdup in the reactive section ad promote DAA 
dehydration.  However, an essentially identical result was observed in the 
second CD experiment for the first condition.  Evidently, the increased dynamic 
liquid holdup did not affect MO and MIBK synthesis.   
 
Significantly, moisture analysis of liquid samples obtained from the 
reactive and rectification sections from the column in the second experiment 
revealed that water had accumulated in the top half of the CD column.  Based 
on this insight, a process solution was developed, whereby water was separated 
in situ from the reactant mixture and removed from the reactor via the
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utilization of an overhead distillate stream with a reflux ratio of around 83 to 
92%.  This novel embodiment of the CD process result d in an increase in 
MIBK productivity by a factor of 21 compared to the previous CD experiment 
and an increase in hydrogen uptake efficiency by 2 orders of magnitude.   In 
addition, the hydrogenation selectivity improved from 80.5% to values ranging 
from 93 to 100%.  The results of this experiment clearly demonstrated that MO 
synthesis had been inhibited by the accumulation of water in the reactive section 
and that significantly enhanced MIBK productivity could be achieved by the 
continuous removal of water via the overhead distillate stream.  
 
A moisture free reboiler product with MIBK in excess of 50 wt% was 
achieved.  This is quite significant for a number of reasons.  First, state-of-the 
art one-step processes for MIBK synthesis typically chieve less than 30 wt% 
MIBK in the product, which necessitates further downstream refining.[23,24]  The 
required separations are significant.   In particular, MIBK and water form 
azeotropic mixtures, which make separation by distillation problematic.[1,62]   In 
the novel CD process developed in this work, not only is the product essentially 
moisture free, but the results demonstrate that MIBK may be produced with 
very high selectivity, greater than 90% in the bottoms product. 
 
In the final CD run, a statistical experimental design was employed to 
investigate the effects of the hydrodynamic parameters; specifically the 
hydrogen feed rate and the reflux flow rate, on the MIBK productivity and 
selectivity as well as the hydrogen uptake efficieny.  The experiment lasted 
191 hours TOS and each of steady state process conditions were maintained for 
at least 6 hours and for as long as 12 hours, in order to obtain accurate estimates 
of the product distributions in the reboiler and distillate streams.  The results 
show that the rate of hydrogen transport to the active sites controls the overall 
MIBK synthesis, with the MIBK productivity and selectivity being strongly 
dependent on the volumetric flow rate of hydrogen.  A significant and curious 
finding is that the MO conversion to MIBK is inhibited by the liquid phase as 
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evidenced by a negative correlation with the reflux flow rate.  Evidently, the 
liquid phase presents a barrier to hydrogen mass trn port.   
 
8.1  Pilot Plant Experiment CD 003 
 
8.1.1 Experimental 
A pilot scale CD experiment was conducted to assess the performance of the 
multifunctional Pd/Nb2O5/SiO2 catalyst developed in the first two phases of this 
research project.  Niobia was dispersed onto a highsurface area silica catalyst 
carrier in the shape of a Raschig ring (Saint Gobain Norpro; SS 65137; sample 
No 2006910020) with a characteristic dimension of 5 mm.  The niobium oxide 
overlayer was established following the synthesis technique described in 
chapter three using 0.30 mL niobium (V) ethoxide per gram of support.   The 
catalyst was calcined at 100°C in zero gas air flowing at 3.8 mL/min for two 
hours.  The catalyst was subsequently impregnated for 2 hours at 80°C with a 
solution of Pd acetate in glacial acetic acid.  After impregnation, the supernatant 
liquid was separated by vacuum separation and the catalyst was subsequently 
dried overnight in an oven at 80°C.  The catalyst was then reduced at 100°C in 
hydrogen flowing at 6.2 mL/min for 2 hours.  Catalyst was prepared in several 
batches with each batch producing about 15 g of catalyst. 
 
The catalyst formulation was the same for all pilot scale CD experiments 
reported in this chapter as well as the flow reactor experiments reported in 
Chapter Six.   Two catalysts were used in the three pilot scale experiments 
outlined in this chapter.  Catalyst 066 was removed from the CD reactor after 
the first experiment and replaced with CAT 067, which was used for the two 
subsequent experiments.  The surface area of the fresh catalyst (CAT 066) was 
obtained using a Micromeretics Gemini 2375 and was found to be 153.91 ± 
1.34 m2/g.    The elemental compositions of the catalysts were ascertained via 
energy dispersive X-Ray fluorescence spectroscopy (EDXRF) and Inductively 
Coupled Plasma (ICP) spectroscopic analysis (Galbraith Laboratories, 
Knoxville, TN).   The results are outlined in Table 8-1.
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Table 8-1  Elemental analysis via ICP and EDXRF of niobia catalysts used in 
CD experiments  
wt% Nb2O5 Pd
CD Run Catalyst ICP EDXRF wt%
003 066 6.21 ± 0.21
004 067 5.88 5.75 ± 0.16 0.041
005 067 5.88 5.75 ± 0.16 0.041  
 
It is interesting to note that the niobia uptake onto the Norpro HSA silica 
rings was much less than that observed on the high surface area fumed silica 
support.  However the niobia was utilized far more efficiently on the Raschig 
ring support and the surface oxide phase exhibited unique and very strong acid 
sites not present in other catalysts (Chapter Six).  In addition, TPD analysis of 
the Norpro silica support showed that the support exhibited negligible acidity 
(Appendix D, Figure D2-2).  Therefore the strong acidity is associated with the 
surface oxide phase (niobia).  XRD and Raman analyses (Chapter Six) also 
revealed no evidence of crystallites.  The niobia lo ding in the catalysts above 
corresponds to about 1/3 monolayer coverage. 
 
For the first CD experiment, the catalyst was protected in an inert 
environment prior to use.  78.14 g of Raschig Ring catalyst diluted with Intalox 
saddles was loaded into the top two reaction zones f the CD column (Figure 7-
1) while protected under a blanket of inert gas created from the flow of  argon 
through the column.   After the reactor was sealed, the CD column was 
pressurized to 350 psig with argon and leak tested over a 24 hour period as 
described in Chapter Seven.   The catalyst was reduced in situ to ensure that any 
Pd oxidized during catalyst loading was reverted back to Pd0.  This was 
achieved by pressurizing the CD column to 300 psig with hydrogen while 
feeding hydrogen gas through the column at about 130 mL/min (STP).    The 
external heating elements were enabled and the temperature inside the reactor 
increased from 22°C to about 72°C over 2 hours and 45 minutes.  The reduction 
was continued for another 2 hours and 45 minutes at this temperature.  The 
column was then depressurized and ACS reagent grade acetone was charged
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 into the reboiler.  The headspace of the acetone feed tank was purged with pre-
purified nitrogen to remove oxygen from the system.    
 
The reboiler was then energized (TOS≡0) and the reactor was pressurized 
to 120 psig with hydrogen.  The hydrogen feed rate was set to 54 L/hr (STP).  
The column pressure was gradually increased to 180 psig over the first four 
hours of operation, in order to increase the temperature in the reaction zone to 
160°C.  The CD column was operated at 100% reflux with the cooling water 
flow rate to the condenser set at 200 mL/min.  Reflux was established at 3.3 hrs 
TOS and the acetone feed pump to the CD column was sub equently enabled at 
4 hrs TOS at a flow rate of 155 g/hr.  This was reduced to 126 g/hr after 5 hrs 
TOS.   The reboiler level was controlled manually by the continuous removal of 
product through a Badger control valve to maintain a constant reboiler level of 
around 55%.  The reboiler level was determined by visual measurement at a 
sight glass and recorded at 15 minute intervals.   For this experiment, the 
reboiler level was maintained at an average level of 54.3 % with a relative 
standard deviation (RSD) of 8.8% over the course of the experiment from 5 hrs 
TOS onward.  The reboiler product was drained from the product reservoir on 
an hourly basis and the product composition was ascertained via GC/FID.  
Unfortunately, the GC with the TCD detector for moisture analysis was not 
available for this experiment.  The CD pilot plant was upgraded prior to the 
experiments reported in this chapter, in order to enhance the datalogging 
capability.  Labview 7.1 was installed on one of the control computers and used 
to continuously monitor the cooling water temperature at the condenser inlet 
and outlet.  This significantly improved the estimate of the reflux flow rate. 
 
8.1.2  Results CD 003 
Prior to this CD experiment, the activity of the catalyst used (CAT 066) was 
determined for MIBK synthesis at 160°C and 550 psig in a fixed bed flow 
reactor (FBR) experiment (Chapter Six).  Acetone was fed to the FBR with a 
WHSV of 0.39 min-1 and hydrogen was fed to the reactor with a molar ratio of 
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H2 to acetone of 2.17.  The catalyst was found to be highly active for MIBK 
synthesis with an estimated MIBK productivity of 1.36 [g/hr*gcat].  However, in 
this CD experiment, the reboiler composition and the MIBK productivity as 
functions of time on stream illustrated in Figures 8-1 and 8-2 respectively, show 
that the catalyst utilization with respect to the activity in the FBR was much 
lower than expected; by two orders of magnitude.  The average catalyst 
utilization, which is calculated as the average MIBK productivity observed in 
this CD experiment from 30 hrs TOS to the end of the experiment divided by 
the nominal activity of the catalyst observed in the FBR at the same 



























Figure 8-1  Reboiler composition as a function of time on stream (CD 003)  
 
Water was not quantified by GC/TCD in this experiment. There is a gap in the data at 14 to 18  
hrs TOS since samples were not analyzed.  Some data points for IPA and MO are not reported 
where  the concentration fell below the peak area rejection limit of the GC 
 
























Figure 8-2  MIBK productivity [g/hr*gcat] as a function of time on stream (CD 
003) There is a gap in the data at 14 hrs TOS since samples were not analyzed 
 
The first unsteady state samples collected from the reboiler at 3 and 4 
hours time on stream showed reasonably high MIBK concentrations with a 
maximum at 5 hours TOS (9.87 wt% MIBK, 0.24 g/hr*gcat)  From this point the 
catalyst appears to deactivate as evidenced by a continu us drop in the MIBK 
concentration in the reactor effluent.  At about 20 hrs TOS, the concentrations 
of all species appear to increase.  This was due to a process change.  The 
acetone feed rate was reduced from 126 to 69.0 g/hr between 18 and 20 hours 
TOS in order to increase the conversion of the unitoperation and gain a more 
accurate appraisal of the product distribution.  By 30 hours TOS, the MIBK 
productivity was only about 0.02 g/hr*gcat and remained essentially invariant for 
the remainder of the experiment.   This was the lowest steady state MIBK 
productivity observed in this research and was only one fifth of the MIBK 
productivity obtained in the previous CD experiment (Chapter Seven, CD 002 
condition #4) for which a process benchmark was obtained using a 
commercially available catalyst.  
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The reboiler product distribution observed in this CD experiment was also 
unexpected.  An unusually high proportion of DAA was observed whereby 
DAA was the second most abundant organic product observed in this 
experiment behind only MIBK.  Previous experiments i  the FBR (Chapter Six) 
and an autoclave reactor under conditions of kinetic control (Chapter Four) 
demonstrate that DAA is typically a short lived intermediate at this reaction 
temperature and is rapidly converted to MO.  In the autoclave experiments, the 
steady state DAA concentration is near and often below the peak area rejection 
limit of the GC.    The results of this CD experiment suggest that the DAA 
dehydration reaction was either significantly inhibited or the DAA conversion 
was low due to an insufficient retention time within the reactive section under 
the process conditions investigated.  Considering the results of subsequent CD 
experiments outlined in this chapter, it is most likely that the DAA dehydration 
reaction was significantly inhibited under these process conditions.  
 
Rather than terminate the experiment, it was decided to attempt to study 
the effects of reflux flow rate and the hydrogen feed rate on the product 
distribution at the relatively low acetone conversion of this experiment.  In total, 
four steady state conditions were investigated and are summarized in Table 8-2.   
The first condition was a condition of relatively hig  reflux flow rate and high 
hydrogen feed rate.  The second condition studied th  effect of reducing the 
reflux flow rate while maintaining a relatively high hydrogen feed rate.  In the 
third condition, the reflux flow rate was returned to a condition of relatively 
high reflux flow rate and the hydrogen feed rate was reduced to a relatively low 
level.  In the fourth and final condition, the reaction temperature was increased 
from 160 to 169°C by increasing the system pressure from 1.34 to 1.65 MPa. 
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1 32 to 42 160 1.43 720 58.0 322 51.7 
2 56 to 61 159 1.41 450 57.7 83 13.0 
3 70 to 74 161 1.34 500 10.8 122 19.7 
4 83 to 93 169 1.65 750 59.0 - - 
Acetone feed rate FA0=69.0 g/hr; External heater duty Q=800 W; condenser cooling water 
mass flow rate = 200 cc/min; The condenser cooling water ∆T data  was not saved for condition 
#4.  Note that the condenser duty and reflux flow rate were estimated assuming the reflux 
consisted of essentially pure acetone.  
 
The reaction zone temperature reported in Table 8-2 is the average value 
over the steady state time interval of the hourly measurements obtained from 
three thermocouple probes located within the two reaction zones used in this 
experiment. The average value of the system pressur, recorded at 15 minute 
intervals over the interval is reported after conversion to absolute pressure using 
the local barometric pressure which was datalogged by the University of 
Waterloo weather station at 15 minute intervals.♣  The average reboiler product 
composition as well as the MIBK productivity and selectivity are outlined in 
Table 8-3.  The MIBK selectivity is expressed as the mass fraction of MIBK in 
the organic products (neglecting the solvent acetone) expressed as a percentage. 
Water is also neglected in the calculation of selectivity as is the convention 
among researchers investigating MIBK synthesis.    
                                                
♣ http://weather.uwaterloo.ca 
  360 
Table 8-3  Average steady state reboiler product composition and MIBK 















1 2.35 0.60 1.93 0.53 0.0178 44.7 
2 2.14 - 1.30 0.67 0.0158 52.1 
3 1.96 0.62 1.30 - 0.0142 43.8 
4 2.15 0.56 1.56 0.58 0.0155 49.1 
 
Generally, the changes in the process variables did not have significant 
effects on the product distribution. The amount of products created in this 
experiment was quite low and the variation inherent in he process data was 
large compared to the main effects due to changes in process variables under 
these conditions.  In addition, the process conditions investigated in this 
experiment were not particularly stable.  For example, the DAA concentration 
was monotonically decreasing during condition #2 and had an RSD of 7.5%.  In 
condition #3, the MIBK and DAA concentrations had RSD of 8.3 and 9.2% 
respectively over the steady state interval.  Consequently, the results of this 
experiment are preliminary and will be discussed qualitatively here.  A more 
rigorous analysis is reserved for the results of the more robust experimental 
design outlined in section 8.4.   
 
Some trends are evident.  As expected, a reduction in the reflux flow rate 
between conditions 1 and 2 resulted in a decrease in the production of MO and 
DAA, which confirms the findings of the previous CD experiments which 
demonstrated that the aldol condensation and DAA dehy ration steps are 
governed by the liquid flow rates in the reactor.   For most of the CD 
experiment, the DAA concentration mirrored the MIBK concentration.  
However, the reduction in the reflux flow rate in the second steady state 
condition from 43 to 62 hours TOS resulted in a signif cant decrease in the 
DAA and MO concentrations.  The MO concentration dropped below the peak 
area rejection limit of the GC.   Consequently, the selectivity for this condition
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is slightly inflated since MO was not quantified.   The MIBK productivity 
decreased by about 11% due to the reduction in the productivity of its precursor, 
MO.  The amount of IPA produced from the direct hydrogenation of acetone 
also increased as a consequence of the reduction in the production rate of MO, 
which competes with acetone for hydrogenation active s tes. 
 
In the third condition the effect of reducing the hydrogen flow rate from 
58 to 11 L/hr (STP) at the condition of low reflux flow rate was investigated.  
However, the reflux flow rate was not kept constant as planned and increased by 
around 47%.  Regardless, the results demonstrate tht the reduction in the 
hydrogen feed rate resulted in a 10% reduction in the MIBK productivity and a 
greater proportion of unreacted MO in the reboiler product stream.   The greater 
reflux flow rate undoubtedly contributed to the increase in the MO 
concentration.  The IPA concentration also dropped b low the peak area 
rejection limit of the GC as the MO concentration increased.  Interestingly, the 
DAA concentration remained unchanged.    
 
The fourth condition investigated the effect of increasing the reaction 
temperature from 160 to 169°C at conditions of high hydrogen feed rate, 59 
L/hr (STP) and conditions of high reflux flow rate comparable to the first 
condition.  The results of this test are inconclusive since unsaved condenser 
cooling water temperature data for this condition was lost due to a computer 
“crash”.  The results show that the MIBK productivity in condition #4 was less 
than condition #1.   This is likely due to a lower r flux flow rate in condition #4 
compared to condition #1.  Although the reboiler duty was greater for condition 
#4, the system pressure in condition #4 was also greate  in order to achieve the 
higher reaction temperature.  The results of previous CD experiments clearly 
demonstrate that the reflux flow rate is more strongly dependent on the system 
pressure than the reboiler duty (Figure 7-5).   A lower reflux flow rate would 
also explain the lower MO and DAA concentrations as well as the greater IPA 
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concentration in the reboiler product observed in co dition #4 compared to 
condition #1. 
 
8.1.3  Root Cause Analysis 
The MIBK productivity observed in this CD experiment was 2 orders of 
magnitude lower than the activity observed with the same fresh catalyst when 
used to study MIBK synthesis in an FBR.   A root cause analysis was carried 
out in order to ascertain the failure mode of this catalytic process.  The spent 
catalyst (CAT 066) was recovered from the CD column and several experiments 
were carried out.   In the first set of experiments, the activity of the spent 
catalyst for MIBK synthesis was measured at 160°C and 555 psig in the BTRS-
Jr, fixed bed flow reactor described in Chapter Six.  In one experiment, the 
activity of the spent catalyst was tested “as is” whereas in a second experiment, 
the spent catalyst was first reduced in situ in the flow reactor for 2 hours at 
100°C with hydrogen flowing at 140 mL/min (STP).  The results were 
contrasted to the activities of fresh catalyst from previous batches with the same 
catalyst formulation (CAT 064, 065 and 066).   The results of these experiments 
are summarized in Table 8-4 and Figure 8-3.   
 
Table 8-4  Steady state catalyst activity for MIBK synthesis at 160°C and 555 
psig in a FBR 
Experiment Acetone Catalyst WHSV MIBK Productivity
ID Cat ID [mL/min] [g] min
-1
[g/hr*gcat]
BTRS-9 066 fresh 1.24 2.52 0.39 1.36
BTRS-12 066 spent 1.24 2.71 0.36 0.63
BTRS-11 066 spent (reduced) 1.24 2.00 0.49 0.62
BTRS-6 065 1.04 2.99 0.27 0.89
BTRS-5 064 1.05 2.58 0.32 0.94
BTRS-5 064 1.05 2.58 0.32 1.30  
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Figure 8-3  Steady State activity for MIBK synthesis of various catalysts in a 
FBR at 160°C and 555 psig 
 
The acidity of the spent catalyst (CAT 066) was ascertained by TPD.  The 
results showed that the spent catalyst did in fact exhibit significant surface 
acidity.   A soxhlet extraction was carried out on the spent catalyst in order to 
identify potential poisons.  This experiment did not result in the conclusive 
identification of any particular poison and is summarized in Appendix E.  The 
results of the PFR experiments confirm that the catalys  did lose some activity 
for MIBK synthesis during the CD experiment, perhaps s much as 50% of its 
initial activity.  However, since the activity of the catalyst in the CD reactor was 
only about 3% of the activity of the spent catalyst when tested in the FBR, it can 
be concluded that the low activity observed in the CD reactor was not entirely 
due to irreversible catalyst deactivation but rather was predominantly the result 
of the reaction environment within the CD reactor.   
 
A major difference between the reaction environment within a CD reactor 
and that of a PFR is the fact that in the PFR, the catalyst is fully wetted whereas 
in the CD reactor, the catalyst is only partially wetted when exposed to counter 
current liquid-vapour flow in the low interaction regime of trickle flow.  It has 
been estimated that the wetting efficiency over  ¼ inch Intalox saddles with a 
characteristic dimension of 6 mm and a bed porosity of ε=0.75 for the 
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conditions in the previous CD experiments,  ranged from 16 to 33% (Figure 7-
4).  The Raschig rings catalysts used in the previous experiment had a 
characteristic dimension of 5 mm.   
 
8.1.4  Vapour Phase Reaction in a Fixed Bed Reactor (Expt.  BTRS-10) 
An experiment (BTRS-10) was carried out in the FBR in order to determine the 
effects of catalyst dryout on the catalyst performance.   2.52 g of fresh catalyst 
(CAT 066) was loaded into the FBR.  Four experimental conditions were 
investigated.  Each condition was maintained for four hours of operation with 
the exception of the last condition, which is a preliminary result.  The 
experiment was terminated prematurely due to equipment malfunction.  The 
acetone and hydrogen flow rates were kept constant at 1.05 mL/min and 147 
mL/min (STP) respectively.   This corresponds to a hydrogen to acetone molar 
ratio of 2.866 (i.e. 43.3% stoichiometric excess hydrogen).  The temperature 
was also constant at 160°C.  In the first condition, the reactor was pressurized to 
600 psig, which ensured that acetone remained in the liquid phase.  Samples 
were collected at hourly intervals from the product line for GC/FID analysis.  
After four hours, the pressure was reduced to only 15 psig.  Consequently, the 
reaction was conducted in the vapour phase.  After four hours of operation, the 
pressure was increased to 120 psig.  At this pressu, the boiling point of 
acetone, as predicted by the Antoine Equation, is 141°C.  Consequently, the 
third condition was also a vapour phase reaction but at a higher partial pressure 
of hydrogen.  Finally, after four hours, the pressure was increased to 600 psig, 
which repeated the initial condition and restored the liquid phase reaction. 
 
The results (Tables 8-4 and 8-5) show that the productivity diminished 
and the product distribution changed when the process transitioned from liquid 
phase reaction to vapour phase reaction.  Specifically, in the liquid phase 
reaction DIBK was the second most abundant species in the effluent (neglecting 
the solvent and water) behind MIBK.  In contrast, MO became the most 
abundant species in condition number 2 and the second most abundant species
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in condition number three.  Evidently, a significant amount of unreacted MO 
was in the product stream due to the low hydrogenatio  pressure.  The final 
condition is a preliminary result since the apparatus malfunctioned and the 
experiment was terminated after one hour at that conditi n (unsteady state).  
 
When the process was restored to the initial condition of liquid phase 
reaction at 600 psig (condition #4), a large amount of MIBK and other products 
were present in the effluent.  In fact, the productivity was much higher than the 
initial condition.  The hydrogenation selectivity and overall selectivity were 
observed to approach that of the initial condition when the liquid phase reaction 
was restored.  The increase in productivity compared to the initial baseline 
condition was likely due to the elution of organic products synthesized from the 
vapour phase reaction and retained in the catalyst bed by chemisorption.  This is 
consistent with the results of the second CD experim nt (CD 002, Chapter 
Seven) whereby a large pulse of MIBK and other products were eluted from the 
CD column after a change in the column hydrodynamics.  This FBR experiment 
reproduces the result of the CD experiment (CD 002) and supports the notion 
that the liquid phase plays an important role in the removal of species from the 
reaction zone by convection.   
 
Table 8-5  Results of FBR Experiment BTRS-10 (condition #4 is preliminary) 










1 600 psig,  
liquid phase 
90.5 88.0 1.19 1.35 
2 20 psig 
vapour phase 
82.4 43.3 0.34 0.70 
3 120 psig  
vapour phase 
88.1 71.0 0.83 1.17 
4 600 psig 
liquid phase 
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1 6.08  0.19 0.64  
2 1.54 1.68  0.33  
3 4.22 1.15  0.57  
4 8.77  0.28 1.11 0.43 
*  C9 corresponds to material eluting at 1.9 min, which was determined by GC/MS to be a 
hydrocarbon most likely 2,4-dimethyl heptane   
 
The results of the PFR experiment confirm that the gas phase reaction 
results in much lower selectivity to the desired product compared to the liquid 
phase reaction.  The change from condition 1 (liquid phase 600 psig) to 
condition 2 (vapour phase 15 psig) resulted in a substantial decrease in MIBK 
selectivity from 88% to 43%.  This is largely due to the presence of unreacted 
MO in the effluent, resulting from the low partial pressure of hydrogen.  When 
the partial pressure of hydrogen was increased in the third condition, the overall 
selectivity increased from 43 to 71%.   The concentrations of mesitylene (TMB) 
and DIBK in the effluent were greater for the conditions in the liquid phase at 
elevated pressure.   This likely reflects the higher conversion achieved under 
these conditions.  It is not surprising that undesirable higher molecular weight 
species would be observed at higher conversions. 
 
Unfortunately, the apparatus malfunctioned and the experiment had to be 
terminated after 1 hour of operation in the last condition.  Consequently the 
results of the last condition are preliminary and no definitive conclusions may 
be drawn about the long term effect of catalyst dryout on the performance of the 
catalyst.  However, although the activity of the catalyst seemed unaffected after 
8 hours of vapour phase reaction, BET analysis of the catalyst suggests a loss of 
surface area of 15.6% occurred due to exposure to the vapour phase reaction 
after only 8 hours on stream in the vapour phase (Table 8-7).  In contrast, the 
spent catalyst recovered from the CD column after 98 hours TOS (CAT 066) 
did not show a significant difference in specific surface area compared to the
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fresh catalyst.  This result supports the notion that e presence of a liquid phase 
serves to enhance the stability of the catalyst.  The loss of surface area is 
possibly due to coke formation, which may be mitigated by the liquid phase.   
Perhaps, hot spots in the catalyst bed of the CD column are diminished by the 
boiling medium. 
 
Table 8-7  BET surface areas of CAT 066 after experiments in flow reactors  
DESCRIPTION BET AREA [m 2/g] Total TOS [hr] 
CAT  066  Fresh 154  0 
CAT 066 spent (CD 003) 157 93 
CAT 066 spent (BTRS-10) 130 24* 
*  8 hours TOS in vapour phase, remainder in liquid phase.  Catalyst also used for brief 
experiment BTRS-9 (8 hours TOS) 
 
8.2  Pilot Plant Experiment CD 004   
 
The results of the root cause analysis in section 8.1 suggests that the low 
catalyst activity observed in the first CD experiment with a Pd/Nb2O5/SiO2 
catalyst  (CD 003) was due to the reaction environme t within the CD column.  
The data obtained from the CD run indicated that the DAA dehydration reaction 
was either inhibited by the chemical species present in the reaction zone or 
exhibited a low chemical conversion due to insufficient residence time in the 
reaction zone.  To test the latter possibility, theCD experiment was repeated.   
The same catalyst formulation and preparation method was used.  However, the 
catalyst rings were crushed into smaller fragments a d loaded into 304 stainless 
steel wire mesh bundles whose specifications were dscribed in Chapter Seven.  
The reduction in catalyst particle size allows for an increase in the dynamic 
liquid holdup in the reaction zone.  If the low MIBK productivity was due to 
insufficient liquid contacting in the previous experiment, then a reduction in the 
catalyst size would result in an increase in MIBK productivity. 
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8.2.1 Catalyst and Reactive Section 
Catalyst batch 067 was used for the last two CD experiments of this work.  The 
rings were crushed and sieved to give particle sizes ranging from 500 to 1200 
µm (Table 8-8).  77.7 g of catalyst 067 was loaded into nine wire mesh bags and 
installed into the top two reactive sections of the CD column indicated in Figure 
7-1.  The geometry of the reaction zones are represnt d schematically in Figure 
8-4. 















Figure 8-4  Schematic representation of reaction zone for experiments CD 004 
and CD 005 
 
Table 8-8  Particle size distribution  of CAT 067 used in Experiments CD 004 
and CD 005  (catalyst less than 500 µm was not used in CD experiments) 
Particle Size φ (µm) Amount (g) 
700 < φ < 1200 69.62 
500 < φ < 700 13.67 
φ < 500 27.28 
 
Not to scale, sample ports omitted 






1 bag wrapped in demister wire
1.5 ft of Intalox saddles (1/4 in)
wire mesh
wire mesh
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8.2.2  Extraction of Liquid Samples from CD Column 
 
For the last two CD experiments, liquid samples were xtracted from the CD 
column at three sample ports located approximately 1.59, 3.36 and 4.95 m 
above the reboiler flange.  These distances were determined by measurement 
with a meter stick with the insulation in place on the column.  More accurate 
estimates of distances may be obtained from the mechani al drawings. The 
sample port at 1.59 m was in the rectification section, the sample port at 3.36 
was at the lower most sample port in the bottom reactive section and the sample 
port at 4.95 m was in the rectification section.  Samples were collected using a 
novel liquid sampling device, based on the design of D oley et al.[206] which 
was developed and validated in our group by undergraduate students as an 
undergraduate senior chemical engineering design project under the supervision 
of W.K. O’Keefe and Professor F.T.T. Ng.   
  
The design consists of a capillary tube made of stainless steel which 
extends beyond the dead zones created by the sample ports, into the CD 
column.  On the end of the tube is a flared cup which facilitates the collection of 
liquid.  Liquid is selectively extracted without flashing by controlling the flow 
rate.  The flow rate is made sufficiently slow to prevent flashing by using a 
metering valve with a minimum valve flow coefficient (Cv) of 0.001. The 
design is illustrated in Figure 8-5.  For the devic used in these CD experiments, 
the quick-connect fitting was replaced with a coil f 1/16 in stainless steel 
tubing which allowed liquid to drain directly into GC vials.  The liquid was 
found to be completely subcooled by the time it exied the sampling device and 
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Figure 8-5 Schematic representation of liquid sampling device designed by 
Dooley, Fines, Trebacz and Walker[206]. Drawing by S.K. Fines, (not to scale) 
 
8.2.3  Results CD 004 
For the first 40 hours TOS, the CD reactor was pressurized to 180 psig resulting 
in a reaction zone temperature of around 160°C.   The external heater duty was 
set to 800 W.   The reboiler duty was initially setto 800 W but was reduced and 
adjusted between 23 and 29 hrs TOS to its setpoint of 450 W.  This first 
condition, was the same as condition #2 in the previous CD experiment for 
which the reflux flow rate was minimized.  The hydrogen flow rate was 
maximized at 60 L/hr (STP).   The MIBK productivity as a function of time on 
stream for the first 40 hours (Figure 8-6) demonstrates that the MIBK 
productivity diminished continuously for the first 20 hours TOS until it reached 
a final steady state value of 0.02 [g/hr*gcat].  This result is essentially identical 
to that observed in the previous CD experiment.  Note that reducing the reboiler 
duty between 23 and 29 hours TOS in an attempt to improve hydrogen mass 
transfer, by reducing the catalyst wetting efficieny, did not affect the MIBK 
productivity.  Evidently, increasing the liquid holdup in the reaction zone by 











1. Flared stainless steel tubing “cup”
2. Stainless steel tubing 1/8”
3. Column connection fitting 
4. Angle ball valve 
5. Metering valve
6. Quick connect fitting (male)
7. Quick connect fitting (female)
8. Sample container 
9. Ball valve
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During this initial condition, samples were obtained through the sample 
port located at the reaction zone at 23 and 24 hours TOS.  When these samples 
were analyzed by GC/TCD, the results showed that the water concentration in 
the reaction zone was quite high, with values of 8.74 and 9.06 wt% for samples 
collected at 23 and 24 hrs TOS respectively.  In cotrast, the concentration of 
organic species obtained in the CD column, measured during this work typically 
varied from 0.5 to 1.4 wt%.  The water concentration in the reboiler was only 
0.45 wt% at that time.  Considering the fact that wer is produced in the same 
stoichiometric ratio as MO and that MO and MIBK have molecular masses 
approximately 5 times greater than water, the water concentration seemed 





























Figure 8-6 MIBK productivity as a function of time on stream (TOS) for the 
first 40 hours TOS (CD 004) 
 
The results obtained suggest that water had accumulated in the top half of 
the CD reactor.    This result is unexpected based on previous CD process 
design data for MIBK synthesis disclosed in the litra ure.[32,60,61]   Lawson and 
Nkosi[32] for example suggested that all of the by-products including water that 
have higher boiling points than acetone and would “not significantly vaporized 
by the reboiling” and should be removed from the system in the reboiler 
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product.  Indeed, the expected conditions for MIBK synthesis via CD, 
presumably obtained via computer simulation, led to a CD process design for 
the two-stage MIBK CD process which stipulates a water recovery unit located 
downstream from the reboiler product of the first CD reactor for MO synthesis 
and 100% recycle of the acetone rich distillate stram.[60,61]  In fact, water is 
expected to be recovered in the bottoms product of the CD column with an 
expected mass fraction of 14 wt% in the bottoms stream as designed.[61]    At the 
time of this manuscript preparation, Thotla et al.[124] disclosed the results of 
theoretical modeling and experimental simulation of the aldol condensation of 
acetone via CD.  They both predicted and measured a water concentration 
profile along the major axis of the CD reactor operating at 100% reflux for 
which the water concentration in the liquid phase was a minimum at the 
overhead condenser and increased monotonically towards the reboiler where the 
water concentration was a maximum.[124]   However, the reaction temperature 
investigated was much lower.  In this work, the opposite trend for water 
concentration was observed.  Samples obtained at three sample ports along the 
CD column at around 47 hours TOS clearly shows that the water concentration 























Figure 8-7  Water concentration as a function of axial positin n the CD 
column at around 47 hrs TOS (CD 004)   
 
  373 
The data point in Figure 8-7 corresponding to the reboiler was collected at 43 hrs TOS (steady 
state).  The remaining three points were collected shortly afterwards prior to switching process 
conditions around 47 hours TOS.  No water analysis of the reboiler stream is available during 
the interval 44-47 hrs TOS.  The reactive section csists of two flanges sections.  The majority 
of the catalyst was located in the top flanged section (Figure 8-5). 
 
Separation by distillation is based on relative volatility.   The relative 
volatilities of acetone-water (αAW), acetone-MIBK (αAM) and water-MIBK 
(αWM) calculated from their vapour pressures at various temperatures are 
summarized in Table 8-9.   The data in Table 8-9 show  that for temperatures up 
to 120°C, water and MIBK have comparable vapour pressures.  Note the CD 
process designs proposed in the patent literature[32,61,62] involve MIBK synthesis 
or MO synthesis around 120°C.  However at 160°C, water has an intermediate 
vapour pressure.  Since water is highly miscible with acetone and is also 
relatively immiscible with MIBK, it seems reasonable that water would 
preferentially accumulate in the top half of the reactor under these conditions of 
elevated temperature. 
 
Table 8-9  Relative volatilities of acetone, water and MIBK at various 
temperatures 
Temp [°C] αAM αAW αWM 
25 11.95 9.92 1.20 
120 5.39 3.05 1.77 
160 4.62 2.25 2.05 
 
The vapour pressure of water was obtained from tabulated data from 
Weast.[210]  The vapour pressures (P*) of MIBK and acetone in Pascals (Pa) 
were calculated from the empirical correlation in equation 8-1.  The empirical 
constants for acetone are A=70.72, B=-5685, C=-7.351, D=0.0000063 and 
E=2.[218]  The empirical constants for MIBK are A=80.53, B=-7421.8, C=-
8.379, D=1.81E-17 and E=6.[1]    The correlations for acetone and MIBK are 
valid up to 235°C and 301°C respectively.[1,218]    
 














AP lnexp*      (8-1) 
 
The high concentration of water in the reaction zone likely inhibited the 
DAA dehydration reaction.  This also explains the transient behaviour in 
Figures 8-2 and 8-6 whereby the MIBK productivity was initially high and 
decreased with time until a steady state was achieved.  In order to test this 
theory, the reactor was operated in a novel embodiment of the CD process for 
MIBK synthesis whereby an overhead distillate stream was drawn from the top 
of the reactor (Figure 8-8).  This would enable the removal of water from the 
system by convection through the distillate stream.  Around 47 hrs TOS, the 
removal of the overhead distillate stream was enabled.  The first samples were 















Figure  8-8  (a) (left)  One step MIBK synthesis via CD proposed by Lawson 
and Nkosi[32] (b) (right)  A novel embodiment of the CD process for the one 
step synthesis of MIBK via CD with two product streams drawn:  an  acetone 
rich overhead distillate stream removing water and low boilers and a MIBK rich 
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Figure 8-9  Reboiler product composition vs time on stream (CD 004) 
 
The reboiler composition versus time on stream data (Figure 8-9) 
demonstrates that the continuous removal of water from the system via an 
overhead distillate stream resulted in a dramatic in rease in the MIBK 
productivity.  The mass fraction of MIBK in the reboiler product stream 
increased from 2.6 wt% at 43 hrs TOS to 15.0 wt% at 56 hrs TOS while the 
MIBK productivity increased from around 0.02 to 0.1 [g/hr*gcat] during this 
interval.  In addition, the amount of unreacted MO in the product stream 
increased dramatically as well.    Also, the water in the reboiler product stream 
dropped below the peak area rejection limit of the GC (<< .1 wt%).  Previously, 
it had ranged from around 0.5 to 1.0 wt%. 
 
Interestingly, the solenoid valve stopped actuating at 60 hours TOS due to 
a computer glitch resulting in the restoration of 100% recycle of the overhead 
distillate.  The plant operators did not detect this malfunction and continued to 
monitor the process.  The data in Table 8-9 clearly shows that after the solenoid 
valve failed and the overhead distillate was completely recycled to the column,
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the MIBK, MO and DAA concentrations dropped to their previous levels.  
However, the malfunction was corrected at the beginning of the night shift at 66 
hrs TOS and the overhead distillate stream was restored.  The data in Figure 8-9 
shows that the process quickly re-established and the MIBK, MO and DAA 
concentrations in the reboiler stream were restored to the previous condition 
(#2).  In fact, a comparison of condition #3 and #2 in Figure 8-10 suggests that 
the process is highly repeatable, although there appears to be some slight 
process drift in condition #3. 
 
In condition #3, the hydrogen feed rate was at a rel tiv ly low level, 11 
L/hr (STP).   For the fourth condition the hydrogen f ed rate was increased to 
54 L/hr (STP) at 80 hrs TOS.  The data in Figure 8-9 demonstrates that after this 
process change, the amount of unreacted MO decreased dramatically while the 
amount of MIBK in the reboiler product increased significantly.  The MO 
concentration in the reboiler product stream dropped from around 33 wt% to 8.5 
wt% while the MIBK concentration increased from around 15 or 16 wt% to as 
high as 52 wt% at 98 hours TOS.  The average MIBK productivity from 96 to 
98 hrs TOS was 0.42 [g/hr*gcat], which represents an increase in MIBK 
productivity by a factor of 21 compared to the best result in the previous CD 
experiment.    
 
The high concentrations of MIBK and MO in the reboiler product resulted 
in reboiler temperatures in excess of 200°C.   It is likely the MIBK 
concentration would have continued to increase beyond 52 wt% and as a result, 
the reboiler product temperature would increase as well.  Consequently, at that 
point, the operator reduced the reflux flow rate by lowering the reboiler duty in 
order to reduce the catalytic activity until further discussions could take place 
with the CD team.   This resulted in the decrease in MIBK and MO 
concentrations in the reboiler product after 98 hrs TOS observed in Figure 8-9.    
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A final steady state condition #5 was monitored at this lower reflux flow 
rate while maintaining a relatively high hydrogen feed rate.  As a result, the 
amount of unreacted MO in the reboiler product decreased dramatically from 
8.5 wt% to around 1.4 wt% as evident in Figure 8-10.  As the MO concentration 
diminished, IPA produced from the direct hydrogenation of acetone became 
more prevalent.  The IPA concentration in the reboil r product stream was 
below the peak area rejection limit of the GC at 104 hrs TOS but was around 
1.0 wt% in the final steady state condition (#5). The final experimental 
condition supports previous findings of this work, which shows that the direct 
hydrogenation of acetone becomes significant when t concentration of MO 
becomes low since MO and acetone compete for the sam active sites.[18] 
 
The experiment was terminated after 118 hrs TOS, after clearly 
demonstrating that a significantly enhanced catalytic activity for MIBK 
synthesis may be achieved from the in situ removal of water from the reactive 
section via the utilization an overhead distillate s ream.  The results of this CD 
experiment demonstrate conclusively that water accumulating in the reaction 
zone inhibited the DAA dehydration reaction and demonstrated that an 
essentially moisture free reboiler product in excess of 52 wt% MIBK could be 
achieved in a single stage via CD.  Incidentally, the state-of-the-art reactor 
technologies for MIBK synthesis typically result in less than 30 wt% MIBK in 
the product stream and require further complex downstream refining, since 
water forms azeotropic mixtures with MIBK.   
 
The five process conditions investigated are summarized in Tables 8-10 
and 8-11.  The fourth condition being a preliminary result since steady state had 
not been fully achieved.  The fifth condition is also a preliminary result since 
the “steady state” was maintained for only 3 hours.  For these conditions, the 
MIBK concentrations were invariant to an RSD within 5% with the exception of 
the third condition, which exhibited slight process drift and an MIBK variance 
of 8% RSD.   The reaction temperature was the weight d average of 
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observations made from thermocouples 13, 14 and 15 with each thermocouple 
weighted equally. 
 
Table 8-10  Steady state process conditions investigated (CD 004) 
Period  Reboiler System Reaction External solenoid
TOS Duty Pressure Temp Heater duty (SV-1)
[W] [Mpa] (abs) [°C] [Watts] on/off
1 35 to 40 450 1.45 160 800 closed
2 54 to 60 800 1.31 162 800 0.2 / 99.8
3 70 to 78 800 1.31 162 800 0.2 / 99.8
4 96 to 98 800 1.38 161 800 0.2 / 99.8
5 112 to 115 450 1.41 166 800 0.2 / 99.8  
 
Table 8-11  Steady state mass flow rates (CD 004) 
Acetone Hydrogen Bottoms Condensate Distillate   Reflux Reflux
Feed [L/hr] (reboiler) flow (D) Rate (L o) Ratio 
[g/hr] (STP) [g/hr] [g/min] [g/min] [g/min] (%)
1 69.0 57.8 54.7 14.9 0.0 14.9 100.0
2 141 11 55.3 36.6 1.19 35.4 96.8
3 141 11.2 62.2 39.6 1.21 38.4 97.0
4 141 59.3 85.1 37.3 0.93 36.4 97.5
5 141 59.3 75.2 13.4 1.22 12.2 90.9  
 
The condensate mass flow rate was calculated from the energy balance 
about the condenser as described previously in Chapter Seven. The latent heat 
of vapourization of acetone was calculated from the Watson correlation at the 
observed distillate temperature.  Although the distillate stream was analyzed by 
GC/TCD and GC/FID, the impurities were neglected in the calculation.  The 
condensate was assumed to be pure saturated acetone.  Figure 8-10 illustrates 
the cooling water temperature difference across the condenser during this 
experiment.  The steady state conditions are indicated on the figure.   For the 
conditions in which an overhead distillate stream was drawn, the solenoid valve 
(SV-1) was opened for 0.2 seconds and closed for 99.8 seconds per cycle.  This 
resulted in a constant distillate mass flow rate of ar und 1 g/min.   
 








0 20 40 60 80 100 120







Figure 8-10   Cooling water temperature difference across the condenser (CD 
004).  Cooling water flow rate 200 mL/min 
 
 
The product distributions in the reboiler and overhead distillate streams 
for the steady state conditions are outlined in Table 8-12 and 8-13 respectively.  
The species labelled C9 in the overhead distillate streams are labelled according 
to their retention times in the GC/FID analysis.  These compounds were 
determined by GC/MS to be C9 hydrocarbons.  The compound with retention 
time 1.9 minutes was determined to most likely be either 2,4-dimethyl heptane 
or 2,3,3-trimethyl heptane.  The compound with retention time 2.2 minutes was 
determined to be, most likely, 2,3,3-trimethyl-1-hexene.   
 
Table 8-12  Reboiler product distribution (CD 004) 
Reboiler Composition [wt%]
MIBK MO IMO DAA IPA DIBK TMB C6+ water
1 2.89 0.44 0.0 1.63 0.70 0.0 0.0 0.00 0.68
2 14.66 32.01 2.89 3.73 0.0 0.0 0.0 0.42 0.0
3 15.31 33.96 3.34 2.55 0.0 0.0 0.0 0.64 0.0
4 49.20 9.25 1.01 2.52 0.0 0.46 0.13 0.17 0.0
5 32.05 1.42 0.0 1.83 0.97 0.49 0.14 0.0 0.0  
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Table 8-13  Overhead distillate product distribution (CD 004) 
Period  Overhead Distillate:  Mass Fraction (wt%) 
TOS C9
water IPA 1.9 min 2.2 min Acetone
1 35 to 40 n/a n/a n/a n/a n/a
2 54 to 60 8.16 0 0 0.18 91.7
3 70 to 78 8.13 0 0 0.20 91.7
4 96 to 98 7.83 0 0.17 0.00 92.0
5 112 to 115 6.8 0.97 0 0.00 92.2  
 
The MIBK productivity, selectivity and acetone conversion for the 
process conditions investigated are summarized in Table 8-14.  The acetone 
conversion was calculated as defined in equation (8-2) which gives 
consideration to both acetone present in the reboilr product stream as well as in 
the overhead distillate stream.  The selectivity for the overall reaction is 
expressed in wt% and gives consideration to undesired products in both the 
distillate and bottoms product streams.  The selectivity of the process, i.e. the 
proportion of MIBK in the organic products in the bottoms product is indicated 
in Table 8-13 as “bottoms” selectivity. The selectivity of the hydrogenation 
reaction considers the production of secondary hydrogenation products such as 
MIBC, DIBK as well as IPA and MIBK production.   Again, water is neglected 
















X      (8-2) 
 
Table 8-14  MIBK productivity and Selectivity (CD 004) 
Period  Acetone Productivity [g/hr*g cat] MIBK  Selectivity
TOS Conversion MIBK Total Hydrogenation Overall Rxn Bottoms
X (%) Organics (wt%) (wt%) (wt%)
1 35 to 40 6.2 0.020 0.040 80.5 51.1 51.1
2 54 to 60 35.3 0.104 0.384 100.0 27.2 27.3
3 70 to 78 33.2 0.124 0.448 100.0 27.3 27.4
4 96 to 98 46.3 0.418 0.688 99.1 78.3 78.4
5 112 to 115 16.6 0.312 0.366 93.0 84.7 86.9  
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8.2.4  Hydrogen Utilization 
 
The amount of hydrogen needed for complete MO hydrogenation was 
calculated from the amount of MO and IMO to be hydrogenated as well as the 
number of moles of MIBK, DIBK and MIBC which were derivatives of MO 
hydrogenation.  The MO conversion was calculated from the number of moles 
of MO and IMO produced and the number of moles of TMB, DIBK, MIBK, 
MIBC etc which are derivatives of MO. C6+ unknowns, which were present in 
negligible amounts were not included in this calculation (molecular masses 
unknown).  This did not affect the result in the number of significant figures 
reported. 
 
The data in Table 8-15 demonstrates that hydrogen was fed in 
stoichiometric excess for each condition. The hydrogen uptake ranged from 
around 10 to 19% for the conditions for which water was removed from the 
reaction zone via a distillate stream.  However, the hydrogen uptake efficiency 
was less than 1% for the condition of 100% reflux, as was also observed in the 
previous experiments CD 002 and CD 003.  The data show  that the hydrogen 
uptake efficiency improved by two orders of magnitude while operating with an 
overhead distillate stream to remove water from the reaction zone.   
 
Table 8-15  Hydrogen utilization and stoichiometric excess (CD 004) 
Hydrogen MO & IMO MIBK H2 % Excess H2 MO
[L/hr]   [mol/hr] [mol/hr] [mol/hr] required H2 uptake conversion
(STP) [mol/hr] (%) X  (%)
1 57.8 2.579 0.0024 0.0158 0.0182 14077 0.9 86.6
2 11.0 0.491 0.1967 0.0810 0.2776 77 16.5 29.2
3 11.2 0.500 0.2363 0.0950 0.3313 51 19.0 28.7
4 59.3 2.646 0.0889 0.4177 0.5066 422 16.0 82.6
5 59.3 2.646 0.0108 0.2404 0.2513 953 9.7 95.7  
 
Evidently, the majority of hydrogen fed to the reactor did not participate 
in chemical reaction.  However, the results of the experiment demonstrate 
conclusively that the volumetric flow rate of hydrogen significantly affects the 
MIBK productivity and selectivity.  Note that a step change in the hydrogen 
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volumetric flow rate from 11 to 59 L/hr between conditions 2 and 3, with other 
parameters held constant, resulted in an increase in MIBK by a factor of 3.4.  In 
addition, the overall reaction selectivity increased from 27 to 78% as a large 
amount of unreacted MO was converted to MIBK due to the increase in 
hydrogen flow rate.  The MO conversion increased from 29 to 83%.  Although 
hydrogen was fed in stoichiometric excess, this result implies mass transfer 
limitations and hydrogen concentration gradients likely occurred for the 
conditions of high MIBK productivity.  (i.e. hydrogen may not be in 
stoichiometric excess at the catalyst surface).  In the fifth condition, at relatively 
low MO productivity (low reflux flow rate) 96% of the MO was converted to 
MIBK.  However for the fourth condition for which te MIBK productivity was 
a maximum, the hydrogenation step was still controlling the overall synthesis 
with only 82% MO conversion. 
 
The data in Table 8-15 also provides a comparison of the one zone versus 
two zone approach for MIBK synthesis via CD (CD 002 vs CD 004).  Although 
different catalytic materials were used, the results suggest that the use of a 
multifunctional catalyst may be preferred for MIBK synthesis.   The selectivity 
is largely governed by the presence of unreacted MO and to a lesser extent the 
reaction of MO to form higher molecular weight species.  In addition, the 
production of MO appears to limit the overall productivity.  A comparison of 
the first condition from CD 004 (100% recycle at .02 g/hr*g) to the results of 
CD 002 show a much higher MO conversion at a comparable MIBK 
productivity was achieved with the multifunctional catalyst.  Using commercial 
catalyst in a two zone approach resulted in MO conversions ranging from 4 to 
15%.  In contrast, the MO conversion in condition 1 of CD 004 was much 
higher, 86.6%.  Further, while the MIBK productivity was significantly 
enhanced utilizing the new CD process with the overhead distillate stream, MO 
conversions as high as 96% were achieved.    
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The relatively high MO conversion for the first condition, which also 
exhibited very low MIBK productivity and low hydrogen uptake efficiency, 
supports the notion that the production of MO was inhibited by water 
accumulation in the reactive section.  The majority of the MO synthesized 
(86%) was converted to MIBK.   Therefore, the MIBK productivity was low 
due to a low rate of MO synthesis.   
 
8.2.5  CD Column Concentration Profiles (CD 004) 
 
Liquid samples were extracted from the CD column for b th GC/TCD and 
GC/FID analyses at 75, 88 and 118 hrs TOS during steady state conditions 3, 4 
and 5 respectively.  GC/FID analyses of only the last samples collected at 118 
hrs TOS revealed a significant amount of organic species.  Trace denotes that 
peaks were observed in the GC/FID chromatogram but were rejected by the GC 
software due very low peak areas below the rejection l mit (<< .1 wt%))  
Moisture analysis via GC/TCD revealed significant quantities of water in all 
specimens.  The results are summarized in Table 8-16.
 
 
Table 8-16  Chemical compositions of samples obtained along the CD column 
(CD 004) 























Distillate:  0.22 wt% C9 (avg. 74-76 TOS) 
P1:  Trace IPA, MIBK, MO, DAA and C9 
P2:  Trace MO 
P3:  Trace MO and MIBK 
Bottoms:   (avg 74-76 hrs TOS):   
14.7 % MIBK, 34.1% MO, 2.59% DAA, 3.29% IMO, 
0.59 wt% C6+ 















Distillate:  0.33 wt% C9 
P1:  no organics detected 
P2:  Trace MO 
P3:  Trace MO and MIBK 
Bottoms:  34.4 wt% MIBK, 8.86 wt% MO, 3.63 wt% 
DAA, 0.35 wt% DIBK, 1.04 wt% IMO, 0.27 wt% C6+ 















Distillate:  0.51 wt% C9, 0.97 wt% IPA 
P1:  0.60 wt% IPa 
P2:  0.60 wt% IPA, 0.84 wt% MIBK 
P3:  0.53 wt% IPA, 0.94 wt% MIBK 
Bottoms:  1.07 wt% IPA, 43.8 wt% MIBK, 1.46 wt% 
MO, 0.67 wt% DIBK, 0.18 wt% TMB, 1.75 wt% DAA  
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8.3 Pilot Plant Experiment CD 005 
 
The previous CD experiment (CD 004) showed conclusively that the low MIBK 
activity occurred as a result of the inhibition of the DAA dehydration reaction 
as a consequence of the accumulation of water in the reactive section.  More 
importantly, the previous CD experiment clearly demonstrated that a 
significantly enhanced MIBK productivity, selectiviy and hydrogen uptake 
efficiency may be achieved from the in situ separation of water from the 
reactive section via the employment of an overhead distillate stream.  In the last 
CD experiment, the MIBK productivity in the fourth condition was 21 times 
greater than the MIBK productivity observed when the reactor was operated 
without the overhead distillate stream.   The previous CD experiment was an 
exploratory experiment and the results are preliminary since some steady states 
were maintained for brief periods and only three distinct process conditions 
were investigated for the new CD process.  Consequently, a robust statistical 
experimental design was employed to obtain accurate steady state process data 
and to rigorously evaluate the effects of the process parameters on the resultant 
productivity and product distribution for one-step MIBK synthesis via CD. 
 
8.3.1  Statistical Experimental Design 
A fifth CD experiment (CD 005) was carried out for the purpose of evaluating 
the catalyst performance characteristics for pilot scale conditions of trickle flow 
and for substantial time on stream as well as to obtain a fundamental 
understanding of this CD process by investigating the main effects and 
interactions of the major process variables.  In particular, the effects of the 
column hydrodynamic parameters, specifically the reflux flow rate and 
hydrogen volumetric flow rate, on the MIBK productivity, selectivity and 
hydrogen utilization were investigated at a constant reaction temperature of 
160°C.  The acetone feed rate as well as the bottoms and distillate mass flow 
rates were kept constant.  A robust statistical experimental design, outlined in 
Tables 8-17 and 8-18, was carried out.  Each steady state condition was 
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maintained for at least 6 hours and for as long as 12 hours in order to obtain 
precise estimates of the steady state compositions of the product streams.   
 
Table 8-17 Process conditions investigated (CD 005) 
Interval Reboiler System Press. Drop Rxn Ext. Heater Sole noid
Run Duty Pressure ∆P Temp Duty (SV-1)
No. TOS [Watts] [Mpa] (abs) [kPa] [°C] [Watts] on/off
1 41 to 47 800 1.31 5.8 162 800 .02 / 99.8
2 81 to 89 400 1.30 5.1 162 800 .02 / 99.8
3 113 to 125 400 1.41 5.0 161 800 .02 / 99.8
4 155 to 161 680 1.31 6.2 160 800 .02 / 99.8
5 175 to 185 530 1.31 5.4 161 800 .02 / 99.8  
 
Table 8-18  Steady State Mass flow rates (CD 005) 
Acetone Hydrogen Bottoms Condensate Distillate Reflux Ref lux
Feed [L/hr] Rate Ratio
[g/hr] (STP) [g/hr] [g/min] [g/min] [g/min] [%]
1 141 10.8 58.6 41.3 1.19 40.1 97.1
2 141 10.9 58.9 7.11 1.23 5.9 82.7
3 141 60.0 58.1 9.89 1.13 8.8 88.5
4 141 60.0 55.4 44.3 1.12 43.2 97.5
5 141 35.9 54.0 25.4 1.17 24.2 95.4  
 
The process conditions in Table 8-18 constitute a 2 X  full factorial 
experiment with a centre point in the variables reflux flow rate and hydrogen 
volumetric feed rate.  The other process parameters ar  noise factors to be kept 
constant.  The first condition represents a condition of high reflux flow rate and 
low hydrogen feed rate (+1,-1).  The second condition is a condition of low 
reflux flow rate and low hydrogen feed rate (-1,-1).  The third point is a 
condition of high hydrogen feed rate and low reflux flow rate (-1, +1).  The 
fourth point is a condition of both high hydrogen feed rate and high reflux flow 
rate (+1,+1).  The final condition is the centre point of intermediate reflux flow 
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8.3.2  Results  (CD 005) 
The steady state reboiler composition as a function of time on stream is 
illustrated in Figure 8-11.  The data shows that each steady state condition 
investigated resulted in a unique product distribution.   The steady state MIBK 
productivity ranged from 0.10 to 0.37 [g/hr*gcat] and the MIBK selectivity 
varied over a broad range from 22 to 89%.  The first condition with high reflux 
flow rate and low hydrogen feed rate resulted in a large amount of unreacted 
MO.    However, when the reflux flow rate was decreased in the second 
condition, a greater proportion of MO was converted o MIBK.  In the third 
condition for which the reflux flow rate was minimized and the hydrogen flow 
rate was maximized, the vast majority of the MO synthesized was converted to 
MIBK.  As expected, IPA production from the direct hydrogenation of acetone 
became significant for this process condition as the MO concentration was quite 
low.  In addition, MIBC, which is produced from the hydrogenation of the 
carbonyl group of MIBK, appeared in the bottoms product.   
 
In the fourth condition, where both the volumetric flow rate of hydrogen 
and reflux flow rate were maximized, the MIBK concetration in the reboiler 
product increased above 50 wt% to its maximum steady state value.  However, 
a greater proportion of unreacted MO was present in the product compared to 
the previous condition.  In the fifth condition, where both the reflux flow rate 
and hydrogen feed rate were at intermediate values (i. . the centre point), the 
amount of MIBK and MO in the product also took on intermediate values.  The 
product distributions in the bottoms product and the overhead distillate are 
summarized in Tables 8-19 and 8-20 respectively. The MIBK productivity and 
selectivity as well as the acetone conversion for the five steady state process 
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Table 8-19  Steady state product distribution in  the bottoms product (CD 005) 
MIBK MO DAA IPA DIBK TMB IMO MIBC C6+
(wt%) (wt%) (wt%) (wt%) (wt%) (wt%) (wt%) (wt%) (wt%)
1 12.70 36.75 4.10 0 0.00 0 3.50 0 0.49
2 30.21 18.41 1.60 0 0.47 0.19 2.03 0 0.48
3 44.61 1.38 1.61 0.98 0.64 0.00 0 0.28 0
4 52.27 7.01 3.63 0 0.45 0.19 0.96 0 0
5 41.48 6.96 2.78 0 0.41 0 0.96 0 0.20  
The water concentration in the reboiler product specimen were always below the peak area 
rejection limit of the GC analysis (<< 0.1 wt%) and is neglected from Table 8-19.  The solvent, 
acetone, is neglected from the table. 
 
 
Table 8-20  Steady state product distribution in the distillate (CD 005) 
water IPA C9 (1.9 min) C9 (2.2 min) Acetone
[wt%] [wt%] [wt%] [wt%] [wt%]
1 8.13 0 0 0.24 91.6
2 7.49 0 0.36 0.41 91.7
3 6.80 0 0.48 0 92.7
4 8.06 0 0.48 0 91.5
5 7.86 0 0.66 0.21 91.3  
 
Table 8-21  MIBK productivity, selectivity and acetone conversion (CD 005) 
Period  Acetone Productivity [g/hr*g cat] MIBK  Selectivity
TOS Conversion MIBK Total Hydrogenation Overall Rxn Bottoms
X (%) Organics (wt%) (wt%) (wt%)
1 41 to 47 35.9 0.096 0.436 100.0 22.0 22.1
2 81 to 89 32.2 0.229 0.412 98.5 55.6 56.6
3 113 to 125 34.5 0.334 0.375 95.5 89.1 90.1
4 155 to 161 42.1 0.372 0.464 99.1 80.3 81.0
5 175 to 185 36.2 0.288 0.375 99.0 76.9 78.6  
 
Table 8-22   Hydrogen utilization and stoichiometric excess hydrogen (CD 005) 
Hydrogen MO & IMO MIBK H2 % Excess H2 MO
[L/hr]   [mol/hr] [mol/hr] [mol/hr] required H2 uptake conversion
(STP) [mol/hr] (%) X  (%)
1 10.8 0.482 0.240 0.0742 0.314 53 15.4 23.6
2 10.9 0.486 0.123 0.177 0.300 62 36.9 59.5
3 60.0 2.68 0.00820 0.259 0.267 902 10.2 97.0
4 60.0 2.68 0.0449 0.289 0.334 702 10.9 86.6
5 35.9 1.60 0.0435 0.223 0.267 500 14.0 83.8  
 
 





























Figure  8-11 Reboiler product composition as a function of TOS  (CD 005)   
The concentrations of some minor constituents are neglected from the figure for clarity (MIBC, 
DIBK, C6+, TMB, etc.) 
 
The chemical composition profiles along the major axis of the CD column 
were ascertained via collection of samples from the thr e sample ports at the 
end of each steady state process condition.  The samples were analyzed by 
GC/FID and GC/TCD and are summarized in Table 8-23.  As with the previous 
experiments, the organic species are present in relativ ly low concentrations, 
frequently falling below the peak area rejection limit of the GC.  However, the 
major products MIBK and MO are frequently observed and were quantified.  
The organic species were more concentrated within te column for the 
conditions of low reflux flow rate (#2 and #3).   IPA created from the direct 
hydrogenation of acetone was also most concentrated for these conditions where 
MO synthesis is at a minimum.  This is expected since it is now well established 
within this work that acetone and MO compete for the same active sites.[18]  The 
data in Table 8-23 suggests that the concentrations of the major products MO
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and especially MIBK, which concentrate in the reboiler product are typically 
more concentrated at the reaction zone than in the stripping section.  The results 
of condition #3 (Figure 8-12), shows that IPA, which is a relatively volatile 
compound, will concentrate in the reboiler product rather than the overhead 
distillate.  Interestingly, IPA is more volatile than water, yet water becomes 
more concentrated in the acetone rich overhead distillate stream while IPA 
becomes more concentrated towards the reboiler.  Water is not very miscible 



























Figure 8-12  Concentration of IPA, MIBK and water along the CD column at 
125 hrs TOS (CD 005)   
 
The value at 7m is the distillate product analysis and the value at 0m is from the bottoms 
(reboiler) product analysis.  MIBK had a value of 45 wt% in the reboiler product at 125 hrs 
TOS and is omitted  from the figure for clarity.   
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Distillate:       0.24 wt% C9 (2.2 min) 
                              P1:   n/a 
P2:   0.70 wt% MO 
P3:  0.69 wt% MO 
Bottoms:  12.7 wt% MIBK, 3.53 wt% IMO, 36.91 wt% 
MO, 3.66 wt% DAA, 0.49 wt% C6+ 















Dist:  0.34 wt% C9 (1.9 min), 0.37 wt% C9 (2.2 min) 
                P1:  n/a 
P2:  1.1 wt% MIBK, 0.97 wt% MO 
P3:  0.66 wt% MIBK, 0.96 wt% MO 
Bottoms: 30.7 wt% MIBK, 2.25 wt% IMO, 20.91 wt% 
MO, 0.47 wt% DIBK, 0.19 wt% TMB, 1.50 wt% DAA 
 















Dist:  0.48 wt% C9 (1.9 min) 
                P1:  0.57 wt% IPA 
P2:  0.70 wt% IPA, 1.40 wt% MIBK 
P3:  0.76 wt% IPA, 0.97 wt% MIBK 
Bottoms:  1.05 wt% IPA, 45.0 wt% MIBK, 0.47 wt% 
IMO, 1.36 wt% MO, 0.28 wt% DIBK, 0.23 wt% TMB, 
1.64 wt% DAA, 0.07 wt% C6+ 















Dist:  0.48 wt% C9 (1.9 min) 
                            P1:  n/a 
P2:  0.92 wt% MIBK 
                            P3:  n/a 
Bottoms:  46.1 wt% MIBK, 0.96 wt% IMO, 7.07 wt% 
MO, 0.39 wt% DIBK, 3.67 wt% DAA  















Dist:  0.34 wt% C9 (1.9 min) 0.37 wt% C9 (2.2 min) 
                            P1:  n/a 
P2:  0.94 wt% MIBK 
P3:  0.77 wt% MIBK 
Bottoms: 40.8 wt% MIBK, 0.99 wt% IMO, 0.42 wt% 
DIBK, 0.19 wt% TMB, 0.20 wt% C6+   
 
8.3.3  Mass Balance and Process Stability 
The mass balance about the CD column during the 5 steady state conditions 
investigated in this experiment are summarized in Table 8-24.  The results 
demonstrate that the material losses from the column were not appreciable.  The 
material losses were about 5.7 to 7.7% for the conditi s of low hydrogen flow 
rate, which is comparable to the process variation, but were as high as 10.3 to 
12.6% when the hydrogen volumetric flow rate was maxi ized at 60 L/hr 
(STP).  The high volumetric flow rate of hydrogen may have lead to increased 
losses by entrainment.  The mass flow rates of the two product streams were 
measured directly during the experiment.  The acetone feed rate was inferred 
from the known calibration of the pump.  Similarly the hydrogen feed rate was 
carefully controlled and accurately monitored using a Brooks 5850E mass flow 
controller, calibrated by Trillium Measurement and Control Ltd. (Markham, 
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ON).   The controller is reported to be accurate to ± 1.0 % according to the 
published design specifications. 
 
Table 8-24  Mass balance about the CD column (CD 005) 
Acetone Hydrogen Feed H2 Hydrogen Bottoms Distillate Los ses
Feed [L/hr] [g/hr] uptake exhaust
[g/hr] (STP) (%) [g/hr] [g/hr] [g/hr] (%)
1 140.6 10.8 0.97 15.4 0.82 58.57 71.25 7.7
2 140.6 10.9 0.98 36.9 0.62 58.86 74.04 5.7
3 140.6 60.0 5.40 10.2 4.84 58.15 67.95 10.3
4 140.6 60.0 5.40 10.9 4.81 55.37 67.47 12.6
5 140.6 35.9 3.23 14.0 2.78 53.96 70.40 11.6  
 
The process stability during the steady state conditions is characterized in 
Table 8-25 by the relative standard deviation (RSD) which is the standard 
deviation divided by the mean value over the interval, expressed as a 
percentage.  The data in Table 8-25 shows that the MIBK concentration in the 
reboiler product was extremely stable during these steady states, with an 
average RSD of 1.5%.  The other products exhibited a higher average RSD of 
6.4%, with some individual observations as high as 14%.  The MO 
concentration in particular showed significance variance in conditions #2 and 
#3.  The data in Figure 8-11 suggests the MO concentration may have been 
drifting during condition #2.  However, the variance in the products is quite 
acceptable with the exception of perhaps 3 observations (2 in condition #3 and 1 
in condition #2) which exceeded 10% RSD.   
 
To account for this process variation, the process wa  monitored for very 
long time periods in order to obtain a sufficient number of observations to 
minimize the 95% confidence bounds on the estimates of the concentrations of 
species in the products.  For example, condition #3 which exhibited significant 
variance in the MO and DIBK measurements, was maintained for 12 hours.  
The 95% confidence bounds on the major products in he reboiler, expressed as 
a relative error are summarized in Table 8-26.  The results show that the 
majority of observations are accurate to within ± 5% relative error.  Only one
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observation of MO concentration is as high as ± 10 %.  However, the MO 
concentration for this condition is low.  (i.e.  Condition #3, [MO] =1.38 ± 0.146 
wt%)  
 
Table 8-25  Relative standard deviation of concentrations of species in the 
reboiler product for the 5 steady state conditions (CD 005) 
MIBK MO DAA DIBK
(%) (%) (%) (%)
1 1.49 0.65 8.84 n/a
2 1.88 10.7 6.40 1.58
3 1.39 14.2 5.24 10.9
4 0.87 9.88 4.09 4.28
5 1.78 5.56 3.28 3.53  
 
Table 8-26  95% confidence bounds on estimates of steady state concentrations 
of species in the reboiler product expressed as relativ  errors for the 5 steady 
state conditions investigated (CD 005) 
MIBK MO DAA IPA DIBK
(± %) (± %) (± %) (± %) (± %)
1 1.46 0.63 8.66
2 1.65 9.40 5.61 1.38
3 1.03 10.53 3.88 5.91 8.1
4 0.85 9.69 4.01 4.20
5 1.42 4.45 2.62 2.82  
 
 
8.3.4  Analysis (CD 005) 
 
The analysis of the results of the last two pilot scale experiments, CD 004 and 
CD 005, demonstrate that the hydrogen volumetric flow rate and reflux flow 
rate have significant effects on the MIBK productivity and selectivity. The 
results presented in this section suggest that the MIBK productivity and overall 
reaction selectivity are limited by the rate of transport of hydrogen to the active 
sites.  Low MIBK selectivity is largely due to unreacted MO in the reboiler 
product stream and to a much lesser extent due to the consecutive reactions of 
MO to produce phorones etc. and the consecutive reactions of MIBK to produce 
DIBK and MIBC.   
 
The MIBK productivity and selectivity were observed to increase 
substantially with increased hydrogen volumetric flow rate (Figures 8-13 and 8-
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14).  Interestingly, the MO conversion to MIBK, i.e. the proportion of MO and 
isomer converted to MIBK, DIBK and  MIBC, is not only dependent on the 
hydrogen flow rate but also appears to be affected by the reflux flow rate in the 
column.  Evidently, the increased catalyst wetting efficiency due to increased 
reflux flow rate appears to have inhibited the hydrogenation of MO.   
 
The MIBK productivity increased substantially with increasing hydrogen 
volumetric flow rate.  The MIBK productivity was also affected by the reflux 
flow rate being over 2 times greater for the condition of low reflux flow rate 
compared to the condition of high reflux flow rate at a constant nominal 
hydrogen volumetric flow rate of 11 L/hr.  The hydrogen uptake efficiency 
(Figure 8-15) suggests the hydrogen was more efficintly utilized for conditions 








































Fig 8-13 The main effects of hydrogen flow rate (VH) and reflux flow rate (L) 
on MIBK productivity (box points CD 005) 
 






































Fig 8-14  The main effects of hydrogen flow rate (VH) and reflux flow rate (L) 



































Figure 8-15  Effect of reflux flow rate (L) and hydrogen volumetric flow rate 
(VH) on the hydrogen uptake efficiency (η)  (data from box points of CD 005) 
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Multivariable regression analysis of the data for CD 005 including the 
centre point for these steady state conditions using NLREG v.5.4 (Sherrod 
Software) shows that the hydrogen uptake efficiency is negatively correlated 
with hydrogen volumetric flow rate (R=-.705)  That is, the greater the hydrogen 
flow rate, the less efficiently it is used, albeit the effect is weak.  The results 
also show that the hydrogen uptake efficiency is negatively correlated with the 
reflux flow rate (R=-.527).  The hydrogen utilization decreases with increasing 
reflux flow rate.  This effect is also weak but appears to be significant.  The low 
coefficients of multiple determination may reflect a non-linear dependence 
rather than lack of a cause-and-effect relationship.   
  
The proportion of MO converted to MIBK (and derivati es of MIBK) as a 
function of reflux flow rate for all of the steady state conditions investigated in 
the last two CD experiments utilizing an overhead distillate stream is illustrated 
in Figure 8-16.  This data supports the conclusion that the hydrogenation of MO 
is limited by the rate of hydrogen transport and provides more convincing 
evidence to support the conclusion that an increase in the reflux flow rate 
inhibits the transport of hydrogen to the active sites.  The dependence of the 
MIBK productivity, selectivity and MO conversion on the volumetric flow rate 
of hydrogen is direct evidence of an external mass transfer limitation in the 
hydrogenation step. The effect of hydrogen flow rate clearly has a greater effect 
on the MO conversion than does the effect of reflux ow rate.  However, the 
results in Figure 8-16 clearly shows that the MO conversion diminishes with 
increasing reflux flow rate, which suggests the liquid phase presents a barrier to 
mass transfer.  In Figure 8-16, the MO conversion only considers the MO 
converted to MIBK and derivatives of MIBK via hydrogenation.  (i.e. the 
conversion of MO to phorones and derivatives is not considered)  
 







































Figure 8-16  Effects of hydrogen flow rate and reflux flow rate on the MO 
conversion to MIBK (CD 005) Each data point in Figure 8-15 represents a value 
averaged over the steady state condition from experiments CD 004 and CD 005 utilizing an 
overhead distillate stream 
 
 
In contrast to the results of the preliminary CD exp riments in Chapter 
Seven which showed that the synthesis of MO using Amberlyst 15 cation 
exchange resin is a liquid limited reaction for which the MO productivity 
increases with reflux flow rate, the results of CD 004 and CD 005 (Figures 8-17 
and 8-19) indicate that the total productivity of the  all organic species  is only 
weakly dependent on the reflux flow rate for the catalyst and reaction conditions 
investigated for the CD process utilizing an overhead distillate stream.  The 
average steady state total productivity of the collective of all organic products in 
the five process conditions of experiment CD 005 was 0.412 [g/hr*gcat] with a 
maximum and minimum of .464 and .375 [g/hr*gcat] resp ctively. The main 
effects of reflux flow rate and hydrogen volumetric flow rate from CD 005 
illustrated in Figure 8-17 suggest a very weak effect.  For the condition of low 
hydrogen flow rate the total productivity only increased by 5.8% between the 
low and high reflux flow rate condition.  In the case of the high hydrogen flow
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 rate condition, the increase in total productivity from the low to high reflux 











































Figure 8-17  Effects of reflux rate and hydrogen flow rate on t tal productivity 











Figure 8-18  Effects of hydrogen flow rate and reflux rate on acetone 
conversion (CD 005)  (left) raw data  (right) normalized to account for material 
losses 
 
The calculation of acetone conversion is based on the amount of acetone fed and the amounts in 
the reboiler and distillate streams and can be signif cantly affected by material loss.  The figure 
in the right is normalized assuming the material losses from the column (Table 8-24) was 
entirely acetone.  Material loss is through the pressure control outlet valve.  The material has 
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The results in Figures 8-17 and 8-18 imply a process interaction, whereby 
the effects of the reflux flow rate on the total productivity and acetone 
conversion depends on the hydrogen volumetric flow rate.  The hydrogen feed 
stream may result in improved turbulence and enhanced mass transfer.  
Alternatively, the enhanced productivity may be a kinetic phenomenon such as 
the synergistic effect observed in FBR experiments (Chapter Six).  However, 
when also considering the preliminary data from CD 004 (Figure 8-19), the 
effect of hydrogen flow rate on the total productivity is not clear.     
 
An outlier is reported in Figure 8-19 which corresponds to a condition 
from CD 004, which was only maintained for 2 hours and was not likely at 
steady state.  All other observations were within  ±13.8% of the average value 
regardless of the process conditions.  However, with the exception of the first 
two data points in Figure 8-19 (and the outlier), the productivity increased 
monotonically with reflux flow rate during the interval from 12 to 43 [g/min].  
The data in Figure 8-19 implies a minimum is observed.  Perhaps the benefits of 
enhanced mass transfer may be offset by a reduction in contact time in the 
reaction zone at low reflux flow rate.  An external mass transfer effect is 
evident; however, the CD process appears to be appro ching the kinetic control 
regime for MO synthesis.  The data reported previously shows that the 
hydrogenation of MO is clearly controlled by external mass transfer of 
hydrogen.  The hydrogen feed rate does not have a large effect on the total 
productivity of organic species but does have a profound effect the proportion 
of MO that is converted to MIBK and hence the MIBK productivity and 
selectivity.   
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Figure 8-18  Effect of Reflux flow rate on the steady state total productivity (all 
organic products [g/hr*gcat]) (experiments CD 004 and CD 005 with overhead 
distillate stream)  The outlier corresponds to condition #4 of CD 004, which was maintained 












































Figure 8-19 Effect of reflux flow rate and hydrogen volumetric flow rate on 
acetone conversion (CD 005)   
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The total productivity is relatively insensitive to reflux flow rate.  
However the MIBK selectivity improves with lower reflux flow rate due to 
enhanced MO conversion.  This is a promising result for he prospect of using 
CD technology for the commercial production of MIBK, since a lower reflux 
flow rate implies lower energy consumption necessary to drive the distillation 
process.  A comparison of condition #3 to condition #4 for CD 005 shows that 
when the reflux flow rate was increased from 8.8 to 43.2 g/min at a nominal 
hydrogen volumetric flow rate of 60 L/hr (STP), the MIBK productivity 
increased by only 11%.  However, to achieve the higher reflux flow rate, the 
reboiler duty was increased by 70% from 400 to 680 W.  Condition #3 with the 
lower reflux flow rate had much lower power consumption, a slightly lower 
MIBK productivity but also had a higher MIBK selectivi y in the reboiler 
product (90.1 wt% compared to 81.0 wt% neglecting solvent).  Thus, operating 
at a lower reflux flow rate may lead to more economical and a highly selective 
process for one-step MIBK synthesis. 
 
Condition #2 of the last CD experiment (CD 005) resulted in an unusually 
high hydrogen uptake efficiency (36.9%).  Generally, over the 9 steady state 
conditions investigated in the last 2 CD experiments operating with an overhead 
distillate stream, the hydrogen uptake efficiency ranged from only 10 to 19%.  
For condition #2, the reflux flow rate and the hydrogen flow rate were 
minimized. Additionally, condition #2 had by far the lowest reflux ratio 
(82.7%).    A lower reflux ratio implies a greater rate of removal of water from 
the system for a given reaction rate.  However, the water concentration in the 
reactive section and the mass flow rate of water in the distillate stream did not 
correlate with either the hydrogen uptake efficiency or the MO conversion.  
Perhaps the unique combination of low reflux rate, low hydrogen feed rate and 
low reflux ratio for this specific condition resulted in a condition more 
favourable for efficient hydrogen utilization.  It is tempting to suggest that 
higher hydrogen uptake efficiency may be achieved at lower reflux ratios below 
some critical value (Figure 8-20).  However, this inference would be based on a 
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single observation.  More experimentation is needed for conditions of low 























Figure 8-20 Effect of reflux ratio on hydrogen uptake efficiency  (CD 005) 
Note the hydrogen volumetric flow rate and reflux flow rate affect hydrogen uptake efficiency as 
well.  These parameters were not kept constant for he experiments in Figure 8-16.  However, 
the figure illustrates the unusually high value of hydrogen uptake efficiency for one observation 
at low reflux flow rate.  
 
The hydrogenation of MO was achieved with very high selectivity.  In CD 
005, the MO hydrogenation selectivity to MIBK was greater than or equal to 99 
% (wt%) for four of the five conditions investigated.  The lowest selectivity was 
96 wt% (95.0 mol%),  for condition #3 where the MO conversion was the 
greatest (97.0%).  For this condition, the direct hydrogenation of acetone to 
produce IPA was significant due to the low MO concentration.  In addition 
consecutive reactions involving MIBK also became signif cant for condition #3 
due to the high MIBK concentration.  The hydrogenation of MIBK to produce 
MIBC was observed as well as the reaction of MIBK with acetone to produce 
DIBK.  Considering the results of experiments CD 004 and CD 005, the 
hydrogenation selectivity improved significantly when the CD process was 
operated with an overhead distillate stream to remove water from the reaction 
  402 
zone.  In the absence of a distillate stream, the suppression of DAA dehydration 
resulted in a greater rate of IPA production.  The selectivity in condition #1 of 
CD 004 with 100% recycle was only 80%.  
   
A comparison of the hydrogenation selectivity for CD 005 to that of the 
commercial 0.5 wt% Pd/Al2O3 catalyst investigated previously (CD 002), shows 
that significantly higher hydrogenation selectivity was achieved with the 
Pd/Nb2O5/SiO2 catalyst.  The 0.5 wt% Pd/Al2O3 catalyst, when used for MO 
hydrogenation under kinetic control in a moisture fr e environment resulted in 
MIBK selectivities ranging from 81.7 to 98.1 mol% and had an average value of 
94.5 mol% at 100°C.  Note that the hydrogenation of acetone has a higher 
activation energy than MO hydrogenation.  Therefore, th  selectivity in the 
autoclave using the Pd/Al2O3 catalyst would be worse at 160°C than the results 
reported at 100°C.  In a previous CD experiment (CD 002), the MO 
hydrogenation selectivity using the commercial Pd/Al2O3 catalyst at ca 120°C 
and 100% recycle, ranged from 84.4 to 94.9 mol% but the MO conversion was 
very low (4 to 15%).   In terms of mol percent, the MIBK selectivity for the 
hydrogenation reaction in the last CD experiment (CD 005) at 160°C and 
utilizing an overhead distillate stream ranged from 95.0 to 100 mol% with MO 
conversion as high as 97%.  The higher hydrogenatio selectivity observed with 
the Pd/Nb2O5/SiO2 catalyst was largely due to a suppression of acetone 
hydrogenation as a consequence of the lower Pd loading (0.04 wt% Pd).   
 
The use of the multifunctional Pd/Nb2O5/SiO2 catalyst resulted in a 
significant improvement in the overall reaction selectivity.  Condition #1 (100% 
reflux) from CD 004 resulted in over 50 % selectivity to MIBK.  The 
commercial catalysts resulted in 3.6 to 13.8 (wt%) selectivity to MIBK at a 
comparable MIBK productivity (CD 002).  The significant improvement in 
selectivity is a result of the rapid hydrogenation f MO to MIBK using the 
multifunctional catalyst.   The proportion of isophorone, mesitylene and higher 
molecular mass species produced from consecutive reaction of MO was much
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higher using Amberlyst 15 and a separate hydrogenation catalyst in a two zone 
approach (CD 002).  In contrast, isophorone and phorone were never observed 
and mesitylene (TMB) was rarely observed using the multifunctional niobia 
catalyst.    
 
The overall MIBK selectivity was significantly enhanced from the process 
engineering solution involving the use of an overhead distillate stream to 
remove water from the system. This significantly enha ced the hydrogen uptake 
efficiency resulting in MO conversions as high as 97% and MIBK selectivities 
as high as 90% in the reboiler product (neglecting solvent).   In contrast, the 
one-step synthesis of MIBK via CD utilizing a state-of-the-art Pd/Amberlyst 
catalyst reported by Lawson and Nkosi[32] operating at 100% reflux resulted in 
MIBK selectivities which ranged from 54.1 to 67.6% (wt %).  The maximum 
selectivity was achieved after 48 hours of semi-batch distillation using 100 mL 
of catalyst and 55 L/hr (STP) of hydrogen.  After two days of semi-batch 
distillation, the MO conversion was only 71.7%.32 
 
8.4  Conclusions  
 
Moisture analysis of samples obtained from the reactive and rectification 
sections of the CD reactor operating at 100% reflux revealed that the 
accumulation of water in the CD column was responsible for the inhibition of 
MO synthesis, which resulted in the relatively low MIBK productivities 
observed in previous CD experiments. A novel CD process was developed, 
whereby an overhead distillate stream operating at a reflux ratio of 83 to 97% 
enabled the continuous removal of water from the system.  As a direct result, 
the MIBK productivity increased by a factor of 21 times compared to the initial 
benchmark where the process was operating at 100% reflux.  The hydrogen 
uptake efficiency increased by two orders of magnitude and MO conversions as 
high as 97% were achieved.  The hydrogenation selectivity also increased from 
81% to values ranging from 93 to 100 % (wt%).  The results demonstrate that a 
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moisture free reboiler product with MIBK in excess of 50 wt% MIBK could be 
easily achieved using the new CD process.  Higher concentrations could 
undoubtedly be achieved by varying the mass flow rates. 
 
This result is significant since state-of-the-art processes for MIBK 
synthesis typically achieve less than 30 wt% MIBK in the product necessitating 
further refining.[23,24]  Moreover, the downstream refining for these processes is 
problematic and expensive.  Water for example is known to form azeotropic 
mixtures with MIBK.[1]  In addition, the MIBK synthesis was carried out wi h 
great success at operating pressures much lower than s ate-of-the-art processes 
for MIBK.   
 
The hydrogenation stage remains the controlling step in the overall MIBK 
synthesis via CD.  The MIBK productivity and selectivity are strongly 
dependent on the hydrogen volumetric flow rate.  Interestingly, the results show 
that the MO conversion is not only dependent on the hydrogen flow rate but 
also diminished with increasing reflux flow rate.  This indicates that the liquid 
phase presents a barrier to hydrogen mass transfer.   The MIBK selectivity is 
largely due to unreacted MO and is significantly improved by utilizing a 
multifunctional catalyst and from the enhancement of hydrogen mass transfer 
by maximizing the hydrogen flow rate and minimizing the reflux flow rate.  At 
high MO conversions, the direct hydrogenation of acetone to produce IPA 
becomes significant since acetone and MO compete for the same active sites.  In 
addition, consecutive reactions of MIBK to form MIBC and DIBK become 
apparent.  These competing reactions, along with unreacted MO, constrained 
the MIBK selectivity to 90% for the condition of maximum MO conversion 
(97%). 
 
In contrast to the first CD experiment using Amberlyst 15 to synthesize 
MO, the acid catalyzed reactions to produce MO are relatively insensitive to the 
reflux flow rate for the process conditions investiga ed utilizing the new CD 
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process.  Although an external mass transfer effect is evident, the reaction 
appears to be approaching the regime of kinetic control.  When operating with 
an overhead distillate stream, the average total productivity of all organic 
species over 8 steady state process conditions, ignoring an outlier with an 
unusually high productivity, was  0.41 [g/h*gcat].  The maximum deviation from 
this average value was 13.8% .    
 
The fact that MIBK and overall productivity is relatively insensitive to 
reflux flow rate is promising for CD technology.  Operation at a lower reflux 
rate is more economical due to a reduction in energy consumption.  In these 
experiments, the MIBK selectivity was maximized at a condition of minimal 
reflux flow rate and maximum hydrogen feed rate.  For this condition 97% MO 
conversion was achieved and the MIBK selectivity in the reboiler product was 
90% (neglecting acetone).  The MIBK productivity for this condition was only 
11% lower than the maximum MIBK productivity observd in the experiment 
when both the reflux flow rate and hydrogen flow rate were maximized.   
 
Although water can be removed in the overhead distillate stream, the vast 
majority of organic species concentrate in the reboil r product.  Only trace 
amounts of C9 hydrocarbons are observed in the overhead distillate.  IPA was 
only observed for the overhead distillate in one condition in one experiment. 
Samples obtained along the column major axis show that IPA becomes more 
concentrated towards the reboiler.   Thus, the selectivity in the bottoms product 
is not significantly influenced by the in situ separation of organic species (other 
than acetone).  However, the product distribution is strongly dependent on the 
reflux flow rate and hydrogen volumetric flow rate.   The MIBK selectivity in 
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Chapter Nine 
 
Conclusions and Recommendations 
___________________________________________________________ 
 
9.1  Conclusions; Phase I – Elucidation of structure activity relationships 
 
The effects of the most important catalyst parameters for dispersed niobia 
catalysts including the niobia loading, the calcination temperature, the nature of 
the oxide support and the support thermal pre-treatm n  temperature were 
investigated with the goal of elucidating the catalyst structure-activity 
relationships for MO synthesis.  The catalyst activity, selectivity and stability 
for MO synthesis at 160°C were ascertained in a batch utoclave.  The catalysts 
were characterized via EDXRF, XRD, NH3/TPD, BET, Raman spectroscopy 
and in situ DRIFT spectroscopy of adsorbed pyridine probe molecules.  The 
results demonstrate that each of the catalyst parameters had a significant effect 
on the catalyst properties and catalytic performance for MO synthesis. 
 
Perhaps the most important of these catalyst parameters is the influence of 
the calcination temperature.  Catalysts calcined at 500°C exhibited only Lewis 
acidity whereas catalysts calcined at 100°C exhibited very strong Bronsted 
acidity as well as Lewis acidity.  The activity of silica catalysts for MO 
synthesis was found to be correlated to the strength of the acid sites.  More 
importantly, catalysts exhibiting Bronsted acidity showed excellent stability for 
MO synthesis whereas those catalysts calcined at 500°C consistently 
deactivated and reached final acetone conversions dependent on the catalyst 
formulation.  The effect of calcination at 500°C is irreversible. This implies that 
the annihilated Bronsted sites are not regenerated upon rehydration and that the 
resultant niobia structure is thermodynamically stable.   It is postulated that in 
the hydrated state, there exists a boundary film several monolayers thick at the 
liquid-solid interface.  It is proposed that the resultant catalyst stability 
associated with Bronsted acidity is due to a pseudo homogeneous reaction 
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occurring within the boundary film at the liquid solid interface as a consequence 
of the solvation of the niobium oxide phase and facilit ted by facile proton 
exchange between the Bronsted sites and basic specie  in the liquid phase such 
as water or acetone which may be readily protonated. In contrast, the strong 
adsorption of water and other species on Lewis acid sites leads to catalyst 
deactivation. 
 
The nature of the oxide support had a significant effect on the catalytic 
activity of the niobia catalysts.  The most striking evidence of this is a 
comparison of the nature and strength of the acidity observed in niobia 
dispersed on fumed silica compared to niobia dispersed onto a Norpro SS 65137 
silica catalyst carrier.   On the catalyst carrier, the uptake of the niobia precursor 
was much less efficient.  However, the niobium oxide phase on the catalyst 
carrier exhibited unique and very strong Bronsted aci sites not observed in the 
fumed silica catalyst or in other catalysts.  in situ DRIFT spectra of adsorbed 
pyridine revealed that the Lewis acidity seen in the fumed silica catalysts was 
significantly diminished in the niobia dispersed onto the Norpro catalyst carrier.  
Evidently, the physico-chemical interaction between niobia and the catalyst 
carrier is distinct from its interaction with fumed silica.  In the catalyst 
screening studies, the titania catalyst resulted in the highest activity per gram of 
niobia of the catalysts calcined at 500°C.  It is interesting to note, that TiO2 has 
a very low band gap compared to the other catalyst supports investigated, which 
may have lead to a strong metal-support interaction. 
 
The thermal pre-treatment had a noticeable effect on the activity of 
catalysts for MO synthesis.  Catalysts calcined at 500°C were more active for 
MO synthesis when the support was activated at elevated temperature (ca. 
400°C) prior to reaction with niobium ethoxide precursor compared to those 
supports activated at 100°C.  It is concluded that the increased surface 
coordinative unsaturation of the support oxide result d in a stronger interaction 
with the surface oxide phase and consequently greater Lewis acidity.  In the 
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case of silica catalysts, catalysts calcined at 500°C also showed greater initial 
activity when the support was activated at elevated temperature.  However, for 
silica catalysts calcined at 100°C, the catalysts were more active when the 
support activation temperature was minimal but sufficient to remove 
physisorbed species (i.e. ca. 100°C).  Since the thermal pre-treatment controls 
the surface hydroxyl concentration, the results suggest that the surface hydroxyl 
groups of the silica play a role in the generation of Bronsted acidity in the 
niobia overlayer.  
 
In the case of Nb2O5/γ-Al 2O3 catalysts, it is unclear if the niobium oxide 
phase acts as a catalyst or a promoter.  The gamma alumina support had 
significant inherent Lewis acidity, exhibited significant activity for MO 
synthesis and should be considered as a co-catalyst.  However the addition of a 
small amount of niobia less than 1/3 monolayer coverag  to the gamma alumina 
resulted in a dramatic increase in the catalyst activity depending on the 
calcination temperature.  Catalysts calcined at 500°C showed about double the 
initial activity for MO synthesis compared to the gamma alumina support while 
catalysts calcined at 100°C exhibited about three times the initial activity.  
Further addition of niobia beyond about 1/3 monolayer coverage resulted in a 
marked decrease in initial activity for MO synthesis for catalysts calcined at 
100°C and a slight decrease with increasing niobia loading for catalysts calcined 
at 500°C.       
 
The result for catalysts calcined at 500°C is consistent with the 
spectroscopic results of Datka et al.[91] who argued that after a critical optimum 
niobia loading, Lewis acid sites in the niobium oxide phase are created at the 
expense of relatively stronger Lewis acid sites on the alumina support.  The 
catalysts calcined at 100°C exhibit Bronsted acidity, however Bronsted acidity 
was not observed in the alumina support.    One would expect the activity to 
continue to increase with increasing niobia loading.  Evidently, in the case of 
catalysts calcined at 100°C, highly dispersed niobia species are responsible for 
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the enhanced catalytic activity.  A possible explanation is that the 
Bronsted sites of Nb2O5/γ-Al 2O3 catalysts are associated with adlineation sites 
(Nb-OH-Al) located at the edges of the 2D niobia overlayer whose population 
diminish with increasing niobia loading beyond a criti al niobia loading as the 
niobia overlayer is developed.  In contrast, for silica catalysts the (Nb-OH-Nb) 
bridging hydroxyls in the niobia overlayer may be primarily responsible for 
catalytic activity.  Thus the activity increases linearly with niobia content.  
Alternatively, the niobia may be highly dispersed on silica which prevents the 
complete development of a monolayer resulting in greater access to (Si-OH-Nb) 
bridging hydroxyls.  The effect of the thermal pre-t atment temperature of the 
silica support indicates that the (Si-OH-Nb) bridging hydroxyls also contribute 
to the Bronsted acidity of the catalyst.   
 
The initial activity of Nb2O5/SiO2 catalysts calcined at 100°C for MO 
synthesis at 160°C were found to increase linearly with niobia loading up to half 
monolayer coverage.  Catalysts calcined at 500°C also increased with niobia 
loading although the effect was less pronounced.  The lack of an optimum 
niobia loading for Nb2O5/SiO2 catalysts calcined at 100°C implies that the 
structure of the niobium oxide species responsible for catalytic activity in the 
silica catalysts is distinct from that in the alumina catalysts.  Raman 
spectroscopic analysis of the Nb2O5/Norpro SS 65137 SiO2 catalyst reveals Nb-
OH-Nb bridging vibrations associated with the Bronsted acid sites and 
characteristic of a distorted octahedral structure.  The Raman spectrum was 
unique in that the stretching vibration associated with the terminal Nb=O bond 
associated with Lewis acidity was not observed.  Unfortunately, the Raman 
analysis of the fumed silica catalysts as well as the alumina catalysts was 
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9.2  Conclusions for Phase II -  Kinetics and Catalyst Development 
 
Silica and gamma alumina were identified as promising supports for catalysts 
for MO and MIBK syntheses.  However, the gamma alumina support was 
eventually abandoned.  Observations made during preliminary pilot scale CD 
experiments along with spectroscopic investigation of the adsorption properties 
of MIBK, acetone and other organic substrates on a Pd/Al2O3 catalyst showed 
that MIBK interacts very strongly with the Lewis acid sites of the alumina 
support.  This was found to affect the retention time of products in the reactive 
section of the CD column.  This property can adversely affect the product 
distribution and can potentially lead to coking.  In addition, a Nb2O5/Norpro SA 
6573 γ-Al 2O3 raschig ring catalyst showed an exorbitantly low effectiveness 
factor (1.6%) for MO synthesis at 160°C in an autoclave reactor.  In contrast, 
catalysts consisting of niobia dispersed onto silica raschig ring carriers showed 
very good activities for MO and MIBK syntheses, typically 0.9 to 1.3 [g/hr*gcat] 
at 160°C in an FBR.  The catalyst effectiveness factor was estimated to be 66% 
for MO synthesis at 160°C in an autoclave reactor.    The disparity between the 
catalysts effectiveness factors of the silica and γ-Al 2O3 raschig ring catalysts 
was attributed to the morphological characteristics of the carriers.  The alumina 
carrier had a smaller mean pore diameter and a much higher surface area.   The 
Pd/Nb2O5/SiO2 raschig ring catalyst showed good stability in the pilot scale CD 
experiments, showing excellent activity even after 311 hours time on stream. 
 
The macrokinetics of MO synthesis over a Nb2O5/Norpro SS 65137 silica 
raschig ring carrier catalyst was investigated in the liquid phase in an FBR for 
temperatures ranging from 140 to 180°C and weight hourly space velocities 
(WHSV) ranging from 3.9 to 28.5 hr-1.   The reaction rate was significantly 
inhibited at low space velocities but was found to become independent of flow 
rate at around 15 hr-1 at 140°C and around 30 hr-1 at 160°C.   The results 
demonstrate that both MO selectivity and productivity can be maximized by 
minimizing the residence time in the reactor.  A macrokinetic model was fit to 
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the experimental data via nonlinear regression analysis.  The relatively high 
activation energy for MO synthesis suggests the inhib tion of the reaction rate is 
a kinetic phenomenon rather than the result of external mass transfer effects.      
 
A synergistic effect was observed when the one-step MIBK synthesis was 
carried out in a FBR using a multifunctional Pd/Nb2O5/Norpro SS 65137 silica 
raschig ring carrier catalyst.  The catalyst activity for the collective production 
of all organic species was found to increase by 22% at 160°C and a WHSV of 
8.6 hr-1 when hydrogen was introduced into the system compared to operation 
in the absence of hydrogen.  It is postulated that e rapid and irreversible 
hydrogenation of MO either shifts the equilibrium in favour of product 
formation and or increases the availability of acid sites for reaction by reducing 
the surface concentration of MO and its derivatives.  Prolonged exposure of the 
catalyst to MO and its derivatives resulted in a marked loss of catalytic activity 
for MO hydrogenation.  It is therefore recommended that the catalyst be 
protected by the presence of hydrogen during start up and regular operation.   
 
The results of the autoclave experiments as well as the CD experiments 
confirm the claims of other authors, who suggest tha a careful balance must be 
obtained between the sites responsible for aldol condensation, DAA dehydration 
and MO hydrogenation for a multifunctional catalyst.  The results of the FBR 
experiments show that although the silica raschig rin  catalyst showed excellent 
activity for MIBK synthesis, as high as 1.30 [g/hr*gcat], the selectivity was 
constrained between 82 and 85 wt% due to the co-production of DIBK and IPA.   
In autoclave experiments, the rate of IPA production became comparable to the 
rate of MIBK production at a catalyst loading of around 1 wt% palladium.  
Since acetone and MO compete for the same active sites with MO being 
hydrogenated preferentially, IPA production can be mitigated by minimizing the 
palladium loading.  The optimum palladium loading depends on the acidity of 
the niobium oxide phase and was estimated to be around 0.04 wt% Pd for the 
final catalyst formulation used in this work. 
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The intrinsic kinetics of the one step synthesis of MIBK from acetone 
were investigated over a Pd/Nb2O5/SiO2 catalyst at 160°C and pressures ranging 
from 217 to 783 psia.  Fumed silica was used as a support.  The palladium 
loading was 0.047 wt% and the niobia loading was 15.2 wt%, which 
corresponds to ½ of a monolayer coverage.  The catalyst exhibited excellent 
activity for MIBK synthesis at 160°C, as high as 6 times the benchmark activity 
of Amberlyst 15 for MO synthesis at its maximum operating temperature of 
120°C.  MIBK could be produced with essentially 100% selectivity up to 
acetone conversions around 20% for the conditions fr which MO production 
was the controlling step.  However, for conditions of high temperature and or 
low pressure, a significant amount of unreacted MO was present.   
 
A kinetic model consisting of two rate expressions; one to account for 
MO synthesis and the other to account for MO hydrogenation was developed.  
The maximum likelihood estimates of the model parameters were ascertained 
using gProms advanced process modelling software.  The model gave good 
prediction of water and acetone concentrations under all conditions.  The model 
gave fair predictions of MIBK concentration for acetone conversions up to 
around 20% and above 500 psia but became unreliable at lower pressures.  The 
absence of mass transfer effects was confirmed fromcalculation of the Mears 
and Weisz-Prater parameters as well as the low values of the Hatta number 
observed for the experiments.  However, the results of the pilot plant CD 
experiments show that MIBK synthesis is controlled by the rate of external 
hydrogen mass transfer.  Consequently a mass transport model for hydrogen is 
needed rather than a kinetic rate expression for hyd ogenation, for CD process 
modelling of the one-step synthesis of MIBK.      
 
9.3  Phase III – Pilot Scale CD Experiments 
  
Moisture analysis of liquid samples obtained along the major axis of the CD 
column during MIBK production lead to the important observation that water 
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had accumulated in the top half of the reactor, with water concentrations in 
excess of 20 wt% observed in the rectification section and over 9 wt% in the 
reactive section.  The accumulation of water in the reactive section inhibited the 
synthesis of MIBK due to the suppression of the DAA dehydration reaction.  
The accumulation of water in the top half of the CDcolumn was an unexpected 
result, and is the opposite trend of what was expected based on experimental 
measurement and theoretical modelling of CD processes for MIBK synthesis 
and the aldol condensation of acetone disclosed in the literature at lower 
temperatures.[32,61,62,124]  A process solution was developed whereby the water 
was rapidly separated in situ from the reaction zone via extraction in an 
overhead distillate stream with 83 to 97% reflux.  This novel embodiment of the 
CD process involves two product streams and is distinct from the CD process 
design concepts for MIBK synthesis presented in the pat nt literature.[61,62]   
 
MIBK synthesis utilizing two product streams resulted in a significant 
reduction in the water concentration in the reaction z ne and directly resulted in 
an increase in the MIBK productivity by a factor of 21 compared to the initial 
benchmark where the process was operated at 100% reflux.  In addition, the 
hydrogen utilization when operating with an overhead distillate stream was 10 
to 19 times greater compared to when operating with 100% reflux.  The 
hydrogenation selectivity improved from 81 (wt %) to values ranging from 93 
to 100%.   The in situ separation of water from the reaction zone highlights a 
unique and substantial advantage of CD technology over conventional fixed bed 
reactor technology used for MIBK synthesis.  However, a comparison of the 
total organic productivity at 160°C observed in theCD experiments with water 
removal in the overhead distillate compared to the productivity observed in a 
fixed bed reactor with the catalyst fully wetted and in excess hydrogen at 
elevated pressure suggests an overall catalyst effectiveness factor of roughly 
30%.   Evidently, the catalyst was more effectively utilized in the fixed bed 
reactor.  However, the low effectiveness factor may h ve been exacerbated by 
an initial catalyst deactivation during the CD experim nts.    
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In the CD experiments utilizing an overhead distilla e stream, MIBK was 
produced with over 50 wt% in the reboiler product and with as high as 90% 
selectivity (organic products neglecting acetone solvent).  Perhaps more 
importantly, the reboiler product stream was essentially moisture free (ppm 
level).  Water is known to form azeotropic mixtures with MIBK resulting in 
costly and difficult downstream separations.  In addition, water is only slightly 
miscible with MIBK and can lead to phase splitting.  Thus the in situ separation 
of water from the product stream is also a significant advantage of CD 
technology compared to conventional reactor technology.   
 
The low operating pressure of the CD process appears to be another 
advantage over conventional reactor technology. One-step MIBK synthesis at 
160°C via CD was carried out at system pressures around 1.3 to 1.4 MPa, when 
drawing an overhead distillate stream.  It has been r ported that state-of-the-art 
one-step processes are carried out in the liquid phase from 1 to 10 MPa in 
trickle bed reactors, which clearly places CD technology among the very low 
end of this scale.[23-25]   The Veba-Chemie process for example, which perhaps 
represents the performance benchmark, is carried out at 135°C and 6 MPa, with 
an acetone conversion of 35% and 96% selectivity to MIBK.1  The Deutsche  
Texaco process is similar but operates at 3 MPa pressu .1  These so called 
“one-step” processes however, require several downstream distillation and 
phase splitting operations.  Based on the results of he CD experiments of the 
present study, it may be concluded that the low operating pressure requirement 
of CD may be due to the enhanced hydrogen uptake efficiency, which is at least 
in part due to the in situ separation of water from the reactive section.   
 
MIBK concentrations as high as 53 wt% were achieved in the reboiler 
product but could have easily been higher.   In contrast, the MIBK 
concentration in the product streams of state-of-the-art reactors is typically less 
than 30 wt%, which necessitates further downstream refining.  The separation 
of acetone from MIBK however, is relatively facile.  The acetone conversion 
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was constrained for these CD experiments to less than 46% and was 
typically around 30 to 35% since the acetone feed rate was kept constant in the 
last three CD experiments. However, the first CD experiment demonstrated that 
MO could be produced with essentially 100% acetone conversion.  It is 
reasonable to assume the same conversion could be achi ved for MIBK 
synthesis via CD.   
 
The results show that the CD process for one step MIBK synthesis is 
currently limited by hydrogen mass transfer.  The MIBK productivity for the 
CD process was governed by the hydrogen feed rate.  In addition, unreacted 
MO had the greatest adverse effect on the MIBK selectivity.  The MO 
conversion is largely governed by the hydrogen flow rate.   Moreover, the 
results also suggest that the presence of the liquid phase inhibits the transport of 
hydrogen to the active sites.  At a constant hydrogen flow rate, the MO 
conversion was found to decrease with increasing reflux flow rate.   This effect 
was more pronounced at lower hydrogen flow rates.  However, the results show 
that the overall catalyst activity (all products) was relatively insensitive to the 
reflux flow rate.  The MIBK selectivity (90%) and MO conversion (97%) were 
maximized due to improved hydrogen utilization when the reflux flow rate was 
minimized.  This is promising for CD technology since the energy consumption 
of the process is greatly minimized from lower reboiler duty requirements at 
low reflux flow rate conditions.   The reaction of MIBK on acid sites to produce 
DIBK and the direct hydrogenation of acetone to produce IPA were found to be 
significant competing reactions, even at palladium loading as low as 0.04 wt%.  
However,  the high MIBK selectivity (90%) observed in the CD experiment was 
greater than that observed in the fixed bed flow reactor experiments for which 
the selectivity ranged from 82 to 85 wt% and was achieved at a much higher 
acetone conversion.   
 
The results of this investigation suggest that currently the use of a 
multifunctional catalyst in a single reaction zone is preferred to the two-zone 
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approach.  When utilizing two commercially available catalysts in two reaction 
zones, MO conversions from 4 to 15 wt% were observed.  When a comparable 
amount of multifunctional catalyst was used in a single reaction zone at similar 
MIBK productivity a MO conversion of 86.6% was observed.  The rapid 
hydrogenation of MO using a multifunctional catalyst not only enhances the 
MIBK selectivity but also results in a synergistic effect which enhances the 
overall catalytic activity as observed in the flow reactor experiments. 
 
9.4  Recommendations 
 
Future work should be directed towards enhancing hydrogen mass transfer.  It is 
recommended that rather than using crushed catalyst contained within wire 
mesh bales, that the catalytic materials be dispersed onto catalyst carriers in the 
shape of distillation packings such as Raschig Rings or Berl Saddles.  A kinetic 
enhancement for the hydrogenation step may be observed due to a reduction in 
the catalyst wetting efficiency with increasing characteristic dimension of the 
particle.  An understanding of the relationships betwe n catalyst particle size, 
shape and external surface area and the catalyst utilization is needed.  Indeed the 
results of the CD experiments suggest an improved un erstanding of the 
interfacial phenomena which govern the catalytic processes, and their 
association with the reactor hydrodynamics is needed.  It is recommended that 
the effects of the catalyst carrier hydrophobicity/hydrophillicity and 
morphological characteristics on the catalyst utilization be investigated.  It is of 
particular interest to determine if the modification f surface tension and contact 
angles may lead to increased rates of hydrogen transport and kinetic 
enhancement from the reduction of both external and internal catalyst wetting.   
The silica carrier is recommended for future work since it showed excellent 
performance in FBR and CD reactor experiments.  It is chemically inert and its 
surface hydrophobicity/hydrophillicity may be readily modified.   
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Since selectivity is largely a kinetic phenomenon, a  improvement in 
MIBK selectivity will require optimization of the catalyst design.  Future work 
should be directed towards the suppression of IPA production.  The effects of 
the metal dispersion, reduction temperature, loading and morphological 
characteristics as well as its electronic properties on the MIBK yield should be 
investigated.  Metals other than palladium should be considered such as nickel 
or copper.  For example, the theory of Delbecq and Sautet [15] predicts that 
nickel would be more suitable than palladium for the selective hydrogenation of 
MO.  An improved understanding of the relative adsorpti n strengths of the 
organic substrates on the hydrogenation catalyst and their association with the 
MIBK yield is needed. 
 
The production of DIBK may be mitigated by optimizing the acid strength 
of the niobium oxide phase, achieving an improved balance between the 
hydrogenation and condensation functions.  Alternatively, the MO 
hydrogenation may be conducted in a second reaction zone using the two-zone 
approach with the hydrogenation catalyst dispersed on an inert support.  A two 
zone approach may be advantageous since depending on the catalyst and 
conditions, the synthesis of MO may be a liquid limited reaction, which would 
benefit from a reduction in catalyst size and increased catalyst wetting 
efficiency whereas MO hydrogenation is a gas limited r action and may benefit 
from increased catalyst size and reduced catalyst wetting efficiency (i.e. 
competing design criteria).  In addition, location f the hydrogenation zone at 
the bottom of the column where the MO is more concentrated may aid in the 
suppression of IPA production.  Consequently, the optimization of two separate 
catalysts in two separate reaction zones may be benficial.  However, as 
mentioned in section 9.3, the results suggest a one-z  approach is currently 
preferred. 
 
The effects of acetone feed rate and reflux ratio need to be further 
investigated for MIBK synthesis via CD.  Preliminary esults suggest a 
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significant enhancement in hydrogen uptake efficieny at very low reflux ratio 
(89%).    At the end of this research project, plans for future work by the CD 
group for this project included investigation the effects of diluting the hydrogen 
feed stream with nitrogen on the process performance. 
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Appendix A 
 
Supplementary Data for Gas Chromatographic Methods 
 
A1  GC  Parameters for GC/TCD and GC/FID Methods 
 
 
Table A1-1  GC Parameters for the GC/TCD method of Moisture Analysis 
Carrier Gas:                        Helium 
Carrier Flow Rate:                20 mL/min 
Inlet Temperature:              250°C 
Detector Temperature:        250 °C 
Reference flow:                  20 mL/min 
Make-up flow:                      3 mL/min 
Injection Volume:                 1 µL 
Oven Profile: 
Initial Temperature:  140°C 
Hold at initial temperature (140°C) for 2 minutes 





Table A1-2   Parameter settings for the GC/FID method for the analysis of 
organic species 
 
FID  Detector Temperature:                                300 °C 
Makeup flow rate:                        30 mL/min 
Injector  Temperature:                                250 °C 
 Split Ratio:                                  100:1 
Injection Volume:                        1µL 
Oven Thermal Profile Initial temperature:                      40 °C 
Isotherm:                                      Hold at 40°C for 5 min 
Ramp:                                          Ramp to 160°C at 10 °C/min 
Hold:                                           (at 160°C)  for 2 min 
Carrier Gas Gas:                                             Helium 
Mode:                                          Constant Flow Rate 
Flow Rate:                                   35 cm/sec at 40°C  
                                                   (i.e. 5.0 mL/min)                                             
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A2  Validation of the GC/TCD method of water analysis  
 
Table A2-1  Assessment of the background noise in the GC/TCD 




Over the interval from  
0.7 to 1.1 min  





















DATE Y-INTERCEPT (WT%) 
10 September, 2006 
13 September, 2006 
19 September, 2006 
20 September, 2006 
21 September, 2006 
25 September, 2006 
26 September, 2006 
28 September, 2006 
3 October, 2006 











Standard Deviation (wt%) 0.034152 
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A3  Assays of Stock Solutions used to prepare GC/FID calibration 
standards 
 
Table A3-1  Stock solutions used to prepare calibration standards 





DIPE Aldrich 398276 06034JO 0.9988 
Acetone  Aldrich 179124 01442JB 0.9998 
2- propanol  (IPA) Aldrich 



















MIBC Aldrich 109916 07825KI 0.993 
DIBK Aldrich 273848 02813PI 0.996 
Mesitylene 
(TMB) 


















Hexelene Glycol Aldrich 112100 06002DB 0.999 
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A4  Detailed Results of GC/FID Reliability and Reproducibility (R&R) 
 
Calibration standards 1 and 7 were both analyzed 10 times each in succession in 
order to determine the repeatability (instrument precision) of the GC/FID 
technique. 
 




Component RetTime 1 2 3 4 5 6 7 8 9 10
DIPE 2.26 2154 2369 2396 2396 2421 2433 2495 2532 2435 2454
Acetone 3.55 38504 42573 43106 43226 43628 43915 45086 45796 44016 44466
IPA 6.17 1015 1121 1140 1147 1156 1163 1201 1218 1169 1185
MIBK 7.93 8396 8994 9289 9395 9449 9327 9621 9875 9515 9606
IMO 9.69 563 602 624 632 635 626 645 663 639 645
MO 10.60 7427 7877 8162 8277 8322 8166 8403 8667 8384 8442
MIBC 11.15 1558 1655 1714 1740 1750 1716 1767 1824 1766 1778
DIBK 11.28 2520 2619 2695 2732 2751 2685 2749 2841 2776 2779
TMB 12.53 2569 2686 2762 2799 2815 2755 2819 2913 2841 2848
DAA 14.34 1134 1206 1251 1274 1282 1248 1284 1337 1302 1300
PHO 16.12 1813 1860 1901 1930 1940 1895 1933 1990 1961 1954
IPO 17.55 2183 2231 2285 2319 2333 2277 2330 2389 2360 2351
HG 17.66 463 546 590 618 623 599 638 655 642 649
95% Confidence Interval
Component Avg stdev RSD +/-  [pA*s] +/-   (%)
DIPE 2409 102 4.22 63 2.62
Acetone 43432 1977 4.55 1225 2.82
IPA 1151 56 4.86 35 3.01
MIBK 9347 407 4.36 253 2.70
IMO 627 28 4.41 17 2.73
MO 8213 346 4.21 214 2.61
MIBC 1727 75 4.32 46 2.68
DIBK 2715 91 3.36 57 2.08
TMB 2781 96 3.47 60 2.15
DAA 1262 57 4.53 35 2.81
PHO 1918 52 2.71 32 1.68
IPO 2306 63 2.72 39 1.68




Species RetTime 1 2 3 4 5 6 7 8 9 10
DIPE 2.26 170.2955 177.0414 178.2316 183.0322 186.8005 171.2105 178.171 192.3029 187.7883 183.7688
Acetone 3.54 65755.61 69273.13 69910.05 72095.44 73990.09 67115.24 70114.38 76918.46 74732.2 73378.84
MIBK 7.93 445.3198 460.0001 469.5972 470.0078 488.3635 458.9447 477.9686 504.342 484.6684 483.2624
MO 10.60 212.7771 218.2267 221.6226 220.4205 229.4572 216.2125 224.8548 236.6777 226.5673 226.6783
DIBK 11.29 137.9743 143.9586 145.9039 143.7178 147.284 142.233 146.6889 148.3872 143.881 144.1488
TMB 12.53 282.2475 292.4937 296.1881 293.6425 303.1412 289.0534 298.5901 307.7881 295.7501 295.7886
PHO 16.12 257.999 265.8101 267.3478 262.4207 268.713 261.2624 267.9382 271.5426 258.5373 260.0743
95% Confidence Interval
Component Avg stdev RSD +/-  [pA*s] +/-   (%)
DIPE 181 7.16 3.96 4.44 2.45
Acetone 71328 3515 4.93 2179 3.05
MIBK 474 17.1 3.60 10.6 2.23
MO 223 6.99 3.13 4.33 1.94
DIBK 144 2.96 2.05 1.83 1.27
TMB 295 7.06 2.39 4.38 1.48
PHO 264 4.71 1.78 2.92 1.11  
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A5  Validation of Liquid Sampling Technique by Direct Measurement of 
Effluent Composition via GC/FID 
 
Table A5-1  Raw data and experimental design for validation of liquid 
sampling technique by direct measurement of Effluent Concentration  
 
Retention Sample GC Analysis MO Peak
Time Order Order Area
[s] [pA*s]
0 14 1 544
5 1 12 565
10 7 14 567
30 4 8 601
60 11 7 602
0 12 3 565
5 10 6 598
10 2 15 580
30 13 1 576
60 8 4 571
0 6 5 578
5 9 10 540
10 3 2 591
30 15 13 570























































Figure A5-1 (left) Effect of sample collection order on measured MO peak area 
 
Figure A5-2 (right)  Effect of the GC analysis order on the measured MO peak 
area 
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Appendix B 
Supplementary Data:    Catalyst Preparation, UV-Vis 
Spectroscopy and EDXRF Analysis  
 
B1  EDXRF Method and Analysis 
 
 
Table B1-1  EDXRF method for the quantification of niobia loading (wt% 
Nb2O5) in supported or mixed metal oxide catalysts using a Lab-X 3000  
 
EDXRF Method for the Quantification of Niobia 
Loading (wt%  Nb2O5 ) on Transition Metal Oxide 
Supported Catalysts 
 
Excitation Range                       “Low” 
Excitation Voltage                     10 kV 
Beam Current                             90 µA
Helium purge                              “on” 
Filters                                          “W3” 
Calibration Time                          200 seconds 
Analysis  Time                             200 seconds 




B2.  Catalyst Preparation Data 
 
Reduction, thermal decomposition reaction and calcin tion were carried out in a calcinator 
(Figure 3-17) 
 
The catalyst was dried in the calcinator with zero gas air flowing at 3.8 mL/min for 2 hours.  
Catalysts 35 to 41 were dried for 2 hours at 1.3 mL/min. 
 
Thermal decomposition was carried out in flowing nitrogen ( 4.0 mL/min) for 2 hours 
 
Calcination was carried out in flowing zero gas air (3.8 mL/min) for 2 hours 
 
Treatment of the support with niobium ethoxide was c rried out at room temperature in inert 
environment in a glove bag for 2 hours 
 
After treatment with niobium ethoxide precursor, the catalyst was recovered by vacuum 
separation and dried in vacuo for 24 hours prior to calcination 
 
The catalyst was not exposed to air at any time from drying until calcination was completed.  
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Table B2-1  Niobia Catalyst Preparation Data 
 
 
Catalyst Pretreatment   Support n-Hexane  Nb ethoxid e   Thermal Calcination EDXRF 
batch ID Support Temp (°C) (g) (mL) (mL) Decomp. (T) Temp (T) wt% Nb2O5
001 fumed silica 200 2.824 30 1.0 400 500 23.8
002 fumed silica 400 2.516 30 0.9 400 500 n/a
003 fumed silica 400 2.088 22 0.8 400 500 n/a
004 gamma alumina (acidic) 400 4.539 20 4.0 400 aborted n/a
005 gamma alumina (acidic) 400 4.255 40 5.5 400 500 41.33
006 gamma alumina (acidic) 250 1.906 3 1.0 400 500 15.52
007 gamma alumina (basic) 250 1.773 3 1.0 400 500 15.91
008 gamma alumina (basic) 250 1.768 3 1.0 400 500 n/a
009 gamma alumina (basic) 250 1.76 6 1.0 400 500 17.07
010 alpha alumina 450 1.99 6 1.0 400 500 4.21
011 MgO 400 1.701 6 1.0 400 500 6.21
012 MgO 400 1.85 6 1.0 400 500 12.88
013 TiO2 400 1.984 6 1.0 400 500 11.84
014 gamma alumina (acidic) 400 2.03 6 1.0 400 500 16.98
015 gamma alumina (basic) 400 2.005 6 1.0 400 500 18.84
016 gamma alumina (acidic) 250 1.801 6 1.0 400 500 12.01
017 alumina raschig ring 250 2.022 8 1.0 400 500 22.33
018 gamma alumina (acidic) 250 2.881 9 1.5 400 500 17.09
019 gamma alumina (acidic) 250 2.848 6 0.3 400 500 6.7
020 MS 250 3.207 30 1.5 400 500 n/a
021 fumed silica 250 2.736 30 1.5 400 500 26.47
022 MgO 250 2.629 6 1.5 400 500 5.41
023 TiO2 400 2.99 6 1.5 400 500 14.82
024 alpha alumina 250 2.77 6 1.5 400 500 4.38
025 gamma alumina (acidic) 250 2.788 6 0.3 400 500 7.05
026 gamma alumina (acidic) 250 2.815 6 0.1 400 500 2.65
027 fumed silica 250 2.585 30 0.3 400 500 12.47
028 fumed silica 250 2.685 30 0.1 400 500 5.82
029 fumed silica 250 2.488 30 0.3 200 100 16.65
030 fumed silica 250 2.739 30 0.1 200 100 12.3
031 gamma alumina (acidic) 250 2.742 6 0.3 200 100 6.29
032 gamma alumina (acidic) 250 1.66 6 0.1 200 100 3.79
033 MS-3050 SiO2 100 1.539 30 0.1 200 100 4.6
034 MS-3050 SiO2 250 1.891 30 0.2 200 300 12.47
035 fumed silica 250 2.39 30 0.2 200 300 7.68
036 fumed silica 100 1.973 30 0.1 200 100 4.52
037 fumed silica 250 2.047 30 0.2 200 300 6.82
038 fumed silica 100 2.12 30 0.2 200 100 9.06
039 fumed silica 100 1.952 30 0.1 200 100 5.11
040 fumed silica 250 4.661 60 0.5 200 100 10.17
041 fumed silica 250 2.914 45 0.3 400 500 8.98
044 fumed silica 400 1.998 30 0.2 200 100 7.63
045 fumed silica 250 1.966 30 0.2 200 300 5.55
047 fumed silica 400 2.11 30 0.1 200 100 3.93
048 fumed silica 400 2.06 30 0.1 400 500 3.4
049 fumed silica 100 1.89 30 0.2 400 500 7.96
050 fumed silica 100 1.97 30 0.1 400 500 2.8
052 fumed silica 250 4.98 75 0.8 200 100 13.96
054 fumed silica 250 14.86 225 2.2 200 100 15.21
055 Norton SRK 13650 SiO2 250 2.017 40 0.3 200 100 10.42
056 Norton SRK 13650 SiO2 250 1.98 40 0.3 200 100 4.12
057 Norpro SS 65137 SiO2 250 1.45 40 0.2 200 100 5.3
057-B Norpro SS 65137 SiO2 120 10 50 3.0 200 100 n/a
059 fumed silica 400 2.06 30 0.2 200 100 8.79
061 Norpro SS 65137 SiO2 120 9.92 50 3.0 200 100 5.97
063 TiO2 400 2.79 9 1.5 400 500 4.76  
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Table B2-2.  Multifunctional Catalyst Preparation Data 
 
Catalyst Pretreatment   Support n-Hexane  Nb ethoxide   Thermal Calcination EDXRF 
batch ID Support Temp (°C) (g) (mL) (mL) Decomp. (T) Temp (T) wt% Nb2O5
042 CAT 040 250 4.661 60 0.5 200 100 10.17
043 CAT 032 250 1.660 6 0.1 200 100 3.79
046 CAT 030 250 2.739 30 0.1 200 100 12.30
051 fumed SiO2 100 5.340 160 0.8 200 100 13.65
053 CAT 052 250 4.980 75 0.8 200 100 13.96
054 fumed SiO2 250 14.86 225 2.2 200 100 15.21
060 Norpro SS 65137 SiO2 120 10.00 50 3.0 200 100 n/a
062 CAT 061 120 9.920 50 3.0 200 100 5.97
064 Norpro SS 65137 SiO2 120 9.940 50 3.0 200 100 n/a
065 Norpro SS 65137 SiO2 120 9.990 50 3.0 200 100 6.09
066-A Norpro SS 65137 SiO2 120 14.90 50 4.5 200 100
066-B Norpro SS 65137 SiO2 120 14.92 50 4.5 200 100
066-C Norpro SS 65137 SiO2 120 14.99 50 4.5 200 100
066-D Norpro SS 65137 SiO2 120 15.01 50 4.5 200 100
066_E Norpro SS 65137 SiO2 120 15.27 50 4.6 200 100
066-F Norpro SS 65137 SiO2 120 14.96 50 4.5 200 100
066-G Norpro SS 65137 SiO2 120 15.34 50 4.6 200 100
067-A Norpro SS 65137 SiO2 120 14.87 50 4.5 200 100
067-B Norpro SS 65137 SiO2 120 17.22 50 5.2 200 100
067-C Norpro SS 65137 SiO2 120 17.98 50 5.4 200 100
067-D Norpro SS 65137 SiO2 120 15.97 50 4.8 200 100
067-E Norpro SS 65137 SiO2 120 15.14 50 4.5 200 100
067-F Norpro SS 65137 SiO2 120 14.96 50 4.5 200 100
067-G Norpro SS 65137 SiO2 120 16.34 50 4.9 200 100
067-H Norpro SS 65137 SiO2 120 16.69 50 5.0 200 100
CAT 066 n/a
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B3  Estimation of Palladium Loading via UV-Visible Spectroscopy   
(Catalysts investigated in the Preliminary Experiments of  Section 6.1.2) 
 
The palladium loading of the catalysts used in the pr liminary experiments 
described in sections 6.1.2 were estimated by UV-Vis Spectroscopy using a 
Hewlett Packard HP 8453 UV-Vis Spectrometer.  The reader is strongly 
cautioned that this technique had not been validated nd the accuracy and 
repeatability of the method is questionable. Consequently the results should be 
considered preliminary.  However, the results provide nsight and afford an 
explanation of the observations made in the preliminary autoclave experiments 
of Section 6.1.2.  The palladium loading of catalysts used in critical kinetics 
experiments presented later in this chapter as well as the pilot scale catalytic 
distillation experiments presented in Chapter Eight were accurately measured 
via inductively coupled plasma (ICP) spectroscopy by an external laboratory 
(Galbraith Laboratories, Knoxville, TN). 
 
The palladium loading of catalysts were inferred from the uptake of palladium 
(II) acetate during the impregnation procedure.  The initial concentrations of 
palladium (II) acetate in the impregnation solutions were precisely known.   The 
concentrations of palladium (II) acetate in the recovered supernatant liquid were 
determined by UV-Vis spectroscopy.  The absorbance of light of wavelength 
400 nm was correlated to the concentration of palladium (II) acetate in solution 
(Figure B3-1) in accordance with the Beer-Lambert Law.  However, the 
specimen required dilution by a factor of 10 to carry out these measurements.   
The dilution with glacial acetic acid was done using volumetric pipettes and the 
amounts of specimen and acetic acid were determined by weighing the sealed 
vials with solution when empty, when specimen was added and when the 
additional solvent was added using a Sartorius balance (±0.00005 g).  The 
dilution of the specimen introduced uncertainty in measurement and also 
necessitated a back calculation to determine the concentration of palladium (II) 
acetate in the undiluted specimen. 
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Figure B3-1  Calibration curve for the determination of the con entration of 
Pd(II) acetate in glacial acetic acid solution via UV-Vis spectroscopy 
 
The results of the UV-Vis measurements suggested that the palladium loading 
was only 0.15 wt% for catalyst 042 used in experiment 180 (Figure 6-2) for 
which the rate of IPA production was relatively low.  In contrast, the palladium 
loading was 1.06 wt%, an order of magnitude higher, for catalyst 051 for which 
the IPA production rate was comparable to the MIBK production rate (Figure 6-
4).  A UV-Vis result for catalyst 046 used for experiment #185 (Figure 6-3) was 
inconclusive due to experimental error for which the back-calculation resulted 
in a dubious negative concentration.   However, a comparison of Figures 6-3 to 
6-4 suggests the results of catalyst 051 and 046 are similar.  Therefore, catalyst 
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Appendix C 
Supplementary Data:    GC and GC/MS Data  
 
C1  Identification of Unknowns in  Distillate Product (CD 005)  via GC/MS 
 
Table C1-1  Results of GC/MS Analysis  
119D one major peak
Rank Species RSIM Prob
1 2,4-dimethyl heptane 867 47.66
2 3-ethyl hexane 807 10.15
3 2,3,5-trimethyl hexane 760 8.18
4 4,4-dimethyl heptane 814 3.45
5 2,3-dimethyl heptane 747 2.78
85D peak (1/3) second largest peak, major peak
Rank Species RSIM Prob
1 2,4-dimethyl pentane 868 22.29
2 3-ethyl-2,4-dimethyl pentane 856 17.97
3 3-ethyl-hexane 850 14.48
85D peak (2/3) minor peak (smallest)
Rank Species RSIM Prob
1 cyclohexane 758 19.4
2 dicyclopropyl carbinol 738 15.36
3 2H,-pyran,2-(3-butynyloxy)tetrahydro 739 12.6
4 2-cyclopropyl-pentane 10.15
85D peak (3/3)  major peak (largest)
Rank Species RSIM Prob
1 2,3,3-trimethyl hexane 799 23.12
2 1,2,3,4,5-pentamethyl cyclopentane 730 18.64
3 1,1'-bicyclopentyl-2-one 709 12.78
47D peak (1/3) minor peak
Rank Species RSIM Prob
1 1,2-dimethyl propyl-cyclopropane 857 53.23
2 2-methyl-3-methylene-heptane 764 11.33
3 dicyclopropyl carbinol 753 6.87
4
5 4,4,6-3-ethyl-4-methyl pentanol 833
47D peak (2/3) minor peak
Rank Species RSIM Prob
1 2-cyclopropyl-pentane 796 20.52
2 cyclohexane 764 16.54
3 propyl-cyclopentane 761 13.33
47D peak (3/3) major peak
Rank Species RSIM Prob
1 2,3,3-trimethyl-1-hexene 802 22.29
2 1,2,3,4,5-pentamethyl cyclopentane 727 17.97
3 1,1'bicyclopentyl-2-one 711 14.48
4 1,2-dimethyl propyl cyclopropane 719 8.77  
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Table C1-2  GC/MS Instrument Settings and Specifications 
 
Varian CP-3800 GC 
Saturn 2000 MS 
HP-5 column 
flow:  1.5 mL/min 
split ratio:  100:1 
front injector:  200°C 
Trap:  150°C 
manifold:  100°C 
transfer line:  170°C 
Ionization Mode:  Electron Impact (EI) auto   
Oven Profile:  isothermal 40°C; hold 20 min 
cut out solvent peak from 1.38 to 1.43 min  (3 sec) 
 
 
C2  GC Data from Autoclave Experiments 
 
Table C2-1  Results of GC analyses for autoclave experiments 
 
Experiment #130   
[T=160°C, W=2.1161 g CAT 005; 700 RPM, 400 psig N2,  78.1 g acetone charged] 
GC Results       
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO 
80 6.07 0.66 0.35   0.34  
140 8.64 0.94 0.40   0.39  
200 9.58 1.04 0.40   0.41  
260 10.18 1.11 0.41   0.42  
320 10.64 1.16 0.40   0.43  
380 10.74 1.17 0.40   0.48  
440 10.90 1.19 0.41   0.48  
 
 
Experiment #131   
[T=160°C; W=1.0131 g CAT 006; 700 RPM, 400 psig N2,  100 mL acetone charged] 
GC Results       
Time Mass Fractions (Wt%)    
(min) MO IMO DAA MIBK TMB PHO IPO 
0        
31 0.5       
60 5.02 0.6 0.32   0.31  
90 7.12 0.82 0.34   0.35  
124 8.05 0.93 0.34   0.37  
157 10.6 1.2 0.4   0.43  
216 11.9 1.34 0.4   0.48  
336 14.3 1.6 0.41  0.23 0.54  
441 problem with analysis    
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Experiment #134b   
[T=160 C; W=.9585 g CAT 009; 400 psig N2; 700 RPM; 77.33 g acetone charged] 
GC Results         
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20 Ac 
0 0.33       0.28 99.4 
30 2.12 0.31 0.27     0.34 97 
60 4.24 0.52 0.3     0.66 94.3 
90 4.51 0.56 0.29     0.7 93.9 
155 5.84 0.71 0.31   0.45  0.83 91.9 
214 6.36 0.78 0.29   0.46  1 91.1 
304 9.46 1.09 0.39   0.5  1.3 87.3 
480 9.46 1.1 0.35   0.5  1.57 87 
 
 
Experiment #135   
[T=160 C; W=1.0112 g CAT 010; 400 psig N2; 700 RPM; 77.09 g acetone charged] 
GC Results         
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20 Ac 
0        0.16 99.8 
30 0.86  0.91     0.21 98 
60 0.83  0.89     0.21 98.1 
90 0.84  0.89     0.21 98.1 
120 0.82  0.87     0.22 98.1 
180 0.78  0.86     0.22 98.1 
300 0.93  0.9     0.23 97.9 
480 1.02  0.88     0.25 97.9 
 
 
Experiment #136   
[T=160 C; W=0.6563 g CAT 012; 400 psig N2; 700 RPM; 77.11 g acetone charged] 
GC Results         
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20 Ac 
0 0.13  0.19     0.18 99.5 
30 0.13  0.4     0.17 99.3 
60 0.24  0.39     0.17 99.2 
90 0.29  0.42     0.18 99.1 
121 0.32  0.41     0.18 99.1 
181 0.37  0.41     0.19 99 
345 0.25  0.28     0.21 99.3 
468 0.13  0.19     0.22 99.5 
 
Experiment #137   
[T=160 C; W=0.8928 g, CAT 011; 400 psig N2; 700 RPM; 77.15 g acetone charged] 
GC Results:   No peaks reported; catalyst not active 
 
 
Experiment #138   
[T=160 C; W=1.0250 g; CAT 013; 400 psig N2; 700 RPM; 78.28 g acetone charged] 
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GC Results 
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20 Ac 
0        0.28 99.7 
30        0.34 99.7 
60 2.23 0.31 0.42     0.66 96.4 
91 2.75 0.35 0.44     0.7 95.8 
121 3.11 0.39 0.43     0.83 95.2 
180 4.11 0.5 0.44     1 93.9 
300 4.92 0.6 0.44     1.3 92.7 
481 6.6 0.79 0.46   0.43  1.57 90.1 
 
 
Experiment #139   
[T=160 C; W=1.0575 g; gamma alumina acidic support; 400 psig N2; 700 RPM; 77.55 g acetone charged] 
GC Results         
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20 Ac 
0        0.1 99.9 
31 0.27  0.19     0.16 99.4 
60 1.92 0.23 0.41     0.51 96.9 
92 2.49 0.29 0.44     0.63 96.2 
123 2.79 0.33 0.43     0.69 95.8 
180 3.27 0.38 0.42     0.77 95.2 
241 4.32 0.49 0.46     0.95 93.8 
480 4.8 0.54 0.45     1.15 93.1 
         
        
         
         
       
         
Experiment #140   
[T=160 C; W=0.9978 g; CAT 014; P>400 psig N2; 700 RPM; 77.49 g acetone charged] 
GC Results        
Time Mass Fractions (Wt%)     
(min) MO IMO DAA MIBK TMB PHO IPO H20 
0 0.35       0.16 
30 3.9 0.32 0.27     1 
61 5.14 0.46 0.26   0.26  1.31 
90 6.31 0.58 0.29   0.28  1.49 
120 7.31 0.69 0.31   0.31  1.6 
180 8.02 0.78 0.32   0.32  1.9 
327 7.98 0.8 0.27   0.31  2.56 
502 10.7 1.06 0.35   0.44  n/a 
 
Experiment #141   
[T=160 C; W=1.0084 g; CAT 015; P>400 psig N2; 700 RPM; 77.86 g acetone charged] 
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GC Results 
Time Mass Fractions (Wt%)     
(min) MO IMO DAA MIBK TMB PHO IPO H20 
0        0.12 
30 2.88 0.32 0.29     1.04 
60 5.06 0.56 0.28   0.32  1.54 
90 6.54 0.71 0.32   0.34  1.75 
120 7.25 0.79 0.32   0.35  1.9 
182 8.35 0.91 0.34   0.38  2.04 
240 8.67 0.96 0.31   0.38  2.56 
480 10.6 1.15 0.38   0.48  2.61 
 
Experiment #142   
[T=160 C; W=0.9788 g; basic gamma alumina support; P>400 psig N2; 700 RPM; 76.98 g acetone charged] 
 
GC Results          
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20 Ac 
1 1.59 0.23 0.35     0.12 97.7 
20 4.09 0.49 0.48     1.04 93.9 
70 5.99 0.7 0.42     1.54 91.3 
90 6.35 0.73 0.47     1.75 90.7 
120 6.83 0.78 0.47     1.9 90 
180 7.46 0.85 0.48     2.04 89.2 
300 8.15 0.91 0.49   0.33  2.56 87.6 
480 8.59 0.96 0.49   0.33  2.61 87 
 
Experiment #143   
[T=160 C; W=1.0048 g; CAT 016; P>400 psig N2; 700 RPM; 77.30 g acetone charged] 
 
GC Results        
Time Mass Fractions (Wt%)     
(min) MO IMO DAA MIBK TMB PHO IPO H20 
1 0.71 0.13 0.28     0.68 
33 2.93 0.39 0.31     1.01 
60 4.31 0.53 0.31     1.34 
90 4.48 0.55 0.28     1.39 
120 5.35 0.64 0.3     1.45 
180 5.04 0.62 0.27     0.13 
302 5.27 0.64 0.27     3.33 
480 6.05 0.73 0.28     2.24 
 
 
Experiment #149   
[T=160 C; W=0.9672 g CAT 017; P>540 psig N2; 700 RPM; 77.19 g acetone charged] 
GC Results        
Time Mass Fractions (Wt%)     
(min) MO IMO DAA MIBK TMB PHO IPO H20 
1 1.73 0.87 0.5   0.28  0.49 
1 1.71 0.87 0.49   0.28  0.49 
32 4.79 1.24 0.5   0.28  1.26 
32 4.88 1.25 0.5   0.28  1.24 
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61 5.47 1.32 0.47   0.28  1.52 
61 5.48 1.32 0.47   0.28  1.51 
91 6.33 1.41 0.48   0.28  1.52 
91 6.57 1.43 0.49   0.28  1.52 
121 6.66 1.45 0.48   0.28  1.61 
121 6.42 1.42 0.47   0.28  1.59 
181 7.42 1.53 0.48   0.36  1.93 
181 7.55 1.54 0.48   0.36  1.94 
307 8.47 1.64 0.49   0.37  2.06 
307 8.77 1.66 0.51   0.38  2.08 
497 8.74 1.67 0.49   0.38  2.21 
497 8.62 1.66 0.5   0.36  2.21 
 
Experiment #151   
[T=160 C; W=1.0076 g CAT 018; P>400 psig N2; 700 RPM; 77.03 g acetone charged] 
 
GC Results        
Time Mass Fractions (Wt%)     
(min) MO IMO DAA MIBK TMB PHO IPO H20 
0 0.96  0.4     0.53 
0 1  0.41     0.53 
31 3.11 0.63 0.37     1.08 
31 3.33 0.65 0.39     1.08 
60 4.22 0.75 0.37     1.27 
60 4.31 0.76 0.37     1.26 
90 4.52 0.79 0.35     1.38 
90 5.04 0.84 0.39     1.35 
121 4.9 0.83 0.35     1.55 
121 4.99 0.84 0.35     1.55 
180 5.54 0.91 0.34     1.7 
180 5.83 0.93 0.37     n/a 
300 6.16 0.97 0.37   0.44  2.02 
300 6.01 0.96 0.36   0.44  2.01 
480 5.69 0.94 0.3     2.15 
480 5.85 0.95 0.32     2.1 
 
Experiment #152   
[T=160 C; W=1.0007 g CAT 019; P>380 psig N2; 700 RPM; 77.63 g acetone charged] 
GC Results        
Time Mass Fractions (Wt%)     
(min) MO IMO DAA MIBK TMB PHO IPO H20 
0 0.27  0.19     0.42 
0 0.29  0.2     0.42 
29 2.47 0.16 0.34     0.85 
29 2.71 0.18 0.38     0.85 
60 3.45 0.26 0.33     1 
60 3.52 0.27 0.35     1 
90 3.83 0.3 0.34     1.03 
90 3.79 0.3 0.33     1.03 
120 3.81 0.3 0.31     1.08 
  450 
120 3.89 0.31 0.32     1.08 
180 4.53 0.38 0.31     1.17 
180 4.38 0.36 0.32     1.16 
300 5.79 0.51 0.34     1.32 
300 5.26 0.45 0.3     1.32 
480 6.15 0.55 0.34     1.4 
480 6.1 0.54 0.34     1.39 
 
 
Experiment #153   
[T=160 C; W=1.0157 g CAT 025; P~400 psig N2; 700 RPM; 77.95 g acetone charged] 
GC Results           
Time Mass Fractions (Wt%)        
(min) MO IMO DAA MIBK TMB PHO IPO H20    
0 0.28       2.42 outlier, contamination? 
0        2.43    
30 1.71 0.3 0.33     1.01    
30 1.65 0.3 0.31     1.02    
60 3.12 0.46 0.29     1.07    
60 3.26 0.47 0.31     1.08    
90 3.51 0.5 0.29     1.14    
90 3.74 0.52 0.3     1.15    
120 4.17 0.56 0.31     1.15    
120 3.69 0.52 0.26     1.16    
185 4.52 0.6 0.28     1.35    
185 4.78 0.63 0.3     1.35    
300 4.89 0.64 0.29     1.78    
300 4.96 0.65 0.28     1.79    
485 5.93 0.75 0.3     1.63    
485 5.86 0.75 0.29     1.6    
 
Experiment #154   
[T=160 C; W=1.0104 g CAT 026; P>370 psig N2; 700 RPM; 77.37 g acetone charged] 
GC Results           
Time Mass Fractions (Wt%)        
(min) MO IMO DAA MIBK TMB PHO IPO H20    
0 0.77  0.26     4.53 outlier, contamination? 
0 0.79  0.28     4.65    
30 3.11 0.46 0.33     1.08    
30 3.42 0.49 0.38     1.09    
59 3.73 0.52 0.34     1.13    
59 3.75 0.52 0.34     1.14    
95 4.4 0.59 0.35     1.23    
95 4.51 0.61 0.36     1.25    
120 4.19 0.57 0.36     1.17    
120 4.37 0.59 0.38     1.18    
180 4.66 0.62 0.37     1.27    
180 4.78 0.63 0.37     1.24    
301 5.28 0.68 0.34     1.4    
301 5.14 0.67 0.32     1.38    
480 5.79 0.74 0.34     1.45    
480 6.03 0.76 0.36     n/a    
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Experiment #155   
[T=160 C; W=0.9965 g CAT 021; P>370 psig N2; 700 RPM; 77.76 g acetone charged] 
GC Results         
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20  




0        1.91  
35 2.41 0.16 0.23     0.98  
35 2.73 0.18 0.28     0.99  
60 3.18 0.18 0.2     0.93  
60 3.45 0.2 0.24     0.93  
90 4.41 0.3 0.25     1.11  
90 4.13 0.28 0.23     1.11  
120 4.4 0.31 0.18     1.24  
120 4.88 0.35 0.22     0.04  
180 5.98 0.49 0.21   0.45  1.6  
180 6.68 0.55 0.26   0.46  0.04  
306 7.17 0.61 0.21   0.48  1.78  
306 7.2 0.61 0.21   0.48  1.77  
490 9.34 0.89 0.23  0.28 0.52  2.39  
490 9.37 0.89 0.24  0.28 0.52  n/a  
 
Experiment #156   
[T=160 C; W=0.9967 g CAT 023; P>370 psig N2; 700 RPM; 77.70 g acetone charged] 
GC Results           
Time Mass Fractions (Wt%)        
(min) MO IMO DAA MIBK TMB PHO IPO H20    
0        7.75 outlier, contamination? 
0        7.82    
31 0.22  0.17     2.67    
31 0.21  0.15     2.68    
60 0.61  0.23     1.19    
60 0.62  0.23     1.18    
90 0.92  0.24     0.68    
90 0.86  0.23     0.68    
120 0.83  0.2     0.55    
120 0.88  0.22     0.56    
186 1.1  0.21     0.59    
186 1.09  0.21     0.58    
302 1.5  0.23     0.76    
302 1.52  0.23     0.76    
485 1.86 0.16 0.23     0.89    
485 1.76  0.21     n/a    
 
 
Experiment #157   
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GC Results 
Time Mass Fractions (Wt%)     
(min) MO IMO DAA MIBK TMB PHO IPO H20 
0   0.13     0.33 
0   0.12     0.34 
30 0.37  0.25     0.36 
30 0.41  0.32     0.38 
74 0.51  0.24     0.37 
74 0.5  0.23     0.38 
90 0.5  0.22     0.37 
90 0.54  0.25     0.38 
120 0.57  0.21     0.38 
120 0.58  0.22     0.41 
180 0.69  0.2     0.42 
180 0.68  0.19     0.42 
300        0.45 
300 0.88  0.19     0.45 
480 0.94  0.18     0.45 
480 0.96  0.19     0.46 
 
Experiment #158   
[T=160 C; W=0.9999 g CAT 022; P>470 psig N2; 700 RPM; 77.42 g acetone charged] 
GC Results        
Time Mass Fractions (Wt%)     
(min) MO IMO DAA MIBK TMB PHO IPO H20 
1   0.27     0.28 
1   0.27     0.29 
37   0.36     0.29 
37   0.39     0.29 
60   0.38     0.29 
60   0.4     0.3 
90   0.4     0.29 
90   0.4     0.31 
120   0.4     0.29 
120   0.4     0.3 
180   0.39     0.3 
180   0.4     0.3 
300 0.12  0.36     0.3 
300 0.12  0.37     0.31 
480 0.14  0.34     0.33 
480 0.14  0.31     0.32 
*  IPA contamination detected in this experiment (had used to clean autoclave) 
 
Experiment #159   
[T=160 C; W=0.9997 g CAT 027; P~400 psig N2; 700 RPM; 77.36g acetone charged] 
GC Results        
Time Mass Fractions (Wt%)     
(min) MO IMO DAA MIBK TMB PHO IPO H20 
1 0.15  0.05     0.4 
1 0.16  0.06     0.43 
26 1.07  0.08     0.55 
26 1.21  0.12     0.57 
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61 1.95  0.09     0.72 
61 2.01  0.09     0.74 
98 2.49  0.11     0.79 
98 2.46  0.1     0.81 
122 2.87  0.12     0.84 
122 2.67  0.09     0.85 
181 3.22 0.17 0.1     0.97 
181        0.98 
266 3.68 0.23 0.09     1.05 
266 3.89 0.24 0.12     n/a 
481 4.26 0.28 0.12     1.1 
481 4.06 0.27 0.1     1.1 
 
Experiment #160   
[T=160 C; W=1.0039 g CAT 028; P~400 psig N2; 700 RPM; 77.20g acetone charged] 
GC Results        
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20 
1        0.38 
1        0.40 
30 0.37  0.12     0.36 
30 0.40  0.15     0.38 
60 0.57  0.14     0.39 
60 0.60  0.18     0.40 
91 0.81  0.18     0.42 
91 0.79  0.17     0.42 
121 0.93  0.20     0.44 
121 0.81  0.13     0.45 
180 1.10  0.17     0.48 
180 1.13  0.18     0.49 
300 1.60  0.17     0.59 
300 1.62  0.18     0.60 
480 1.99  0.19     0.65 
480 1.83  0.16     0.65 
*  IPA contamination detected in this experiment (had used to clean autoclave) 
 
Experiment #161   
[T=160 C; W=0.9889 g CAT 029; P~400 psig N2; 700 RPM; 76.97g acetone charged] 
GC Results        
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20 
1 1.02 0.15 0.13     0.48 
1 1.07 0.15 0.14     0.48 
30 4.19 0.41 0.20   0.46  1.14 
30 4.35 0.42 0.23   0.47  1.14 
60 6.16 0.60 0.28   0.49  1.50 
60 6.01 0.59 0.29   0.50  1.51 
90 6.96 0.70 0.24   0.52  1.65 
90 6.64 0.68 0.20   0.51  1.66 
120 6.74 0.72 0.20   0.52  1.83 
120 7.07 0.75 0.21   0.52  1.86 
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180 7.46 0.82 0.21   0.53  2.08 
180 9.30 1.07 0.23  0.24 0.57  2.09 
276 8.53 0.96 0.24   0.55  2.35 
276 8.80 0.98 0.26   0.56  2.35 
480 9.46 1.08 0.23  0.24 0.57  2.62 
480 9.28 1.07 0.22  0.23 0.56  2.62 
 
Experiment #162   
[T=160 C; W=0.9979 g CAT 030; P>350 psig N2; 700 RPM; 78.38g acetone charged] 
GC Results        
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20 
1 0.93  0.11     0.47 
1 0.92       0.48 
30 3.43 0.15 0.13     0.98 
30 3.61 0.16 0.13     0.98 
60 5.23 0.35 0.15   0.31  1.40 
60 5.12 0.34 0.15   0.32  1.41 
90 5.92 0.43 0.16   0.33  1.57 
90 6.19 0.45 0.17   0.34  1.57 
120 6.68 0.53 0.17   0.35  1.73 
120 6.69 0.53 0.17   0.36  1.75 
180 7.15 0.60 0.16   0.37  1.84 
180 7.38 0.62 0.18   0.38  1.85 
300 8.57 0.80 0.19   0.41  2.29 
300 8.29 0.77 0.18   0.41  2.30 
480 11.02 1.05 0.28  0.16 0.48  2.36 
480 9.74 0.93 0.24  0.15 0.43  2.37 
 
Experiment #163   
[T=160 C; W=1.0009 g CAT 031; P>400 psig N2; 700 RPM; 77.54g acetone charged] 
GC Results        
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20 
1 1.13  0.23     0.38 
1 1.12  0.24     0.41 
33 3.88 0.35 0.23     0.85 
33 3.76 0.34 0.24     0.87 
61 4.73 0.45 0.22     1.01 
61 4.65 0.44 0.23     1.03 
90 5.29 0.52 0.21     1.14 
90 5.62 0.55 0.25     1.16 
125 5.65 0.56 0.20     1.16 
125 5.77 0.57 0.22     1.17 
180 7.14 0.72 0.22     1.26 
180 7.59 0.77 0.25   0.31  1.26 
269 8.72 0.90 0.23   0.34  1.50 
269 8.88 0.90 0.25   0.35  1.51 
480 11.14 1.18 0.23   0.39  1.84 
480 11.12 1.16 0.24   0.40  1.82 
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Experiment #164   
[T=160 C; W=1.0031 g CAT 032; P>400 psig N2; 700 RPM; 77.50 g acetone charged] 
GC Results        
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20 
0   0.18     0.27 
0   0.19     0.27 
30 3.18 0.31 0.41     0.82 
30 3.10 0.30 0.41     0.82 
60 5.08 0.51 0.41     1.17 
60 5.16 0.51 0.43     1.18 
90 5.73 0.58 0.40     1.36 
90 5.91 0.60 0.42     1.36 
120 5.94 0.60 0.40     1.39 
120 6.33 0.64 0.42     1.38 
180 6.81 0.69 0.42   0.07  1.46 
180 7.11 0.72 0.43   0.07  1.46 
302 8.44 0.86 0.39   0.13  1.92 
302 8.43 0.86 0.39   0.13  1.94 
480 9.90 1.00 0.40   0.18  2.07 
480 10.05 1.02 0.41   0.18  2.05 
 
Experiment #165   
[T=160 C; W=1.0209 g, Nb (V) oxide uncalcined; P>400 psig N2; 700 RPM; 76.19 g acetone charged] 
GC Results        
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20 
1 1.96 1.96 1.22     n/a 
1 1.96 1.96 1.22     n/a 
30 2.39 1.96 1.46     n/a 
30 2.37 1.96 1.46     n/a 
61 1.96 1.96 1.22     n/a 
61 1.96 1.96 1.22     n/a 
90 2.92 1.96 1.44     n/a 
90 2.96 1.96 1.44     n/a 
120 2.87 1.96 1.42     n/a 
120 2.75 1.96 1.39     n/a 
180 2.26 1.96 1.46     n/a 
180 2.28 1.96 1.47     n/a 
308 2.29 1.96 1.50     n/a 
308 2.38 1.96 1.59     n/a 
480 2.70 1.96 1.22     n/a 
480 2.73 1.96 1.22     n/a 
 
Experiment #166   
Aborted experiment;  contamination in reactor. 
 
Experiment #167   
[T=160 C; W=1.1920 g, fumed silica; P>400 psig N2; 700 RPM; 76.80 g acetone charged] 
GC Results        
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20 
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0        n/a 
0        n/a 
30        n/a 
30   0.07     n/a 
62        n/a 
62        n/a 
92        n/a 
92        n/a 
120   0.07     n/a 
120   0.08     n/a 
190        n/a 
190   0.08     n/a 
303   0.12     n/a 
303   0.07     n/a 
364   0.10     n/a 
364   0.08     n/a 














       
         
         
         
         
         
         
         
         
         
         
         
         
         
         
         
         
         
 
Experiment #168   
[T=160 C; W=2.6571 g; gamma alumina acidic support; P>400 psig N2; 700 RPM; 77.23 g acetone charged] 
GC Results        
Time Mass Fractions (Wt%)      
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(min) MO IMO DAA MIBK TMB PHO IPO H20 
0 2.83 0.25 0.29     n/a 
0 2.59 0.23 0.25     n/a 
30 6.51 0.64 0.35     n/a 
30 5.71 0.56 0.29     n/a 
60 8.76 0.87 0.32   0.07  n/a 
60 9.10 0.91 0.34   0.08  n/a 
97 10.07 1.00 0.31   0.12  n/a 
97 10.37 1.03 0.32   0.12  n/a 
128 10.83 1.09 0.30   0.15  n/a 
128 11.20 1.12 0.31   0.15  n/a 
186 9.45 0.94 0.24   0.13  n/a 
186 11.60 1.16 0.31   0.17  n/a 
300 12.97 1.30 0.31   0.23 0.15 n/a 
 
Experiment #169   
[T=160 C; W=0.6804 g; CAT 033; P>400 psig N2; 700 RPM; 77.25 g acetone charged] 
GC Results        
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20 
1 0.38  1.32     0.46 
1 0.40  1.36     0.45 
31 1.44  1.25     0.64 
31 1.52  1.28     0.65 
60 1.77  1.24     0.68 
60 1.73  1.24     0.68 
90 1.75  1.21     0.73 
90 1.95  1.23     0.74 
120 2.31  1.24     0.81 
120 2.25  1.24     0.90 
180 3.03 0.40 1.27     0.90 
180 3.09 0.40 1.27     1.08 
301 3.78 0.49 1.27     1.09 
301 3.29 0.45 1.23     1.11 
480 4.11 0.52 1.26     1.09 
480 4.52 0.55 1.29     1.10 
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Experiment #170   
[T=160 C; W=1.1166 g; Amberlyst 15; P>320 psig N2; 700 RPM; 77.44 g acetone charged] 
GC Results         
Time Mass Fractions (Wt%)       
(min) MO IMO DAA MIBK TMB PHO IPO H20 others 
1 0.72  1.32     0.33  
1 0.78  1.38     0.33  
31 2.11 0.61 1.36     0.75 0.24 
31 2.12 0.61 1.35     0.74 0.25 
61 4.52 0.77 1.35     1.45 0.33 
61 4.95 0.81 1.38     1.43 0.34 
90 7.16 0.94 1.44   0.27  1.96 0.40 
90 7.34 0.95 1.46   0.28  1.94 0.39 
120 6.73 0.90 1.41   0.27  2.27 0.38 
120 7.97 0.99 1.47   0.31  2.55 0.40 
180 8.93 1.05 1.53   0.35  2.53 0.42 
180 8.32 1.01 1.50   0.34  2.89 0.40 
305 8.24 1.00 1.51   0.36  2.89 0.40 
305 10.83 1.18 1.64  0.14 0.44 0.20  0.45 
540 8.86 1.04 1.60  0.22 0.42 0.24 3.64 0.39 
540 11.37 1.21 1.75  0.28 0.52 0.30 3.61 0.42 
 
Experiment #171   
[T=160 C; W=0.9968 g; CAT 035; P>400 psig N2; 700 RPM; 76.19 g acetone charged] 
GC Results        
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20 
3 0.87  0.19     0.44 
3 0.87       0.15 
29        0.15 
29 1.85  0.18     0.65 
60 3.03 0.63 0.21     1.00 
60 2.97 0.62 0.19     1.00 
90 2.86  0.19     0.96 
90 2.94  0.19     0.96 
120 5.04 0.78 0.27   0.21  1.31 
120 5.28 0.80 0.29   0.23  1.45 
180 6.07 0.87 0.27   0.27  1.44 
180 5.02 0.80 0.22   0.23  0.15 
300 7.06 1.04 0.26   0.35  1.94 
300 7.95 1.12 0.29   0.39  0.15 
480 6.28 1.02 0.20  0.12 0.35  2.28 
480 6.75 1.06 0.21  0.13 0.40  2.35 
 
Experiment #172   
[T=160 C; W=1.0729 g; Niobium (V) oxide, calcined; P>400 psig N2; 700 RPM; 77.52 g acetone charged] 
GC Results        
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20 
0        n/a 
0        n/a 
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30        n/a 
30        n/a 
60        n/a 
60        n/a 
91        n/a 
91        n/a 
121        n/a 
121        n/a 
180 0.57       n/a 
180 0.58       n/a 
301 0.60  0.19     n/a 
301 0.60  0.18     n/a 
480 0.71  0.18     n/a 
480 0.72  0.18     n/a 
 
Experiment #173   
[T=160 C; W=0.9886 g; CAT 036; P>400 psig N2; 700 RPM; 77.60 g acetone charged] 
GC Results        
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20 
1        0.49 
1        0.50 
31 1.68  0.23     0.70 
31 1.62  0.21     0.70 
60 2.53  0.22     0.92 
60 2.53  0.21     0.89 
90 3.26  0.22     0.98 
90 3.20  0.22     0.98 
124 3.81  0.21     1.14 
124 3.92 0.50 0.22     1.15 
180 4.46 0.56 0.21     1.28 
180 4.60 0.56 0.22     1.28 
300 5.95 0.74 0.21   0.18  1.67 
300 5.64 0.71 0.21   0.18   
517 7.02 0.84 0.23   0.25  1.78 
517 6.14 0.77 0.20   0.21  1.77 
 
Experiment #174   
[T=160 C; W=1.0086 g; CAT 037; P>400 psig N2; 700 RPM; 77.18 g acetone charged] 
GC Results        
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20 
0 1.03       n/a 
0 1.05       n/a 
31 2.50       n/a 
31 2.51       n/a 
60 3.55       n/a 
60 3.84  0.18     n/a 
92 4.41 0.79      n/a 
92 4.30 0.79      n/a 
120 4.95 0.85 0.18     n/a 
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120 5.36 0.88 0.18     n/a 
180 5.89 0.96    0.25  n/a 
180 6.25 0.99 0.18   0.26  n/a 
300 7.22 1.13    0.32  n/a 
300 6.74 1.10    0.30  n/a 
480 6.43 1.11    0.31  n/a 
480 6.49 1.12    0.31  n/a 
 
Experiment #175   
[T=160 C; W=1.0015 g; CAT 038; P>400 psig N2; 700 RPM; 77.47 g acetone charged] 
GC Results          
Time Mass Fractions (Wt%)        
(min) MO IMO DAA MIBK TMB PHO IPO H20   
0 1.13       0.56   
0 1.36       0.58   
0 1.32       -   
34 3.83       1.17   
34 5.01       1.18   
34 4.50       -   
60 4.66 0.91      1.41   
60 5.82 0.98      1.42   
60 6.09 0.99      -   
100 5.90 1.05      1.73   
100 7.61 1.18    0.15  1.73   
100 7.78 1.19    0.15  -   
120 6.26 1.09    0.11  1.78   
120 7.74 1.20    0.15  1.80   
120 8.13 1.23    0.17  -   
180 10.23 1.47 0.41   0.28  2.08   
180 9.26 1.40    0.21  2.08   
180 9.86 1.44    0.28  -   
302 11.69 1.68    0.32  2.35   
302 10.09 1.53    0.28  2.38   
302 57.30 5.74 0.99  0.60 2.17  - obvious outlier 
480 11.26 1.68 0.57     2.71   
480 5.60 1.14 0.44     2.75   
480 12.23 1.76 0.41  0.15 0.42  -   
 
Experiment #176   
[T=160 C; W=0.3574 g; CAT 040; P~400 psig N2; 700 RPM; 77.52 g acetone charged] 
GC Results        
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO H20 
1        0.56 
1        0.58 
23 1.16  0.14     1.17 
23 1.13       1.18 
40 1.08       1.41 
40 1.18       1.42 
60 2.03       1.73 
60 1.86       1.73 
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80 2.50  0.14     1.78 
80 2.42       1.80 
100 2.47       2.08 
100 2.46  0.13     2.08 
120 2.90  0.13     2.35 
120 2.55       2.38 
 
Experiment #177   
[T=160 C; W=0.3530 g; CAT 040-A; P>300 psig N2; 700 RPM; 77.87 g acetone charged] 
CAT 040 treated with glacial acetic acid 
GC Results        
Time Mass Fractions (Wt%)      
(min) MO IMO DAA MIBK TMB PHO IPO  
0 0.48        
0 0.48        
20 1.04        
20 1.07        
40 1.74  0.13      
40 1.55        
60 1.91        
60 2.12  0.16      
80 2.70  0.19      
80 2.15        
100 2.90  0.18      
100 2.54  0.14      
120 3.06  0.17      
120 3.07  0.17      
 
 
Experiment #178   
[T=160 C; W=0.3638 g, CAT 040-B; P>400 psig N2; 700 RPM; 77.34 g acetone charged] 
CAT 040 treated with 1.0 M acetic acid 
GC Results       
Time Mass Fractions (Wt%)     
(min) MO IMO DAA MIBK TMB PHO IPO 
0        
0        
20 1.18  0.16     
20 1.12  0.14     
40 1.47  0.16     
40 1.48  0.15     
60 1.85  0.15     
60 1.80  0.14     
82 2.13  0.15     
82 2.14  0.15     
100 2.70  0.18     
100 2.49  0.15     
120 2.84  0.16     
120 2.80  0.15     
 
Experiment #179   
[T=160 C; W=0.3492 g,  CAT 040; P>200 psig N2; 700 RPM; 77.29 g acetone charged] 
CAT 040 control sample 
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GC Results       
Time Mass Fractions (Wt%)     
(min) MO IMO DAA MIBK TMB PHO IPO 
0 0.50       
0 0.50       
20 1.39  0.13     
20 1.43  0.14     
40 2.30  0.17     
40 2.22  0.16     
60 2.39  0.15     
60 2.56  0.17     
80 3.01  0.18     
80 3.02  0.17     
100 3.52 0.51 0.19     
100 3.31 0.49 0.17     
120 3.40 0.51 0.16     
120 4.07 0.54 0.20     
 
Experiment #180   
[T=160 C; W=0.5974 g,  CAT 042; P=600 psig H2; 700 RPM; 77.50 g acetone charged] 
GC Results            
Time Mass Fractions (Wt%)         
(min) MO IMO DAA MIBK TMB PHO IPO "others" IPA MIBC DIBK H2O 
0            0.52 
0            0.52 
30    2.28        0.88 
30    2.23        0.88 
60    3.38        1.09 
60    3.26        1.08 
90    4.17        1.28 
90    4.33        1.28 
120    4.61        1.31 
120   0.21 5.17        1.31 
180   0.20 6.47     0.57  0.19 1.64 
180    6.09     0.54  0.18 1.64 
300    7.32     0.73  0.21 1.79 
300    7.24     0.72  0.21 1.79 
584    10.00 0.10    1.25  0.29 2.64 
584    9.77     1.22  0.28 2.64 
 
 
Experiment #181   
[T=160 C; W=0.7009 g,  CAT 043; P=600 psig H2; 700 RPM; 77.23 g acetone charged] 
 
GC Results            
Time Mass Fractions (Wt%)         
(min) MO IMO DAA MIBK TMB PHO IPO "others" IPA MIBC DIBK H2O 
0            0.51 
0            0.51 
33    1.32        0.61 
33   0.20 1.39        0.6 
61    1.66        0.66 
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61   0.20 1.70        0.66 
90    1.87        0.69 
90    1.86        0.7 
120    2.05        0.74 
120    1.98        0.74 
180    2.29        0.8 
180    2.31        0.8 
300    2.75     0.50   0.91 
300    2.94     0.52   0.9 
480    3.27     0.72   1.02 
480    3.34     0.76   1.01 
 
 
Experiment #182  
[T=160 C; W=1.0080 g,  CAT 039; P=600 psig H2; 700 RPM; 77.41 g acetone charged] 
GC Results            
Time Mass Fractions (Wt%)         
(min) MO IMO DAA MIBK TMB PHO IPO "others" IPA MIBC DIBK H2O 
0            0.41 
0            0.41 
31 1.49           0.59 
31 0.53           0.6 
60 1.95   0.53        0.79 
60 1.82   0.49        0.78 
91 0.53   -0.01        0.99 
91 0.53   -0.01        0.99 
122 2.70   0.76        1.05 
122 2.91   0.84        1.05 
182 3.53 0.69  1.36        1.29 
182 3.67 0.70  1.38        1.3 
300            1.53 
300            1.52 
489 5.48 0.90  2.26  0.21      1.92 
489 5.30 0.89  2.21  0.20      1.9 
 
Experiment #185  
[T=160 C; W=0.6183 g,  CAT 046; P=600 psig H2; 700 RPM; 77.46 g acetone charged] 
GC Results            
Time Mass Fractions (Wt%)         
(min) MO IMO DAA MIBK TMB PHO IPO "others" IPA MIBC DIBK H2O 
1     0.02       0.46 
1     0.02       0.46 
31    1.23 0.02       0.61 
31    1.24 0.02       0.61 
61    2.10 0.02    0.65   0.77 
61    2.11 0.02    0.65   0.77 
91    2.54 0.02    0.85   0.85 
91    2.41 0.02    0.82   0.86 
121    2.93 0.02    1.12   0.9 
121    2.86 0.02    1.07   0.94 
181    3.34 0.02    1.74   0.99 
181    3.48 0.02    1.81   1 
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301    3.95 0.02    3.95   1.22 
301    3.84 0.02    3.83   1.22 
600    4.31 0.02    13.53  0.30 1.25 
            1.25 
Experiment #191  
[T=160 C; W=0.5106 g,  CAT 051; P=600 psig H2; 700 RPM; 75.89 g acetone charged] 
 
GC Results            
Time Mass Fractions (Wt%)         
(min) MO IMO DAA MIBK TMB PHO IPO "others" IPA MIBC DIBK H2O 
0    0.24     0.28   0.42 
0    0.24     0.28   0.4 
40    1.68     0.28   0.63 
40    1.71     0.65   0.63 
65    2.31     0.87   0.74 
65    2.38     0.90   0.73 
90    2.53     0.99   0.77 
90    0.24     0.28   0.77 
120    2.83     1.18   0.87 
120    2.91     1.19   0.87 
180    3.32     1.54   1.06 
180    3.38     1.55   1.04 
300    4.41     2.32   1.22 
300    4.61     2.49   1.22 
482    5.62     3.37   1.5 
482    5.26     3.78   1.48 
 
Experiment #192  
[T=160 C; W=0.4383 g,  CAT 051; P=600 psig H2; 700 RPM; 75.23 g acetone charged] 
 
GC Results            
Time Mass Fractions (Wt%)         
(min) MO IMO DAA MIBK TMB PHO IPO "others" IPA MIBC DIBK H2O 
0            0.14 
0            0.14 
30    2.07        0.33 
30    2.09        0.34 
63    2.53     0.86   0.54 
63    2.94     0.90   0.53 
90    0.67     0.28   0.63 
90    2.61     0.93   0.63 
120    3.68     1.39   0.64 
120    3.60     1.37   0.61 
172    3.80     1.64   0.65 
172    3.60     1.75   0.64 
302    4.73     2.83   0.77 
302    4.63     2.70   0.76 
480    3.85     3.87   0.89 
480    4.63     4.23   0.89 
 
Experiment #193  
[T=160 C; W=1.00 g,  CAT 051; P> 300 psig N2; 700 RPM; 75.8 g acetone charged] 
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GC Results            
Time Mass Fractions (Wt%)         
(min) MO IMO DAA MIBK TMB PHO IPO "others" IPA MIBC DIBK H2O 
0 0.09 0.09          0.09 
0 0.09 0.09          0.08 
32 3.31 0.27          0.81 
32 3.52 0.28          0.81 
60 5.27 0.45          1.19 
60 6.26 0.52    0.26      1.19 
90 7.26 0.65    0.30      1.45 
90 6.79 0.62    0.28      1.46 
121 6.51 0.62    0.29      1.59 
121 0.09 0.09    0.02      1.59 
190 7.93 0.80    0.36      1.92 
190 8.92 0.89    0.37      1.93 
342 9.46 0.98    0.44      n/a 
342 9.78 1.02    0.43      n/a 
480 9.54 1.00   0.10 0.43      2.43 
480 10.55 1.10   0.11 0.50      2.35 
 
Experiment #195 
[T=160 C; W=0.6156 g,  CAT 051; P= 600 psig H2; 700 RPM; 77.43 g acetone charged] 
GC Results           
Time Mass Fractions (Wt%)        
(min) MO IMO DAA MIBK TMB PHO IPO "others" IPA MIBC DIBK 
0 0.42   0.08        
0 0.40   0.08        
30 2.49 0.28  1.99        
30 2.50 0.28  1.99        
61 3.52 0.39  3.09        
61 3.68 0.40  3.21        
90 4.08 0.44  4.62        
90 3.99 0.43  4.52        
120 4.25 0.46  5.93        
120 4.25 0.46  5.93        
180 4.24 0.46  8.13        
180 4.36 0.48  8.39        
480 3.07 0.36  13.58     0.68  0.61 
480 3.06 0.37  13.53     0.67  0.61 
540 3.58 0.41  14.91     0.50  0.71 
 
Experiment #196  
[T=135 C; W=0.4853 g,  CAT 054; P= 388 psig H2; 700 RPM; 100 mL acetone charged] 
GC Results            
Time Mass Fractions (Wt%)         
(min) MO IMO DAA MIBK TMB PHO IPO "others" IPA MIBC DIBK H2O 
1            0.11 
1            0.10 
31            0.11 
31            0.11 
60    1.24        0.26 
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60    0.93        0.26 
90    1.53        0.33 
90    1.53        0.33 
120    2.13        0.43 
120    2.12        0.43 
180    2.97        0.58 
180    2.99        0.57 
300    4.19        0.82 
300    4.22        0.83 
480 0.56   5.67        1.08 
480 0.56   5.71        1.08 
 
 
Experiment #197  





GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
0.5    0.28        0.28 
0.5    0.28        0.27 
32.5    3.59        0.65 
32.5    3.73        0.66 
60    5.78        0.99 
60    5.83        0.99 
90    8.21        1.33 
90    7.91        1.35 
120    8.53        1.54 
120    8.72        1.54 
180    12.10    0.23 0.60   2.03 
180    12.23    0.23 0.60   2.02 
  335    17.11    0.28 0.94  0.64 2.9 
335    16.67    0.27 0.90  0.63 2.88 
480    17.95    0.2696 1.07  0.68 3.27 
480    17.78    0.26 1.05  0.67 3.27 
 
Experiment #199  
[T=155 C; W=0.4858 g, CAT 054; P= 500 psia H2; Patm = 102.7 kPa; 700 RPM; 76.31 acetone charged] 
GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
0            0.12 
0            0.11 
33    2.47        0.45 
33    2.73        0.45 
60    4.12        0.74 
60    3.98        0.73 
90    5.23        0.93 
90    5.12        0.94 
120    6.59        1.16 
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120    6.27        1.17 
180    9.31        1.71 
180    9.08        1.69 
312    11.84        2.09 
312    11.27        2.11 
480 0.73   14.29       0.44 2.32 
480 0.67   12.44        2.29 
 
Experiment #200  
[T=183 C; W=0.5050 g, CAT 054; P= 500 psia H2; Patm = 101.9 kPa; 700 RPM; 75.28 acetone charged] 
GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
0    0.33        0.26 
0    0.33        0.25 
30 0.69   6.89        1.42 
30    6.74    0.19     
61 0.66   10.48    0.28    2.18 
61 0.74   12.02    0.29    2.18 
90 0.69   14.42    0.34   0.6 2.74 
90 0.68   14.32    0.35   0.6 2.78 
120 0.63   15.56    0.37   0.6 3.22 
120 0.65   16.64    0.39   0.7 3.22 
180    18.45    0.41 0.58  0.80 3.99 
180    17.27    0.44 0.60  0.69 3.97 
301 0.75   20.60    0.27 0.69  0.90 4.32 
301 0.68   17.83    0.24 0.61  0.78 4.35 
480 1.58   22.61 0.35    0.74  0.98 4.19 
480 1.57   22.45 0.35    0.74  0.98 4.03 
 
Experiment #201  
[T=135 C; W=0.5050 g, CAT 054; P= 700 psia H2; Patm = 100.8 kPa; 700 RPM; 76.33 acetone charged] 
GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
0            0.1 
0            0.10 
30 0.71   1.01        0.25 
30 0.76   1.08        0.25 
60 0.79   1.68        0.39 
60 0.81   1.73        0.39 
90 1.19   2.33        0.52 
90 1.08   2.15        0.52 
120 1.24   2.47        1.02 
120    0.97        1.02 
180 2.05   4.10        1.93 
180            1.94 
Experiment terminated for maintenance; reactor leaking.  
 
Experiment #202  
[T=183 C; W=0.4700 g, CAT 054; P= 500 psia H2; Patm = 102.1 kPa; 700 RPM; 77.11 acetone charged] 
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GC Results 
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
0 0.75   0.70        0.21 
0 0.85   0.77        0.22 
30 1.68   2.50        1.02 
30 1.67   2.48        1.01 
61 2.69 0.42  4.90        1.39 
61 2.66 0.42  4.87        1.39 
90 2.91 0.46  5.71        1.72 
90 3.08 0.48  6.04        1.73 
120 2.79 0.47  6.68    0.20    2.07 
120 3.17 0.51  7.42    0.20    2.07 
180 2.88 0.48  9.18    0.24   0.32 2.56 
180 2.87 0.47  9.06    0.23   0.32 2.58 
300 1.03   8.23    0.26    4.79 
300 1.06   8.60    0.28    4.82 
480 0.73   25.39 0.39   0.1985 1.28  1.24 5.88 
480 0.72   24.75 0.38   0.20 1.25  1.21 5.83 
 
Experiment #203  
[T=135 C; W=0.4692 g, CAT 054; P= 700 psia H2; Patm = 100.7 kPa; 700 RPM; 75.45 acetone charged] 
 
GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
1            0.18 
1            0.18 
31    0.72        0.24 
31    0.72        0.24 
60    1.54        0.35 
60    1.47        0.35 
90    2.05        0.45 
90    2.01        0.45 
120    2.58        0.53 
120    2.57        0.54 
172    3.57        0.72 
172    3.68        0.74 
310    5.66        1.14 
310    5.64        1.17 
480 0.88   7.15        1.34 
480 problem with organic analysis 8b (480 min repeated)    1.35 
 
Experiment #204  
[T=135 C; W=0.4842 g, CAT 054; P= 300 psia H2; Patm = 101.0 kPa; 700 RPM; 76.32 acetone charged] 
GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
1            0.15 
1            0.16 
31    0.92        0.24 
31    0.91        0.24 
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60 0.63   2.49        n/a 
60 0.63   2.46        0.51 
90    2.26        0.46 
90    2.18        0.46 
120    3.01        0.62 
120 0.58   3.02        0.62 
192 0.62   5.65        1.11 
192 0.62   5.79        n/a 
380 0.58   9.39        1.78 
380 0.58   9.18        1.78 
480 0.63   8.99        1.84 
480 0.66   9.78       0.42 1.85 
 
Experiment #205  
[T=175 C; W=0.4688 g,  CAT 054; P= 700 psia H2; Patm = 101.9 kPa; 700 RPM; 75.69 acetone charged] 
GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
1 0.78   0.91        0.44 
1 0.76   0.91        0.43 
30 0.82   4.01        0.9 
30 0.84   4.12        0.9 
60 1.02   8.03        1.59 
60 1.03   8.14        1.57 
90 0.95   9.97        1.99 
90 0.94   9.70        2 
120 0.94   11.25    0.19   0.4 2.36 
120 0.95   11.27       0.4 2.35 
180 0.86   13.75    0.23 0.55  0.46 2.85 
180 0.85   13.83    0.23 0.56  0.46 2.82 
300 0.85   16.99    0.21 0.85  0.60 3.7 
300 0.85   17.02    0.22 0.85  0.60 3.7 
480 1.92 0.43  20.33     1.24  0.70 6.14 
480 1.91 0.43  20.19     1.23  0.70 6.05 
 
Experiment #206  
[T=155 C; W=0.4642 g, CAT 054; P= 500 psia H2; Patm = 101.1 kPa; 700 RPM; 76.09 acetone charged] 
GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
1            0.15 
1            0.14 
30 0.64   1.46        0.4 
30 0.63   1.44        0.4 
60 1.05   2.86        0.72 
60 1.03   2.81        0.71 
91 1.48   4.21        1.01 
91 0.24           1.02 
120 1.53   4.92        1.19 
120 1.50   4.80        1.19 
180 1.67   6.83        1.63 
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180 1.71   7.04        1.65 
300 1.97   9.71       0.35 2.26 
300 1.96   9.66       0.35 2.28 
480 2.20 0.42  10.51       0.36 4.35 
480 n/a n/a n/a n/a n/a n/a n/a n/a n/a n/a n/a 4.33 
 
Experiment #207  
[T=127 C; W=0.4848 g, CAT 054; P= 500 psia H2; Patm = 101.7 kPa; 700 RPM; 75.68 acetone charged] 
GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
1            0.08 
1            0.07 
30            0.1 
30            0.1 
60    0.92        0.15 
60    0.89        0.15 
90    1.31        0.24 
90    1.36        0.23 
120    1.53        0.29 
120    1.58        0.29 
180    2.46        0.48 
180 0.47   2.73        0.47 
383 0.73   4.97        0.94 
383 0.73   4.99        0.94 
480 1.05   5.74        1.44 
480 1.04   5.65        1.44 
 
Experiment #208  
[T=155 C; W=0.4927 g, CAT 054; P= 217 psia H2; Patm = 100.8 kPa; 700 RPM; 75.21 acetone charged] 
* used recycled catalyst “R208” 
GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
1            0.16 
1            0.16 
34 0.76           0.27 
34 0.78           0.27 
60 2.12   1.39        0.59 
60 2.00   1.32        0.59 
90 2.26   1.71        0.85 
90 2.26   1.70        0.84 
120 3.00 0.40  2.51        1.1 
120 2.87 0.39  2.42        1.09 
180 3.50 0.45  3.33        1.39 
180 3.49 0.45  3.33        1.39 
301 3.94 0.50  4.53        1.95 
301 3.99 0.50  4.54        1.98 
480 4.40 0.55  5.53        2.38 
480 4.39 0.55  5.51        2.35 
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Experiment #209  
[T=155 C; W=0.4862 g, CAT 054; P= 783 psia H2; Patm = 101.8 kPa; 700 RPM; 75.48 acetone charged] 
* used recycled catalyst “R208” 
GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
1            0.16 
1            0.15 
33 0.79   1.47        0.43 
33 0.82   1.51        0.43 
60 0.78   2.31        0.62 
60 0.78   2.31        0.61 
94 0.92   3.92        0.93 
94 0.94   4.01        0.93 
120 0.93   4.44        0.97 
120 0.92   4.41        0.97 
180 1.08   6.65        1.48 
180 0.96   5.96        1.48 
330 1.51   9.14     0.67   6.65 
330 0.73   3.63        6.67 
 
 
Experiment #210  
[T=175 C; W=0.4723 g, CAT 054; P= 300 psia H2; Patm = 101.2 kPa; 700 RPM; 75.75 acetone charged] 
GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
1 0.59           0.24 
1 0.58           0.24 
31 1.93   2.07        0.78 
31 2.04   2.19        0.78 
61 2.22 0.46  3.09        1.18 
61 2.21 0.46  3.06        1.16 
90 2.84 0.51  5.60        1.68 
90 2.88 0.52  5.72        1.68 
120 3.35 0.57  6.57        1.99 
120 3.28 0.56  6.38        1.98 
180 4.41 0.68  7.51    0.34   0.31 2.24 
180 4.56 0.70  7.77    0.35   0.32 2.26 
300 5.89 0.85  8.41    0.42   0.35 2.73 
300 5.94 0.86  8.54    0.42   0.35 2.71 
480 7.46 1.05  8.91  0.31  0.4905   0.37 2.99 
480 7.69 1.07  9.19  0.31  0.50   0.38 2.95 
 
Experiment #211  
[T=183 C; W=0.4865 g, CAT 054; P= 500 psia H2; Patm = 102.6 kPa; 700 RPM; 68.29 acetone charged] 
GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
1 0.72   1.39        0.47 
1 0.75   1.46        0.47 
30 0.74   6.93        1.51 
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30 0.74   6.99        1.52 
60 0.75   10.30    0.24   0.3 2.13 
60 0.75   10.34    0.23   0.3 2.14 
90 0.72   12.08    0.29   0.4 2.82 
90 0.70   11.70    0.29   0.4 2.77 
120 0.78   14.00    0.31   0.5 3.13 
120 0.77   13.82    0.30   0.4 3.14 
180 0.76   16.02    0.36 0.52  0.54 3.82 
180 0.74   15.42    0.34 0.49  0.53 3.79 
300 1.03   17.19    0.34 0.67  0.58 4.78 
300 1.04   17.21    0.32 0.65  0.60 4.84 
480 1.52 0.33  18.71    0.2301 1.02  0.62 6.96 
480 1.50 0.32  18.35    0.23 1.06  0.61 7.01 
 
Experiment #212  
[T=160 C; W=0.9942 g, CAT 055; P= 600 psig N2; 700 RPM; 75.5 acetone charged] 
GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
1 0.17           0.4 
1 0.17           0.38 
30 3.38 0.37          0.59 
30 3.29 0.37          0.6 
60 4.30 0.47    0.21      0.78 
60 4.38 0.47    0.21      0.78 
91 5.15 0.56    0.24      0.91 
91 5.12 0.56    0.24      0.92 
120 5.49 0.60    0.25      0.97 
120 5.30 0.58    0.24      0.98 
180 6.11 0.68    0.25      1.13 
180 5.89 0.66    0.26      1.14 
300 6.64 0.76    0.28      1.32 
300 6.66 0.76    0.28      1.34 
480 7.15 0.82    0.31      1.51 
480 7.01 0.81    0.30      1.52 
 
Experiment #213  
[T=160 C; W=0.8208 g, CAT 055; P= 600 psig N2; 700 RPM; 75.05 acetone charged] 
CAT 055 Rings ground to powder to determine effectiveness factor 
GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
1 0.69           0.28 
1 0.75           0.27 
30 2.71 0.13          0.59 
30 2.56 0.13          0.59 
60 3.46 0.13          0.73 
60 3.33 0.13          0.72 
90 4.14 0.36          0.8 
90 3.70 0.34          0.8 
120 3.99 0.38          0.85 
120 3.94 0.37          0.86 
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180 4.47 0.42          0.9 
180 4.37 0.42          0.89 
300 4.66 0.46          0.95 
300 4.68 0.47          0.95 
483 4.80 0.50          1.04 
483 0.13 0.13          1.02 
 
Experiment #215  
[T=160 C; W=1.0704 g, CAT 055; P= 600 psig N2; 100 RPM; 75.07acetone charged] 
GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
1 0.40           0.21 
1 0.39           0.20 
30 0.77 0.10          0.27 
30 0.77 0.10          0.28 
64 1.90 0.10          0.49 
64 1.98 0.10          0.49 
90 2.78 0.10          0.62 
90 2.61 0.10          0.61 
120 2.90 0.28          0.66 
120 3.11 0.30          0.66 
248 3.73 0.37          0.8 
248 3.77 0.37          0.81 
301 3.50 0.36          0.84 
301 3.88 0.39          0.84 
482 4.31 0.44          0.94 
482 4.24 0.44          0.96 
 
Experiment #216  
[T=160 C; W=0.5845 g, CAT 056; P= 600 psig N2; 100 RPM; 74.57 acetone charged] 
GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
1 0.18           0.19 
1 0.18           0.18 
37 0.71           0.26 
37 0.72           0.26 
60 1.06           0.32 
60 1.09           0.32 
92 1.18           0.35 
92 0.65           0.34 
120 1.37           0.4 
120 1.40           0.4 
180 1.43           0.4 
180 1.43           0.4 
300 1.59           0.43 
300 1.56           0.43 
480 1.78           0.47 
480 1.82           0.48 
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Experiment #217  
[T=160 C; W=1.0149 g, CAT 057; P= 600 psig N2; 100 RPM; 75.51 acetone charged] 
GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
1 0.17           0.15 
1 0.18           0.15 
30 0.80           0.35 
30            0.37 
61 3.29 0.12    0.31      0.86 
61 3.27 0.12    0.31      0.87 
90 4.48 0.23    0.35      1.15 
90 4.37 0.22    0.34      1.14 
120 6.06 0.38    0.40      1.38 
120 5.58 0.34    0.39      1.38 
180 6.49 0.43    0.42      1.58 
180 6.53 0.43    0.42      1.58 
250 7.40 0.54    0.45      1.83 
250 7.31 0.53    0.44      1.86 
480 10.10 0.83   0.14 0.53      2.38 
480 10.06 0.83   0.14 0.53      2.38 
 
Experiment #219  
[T=160 C; W=0.3758 g, CAT 060; P= 600 psig H2; 100 RPM; 68.14 acetone charged] 
GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
1            0.25 
1            0.26 
30    0.48        0.23 
30    0.52        0.23 
60    1.78        0.44 
60    1.74        0.44 
92    2.43        0.57 
92    2.57        0.57 
120    3.42        0.72 
120    3.50        0.73 
180    4.69     0.46   0.95 
180    4.60     0.45   0.94 
300    7.22     0.80  0.27 1.39 
300    7.98     0.88  0.29 1.38 
480    9.56     1.12  0.35 1.86 
480 n/a n/a n/a n/a n/a n/a n/a n/a n/a n/a n/a 1.83 
 
Experiment #221  
[T=160 C; W=0.7040 g, CAT 067; P= 600 psig; 614.7 psia; H2; 100 RPM; 74.98 acetone charged] 
GC Results            
Time Mass Fractions (Wt%)    "others"     
(min) MO IMO DAA MIBK TMB PHO IPO 1.9 min IPA MIBC DIBK H2O 
1            n/a 
1            n/a 
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30            n/a 
30    1.11        n/a 
60    2.23        n/a 
60    2.30        n/a 
96    3.42     0.55   n/a 
96    3.02     0.46   n/a 
120    4.34     0.72   n/a 
120    4.36     0.72   n/a 































Figure C2-1   Concentration versus time profile for Experiment #136 using a 12.9 wt% Nb2O5/MgO catalyst 
The magnesia catalyst rapidly deactivated.  The reverse aldol condensation reaction appears to occur after a 
relatively low acetone conversion.   In experiment 137, no product was detected after 8 hours of operation 
using a 6.2 wt% Nb2O5/MgO catalyst.   Evidently, the strongly basic support is not suitable for this application. 
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Appendix D 
Supplementary Data:  TPD & DRIFT Spectroscopy Data 
 
 
D1.  TPD Calibration 
 
The calibration procedure consisted of 10 consecutive injections of 524.0 µL pulses of anhydrous ammonia 
through the analytical vent of the TPD instrument. The number of moles (n) of ammonia was calculated from 
the ideal gas law at the temperature in the sample loop measured by the instrument and assuming 1 atm 
pressure as advised by Altamira instruments. The pressure in the sample loop is not measured by the 
instrument.  The measurement of the average area showed good repeatability with the 95% confidence 
bounds expressed as a percentage being ± 2.79%.   
 
The ratio of the average area divided by the number of moles injected represents a GC/TCD response factor 
for ammonia which can be used to convert the deconvoluted peak area to the number of moles of ammonia 
desorbed.  Assuming each mole of desorbed ammonia corresponds to one mole of acid sites, then the 
number of acid sites can be calculated. 
 
The calibration used below was the only calibration used.  However, the deconvolution of  the TPD peaks 
introduces greater uncertainty to the measurement of acidity than does the GC detector drift.  The calibration 
was carried out at a gain of 1 whereas the analysis of niobia samples was carried out at a gain of 20.  
Consequently the peak areas were divided by a factor of 20 before calculating the acidity. 
 
 
Table D1-1   TPD Instrument Calibration Data (09.12.2006) 
 
INTEGRATION RESULTS (Automatic)
Gain = 1 n
PULSE Area R2 µmol Area/n
1 537.3 0.970 21.26 25.27
2 517.7 0.988 21.24 24.38
3 480.0 0.981 21.22 22.62
4 498.3 0.964 21.20 23.51
5 498.0 0.988 21.18 23.51
6 479.2 0.982 21.16 22.64
7 529.7 0.965 21.15 25.05
8 500.1 0.989 21.13 23.67
9 485.2 0.979 21.12 22.98
10 538.5 0.976 21.10 25.52
average 506.401 0.978 avg 23.91 Α/ µmol 95% CI 0.668
st dev 22.89014 stdev 1.08 error % 2.79
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Figure D2-2  NH3/TPD profile of CAT 059  (W=0.0692 g)  
 
 












Chî 2/DoF = 0.04666
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Figure D2-6   NH3/TPD profile of  CAT 047 (repeated)  W=0.0658 g 
 
 









































































































Figure D2-9   NH3/TPD profile of  CAT 038   W =0.0687 
 
 








































  483 
 
 
Figure D2-11  NH3/TPD profile of  CAT 036  W=0.0401 
 
 
Figure D2-12   NH3/TPD profile of  CAT 034 (W=0.0720 g) 
 
 






























































































































































Figure D3-1  in situ drift spectrum of pyridine adsorbed on Aldrich weakly acidic gamma alumina support. 
 
Specimen activated at 425°C for 2 hours at P ~ 10-3 Torr.  Spectrum obtained after 15 minutes in vacuum 




















Figure D3-2  in situ drift spectrum of pyridine adsorption on CAT 025  
 
Specimen activated at 425°C for 2 hours at P ~ 10-3 Torr.  Spectrum obtained after 15 minutes in vacuum 



















  487 
 
Figure D3-3  in situ drift spectrum of pyridine adsorption on CAT 032  
 
Specimen activated at 200°C for 2 hours at P ~ 10-4 Torr.  Spectrum obtained after 15 minutes in vacuum 

























Figure  D3-4  in situ drift spectrum of pyridine adsorption on CAT 029 
 
Specimen activated at 200°C for 2 hours at P ~ 10-4 Torr.  Spectrum obtained after 15 minutes in vacuum 
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Appendix E 









    # Component densities 
    Density            AS ARRAY(4) OF REAL 
 
    # Reaction data 
    # ArrheniusConstant  AS REAL 
    # ActivationEnergy   AS REAL 
    
    # Component stoichiometric coefficients 
    Nu                 AS ARRAY(4,2) OF INTEGER 
 
    # Ideal gas constant 
    R                  AS REAL 
    
  VARIABLE 
    HoldUp             AS ARRAY(4) OF Moles 
    C                  AS ARRAY(4) OF MolarConcentr ation 
    TotalVolume        AS Volume 
    ReactionRate       AS ARRAY(2) OF NoType 
    ReactionConstant   AS ARRAY(2) OF NoType 
#   ChemEquilConstant  AS NoType 
    T                  AS Temperature 
    Wcat               AS NoType      
    CH2                AS NoType      
 
    # Reaction data 
    # ... variables for parameter estimation purpos es 
    ArrheniusConstant  AS ARRAY(2) OF NoType 
    ActivationEnergy   AS ARRAY(2) OF NoType 
#    EquilActivityEnergy  AS NoType 
    Kw  AS NoType 
    KM  AS NoType 
    KI  AS NoType 
 
 
  EQUATION 
    # Mass balance 
    FOR i := 1 TO 4 DO 
      $HoldUp(i) = 
(Nu(i,1)*ReactionRate(1)+Nu(i,2)*ReactionRate(2))*T otalVolume*Wcat ; 
    END # For 
    
    # Reaction rate 
    ReactionRate(1) = ReactionConstant(1)*C(1)*C(1) /(1.0+Kw*C(3))^2; 
    ReactionRate(2) = ReactionConstant(2)*C(2)*CH2/ ((1+(KM*C(2)))^4); 
 
    # Reaction constant 
    ReactionConstant(1) = ArrheniusConstant(1) * EX P(-
ActivationEnergy(1)/(R*T)); 




    # Concentrations 
    Holdup = C * TotalVolume ; 
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    TotalVolume = SIGMA(Holdup/Density) ; 
 
 
UNIT # Equipment items 
    R101 AS BatchReactor 
 
  SET # Parameter values 
 
    WITHIN R101 DO 
 
      Density := [13.5985, 9.2135, 55.3710, 7.9872]  ; #[kmol/m3] 
 
      Nu := [ -2,  0,  
              +1, -1, 
              +1,  0, 
               0, +1 ] ; 
 
      R := 8.314 ; 
 
    END # Within 
 
  ASSIGN # Degrees of freedom - these may be overri den by gEST 
    WITHIN R101 DO 
 
      ArrheniusConstant(1) := 6.5E8 ; 
      ArrheniusConstant(2) := 6.5E5 ; 
      ActivationEnergy(1)  := 105262.0 ; 
      ActivationEnergy(2)  := 75262.0 ; 
      Kw := 2.0; 
      KM := 0.47; 
      KI := 0.1; 
 
#     EquilActivityEnergy  := 20000.0 ; 
      T := 456.0 ; 
      Wcat :=0.51; 
      CH2 := 0.3; 
    END # Within 
 
  INITIAL # Initial conditions - these may be overr iden by experimental runs 
 
    WITHIN R101 DO 
      Holdup(1) = 1.352e-3; 
      Holdup(2) = 0.0; 
      Holdup(3) = 11.28e-5; 
      Holdup(4) = 0.0; 
    END # Within 
 
  SOLUTIONPARAMETERS 
#    INTEGRATOR := "SRADAU"; 
    ReportingInterval := 20; 
 
  SCHEDULE # Operating procedure - this is ignored by gEST 
 
    SEQUENCE 
      CONTINUE FOR 500 
      STOP 
    END # Sequence 
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E2  Supplementary Data for Flow Reactor Experiments 
 
Figure  E2-1   Catalyst 061 activity vs Time on Stream for flow reactor experiment 
















































Table E2-1   Supplementary process data for FBR experiment “BTRS-4” 
 
Italics denote either GC analysis outlier or unsteady state data or anomaly not used in 
calculations of activity and selectivity.  Time on stream does not include transient start 
up and shut down.   
 
CAT 061 (W=3.006 g)  128 mm glass beads above catalyst bed; 86 mm below catalyst 
bed;  123 mm catalyst bed 
 
 
 TOS   Mass Fraction (wt%) selectivity Acetone Activity  
ID (hr) IMO MO TMB PHO (wt %) [mL/min] [g/hr*gcat]  
Condition 1  [160°C,1.0 mL/min]      
1 0.0 0.67 5.39  0.28 95.6 1.05 1.01  
1 0.0 0.69 5.57  0.28 95.7 1.05 1.04  
2 1.0 0.71 5.83  0.28 95.9 1.05 1.08  
2 1.0 0.71 5.88  0.28 95.9 1.05 1.09  
3 2.0 0.55 5.40  0.23 96.3 1.05 0.99  
3 2.0 0.54 5.23  0.22 96.3 1.05 0.96  
3 2.0 0.53 5.10  0.22 96.3 1.05 0.93  
4 3.0 0.54 5.32  0.23 96.3 1.05 0.97  
4 3.0 0.56 5.49  0.22 96.4 1.05 1.00  
5 4.0 0.53 5.16  0.22 96.3 1.05 0.94  
5 4.0 0.52 5.12  0.22 96.3 1.05 0.94  
6 6.8 0.50 4.80   100.0 1.05 0.88  
6 6.8 0.51 5.01  0.21 96.3 1.05 0.92  
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Condition 2  [160°C, 0.8 mL/min]   0.00   
7 7.5 0.54 5.26  0.22 96.3 0.86 0.78  
7 7.5 0.56 5.49  0.23 96.3 0.86 0.82  
8 8.5 0.58 5.65  0.24 96.3 0.86 0.84  
8 8.5 0.57 5.61  0.23 96.4 0.86 0.83  
9 9.5 0.59 5.79  0.23 96.5 0.86 0.86  
9 9.5 0.56 5.46  0.22 96.4 0.86 0.81  
10 10.5 0.53 5.17  0.21 96.4 0.86 0.77  
10 10.5 0.52 5.05  0.21 96.3 0.86 0.75  
11 11.5 0.54 5.23  0.22 96.4 0.86 0.78  
11 11.5 0.56 5.52  0.22 96.5 0.86 0.82  
          
Day 2:  Condition 3, repeat initial condition [160°C, 1 mL/min]   
12 14.5 0.46 4.45     100.0 1.05 0.81 GC outlier 
12 14.5 0.52 5.24   100.0 1.05 0.96  
13 15.5 0.57 5.71  0.23 96.4 1.05 1.04  
13 15.5 0.57 5.64  0.23 96.4 1.05 1.03  
14 16.5 0.58 5.80  0.23 96.5 1.05 1.06  
14 16.5 0.59 5.84  0.23 96.5 1.05 1.07  
          
Day 2:  Condition 4, [160°,  F=1.30 mL/min]     
15 17.5 0.49 4.80   100.0 1.36 1.13  
15 17.5 0.47 4.68   100.0 1.36 1.10  
16 18.5 0.48 4.81   100.0 1.36 1.13  
16 18.5 0.48 4.69   100.0 1.36 1.11  
17 19.5 0.46 4.48   100.0 1.36 1.06  
17 19.5 0.46 4.53   100.0 1.36 1.07  
          
Day 2:  Condition 5, [160°,  F=1.75 mL/min]     
18 20.5 0.38 3.63   100.0 1.81 1.14  
18 20.5 0.40 3.89   100.0 1.81 1.22  
19 21.5 0.38 3.63   100.0 1.81 1.14  
19 21.5 0.38 3.62   100.0 1.81 1.14  
20 22.5 0.39 3.81   100.0 1.81 1.20  
20 22.5 0.40 3.92   100.0 1.81 1.23  
          
Day 3:  Condition 6, [160°,  F=0.50 mL/min]     
21 24.5 0.75 7.34  0.32 96.2 0.55 0.70  
21 24.5 0.80 7.93  0.34 96.3 0.55 0.76  
22 25.5 0.78 7.78  0.31 96.5 0.55 0.74  
22 25.5 0.79 7.90  0.31 96.5 0.55 0.75  
23 26.5 0.73 7.36  0.30 96.4 0.55 0.70  
23 26.5 0.73 7.31  0.30 96.5 0.55 0.70  
          
Day 3:  Condition 7, [160°,  F=0.20 mL/min]     
24 30.0 1.05 10.62  0.41 96.6 0.25 0.45  
24 30.0 1.06 10.70  0.42 96.5 0.25 0.46  
25 31.0 1.05 10.58  0.41 96.6 0.25 0.45  
25 31.0 1.06 10.74  0.42 96.6 0.25 0.46  
26 32.0 1.06 10.76  0.42 96.6 0.25 0.46  
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Day 4:  Condition 8, [140 °C,  1.0 ml/min ]     
27 35.0  2.22   100.0 1.05 0.37  
27 35.0  2.51   100.0 1.05 0.42  
28 36.0  2.46   100.0 1.05 0.41  
28 36.0  2.51   100.0 1.05 0.42  
29 37.0  2.33   100.0 1.05 0.39  
29 37.0  2.49   100.0 1.05 0.41  
          
Day 4:  Condition 9, [140 °C,  0.8 ml/min ]     
30 43.0  2.89   100.0 0.86 0.39  
30 43.0  2.87   100.0 0.86 0.39  
31 44.0  2.97   100.0 0.86 0.40  
31 44.0  2.85   100.0 0.86 0.38  
32 45.0  2.80   100.0 0.86 0.38  
32 45.0   2.73     100.0 0.86 0.37 GC outlier  
          
Day 5:  Condition 10, [140 °C,  0.2 ml/min ]     
33 47.5   3.91     100.0 0.25 0.15 
Not 
steady 
33 47.5   3.94     100.0 0.25 0.16 state 
34 48.5 0.45 5.30   100.0 0.25 0.23  
34 48.5 0.46 5.63   100.0 0.25 0.24  
35 49.5 0.47 5.57   100.0 0.25 0.24  
35 49.5 0.48 5.64   100.0 0.25 0.24  
36 50.5 0.49 5.77   100.0 0.25 0.25  
36 50.5 0.51 6.13  0.23 96.7 0.25 0.26  
          
Day 5:  Condition 11, [140 °C,  0.5 ml/min ]     
37 51.5  3.73   100.0 0.55 0.32  
37 51.5  3.61   100.0 0.55 0.31  
38 52.5  3.45   100.0 0.55 0.30  
38 52.5  3.44   100.0 0.55 0.30  
39 53.5  3.61   100.0 0.55 0.31  
          
Day 6:  Condition 12, [160 °C,  1.0 ml/min ]  repea t initial condition   
40 55.5 0.47 4.59     100.0 1.05 0.84 not steady 
40 55.5 0.47 4.60     100.0 1.05 0.84 state 
41 56.5 0.48 4.74   100.0 1.05 0.86  
41 56.5 0.51 5.16   100.0 1.05 0.94  
42 58.0 0.49 4.83   100.0 1.05 0.88  
42 58.0 0.51 5.11   100.0 1.05 0.93  
43 58.5 0.51 5.07   100.0 1.05 0.93  
43 58.5 0.51 5.20   100.0 1.05 0.95  
          
Day 6:  Condition 13, [180 °C,  1.0 ml/min ]       
44 59.5 0.98 8.42  0.33 96.6 1.05 1.56  
44 59.5 1.02 8.77  0.34 96.6 1.05 1.62  
          
Day 7:  Condition 14, [160 °C,  1.0 ml/min ]  repea t initial condition   
45 60.5 0.44 4.30  0.03 99.3 1.05 0.79  
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45 60.5 0.46 4.54   100.0 1.05 0.83  
46 61.5 0.49 4.79   100.0 1.05 0.88  
46 61.5 0.50 4.96   100.0 1.05 0.91  
47 62.5 0.46 4.57   100.0 1.05 0.83  
47 62.5 0.45 4.43   100.0 1.05 0.81  
48 63.5 0.48 4.70   100.0 1.05 0.86  
48 63.5 0.53 5.33   100.0 1.05 0.97  
          
Day 7:  Condition 15, [180 °C,  1.2 ml/min ]       
49 65.5 0.84 7.18   0.29 96.5 1.26 1.59 not steady  
49 65.5 0.84 7.21   0.29 96.6 1.26 1.60 state yet 
50 66.5 0.89 7.62  0.30 96.6 1.26 1.69  
50 66.5 0.91 7.82  0.31 96.6 1.26 1.73  
51 67.5 0.83 5.54   0.33 95.0 1.26 1.26 unsteady 
51 67.5 0.86 5.78   0.35 95.0 1.26 1.32 
sample 
clear 
52 68.5 0.90 7.77  0.31 96.6 1.26 1.72  
52 68.5 0.90 7.74  0.31 96.5 1.26 1.71  
53 69.0 0.86 7.33  0.30 96.5 1.26 1.62  
53 69.0 0.87 7.44  0.30 96.5 1.26 1.65  
          
Day 8:  Condition 16, [180 °C,  0.2 ml/min ]       
55 73.0 1.50 12.59 0.39 0.49 94.1 0.25 0.55 not steady  
55 73.0 1.56 13.16 0.40 0.49 94.3 0.25 0.57 state yet 
56 74.0 1.57 13.31 0.43 0.69 93.0 0.25 0.58  
56 74.0 1.68 14.20 0.44 0.71 93.2 0.25 0.62  
57 75.0 1.68 14.29 0.45 0.74 93.1 0.25 0.62  
57 75.0 1.62 13.70 0.43 0.69 93.2 0.25 0.59  
58 76.0 1.61 13.62 0.42 0.50 94.3 0.25 0.59  
58 76.0 1.62 13.66 0.43 0.70 93.1 0.25 0.59  
59 77.0 1.57 13.23 0.41 0.48 94.3 0.25 0.57  
59 77.0 1.61 13.57 0.42 0.68 93.3 0.25 0.59  
          
Day 8:  Condition 17, [180 °C,  0.5 ml/min ]       
60 79.0 1.23 10.52 0.17 0.38 95.5 0.55 1.02  
60 79.0 1.22 10.48 0.17 0.39 95.4 0.55 1.02  
61 80.0 1.27 10.84 0.17 0.42 95.3 0.55 1.05  
61 80.0 1.26 10.79 0.17 0.41 95.4 0.55 1.05  
62 81.0 1.18 9.93 0.16 0.38 95.4 0.55 0.96  
62 81.0 1.24 10.60 0.17 0.41 95.3 0.55 1.03  
63 82.0 1.23 10.41 0.17 0.40 95.3 0.55 1.01  
63 82.0 1.26 10.60 0.17 0.39 95.5 0.55 1.03  
          
Day 9:  Condition 18, [180 °C,  0.8 ml/min ]       
64 83.5 0.93 7.97   0.31 96.6 0.86 1.20 GC outlier 
64 83.5 0.95 8.18   0.33 96.5 0.86 1.23 wait to 
65 84.5 0.95 8.21  0.32 96.7 0.86 1.24 ensure 
65 84.5 0.95 8.11   0.30 96.8 0.86 1.22 
steady 
state 
66 85.5 0.96 8.25  0.32 96.7 0.86 1.24  
66 85.5 1.01 8.71  0.33 96.7 0.86 1.31  
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67 86.5 0.96 8.30  0.32 96.7 0.86 1.25  
67 86.5 1.01 8.77  0.33 96.7 0.86 1.32  
          
Day 9:  Condition 19, [180 °C,  1.2 ml/min ]  (repe at condition 15)   
68 88.0 0.78 6.82  0.26 96.7 1.26 1.51  
68 88.0 0.80 6.92  0.27 96.7 1.26 1.53  
69 89.0 0.84 7.25  0.27 96.7 1.26 1.60  
69 89.0 0.82 7.04  0.26 96.7 1.26 1.56  
70 90.0 0.73 6.17  0.24 96.6 1.26 1.37  
70 90.0 0.78 6.75  0.26 96.7 1.26 1.49  
71 91.0 0.83 7.18  0.28 96.7 1.26 1.59  
71 91.0 0.84 7.24  0.27 96.8 1.26 1.60  
 
 
Table E2-2  Process data for FBR experiment “BTRS-5” 
 
Italics denote either GC analysis outlier or unsteady state data  or anomaly not used in 
calculations of activity and selectivity.  Hydrogen flow meter calibrated for methane.  To 
convert set-point or measured value to actual hydrogen flow rate, multiply by 1.4027. 
 
Catalyst 062  (W=2.582 g)  
 
TOS  C9 Mass Fraction (wt%) Sel Ac H2 MO/MIBK Total
ID (hr) 1.8 min IMO MO TMB PHO MIBK DIBK (wt %) [mL/min] (sccm)
Day 1; Condition #1 [T=160°C, VH=100 sccm; VA=1 mL/ min; P=555 psig]
1 1 0.15 5.11 0.82 84.0 1.05 147 0.99 1.17 unsteady
1 1.0 0.15 6.14 0.90 85.4 1.05 147 1.19 1.39
2 2.0 0.16 0.23 6.43 0.94 83.0 1.05 147 1.24 1.50
2 2.0 0.16 0.23 6.55 0.93 83.3 1.05 147 1.26 1.52
3 3.0 0.22 6.54 0.92 85.2 1.05 147 1.26 1.48
3 3.0 0.22 6.62 0.92 85.3 1.05 147 1.28 1.50
4 4.0 0.15 0.24 7.18 0.98 84.0 1.05 147 1.39 1.65
4 4.0 0.23 6.81 0.95 85.2 1.05 147 1.32 1.54
5 5.0 0.16 0.23 7.05 0.96 83.9 1.05 147 1.36 1.62
5 5.0 0.15 0.23 6.92 0.95 83.8 1.05 147 1.34 1.60
6 6.0 0.22 6.48 0.90 85.3 1.05 147 1.25 1.47
6 6.0 0.23 6.97 0.95 85.5 1.05 147 1.35 1.57
7 7.0 6.48 0.87 88.1 1.05 147 1.25 1.42
7 7.0 6.57 0.88 88.2 1.05 147 1.27 1.44
Day 2  Shut down 1 hour after start-up due to PLC p roblem
Day 3;  Condition #2 [T=160°C, VH=0 sccm; VA=1 mL/m in; P=555 psig]
9 9.0 0.49 4.35 0.20 1.04 0.00 0.926 0.964
9 9.0 0.49 4.31 0.20 1.04 0.00 0.934 0.957
10 10.0 0.47 4.08 0.20 1.04 0.00 0.885 0.908
10 10.0 0.49 4.30 0.20 1.04 0.00 0.933 0.956
11 11.0 0.47 4.08 0.20 1.04 0.00 0.885 0.908
11 11.0 0.49 4.26 0.19 1.04 0.00 0.925 0.945
12 12.0 0.47 4.06 0.18 1.04 0.00 0.881 0.901








Day 3;  Condition #3 [T=160°C, VH=100 sccm; VA=1 mL /min; P=555 psig]
13 14.5 0.50 4.96 0.59 82.0 1.05 147 0.958 1.17
13 14.5 0.51 5.03 0.64 81.5 1.05 147 0.972 1.19
14 15.5 0.44 4.41 0.54 81.8 1.05 147 0.851 1.04
14 15.5 0.44 4.51 0.54 82.1 1.05 147 0.871 1.06
15 16.5 0.50 5.15 0.65 81.7 1.05 147 0.994 1.22
15 16.5 0.50 5.22 0.62 82.3 1.05 147 1.008 1.22
16 17.5 0.45 4.74 0.57 82.2 1.05 147 0.916 1.11
16 17.5 0.47 4.92 0.61 82.0 1.05 147 0.951 1.16
17 10.5 0.48 5.07 0.60 82.4 1.05 147 0.979 1.19  
 
 
Table E2-3   Process Data for FBR experiment “BTRS-6” 
 
Catalyst 065, (W=2.988 g);  147 mm glass beads above catalyst bed; 58 mm of glass 
beads below catalyst bed; catalyst bed 154 mm 
 
activity [g/hr*gcat]
TOS  C9 Mass Fraction (wt%) Select Ac H2 MO/MIBK Total
ID (hr) 1.8 min IMO MO TMB PHO IPA MIBK DIBK (wt %) [mL/min] (sccm)
Day 1; Condition #1 [T=160°C, VH=100 sccm; VA=1 mL/ min; P=555 psig]
1 1.0 1.3 4.51 0.34 73.3 1.04 147 0.746 1.02
1 1.0 1.29 4.53 0.34 73.5 1.04 147 0.749 1.02
2 2.0 1.67 4.03 0.26 67.7 1.04 147 0.666 0.984
2 2.0 1.62 3.96 0.25 67.8 1.04 147 0.654 0.965
3 3.0 1.71 4.04 0.25 67.4 1.04 147 0.669 0.993
3 3.0 1.71 4.20 0.26 68.1 1.04 147 0.695 1.02
4 4.0 1.69 4.02 0.26 67.3 1.04 147 0.664 0.987
4 4.0 1.71 4.04 0.26 67.2 1.04 147 0.668 0.994
5 5.0 1.61 4.00 0.26 68.2 1.04 147 0.662 0.971
5 5.0 1.75 4.39 0.29 68.3 1.04 147 0.727 1.06
Day 2;  Condition #2 [T=160°C, VH=0 sccm; VA=1 mL/m in; P=555 psig]
6 7.0 0.64 5.06 0.26 95.7 1.03 0 0.950 0.976
6 7.0 0.65 5.15 0.26 95.8 1.03 0 0.966 0.992
7 8.0 0.64 5.00 0.23 96.0 1.04 0 0.948 0.971
7 8.0 0.64 5.01 0.23 96.1 1.04 0 0.949 0.970
8 9.0 0.61 4.83 0.23 96.0 1.04 0 0.915 0.938
8 9.0 0.63 5.07 0.24 96.0 1.04 0 0.958 0.981
9 10.0 0.62 5.05 0.23 96.1 1.04 0 0.938 0.976
9 10.0 0.62 5.03 0.23 96.1 1.04 0 0.951 0.973
Day 2;  Condition #3 [T=160°C, VH=100 sccm; VA=1 mL /min; P=555 psig]
10 11.0 0.79 5.65 0.41 82.4 1.04 147 0.935 1.134
10 11.0 0.79 5.63 0.41 82.4 1.04 147 0.931 1.130
11 12.0 0.69 5.44 0.41 83.2 1.04 147 0.899 1.081
11 12.0 0.65 5.15 0.39 83.1 1.04 147 0.852 1.025
12 13.0 0.62 5.34 0.40 83.9 1.04 147 0.88 1.05
12 13.0 0.62 5.41 0.41 84.0 1.04 147 0.89 1.06
13 14.0 0.56 5.39 0.42 84.7 1.04 147 0.892 1.05
13 14.0 0.55 5.28 0.41 84.7 1.03 147 0.865 1.02
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Day 3;  Condition #4 [T=160°C, VH=0 sccm; VA=0.5 mL /min; P=555 psig]
14 16.0 0.70 5.70 0.26 96.0 0.54 0 0.558 0.57 unsteady
14 16.0 0.70 5.68 0.27 95.9 0.54 0 0.557 0.57
15 17.0 0.78 6.55 0.29 96.2 0.54 0 0.640 0.65
15 17.0 0.75 6.19 0.28 96.1 0.54 0 0.605 0.62
16 18.0 0.74 6.12 0.27 96.2 0.54 0 0.599 0.61
16 18.0 0.75 6.21 0.28 96.2 0.54 0 0.61 0.62
17 19.0 0.77 6.44 0.28 96.2 0.54 0 0.63 0.64
17 19.0 0.76 6.22 0.28 96.1 0.54 0 0.61 0.62
18 20.0 0.78 6.58 0.29 96.2 0.54 0 0.64 0.66
18 20.0 0.74 6.04 0.27 96.2 0.54 0 0.59 0.60
Day 3;  Condition #5 [T=160°C, VH=100 sccm; VA=0.5 mL/min; P=555 psig]
19 21.0 0.2 0.2 0.38 7.92 0.86 83.1 0.54 74 0.68 0.82
19 21.0 0.2 0.39 8.02 0.87 85.0 0.54 74 0.69 0.81 wait
20 22.0 0.2 0.3 0.39 8.81 1.02 82.7 0.54 74 0.76 0.91 for steady
20 22.0 0.2 0.2 0.39 8.61 0.98 82.8 0.54 74 0.74 0.89 state
21 23.0 0.2 0.3 0.36 8.93 1.08 82.3 0.54 74 0.77 0.93
21 23.0 0.2 0.3 0.37 8.98 1.09 82.4 0.54 74 0.77 0.94
22 24.0 0.2 0.3 8.35 1.03 85.0 0.54 74 0.72 0.84
23 25.0 0.2 0.3 9.39 1.19 84.8 0.54 74 0.81 0.95  
 
 
Table E2-4   Process data for FBR experiment “BTRS-10”   
 
The first condition in the data set below was a preliminary experiment “BTRS-9”.  
Conditions 2-5 constitute “BTRS-10”.  Catalyst reduced in situ for 2 hrs at 100°C before 
conditions #1,2 and 4. 
 
Catalyst 066; (W=2.517 g) 
 
activity [g/hr*gcat]
TOS  C9 Mass Fraction (wt%) Select Ac H2 MO/MIBK Total
ID (hr) 1.9 min IMO MO TMB PHO IPA MIBK DIBK (wt %) [mL/min] (sccm)
Day 1; Condition #1 [T=160°C, VH=120 sccm; VA=1.2 m L/min; P=555 psig]
1 8.0 0.19 0.61 5.91 0.59 81.0 1.24 177 1.379 1.70
1 8.0 0.07 0.76 6.96 0.62 82.8 1.24 177 1.623 1.96
2 9.0 0.07 4.74 0.38 91.4 1.24 177 1.106 1.210
2 9.0 0.07 4.80 0.39 91.2 1.24 177 1.120 1.228
3 10.0 0.19 6.70 0.56 89.9 1.24 177 1.563 1.738
3 10.0 0.18 6.43 0.55 89.8 1.24 177 1.500 1.67
4 11.0 0.18 5.25 0.47 89.0 1.24 177 1.226 1.377  
 
Day 2;  Condition #2 [T=160°C, VH=105 sccm; VA=1.05  mL/min; P=600 psig]
1 13.0 0.19 5.88 0.64 87.6 1.04 147 1.15 1.32
1B 13.0 0.19 5.84 0.63 87.7 1.04 147 1.15 1.31
2 14.0 0.18 6.43 0.61 89.0 1.04 147 1.26 1.42
2B 14.0 0.18 6.51 0.62 89.0 1.04 147 1.28 1.44
3 15.0 0.22 6.54 0.73 87.4 1.04 147 1.28 1.47
3B 15.0 0.21 5.96 0.69 87.0 1.04 147 1.17 1.35
4 16.0 5.48 0.57 90.5 1.04 147 1.08 1.19
4B 16.0 0.18 5.96 0.60 88.4 1.04 147 1.17 1.32  
 
(cont’d) 




Day 2;  Condition #3 [T=160°C, VH=105 sccm; VA=1.05  mL/min; P=15 psig]
5 17.0 1.54 1.65 0.37 46.4 1.04 147 0.325 0.700
5b 17.0 1.68 1.83 0.39 46.8 1.04 147 0.359 0.766
6 18.0 1.60 1.48 0.33 43.5 1.04 147 0.291 0.670
6b 18.0 1.69 1.57 0.34 43.6 1.04 147 0.308 0.707
7 19.0 1.86 1.58 0.33 41.9 1.04 147 0.31 0.74
7b 19.0 1.91 1.61 0.33 41.8 1.04 147 0.32 0.76
8 20.0 1.57 1.31 0.27 41.6 1.04 147 0.257 0.62
8b 20.0 1.58 1.31 0.28 41.5 1.04 147 0.258 0.62
Day 3;  Condition #4[T=160°C, VH=105 sccm; VA=1.05 mL/min; P=120 psig]
9 23.0 1.34 4.51 0.62 69.8 1.04 147 0.886 1.27
9b 23.0 1.21 3.95 0.56 69.1 1.04 147 0.776 1.12
10 24.0 1.14 4.30 0.57 71.6 1.04 147 0.844 1.18
10b 24.0 1.21 4.67 0.61 71.9 1.04 147 0.916 1.27
11 25.0 1.15 4.26 0.56 71.4 1.04 147 0.836 1.17
11b 25.0 1.05 3.77 0.51 70.7 1.04 147 0.74 1.05
12 26.0 1.12 4.50 0.58 72.6 1.04 147 0.88 1.22
12b 26.0 1.01 3.80 0.53 71.1 1.04 147 0.75 1.05
Day 3;  Condition #5 [T=160°C, VH=100 sccm; VA=0.5 mL/min; P=600 psig]
13 27.0 0.5 0.30 9.75 1.20 83.2 1.04 147 1.91 2.30 Preliminary
13b 27.0 0.4 0.26 7.78 1.02 82.4 1.04 147 1.53 1.85
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E3  Analysis of Mass Transfer Effects for Kinetic Study in Batch Autoclave 
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Appendix F 
Supplementary Data:  Chapter Eight 
 
F1  Soxhlet Extraction:  Root cause analysis CD 003  
 
Catalyst 066 used in pilot plant experiment CD 003 showed very low 
catalyst activity 0.02 [g/hr*gcat] after initially achieving an activity an 
order of magnitude higher after 5 hours TOS.  A soxhlet extraction was 
carried to identify the chemical species adsorbed on the catalyst in order 
to identify any potential catalyst poisons.  
 
19.2 g of catalyst was loaded into a thimble vial and inserted into a 
soxhlet extraction apparatus.  HPLC toluene was boiled up and refluxed 
over the catalyst for one hour.  After one hour the product was observed 
to be a bright amber colour.  A sample of the extract was analyzed via 
GC/FID.  The results are illustrated in Figure F1-1 and contrasted to a 





  500 














































(top)  GC/FID analysis of pure HPLC toluene used in soxhelete extraction
(bottom)  GC/FID analysis of extract from soxhelete extraction 
Unfortunately the ordinates are not scaled the same.  A peak at 1.8 min (C9 
hydrocarbon) and a peak around 12.7 min, possibly mesitylene, are observed in the 
soxhelete extract but not in the HPLC toluene blank.  The peak at 2.1 min is much larger 
in the soxhelete extract compared to the HPLC toluene.  However, there does not 
appear to be any conclusive indication of a catalyst poison in a significant concentration.  
The chromatogram beyond 15 minutes where phorones and other higher molecular 
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Appendix G 
Permission to Re-print Copyrighted Material 
 
G1.  Permission to reprint figures and data published previously in 
Chemical Industries Catalysis of Organic Reactions Volumes 104 and 115 
 
Access Copyright have entered into agreement with the Copyright Clearance 
Center (CCC), a non-profit organization which manages the licensing and 
registration for the CRC Press publication “Catalysis of Organic Reactions”, 
whereby Access Copyright act for CCC registered publishers in Canada.   The 
legal department of Access Copyright has advised that since participation in the 
Theses Canada program is mandatory for Ph. D. and masters students at the 
University of Waterloo, then reproduction of the figures from these publications 
is covered by the University of Waterloo’s comprehensive license and that no 
additional permission from the CRC Press, Taylor and Francis Group is 
required.  The email correspondence with Access Copyright is attached below. 
 
 
(continued next page) 
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Dear William, 
  
As dissertations and theses are considered to be un published 
works which students are required to complete for t he purposes 
of their degree, this use is included under the inc idental 
copying provisions of the comprehensive licence of your 
university. The work you would like to use is not o n our 
excluded works list, and you wish to copy within th e allowable 
limit (less than 10% of the entire original work).  
 
The international copyright symbol ©, a credit to t he author 
(including an identified artist or illustrator) and  publisher 
must be included on all copies made under the licen ce, as well 
as the following notice "Copied under licence from Access 
Copyright. Further reproduction prohibited." 
 
If however, you decide to publi sh the paper in a journal or in 
some other traditional way, then additional permiss ion in the 
form of a transactional republication licence would  be 
required. 
 
Your school's comprehensive licence covers any unpu blished use 
of your thesis.  If you submit yo ur completed thesis to Theses 
Canada, this is considered to be submission for pub lication as 
per the following from Theses Canada's website: 
  
"The regulations for Legal Deposit do not require t hat theses 
be submitted to Library and Archives Canada since t hey are 
considered to be unpublished. Universities particip ating in 
the Theses Canada program voluntarily submit theses  to LAC 
which then publishes the theses." 
  
Your request would then be considered republishing and you 
would have to re-submit your republishing request t o Access 
Copyright (using the attached form) and we would in vestigate 








Transactional Permissions Associate 
Access Copyright, The Canadian Copyright Licensing Agency  
1 Yonge St., Ste. 800  
Toronto, ON M5E 1E5  
Phone: 416-868-1620 ext. 340 
Toll Free: 1-800-893-5777  
General Fax: 416-868-1621 
Department fax: 416-868-1613 
spetrykewycz@accesscopyright.ca 
Permission requests can now be sent to 
permissions@accesscopyright.ca. 




This message, including any attachments, may contai n 
confidential and proprietary information.  If you a re not the 
intended recipient of this message, or have otherwi se received 
this message in error, please notify us immediately  by return 
e-mail and be advised that the use, disclosure or c opying of 
any portion of this message is unauthorized and may  be 
unlawful.  Please permanently delete the original m essage, 
including any attachments, without making a copy. 
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Ce message et toutes les pièces jointes sont confid entiels et 
établis à l'intention exclusive de ses destinataire s. Si ce 
message ne vous est pas destiné, ou si vous avez re çu ce 
message par erreur, veuillez le mentionner immédiat ement a 
l'expéditeur et effacer ce courriel, ainsi que tout es les 
pièces ci-jointes. Toute utilisation, diffusion ou 





[mailto: wkokeefe@engmail.uwaterloo.ca]  
Sent: Monday, May 28, 2007 2:32 PM 
To: LicensingAdmin 
Subject: Fwd: RE: permission request 
 
To whom it may concern, 
 
I am a PhD student currently drafting my PhD disser tation and 
am writing to requrest permission in writing to use  
copyrighted material.  Specifically, I would like t o use 
figures published previously within two articles co ntained in 
separate volumes of "Cataylsis of Organic Reactions " (CRC 
Press,Taylor and 
Francis)  I am a co-author of both publications and  intend to 
use these figures within my PhD thesis for academic  credit. 
 The specific figures and required information are outlined 
below.   
 
Please be advised that the University of Waterloo r eceives a 
non-exclusive royalty free licence to: circulate th e work as 
part of the University Library collection; make cop ies or 
representations of the work for academic purposes w ithin the 
University; make copies of a thesis deposited in th e 
University Library at the request of other universi ties or 
bona fide institutions; microfilm the work and subm it the 
microfilm to the Library and Archives Canada; publi sh the 
abstract of any work which is a student thesis.  
 
I would like to reproduce the following Figures fro m the 
following articles: 
---------------- 
Publication:  Catalysis of Organic Reactions, Chemi cal 
Industries,Vol. 115, pp.365-374. 
Editor:  Stephen R. Schmidt 
Year: 2006 
Publisher:  CRC Press, Taylor and Francis Group 
ISBN:10-0-8493-7557-6 
Article:  "The One-Step Synthesis of MIBK via Catal ytic 
Distillation:  A Prelimianry Pilot Scale Study" 
Authors:  W.K. O'Keefe, M. Jiang, F.T.T. Ng and G.L . Rempel 
Request permission to reprint Figure 2 (page 367), Figures 4 
and 5 (page 372) and Figure 6 (page 373) 
--------------------------------------------------- --------- 
Publication:  Catalysis of Organic Reactions, in Ch emical 
Industries,Vol. 104, pp. 261-266 
Editor:  John R. Sowa, Jr. 
Year: 2005 
Publisher:  CRC Press, Taylor and Francis Group 
ISBN:10-0-8493-7557-6 
Article:  "A Catalytic Distillation Process for the  One-Step 
Synthesis of Methyl Isobutyl Ketone from Acetone:Li quid Phase 
Kinetics of the Selective Hydrogenation of MO" 
Authors:  W.K. O'Keefe, M. Jiang, F.T.T. Ng and G.L . Rempel 
Request permission to reprint Figure 1 (page 263) 
 
Best regards, 
William K. O'Keefe, P.Eng. 
PhD student 
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both rights owners and copyright users.   
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